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ABSTRACT 

The use of whey permeate as the fermentation substrate for the 

production of acetone : butanol : ethanol ( solvents ) ,  using 

c. acetobutylicum P262 was studied .  Initial experiments were conducted 

in  a batch mode usi ng sulphuric acid casein whey permeate medium , in an 

attempt to optimize the culture conditions for maximal extent of lactose 

utilization and solvents production. A high initial lactose 

concentration ( 65-75 gil ) in combination with a culture pH maintained in  

the region pH 5 . 4 to 5 . 6 were the most favourable condit ions for solvent 

production . An inverse relationship between the lactose utilization 

rate and solvents yield was observed.  Solvent productivities were only 

60% however ,  of that achievable with this strain of organism on an 

i ndustrial scale using a molasses rred ium , but comparable productivities 

were obtained us ing a semi-synthetic rredium containing glucose . d 
Hydrolysed-lactose sulphuric acid casein whey perrreate medium was 

i nvestigated as a medium for solvent production. Glucose and galactose 

were utilized s imultaneously , although glucose was used preferentially .  

Only a small increase i n  solvents productivity was obtained compared 

with that obtained using non-hydrolysed permeate . 

Experim�nts were performed in continuous culture us ing cheese whey 

permeate rredium and alginate-immobilized cells . Signif icantly greater 

solvent productivities were obtained , compared with those achieved usi ng 

free cells in batch culture . Fermentations were operated for over 650  

hours with no detectable loss in  fermentation performance . The extent 

of lactose util i zation was low, however ( less than 40% ) ,  and attempts to 

increase this by the use of pH regulation or a two-stage process were 

unsuccessfu l .  This fermentation process was described as a biomass 

volume process ( volumetric fraction of alginate beads in the reactor ) , 

where the lactose uti l ization and hence the solvents production , was 

def ined by an inhibitory concentration of butanol , approximately 5 gil .  

An alternative continuous fermentation process usi ng free cells 

and cheese whey permeate rredium was investigated . External cell recycle 

using cross-flow microfi ltration (CFM ) membrane plant to continuously 

separate cells fran the ferrrentation culture and recycle them back to 

the fermenter was uti l ized. B iomass was continuously removed from the 

fermenter in order to achieve a stable biomass concentration .  Stable 
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solvents production was not achieved under the range of culture 

conditions investigated ; culture degeneration was attributed to the 

corrplex interactive rrorphological cycl ic behaviour of the organism. A 

tubular CFM unit which could be periodically backflushed to maintain the 

filtrate flux , was found to be the most suitable of those tested . 

The integration of in-si tu or in-l ine solvents recovery with batch 

culture us ing free cells , and continuous fermentation us ing cells 

irnnobil ized by adsorption to bonechar ,  was investigated in order to 

remove toxic solvents and so increase the extent of lactose uti l i zation 

and solvents productivity .  A novel process using gas-stripping with an 

inert gas , and solvents recovery from the vapour phase by condensation 

us ing a cold trap , was described . An increase in lactose ut i l ization 

and solvents productivity was achieved in both fermentation modes 

canpared w,i th control ferme'ntations . The use of adsorbent resins and a 

molecular I.sieve for integrated fermentation solvents recovery was also 

demonstrated . However ,  the adsorption of medium components may mitigate 

against the usefulness of such a process option .  

The batch refermentation o f  batch fermentation effluent treated by 

gas-stripping to remove solvents was investigated . However ,  solvent 

production was favoured only when lactose and nutrients were 

supplemented to concentrations similar to those present originally .  

Conversely , fermentation medium treated by gas-stripping to remove 

solvents could be readi ly refermented to produce solvents when an 

exist ing cell  population was used , suggesting that this option of an 

integrated continuous fermentation-product recovery process may be 

promising for whey permeate solvent production . 
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CHAPTER 1 

INTROoocrION 

Since the oil price rise of the early-mid 1970 ' s  and the ensuing 

price uncertainties , there has been a resurgence of interes t in the 

manufacture of fermentation products from renewable resources . One such 

fermentation process is the acetone : butanol :ethanol (ABE ) fermentation. 

The present demand for these chemicals is  met entirely from 

petrochemical sources , with the fermentation process becoming obsolete 

due to U1e rising costs of grain and molasses substrates , the increased 

costs of effluent disposal and , most linportantly , the vast quantities of 

cheap by-products , propylene and ethylene , produced during petroleum 

cracking (Gibbs , 1 983 ) .  

Until very recently , National Chemical Products Ltd , Germiston , 

South Africa , operated a batch fermentation process for solvents 

production from a cane molasses substrate . This situation occurred as a 

resu lt of difficulty in importing oil due to poli tical  problems , and the 

ready availability of cheap cane molasses and cheap coal for raising 

steam (Spivey , 1978 ) . The overall economics were good despite the 

considerable difficult ies in  effluent disposal (Gibbs , 1983 ) . A further 

key parameter for the operational longevity of the fermentation process 

was the fact that this plant manufactured a diverse range of by-products 

other than solvents , includi ng stock foods (Spivey , 1978 ) .  

Butanol is currently produced in the Uni ted States via the OXO 

process , involving a catalyzed reaction between propylene , carbon 

monoxide and hydrogen to yield aldehydes with subsequent hydrogenation 

to alcohols , whilst acetone is commercially produced as a by-product of 

phenol via the cumene route and as a derivative of isopropyl alcohol 

production (Volesky et a I ,  1981 ) .  

The possibility of usi ng ethanol or methanol in petrol or diesel 

blends as automotive fuels , requiring butanol addit ion as a tertiary 

component for phase stabilizat ion , has accentuated much of the renewed 

i nterest i n  this fermentation ( Lenz & Moreira ,  1980 ; Cheremisinoff , 
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1980 ; Noon , 1 981 ; Hiller et aI , 1981 ; Cowley et aI , 1 982 ; Guibet & 

Vandecastee1e , 1983 ) and has been the subject of feasibility studies in 

New Zealand (N.Z.E.R.D.C. , 1 982 ) . 

The historical and present-day uses of these chemicals and their 

derivatives are largely confined to the industrial chemicals (e.g. 

lacquers ) ,  solvent, and cosmetic areas ( Prescott & D.mn ,  1959 ) . l>1ore 

recent uses include use as a co-surfactant/coagent in tertiary oil 

recovery from existing we lls (Compere & Griffith,  1979 ; Jang et aI , 

1 983 ) . 

Unti l  the late 1970's, the only .�E technology that could be 

described was that obtained during the period 1 930-1950 .  Previously , 

most ABE fermentations had used complex undefined rredi a  (starch or 

molasses based ) i n  comparatively uncontrolled batch fermentations , 
i 

making in�erpretat ion of 
, 
growth data in rreaningful phys iological terms 

very difficult , with consequently very l ittle being known about the 

regulation of solvent  production. Addit ionally , translation of data for 

d ifferent rredia and strains is misleading. IEspite the rise in oil 

prices it is unl ikely that the economic viability of the process will be 

restored worldwide w ithout conca�ittant process development (Gottschalk 

& Bahl , 1 981 ; BU'Lock & Bu 'Lock , 1983 ) . Two factors in particular 

mitigate against the ABE fermentation per se : dilute solvent streams are 

produced «20 g/l ) due to the toxic nature of the products , such that 

large quantities of water must be rerroved in a fractional distillation 

product recovery process , and the fermentation t ime ( 36-48 h )  is much 

longer ,  hence productivities are lower ,  than routinely achieved in the 

ethanolic  fermentation. Consequently , recent process intensi f ication 

researc!1 has focussed on the use of continuous reactor systems utiliz ing 

free cells , immobil ized cells , and external cell  recycle , and novel , 

possibly more cost-eff icient , processes for product recovery. Some of 

the product recovery processes may be integrated with the intens ified 

fermentation processes to further increase the extent of substrate 

utilization ,  solvent concentration and productivity. Concurrent 

fundamental studies into the organism and the fermentation have been 

performed , thus allowing an insight into the factors controlling the 

regulation of solvent production. Addit ionally ,  mutation and/or 

recombinant rnA studies have been undertaken to isolate strai ns with 
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superior product formation rates and reduced sensitivity to product 

inhibition . 

A critical aspect of the feasibil ity of any fermentation process 

is  the availabil ity and cost of a suitable fermentation substrate. 

Traditional ly ,  the ABE fermentation has used either starch or molasses , 

but ne ither is particularly cheap or readi ly available in New Zealand , 

although starch-based raw materials and possibly wood hydrolysates may 

be attract ive substrates in the future . 

One such readi ly avai lable substrate i n  New Zealand is  whey 

obtained from the manufacture of cheese and casein  in  the dairy 

industry . Protein  extraction from whey by ultrafiltration has become a 

relatively well-established process in New Zealand . The reSUlt ing 

deproteinated whey ( perme�te ) of approximately 5-6% total sol ids , 
j 

consists essentially of lactose ( 80%+ of the sol ids ) with smaller 

quantities of protein ,  non-protein nitrogen (vitamins , etc ) and mineral 

salts , and may be a suitable fermentation substrate ( Short , 1978 ; 

Hobrnan ,  1 984 ) . The use of whey permeate for solvent production was 

demonstrated by Maddox ( 1 980 ) , although �vix  & WJodbine, ( 1 958 )  had 

earl ier rrentioned the use of whey as a substrate for this fermentation. 

Recent , preliminary feasibi l ity studies have been undertaken to 

demonstrate the process rotential ( Le nz & Moreira , 1980:  Volesky et aI , 

1981 ; Maddox et aI , 1981 :  Gapes ,  1982: Hobman ,  1984 ; Schoutens & Groot, 

1985 ) , however, the process feasibil ity is l ikely to be case-speci f ic .  

Few def initive studies have been undertaken however ,  to closely 

define the fermentation characteristics using whey substrate , let alone 

the economics of production , or the market potential for the products . 

The political uncertainties associated with alternative liquid fuels for 

New Zealand , complicates such a market analysis . At the present tire 

however , the current domestic market for butanol and acetone (assuming a 

A.B.E. solvents rat io of 3 : 6 : 1 )  could be met by a single large 

fermentations factory of 1000 m3 permeate/day operating for 240 days per 

annum, based on an approximate costing reported by Hobman ( 1984 ) . Th is 

suggests that fermentative solvent production is not a panacea for whey 

lactose ut ilizat ion in the New Zealand dairy industry unless some 
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further large rrarkets , such as use in liquid fuels ,  are developed. 
Little information is available in New Zealand on the costs associated 
wi th effluent disposal from this process or the [;X)tential benefit of 
ferrrentation by-products. These factors need to be considered in 
possible conjunction with the concept of a "fermentations factory" 
having the flexibility to produce a range of fermentative products. 

The objective of the work described in this thesis was to axamine 
technological aspects of the ABE fermentation. I n  particular, the 
efficacy of intensified continuous fermentation processes for greater 
fermentative productivity was investigated. A key aspect of this study 
was the use of whey permeate as the fermentation substrate. The study 
is placed in the context of technological development as it relates to 
the dairy industry and is therefore of applied rather than fundamental 
nature. 

In Chapter 4 ,  the ability of two strains of C. acetobutyliCUQ to 
produce solvents from whey permeate , lactose-hydrolysed whey penneate 
and various sugars in sal11i�,synthetic medium was investigated. in order to 
compare t,pe individual sugars as substrates for the process and to 
choose the better strain for further work. 

The objective of work described in Chapter 5 was to define the 
pH conditions for maximum solvent productivity and yield from the 
fermentation of whey permeate medium in traditional batch fermentation 
using freely suspended cells. 

I ntensified continuous fermentation processes utilizing 
alginate-irmrobilized cells (Chapter 6) or external cell recycle by 
cross-flow microfiltration (Chapter 7) were axamined. The objective of 
the work described in each of these chapters was to determine those 
parameters that control each of the processes in order to achieve 
long-term stable solvent production , and to assess the relative 
technological merits of each intensified process. 

I n  Chapter 7, a technological appraisal of different membrane 
plant configurations was conducted so that subsequent studies could be 
undertaken using the most suitable configuration. 

Finally, Chapter 9 describes the integration of in-situ 
(gas-stripping) or in-line (absorbent resins or molecular sieve) butanol 
removal processes with batch or continuous fermentation 
processes. The objective was to demonstrate an increase in the 
attainable solvents concentration and overall fermentation productivity 
as a result of increased sugar consumption following toxic solvents 
rerroval. 

In conclusion, information obtained in this study will enable the 
dairy industry to more accurately assess technical aspects of the ABE 
fermentation for profitable lactose utilization. 
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CHAPTER 2 

PROIXJCTION OF ACETONE : BUTANOL : ETHANOL (ABE) BY FERMENTATICN 

2 .  1 INTROIXJCTION 

There is an extensive body of l iterature on solvents production by 

fermentation , however , most studies examining fundamental aspects of the 

fermentation have been published in  the past 10-15  years . Some 

comprehensive reviews of the process and its historical development have 

been published ( e . g .  Ki ll ifer , 1 9 27 ; Gabriel , 1928 ; Beesch , 1 952 ; Steel , 

1958 ;  Prescott & D.,mn , 1959 ; Rose , 1961 ; Ross , 1 961 ; Hastings , 1978 ;  

Spivey , 1978 ; \valton & Martin ,  1979 ; Volesky et aI , 1981 ; Robson & 

Jones , 1982 ; Volesky & Szczesriy , 1983 ; Linden & �loreira ,  1 983 ; t10reira ,  
I 

1 983 ; Gibb� , 1983 ) . Thes,e authors have adequately covered the work 

performed over the last 75 years , consequently no attempt will be made 

here to give a detai led review of the l iterature . Instead , this chapter 

will  highlight those factors shawn to be important in the fermentation 

process and which relate to this study . 

2 .  2 HIS'IDRY OF THE ABE FERMENTATION 

Unlike the ethanol fermentation , the recorded history of the ABE 

fermentation does not date from antiquity,  since i t  was not unt i l  1862 , 

that Louis Pasteur first discovered that butanol was a d irect product of 

bacterial fermentation . The high cost of natural rubber at the turn of 

this century was the principal accelerant to develop a corrrrnercial 

process for the manufacture of butanol to produce butadiene for use as a 

raw matellial in synthetic rubber manufacture . 

In 1910 the firm of Strange and Graham Ltd , in Liverpool , England , 

employed several researchers , Perkin, We izmann , Fernbach , Schoen and 

others , to investigate and develop processes for producing higher 

a lcohols (Gabriel , 1 928 ) . Fernbach subsequently isolated a culture that 

fermented potato starch to produce butanol and acetone . Corrmercial 

production began in 1 9 1 3  based on this process . �1eanwhi le in 191 2 ,  

Chaim Weizmann left the canpany and continued with his awn culture 

i solation work . Nearly two years later,  he succeeded in isolating a 
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strain able to ferment a variety of starches ( 4 % w/v ) , and which 

required only simple inorganic  salts such as amnonium sulphate and 

soluble phosphates as nutrients. Starches included corn , maize,  wheat , 

rice and horse chestnuts . Acetone and butanol were produced at a higher 

yield than achievable by Fernbach's strain,  with an acetone yield four 

t imes that of previous isolates (Compere & Griffith , 1979; Gibbs , 1 983). 

This bacillus was originally narned Bacillus granulobacter pectinovonnn 

but later became known as Clostridium acetobutyl icum . 

The fermentation process underwent a further rapid 

cormnercialization when World War I broke out in 1914 , this t ime to 

principally produce acetone for use as a gelatiniz ing agent for 

n i trocellulose in the manufacture of cordite ,  used in small-arms 

ammunition and as a propellant for heavy artillery shells,  and airplane 

w ing-dope production. Up until  this time ,  acetone had been produced by 

wood pyroly�is in a retort , producing pyroligneous acid , this being 

neutralized with l ime to give impure calcium acetate . This  was then 

converted by heat to a mixture of calcium carbonate and acetone . Demand 

for acetone exceeded supply . Strange and Graham Ltd were contracted by 

the Brit ish Government to supply acetone and in 1916 they substituted 

Heizrnann ' s  process in place of Fernbach ' s due to its ability to ferment 

cheaper and more readily available maize starch and because of the 

h igher inherent acetone production .  This process became known as the 

Weizrnann process , and fermentation plants were subsequently operated in  

Canada (2), India ( 1 )  and in  the United States (2 ) (Gabriel , 1928). 

Large quantities of butanol were stored in the hope that a use for 

i t  would be discovered , since initial hopes of synthetic rubber 

production from butanol were not fruitful . After the war , the acetone 

demand decreased significantly even though new uses were found ( e . g . , 

varnishes , textiles) and many 

was subsequently d iscovered 

lacquers for the automob i le 

plants were shut down . 

in  the manufacture 

industry . Butanol 

A use for butanol 

of nitrocellulose 

demand increased 

dramatically and plants were reopened . After expiry of the Weizrnann 

patent in 1936, new plants were opened in the United States , Puerto 

Rico, and Japan (Walton & Martin ,  1979). 

Strains able to ferment molasses were isolated (using new isolates 

and existing culture collections ) during the intervening period between 
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the World Wars . Molasses was later commercially used as the 

fermentation feedstock due to its lower price and greater availabil ity .  

This significantly increased the profi tability of the process since 6% 

( w/v ) sugar could be fermented in this  instance , instead of 3 . 8 % (w/v ) 

s tarch , giving a 60% increase i n  plant capacity with no capital 

expenditure . Further decreases in  sterilization costs and labour costs 

per unit  of product were obtained. A s imilar reduction in steam costs 

at the firs t  and rrost expensive stage i . e .  the stripping of di lute 

solvents from the fermentation medium, was obtained (Hastings , 1978 ) . A 

4 8  h batch fermentation was used with the solvents recovered by 

d istillation and fractionation . Solvent yields of up to 37% by weight  

of the initial  fermentable carbohydrate were obtained and 

acetone : butanol : ethanol produced in the ratio 3 : 6 : 1 was obtained in this 

process (Gibbs , 1983 ) . In Britain ,  plants used dilute aqueous ammonia  

for nutrient addition ,  repla�ing the combined use of arrmoniurn sulphate 
i 

and calcium carbonate , and for pH control during the fermentation , at a 

measurably lower cost (Hastings , 1978 ) .  Other sources of fermentable 

carbohydrate were also exa�ined including wood hydrolysates (Leonard et 

a I ,  1947 ;  Volesky e t  aI , 1981 ) and waste sulfite liquor (vJi ley e t  aI , 

1 94 1 )  . 

The gases given off during the fermentation make up 65-70% by 

weight of the fermented carbohydrate.  Hydrogen found a market in the 

manufacture of synthetic methanol (Gabriel , 1928 ) and for hydrogenation 

of edible oils ,  whereas carbon dioxide was used for the preparation of 

compressed gas and dry ice .  Hastings , ( 1 978 ) reports that in some 

i nstances ,  the mixed gases were passed through act ivated carbon 

adsorption towers , to recover a small but addi t iorial quantity of 

sol vents , "  prior to separation by scrubbing with water under pressure . 

Additionally , the spent medium after primary stripping was evaporated to 

g ive a protein-rich animal feed supplement containing appreciable 

amounts of riboflavin together with small quantities of other growth 

factors suitable for blending into stockfood (Hastings , 1978 ) .  

The fermentation process became largely uneconomic in  the 1950 ' s ,  

not only due to a supply of comparatively cheap petroleum byproducts for 

chemical synthesis , but also due to the increased costs of rrolasses . 

This cost increase arose due to the competitive buying of rrolasses on 
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the open market by the farming industry, particularly in the United 

States , where molasses was used as a substantial component in cattle 

f eed (Hastings , 1978 ) . 

2 . 3  ORGANISMS 

Bacteria of the Clostridium genus carry out a fermentation with 

e nd-products such as butyric and acetic acids , ethanol , acetone or 

i sopropanol , butanol, acetoin ,  hydrogen and carbon dioxide . The range 

of end-products formed during the fermentation of glucose for various 

C lostridium 32., is shown in  the fermentation balance sheet given in 

Table 2 . 1 ( vJood , 1961 ) and has been recently updated by Rogers ( 1 986 ) .  

All species produce butyric acid ( butyrate ) and acetic acid (acetate ) .  

Butyric  acid plus hydrogen and carbon dioxide are the major end products 

of Clostridium butyricum, Clostridium lactoacidophilum and Clostridium 

perfringens �ith the latter, 
species also producing ethanol . These are 

the so called "butyric"  organisms . Clostridium acetobutylicum produces 

mostly acetone and butanol with smaller amounts of ethanol and acetoin . 

Clostridium butylicurn, renamed Clostridium beijerinck i i  (George e t  a I ,  

1 98 3 ) , produces butanol and isopropanol with smaller amounts of ethanol . 

Both these organisms produce hydrogen and carbon dioxide in addition to 

acids and are the so called "butylic" organisms . George et al ,  ( 1 98 3 )  

revealed that the strains labelled "� butylicum" , such as those l isted 

i n  the American Type Culture Collection ,  are actually � beijerincki i  

a nd ,  therefore , the species is no longer recognized,  nor i s  i t  

considered a synonym for an exist ing species . C .  
-

acetobutylicurn can 

ferment starch , hexoses , or pentoses to solvents whereas C .  beijerinck i i  

ferments starch or hexoses to solvents . 

Much ' of the early classi f ication work was done by McCoy et al , 

( 1 926 , 1930 )  and is sti ll  in a somewhat confused state because of the 

lack of sufficient data necessary for a thorough taxonomic study 

( Gottschalk et al,  1981 ) .  l>1ore recent classification work ( Rousseau et 

a l ,  1971 ; Cummins & Johnson , 197 1 ;  Magot et al , 1983 ) should help 

a lleviate this confused state , however ,  taxonomic studies on several 

butyric acid-producing clostridia ( the umbrella group which includes the 

butyl organisms ) ,  us ing cell  wall composition and DNA homology did not 

i nclude '� butylicum I (� beijerinck i i ) (Cummins & Johnson , 1 971 ) . 



Table 2 . 1 End-products from the fermentation of glucose by various 
species of the Clostridium genus (modified from Wood , 1961 ) . 

Moles/IOO moles glucose fermenteG 

End-Products � butyricum C .  l actoacidophilum � perfringens � acetobutyl icum � butylicum 

Butyric acid 76 7 3  34 4 l7 
Acetic acid 4 2  2 8  60 14  1 7  

, 

Lactic acid 33 
CO2 188  190 l76 2il 203 
H2 235  182  2 14  135  77  
Ethanol 26 7 
Butanol 56 58 
Acetone 22  
Acetoin 6 
Isopropanol 1 2  
% C recovered 96 9 1  9 7  99  96 
O/R Balance 0 . 97 1 . 16 1 . 0 5 1 .  0 1  1 . 06 
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TWo species have been developed for solvent production , namely, 

Clostridium acetobutyl icum McCoy , Fred , Peterson , Hastings , and 

C lostridium beijerinck i i  D::mker (Smith & Hobbs , 1974 ) . Other species 

h ave been found recently which could be potentially useful for the 

development of butanol and/or acetone production , such as C .  

aurantibutyricum ( Cummi ns & Johnson , 1971 ; George et aI , 1983 ) and the 

� tetanc:rnorphum group (Nakamura et a I ,  1979 ; Gottwald et aI , 1984 ) . 

2 .  4 THE FERMENTATION PROCESS 

2. 4 . 1 Course of Fermentation 

The growth and product fermentation profi le in the ABE batch 

fennentation by � acetobutyl ipum characteristically has two distinct 

phases , corr�spondi ng to a two-stage mechanism of product formation 

(Prescott & �nn, 1959 ; Spivey , 1978 ) .  The actual values of the various 

fermentation parameters viz , temperature , initial pH , pH breakpoint 

value , final pH , products concentration as a function of time ,  etc ,  vary 

w i th the strain  and medium used . Long et aI , ( 1 98 3 )  demonstrated that 

there were marked differences among � acetobutyl icum strai ns in their 

ability to grow, sporulate and produce solvents in various media,  

emphasiz ing the llnportance of strain differences , and suggesting that it  

is  necessary to determine the optimu.m condit ions for each strain  in  

order to maximize solvent production. The following description of the 

fermentation profile is  specific for � acetobutylicurn P262 on an 

i ndustrial molasses medium, but is a su i table example of a typical 

outline of a ABE fermentation profile (Spivey , 197 8 ;  Jones et aI ,  1982 ) . 

In th� first  stage , called the acidogenic phase , act ive logarithmic 

growth occurs after a short lag phase , and butyric acid and acetic acid 

a re produced over the period 7-18  h, with a resultant decrease in the 

medium pH fran pH 6 . 8 to pH 5. 1 .  No increase in cell  numbers was 

observed after 1 8  h .  The second phase , called the solventogenic phase 

occurs from 18  h through to 36-60 h. Solvents are detected after 18 h 

when the culture is  i n  the stationary growth phase , and after the 

culture has reached a pH "breakpoint " .  Part ial acid uptake is observed 

( Hartmanis et aI , 1984 ) with a commensurate rise in the culture pH as 

sol vent production proceeds . Hydrogen and carbon dioxide gases are 
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l iberated throughout the fermentation with gas evolution being maximal 

during solvent production .  Sugar i s  uti l i zed throughout the 

fermentation. The solvents yield by stra i n  P262 is about 30% ( solvents 

produced/we ight sugar uti lized ) . However slightly higher yields have 

been obtained using different s tra ins and media ( Beesch , 1 952 ; 

Yerulshalmi et  aI , 1983 ) • Solvent product i vi t ies vary depending on the 

s train  and medium used , however a value of 0 . 55  g/l . h  ( 2 0  gil solvents 

i n  36 h )  has been obtai ned industrially with strai n  P262 (Sp ivey , 1 978 ; 

Jones et a I , 1 9 82 ) . 

The medi um  and condi tions used for the conventional batch ABE 
process are also favourable for the development of lactic acid bacteria 

whose act ivity is detrimental to the process . Conventional 

fermentations are thus run unqer aseptic condi t ions , somet imes w ith a 

positive he�d gas pressure . / The microorganisms are also subject to 

bacteriophag� attack (Waltom & Hart i n ,  1979 ) .  This is often minimi zed 

by product ion strain rotation coupled with eff icient steri lization 

techniques a nd careful stock culture maintenance . Phage-res istant 

cultures are ava i l able ( Compere & Gri f f i th ,  1979 ) . 

2 . 4 . 2  Morphological Characterist i cs 

C .  acetobutyl i cum is described as a Gram-positive , anaerobic 

straight rod measuring 0 . 6-0. 9 by 2 . 4-4 . 7 pm ( Smith & Hobbs , 1974 ) . The 

cells can be Gram-variable with age . The vegetative cel ls are rrot i le 

w i th peritrichous f lagella ,  hONever moti l i ty is only observed during 

certain  stages of the fermentation. Divis ion occurs by transverse 

f ission resul ting in cha ins of organi sms that break apart into s ingle 

cells in l iquid medium during the 

Subterminal ovoid spores ( approximately 

usually distend the baci l l i .  

early stages o f  fermentation . 

l }.1lll by 1. 5 ).lIn ) are formed which 

The rrorphology of the culture varies with the strain,  medium and 

culture stage . Spivey, ( 1 978 ) stated that for strain P262 ,  distinct 

morphologica l  changes can be used as a convenient index for moni toring 

the progress of the fermentation . Jones et a I ,  ( 1 982 ) using strain 

P262,  correlated morphologica l  changes of thi s  strain on an industrial 

molasses medium wi th grONth and physiological changes .  Inoculated cells 
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were elongated rods wh i ch developed septa and resulted in the formation 

o f  long chains of phase-dark cells with sporadic and sluggish moti l ity .  

After 6 h ,  chains broke up and highly moti le vegetative rods were 

released . After 14-18 h,  the moti l ity decreased corresponding w i th a 

cessation of act ive growth . Sp ivey ( 1 978 ) stated that there is a 

correlat ion between mot i l i ty and good solvent production.  If moti lity 

was absent during any t ime of the inoculum development procedures then 

l ow  solvent concentrat i ons were obtained . 

Granulose accumulation was detected in >90% of the cells prior to 

the pH breakpoint ( 1 8  h )  and solvent production . Distinct ive , swollen,  

c igar-shaped clostridial forms (pre-sporulat ion cells ) were involved in 

t he conversion of acids to solvents , and the number of clostridial forms 

was directly related to the sqlvent concentration. Ce lls that did  not 

d ifferentiat;e to clostridial iforms underwent degradative changes . 
i 

Sporulation mutants whi ch did not form clostridial forms , did  not 

produce solvents , whereas sporulation mutants blocked after the 

c lostridial stage were able to produce normal levels of solvents . This 

c lostridial stage may be speci f ic to stra i n  P26 2 ,  since IDng et  aI , 

( 1 983 ) did  not mention clos trid i a l  forms for strains ATCC 824 ,  ATCC 

1 01 3 2 ,  NRRL 527 ,  592 and 593  when tested on complex glucose medium. 

Long et � , ( 1983 ) tested a sporulation medium for strain  P26 2  for 

further studies on solvent production and sporulation. The abi l ity to 

s porulate has long been recognized to be associated with solvent 

product ion ( Prescott & Dunn ,  1 9 59 ) . The abi l i ty to produce solvents in 

cont inuous culture is lost when there is a loss in the abi l i ty to form 

spores (Gottschal & Morris , 1 9 8 1a ) .  D.lring the inoculum development 

procedurel heat shock ing and successive subculture have been corrrrnonly 

used to destroy vegetative cel ls and weaker spores , and to induce spore 

germinat ion . Di fferent heat shocki ng procedures have been used 

( Appendix  6 ) ,  with 75°C/2 min followed by rapid cool ing ,  be i ng used for 

s train  P262 (Jones et aI , 1 98 2 ;  Long et aI , 1 984a ,  b ;  Van der Westhui zen 

e t  aI , 1 98 2 ) . 

2 . 4 . 2 . 1 Maintenance of Cultures 

Stock cultures of C .  acetobutyl icum are usually maintained as 

spores rather than vegetative cells because the former are not as 
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sensit ive to  oxygen or  other environmental condi t i ons ( Prescott & Dunn , 
1 959 ; Hastings , 1 978 ) . Gut ierrez ( 1 98 5 )  has reported that culture 

degeneration occurs with frequent or periodic transfers , whereas storage 

of spores in dist i l led water at either 4 °C or -20°C was found to be the 

most satisfactory technique for conserving both viability and 

s olventogenic abi l i ty of the organism.  Aspects of inoculum deve lopment , 

a critical aspect for a successful batch fermentat ion have been reviewed 

by Gutierrez , ( 1 985 ) . 

2 . 4 . 3 Biochemistry of the Fermentat ion 

Biochemical pathways depict ing known and postulated metabol ic steps 

have been published ( e . g .  D:lel le , 197 5 ;  Thauer et a I ,  1 977 ; Le nz & 

Horeira ,  1980 ; Gottschalk & Bahl , 1981 ; Volesky et a I ,  1 98 1 ; Volesky & 

Szczesny ,  1983 ; �1onot et a l 'i 1983 ; Kim et aI , 1 9 8 4 ; Papoutsakis , 1984 ; 
; - - , - -

Hartmanis & 1Gatenbeck , 1984;  Petitdemange & Gay ,  1986 ; Rogers , 1986 ) .  A 

general schematic representation of the biochemical pathway of glucose 

f ermentation by butyric acid  bacteria and the associated enzymes for the 

p roduction of acids , solvents , hydrogen and carbon dioxide is given in  

F igure 2 . 1 ( Papoutsaki s ,  1 9 84 ) . Poss ible extracellu lar products are 

s hown in boxes . Not all  the reactions shown in Figure 2 . 1 occur in all  

butyric acid .bacteria , e . g .  only C .  beijerincki i  possesses an 

i sopropanol dehydrogenase enzyme (No . 1 7  in Figure 2 . 1 )  able to cata1yse 

the irreversible reduction of acetone to produce isopropanol . The 

b iochemical routes for acetoin production ( C .  acetobutyl icum )  and 

f ormate production from pyruvate ( see Doelle , 1 97 5 )  are not shown . 

Initially, the metaboli sm of glucose by Clostridium � begins with 

i ts conversion to pyruvate via the EMP glycolytic pathway. Two 
. 

molecules of ATP and two molecules of NADH + H+ are produced and used 

f or biosynthesis and as a hydrogen donor respect ively f in the further 

b reakdown of pyruvate . Pyruvate is oxidized to acetyl CDA with the 

release of carbon dioxide and hydrogen coupled with the reduction of 

ferredoxin.  The acetyl CDA plays a central role in  the metaboli sm in 

the Clostridium � since it  serves as a precursor to all the products . 

Strict anaerobes such as the Clostridia control the ir high energy 

ATP product ion by controll ing the flow of electrons in their  metabolism 
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of substrate . The act ion of the hydrogenase enzyme fac i l itates the 

d isposal of excess electrons in  the form of molecular hydrogen ( Del lweg , 

1 98 1 ; Kim & Zeikus , 1 9 8 5 ) as shown by react ions 3 and 4 in  Figure 2 . 1 .  

The electrons are transferred to the electron carrier NAD+, and the 

reoxidation of these carriers requires another molecule as an electron 

acceptor. The Clostridi a  contain a special electron carrier , 

ferredoxin , an iron-containing co-enzyme with a redox potential  of 

nearly -400 mV, low enough to allow the reduction of protons to 

molecular hydrogen ( Vo lesky & Szczesny , 1983 ) .  The reduced ferredoxin 

i s  oxidised by hydrogenase to yield hydrogen . In an iron -def i cient 

environment , there is no hydrogen formation and in the absence of 

hydrogen evolution there is a shift to lactate production. 

The (NADH + H+ ) - ferredo�i n  oxidoreductase reaction (enzyme 4 in 

F igure 2 . 1 )  and the hydrogen�se reaction (enzyme 3 in Figure 2 . 1 )  are 

revers ible . i The regulation of the ( NADH + H+ ) - ferredoxin  

oxidoreductases have been studied with C .  acetobutyl icum grown on 

g lucose ( Petitdemange et a I ,  1 976,  1977 ) . These researchers found that 

acetyl CoA i s  an obl igatory act ivator of (NADH + H+ ) -ferredoxin 

oxidoreductase act ivity ,  and NADH + H+ a competitive inhibitor of 

ferredoxin - NAD+ reductase activi ty .  Regulat ion by acetyl CoA and NADH 

+ w allows the enzymes to function correlatively with glyceraldehyde 

phosphate dehydrogenase in the ENP pathway and thus regulate the amount 

of NAD+ and NAlli + H+ in the cel ls ,  which influence the flow of 

e lectrons from ferredoxi n  to H 2 or butyrate . Thus , in � acetobutyl i cum 

this act ivity oontrols electron flow ;  it  functions in the direction of 

NADH + H+ reduction when butanol is formed , and it functions i n  the 

d i rection of ferredoxi n  reduction when butyrate and hydrogen gas are 

formed ( Petitdemange et a I ,  1 9 76 ) . This control is important for 

subsequent solvent product ion since NADH + H+ is required during 

reaction steps 6 and 8 i n  Figure 2 . 1 .  

Cons idering the biochemical pathway : two acetyl CoA molecules 

undergo a condensation reaction to form acetoacetyl CoA with 

acetyl-CoA-acetyl transferase as the catalyz ing enzyme ( 5 )  l iberating 

CoA . Acetoacetyl CoA is further converted to butyryl CoA via steps 6 ,  7 

and 8.  Butyryl CoA can be converted to butyric acid by the catalytic 

activi ty of enzymes phosphotransbutyrylase (ll ) and butyrate k inase ( 1 2 ) , 
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F i g u re 2. 1 .  B i oc h e m i ca l  path ways of g l u c ose fe rmentat i o n  b y  buty r i c  ac id  
bacter ia .  

Th e  pathways o r  enzyme systems catalyzing the reactions sho.-m are 

as follows : ( 1 ) phosphoenolpyruvate phosphotransferase system and the 

Embden--t1eyerhof pathway , ( 2 ) pyruvate-ferredoxin oxidoreductase , ( 3 )  

hydrogenase , ( 4 )  NADH-ferredoxi n  oxidoreductase" ( 5 )  acetyl-CoA-acetyl 

transferase, ( 6 )  L ( + ) -S-hydroxybutyryl-COA dehydrogenase , ( 7 )  

L-3-hydroxyacyl-CoA hydrolyase, ( 8 )  

transferase , ( 1 0 )  butyryl-CoA 

phosphotransbutyrylase , ( 1 2 )  

but yry l-COA dehydrogenase ( 9 ) CoA 
synthetase (ATPjAMP ) ,  ( 1 1 )  

butyrate kinase , ( 1 3 )  

phosphotransacetylase, ( 1 4 )  acetate kinase , ( 1 5 )  CoA transferase, ( 1 6 )  

acetoacetate decarb::>xylase , ( 1 7 )  isopropanol dehydrogenase, ( 1 8 )  

butyraldehyde dehydrogenase , ( 1 9 )  butanol dehydrogenase, ( 2 0 )  

acetaldehyde dehydrogenase , and ( 2 1 )  ethanol dehydrogenase . 
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in � acetobutylicurn (Andersch et aI , 1983 ) . The CoA transferase 

reaction ( 9 )  has not been definitely established in butyric acid 

bacteria (Gottschalk & Bah1 , 1981 ) or in � acetobutylicum (Andersch et 

a I ,  1983 ) .  As the pH drops due to acid formation , acetoacetyl CoA is 

d iverted from the normal cyclic  mechanism and is uti l ized via a 

t ransferase system for the production of acetoacetate catalysed by the 

enzyme CoA transferase ( 1 5 ) . Acetoacetate is then decarboxylated in an 

i rreversible step to produce acetone catalyzed by the enzyme 

acetoacetate decarboxylase ( 1 6 ) . Whereas this enzyme has been studied 

e xtensively , it  is not known ha.v acetoacetate is formed from 

acetoacetyl-CoA (Gottschalk & Bahl , 1981 ) .  

The divers ion of the original cyclic system to form acetone stops 

further butyric acid formation. This also causes the el imination of two 

e lectron accepting reactions -which generate NAD+ , namely the reduction 
; 

of acetoacetyl CoA to S�OH-butyryl CoA catalyzed by the enzyme 

L (  + ) -S-hydroxybutyryl-CoA dehydrogenase ( 6 ) ,  and the reduction of 

c rotonyl CoA to butyryl CoA catalyzed by the enzyme butyryl-CoA 

dehydrogenase ( 8 ) ,  and consequently the Clostridia must find alternative 

reducing sequences for NAD+ regeneration . The only alternative reaction 

of this  type available to the bacteria is to reverse the last step of 

the cycle , butyryl CoA to acetyl CoA , and reducing the butyric acid 

a lready accumulated to butanol through three consecutive reactions 

where butyryl CoA and butyraldehyde are formed as intermediate compounds 

( steps 9 ,  18 and 1 9  in Figure 2 . 1 ) .  The acetic acid formed in  this 

reversal ( 9 )  is used for the generation of acetyl CoA in the acetone 

p roduction. 

If there is a deficiency in the amount of acetyl CoA available , 

then it  is possible that butyryl CoA can be formed by an alternative 

mechanism whereby ATP and CoA are required ( 1 0 )  ( D::lelle, 1975 ) . Also 

there is nothing kna.vn about the cycl ic regulation at the point where 

butyryl CoA is no longer converted to butyryl phosphate ( 1 1 )  but is 

reduced to butyra1dehyde (Gottschalk & Bahl , 1981 ) .  These authors 

postulate that the activity of the phosphotransbutyry1ase is  sanehow 

adjusted to the metabolic fluxes for butyrate or butanol production. 

The production of ethanol occurs normally together with the 

acetone-butanol formation by C .  acetobutyl icurn. Ethanol production 
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branches off from acetyl CoA where the enzyme acetaldehyde dehydrogenase 

c atalyzes the fonnation of acetaldehyde with CoA release and NADH + W 

being oxidi zed to NAD+ ( 20 ) . The acetaldehyde is then reduced to 

e thanol catalyzed by the enzyme e thanol dehydrogenase ( 2 1 )  with a 

further molecule of NADH + H+ oxidized to NAD+ . Hydrogen and carbon 

d ioxide are produced throughout the fermentat ion in a ratio dependent on 

the species used (Rogers , 1 98 6 ) .  

A m..nnber of researchers have examined the intennedi ary enzymes 

i nvolved in acid and solvent formation (Andersch et aI , 1983 ; George & 

Chen, 198 3 ;  Hartmanis & Gatenbeck , 1 98 4 ;  Hartman is et a I ,  1 9 84 ) . 

Andersch et al , ( 1 98 3 ) determined the levels of enzymes involved in 

e ither solvent ( pH 4 . 3 )  or acid (pH 6 . 0 )  formation us ing C .  

a cetobutylicum DSt·1 1 7 3 2  fermenting a complex phosphate-l imited glucose 

medium in a t;::hemostat at 33-3'?°C and D = 0 . 03  h-l • They found that the 

h ighest actih ties of phosphotransacetylase ( 1 3 ) ,  acetate k inase ( 1 4 ) , 

phosphotransbutyrylase ( 1 1 )  and butyrate k i nase ( 1 2 )  were found in 

cells carrying out an acetate-butyrate fermentation , with these enzymes 

p resent in solvent-producing cells at a level of 10-50% compared to acid 

p roducing cells .  These data are in accordance with the findings of Bahl 

et aI , ( 1 982a ) who demonstrated that a change back to acid production in 

continuous cultures occurs instantaneously if cel ls are brought into a 

n eutral medium, i . e .  the pH is rai sed . 

Butyraldehyde ( 1 8 )  and butanol dehydrogenase ( 19 )  were found in 

small amounts ( 0 . 4  and 0. 6 U/mg protein  respectively ) exclusively in 

solvent-produc ing cells . Hydrogenase ( 3 )  act ivity was present in 

approximately the same amounts in both cel l types , however in 

solvent-prpduc ing cel l s  it  was present only after a 10- 1 5  min lag 

period.  It is possible that the hydrogenase was inactive at pH 4 . 3 and 

became active under condi tions of the assay since i n-vi tro measurements 

o f  act ivity demonstrated no activity below pH 6.  

Hartmanis & Gatenbeck , ( 1 98 4 )  determi ned enz�es involved in 

solvent production us i ng � acetobuty1 icum ATCC 824  and a semi-synthetic 

medium containing 

those of Andersch 

the acid and 

glucose . These workers made s imi lar observations to 

et aI , ( 1 983 ) concerning the level of enzymes during 

solvent phases . They suggested that the 
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phosphotransbutyrylase enzyme ( 1 1 ) , by adjusting the metabolic flux to 

e ither butyric or butanol , plays a major role in the regulatory 

mechanism that causes the switch from acid to solvent product ion as 

originally postulated by Gottschalk & Bahl , 1 9 8 1 ) .  In summary ,  no 

definitive results have been obtained from thi s  work that would 

faci l i tate the manipulation of enzyme synthesis to rraximi ze solvent 

production . 

2 . 4 . 4  Regulation of Solvent Production 

Solvent regulation , that is the distinctive metabolic trans i tion 

f rom acid production to solvents product ion involves the re-routing of 

both carbon and electron flow . 

Factors which have been impl icated include the culture pH (Bahl et 
/. 

a I ,  1982a ;  Andersch et a I ,  1982 ; flonot et a I ,  1983 ; Ni siho et aI , 1 98 3 ;  i - - - -
George & Chen , 1983 ) , where a critical low pH value ( in the regi on pH 

4 -5 ) is  achieved prior to solvent production , the concentration of 

acetic and butyric acids (Marti n  et a I ,  1 983 ; Monot et a I ,  1 984 ; 

Hartrnanis et aI , 1 9 8 4 ; Fond et a I , 1985 ) , nitrogen avai labi l i ty ( Roos et 

aI , 1 9 8 5 )  and the resi dual sugar concentration ( Long et aI , 1 9 84a ) . 

Addition of acids has been found to induce solventogenesi s  and alter the 

f inal distribution rat io of solvents ( e . g .  Gottschal & Morris 1 9 8 1b ;  

Martin  e t  a I ,  1 9 83 ; George & Chen , 1 9 83 ) .  Examination of reports 

describing chemos tat cultures suggests that high growth rates are 

associated with acidogenesi s ,  whi le solventogenes i s  occurs only at low 

growth rates ( Bahl et a I , 1982b ;  Monot & Engasser,  1983a ) .  This is in 

general agreement with the concept that in batch cultures , 

solventogenes is is associ ated with a lowering of the growth rate . 

�1any reports have been publ ished concerning the role of culture pH 

and the concentration of acetic and butyric acids in the medium,  but 

SOi'TIe of these reports are confl ict ing.  Honot et a I ,  ( 1 983 ) concluded 

that the regulat ion of � acetobutyl i cum metabol ism was medi ated through 

the undissoc iated butyric acid concentration . At a critical 

u nd issociated butyri c  ac id concentration of 0 . 25  gil , cel lular growth 

was inhibited with butanol production being induced at an undissociated 

butyric acid concentration of 1 . 5 g/l .  Long et aI , ( 1 984a )  a lso 
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suggested that inhibit ion of  growth by these und issociated acids plays a 

role in the transi tion from acidogenesis  to solventogenesis . 

In contrast , other workers ( e . g .  George & Chen , 1 983 ; Gottwald & 

Gottschalk , 1985 ; Te rracciano & Kashket , 1986 ; Huang et a I ,  198 6 )  have 

suggested that the undissoci ated butyric acid , because of its inert 

nature , does not play a role � s e ,  rather that it i s  the elevated 

acids concentration within the cel l s  ( a t  ION culture pH ) ;  a response of 

the cel l  to mai ntain  a constant pH gradient . George & Chen t ( 1 983 ) claim 

that the i nterference of the regulation of the internal pH and magnitude 

of the transmembrane proton motive force due to the accumulation of 

acids , may expla in the slow dc:wn of general metabol ism as a consequence 

of some feedback enzyme inhibit ion. Hartmanis et aI , ( 1 984 ) have 

suggested that acetic and butyric acid formed in the acidogenic phase 

are taken up' and activated by the i r  respective CoA thiolesters via an 

a cetoacetyl-toA : acetate (butyrate ) - transferase . Papoutsak is , ( 1 984 ) 

has also suggested active ATP-coupled acids uptake . Roos et a I ,  ( 1 98 5 )  

however ,  suggests that there is no 

necessary for solvent production , 

controlled by the availabil i ty 

avai lab i l ity of ATP. 

min imum butyric acid concentrat ion 

and that solvent production is 

of nitrogen and the demand and 

There have been several reports describing the effects of agi tation 

a nd head-space pressure on solvent production in batch culture . Spivey 

( 1 978 ) ment ioned that during the commercial process a posi tive pressure 

i s  mai ntained , and this has subsequently been demonstrated to be 

beneficial  to solvent product ion compared to operating at atmospheric 

pressure (Maddox et a I ,  1981 ; Doremus et aI , 1985 ) . The reason for the 

effect is ,bel ieved to be linked to the retention in solution of hydrogen 

( and re-uptake? ) .  Ag i tat ion duri ng fermentat ion has been found to be 

detrimental to solvent product ion ("lelsh & Vel iky , 1 9 8 4 ,  1 9 8 6 ; 

Yerushalmi & Volesky , 1 9 8 5 ) , poss ibly because of stripping of hydrogen 

f rom solution . Yerushalmi et a I ,  ( 1 98 5 )  performed experiments using 

e xogenous hydrogen gas to achieve high head-space pressures of hydrogen, 

a nd demonstrated increased yields of butanol and ethanol , but not 

acetone . Kim & Zei kus , ( 1 9 8 5 )  demonstrated that the initiat ion of 

solventogenes i s  by � acetobutyl i cum was directly related to a decrease 

i n  hydrogen product ion caused by the regulation of hydrogenase act ivity .  
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However further stud ies are requ ired to relate this to exact biochemical 

mechanisms . 

Several investigators have demonstrated that flushing carbon 

monoxide into a fermentation enhances solvent production ( Kim et al , 

1 984 ; D3tta & Zeikus , 1985 ;  Heyer et al , 1986 ) .  Th is effect is believed 

t o  be one of the carbon monoxide inhibiting the enzyme hydrogenase which 

i s  responsible for hydrogen production and , thus , loss of reducing power 

f rom the fermentation . Fol lowing inhibition , reducing power is retained 

i n  the form of enhanced levels of reduced ferredoxi n ,  thus making 

ava i lable larger amounts of NAD ( P ) H 2 for solvent product ion. Overa l l ,  

t he effects o f  carbon monoxide , head-space pressure and ag itation are 

s imilar in that they influence the retention in the fermentation of 

reducing power needed for solve�t production . 

In surnm'ary , the regula,tory mechani sms .involved in the "triggering "  

o f  solvent production are complex and interrelated , and are largely 

u nelucidated . In sorne instances , conclus ions are confl icting ,  

particularly in the role of acid concentrat ion and culture pH . An 

u nderstand ing of the regu latory mechanism will  have importance for 

f u ture process development and stra in improvement . 

Further research is requ ired in the area of monitoring enzyme 

activit ies at key branching points of carbon flow ,  at butyryl-CoA and 

acetoacetyl-CoA or those associated with the regulat ion of production or 

i nterconvers ion of reduction energy . Th is will  better def ine the 

physiological changes in response to spec ific treatments . 

2 .  5 ENVIRONMENTAL FACIORS AFFECTING SOLVENT PROOOCI'ION 

2 . 5 . 1  Oxygen Sensitivity and Eh Requi rement 

c .  acetobutyl i curn requi res anaerobic cond it ions for growth , with 

opt imal growth occurring at a negative culture redox potential,  Eh , in 

the range -250  mV to -400 mV. Its reductive metabol ism leads to the 

c reat ion and maintenance of this low Eh value . Stud ies by O ' Brien and 

Morris , ( 1 971 ) revealed that the di ssolved 02 concentration rather than 

the Eh affects growth and metabolism of � acetobutyl icurn. The rates of 

g rowth , glucose consumption and production of acetate , butyrate and 
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pyruvate remained normal in glucose and case in hydrolysate basal medium 

at very high Eh values but ICM dissolved 02 concentration. Growth 

ceased when the culture was made aerobic with 40  pM dissolved 02 bu t  the 

s ame high Eh value . 

2 . 5 . 2  Temperature and pH Requ i rement 

� acetobutyl i cum is a mesoph i l ic bacterium w i th an opt imum growth 

temperature of 37 °C ( Buchanan & Gibbins , 1974 ) . The opt imal pH for 

g rowth is 6 . 5 ,  whi le solvent product ion is favoured in the reg ion pH 

4 . 5-5. 5 ( Prescott & Du nn ,  1959 ; Spivey , 1978 ) .  

2 . 5 . 3  carbohydrate Sources 

Butyric acid-formi ng Clos�ridia species are able to uti l ize a very 

wide range of hexose and pentbse sugars for solvents product ion. These 

range from �omplex polysacoharides ( e . g .  hemicel lulose , cel lu lose ) and 

mi xed sugars ( e . g .  wood hydrolysates ) to s imple monosaccharides ( e . g .  

g lucose , fructose , xylose , arabinose , ribose ) and disaccharides ( e . g . 

sucrose , lactose ) .  Nutrient requ irements and fermentat ion parameters 

vary according to the substrate and Clostridia species used . tlolasses 

and corn mash have tradi tionally been the most common carbohydrate raw 

materials . Research i nterest has turned to alternative (was te )  streams 
as possible cheaper raw materials . These have included ( apart from 

whey ) sulphite waste l iquor (Wi ley et aI , 1 94 1 )  wood hydrolysates 

( Leonard et aI , 1 94 7 ;  Mes-Hartree & Saddler , 198 2 ;  t1addox & Murray , 

1 983 ; Yu et a I ,  1984a , b ;  Volesky & Szczesny 1983 ; Compere et aI,  1 9 85 ) , 

agricultural wastes (Ounine et a I ,  1 983 ) , molasses (Beesch , 1 952 ; 

Spivey , 1978 ; Sekar , 1 9 8 1 ; Fouad et aI , 1982 ) , potato starch ( Beesch , 

1 95 2 ;  Abou-Ze id et a I ,  1 976 ) , cornbroth extract ( Li n  & Blaschek , 1983 ) , 

bagasse and rice straw ( Soni et a I ,  1982 ) , cellulose (Hayashida et a I ,  

1 98 3 ) , cellu lose using cocultures of mesophilic cel lulolyt ic Clostridium 

a nd glycolytic Clostrid ium ( Petitdemange et a I ,  1 9 83 ) , lignocellulose 
U1archal et a I ,  1986 ) and steam treated peat ( Forsberg et a I ,  198 6 ) . 

2 . 5 . 4 Nitrogen and Other Nutrient Requi rements 

Bi otin  and p-arni nobenzoic ac id are necessary for the growth of some 

acetone-butanol organisms ( Lampen & Peterson , 1941 ) .  These requi rements 
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may be satisf ied by the use of yeast extract or other raw materials 

containing the essent ial vitami ns ( Prescott & Du nn ,  1 9 59 ) . Commercial 

n itrogen sources (e . g .  corn steep liquor ) supply degraded nitrogen e . g .  

polypept ide and ami no acids . Natural organic nitrogen sources are 

cons idered the best ( Bagh1af et aI , 1980 ) . The rat io of carbohydrate to 

n itrogen affects the solvent yield wi th a rat io of 5- 10 : 1 being 

c ons idered opt imal (Prescott & Dunn , 1959 ) . Monot et aI , ( 1 98 2 )  found 

that Mg2+ and K+ promoted growth and solvent product ion , respect ively .  

Bagh1af et aI , ( 1 980 ) reported that on a complex redium, K2HP04 is 

essential with an opt imum concentration of 1-2 g/l . 

2 . 5 . 5  Product Inhibition 

The attainable products concentration in the ABE fermentation is 
l imited by product inhibition , with butanol being the most inhibitory 

i 

p roduct (Van der Westhu i zeI; et a I ,  1982 ; Gapes e t  aI , 1 982 ; Herrero, 

1 9 83 ; Linden & Hore ira , 1983 ; Ingram, 198 6 ) . Typically , the maximum 

total solvent production concentration is 20 gil ( Spivey , 1978 ; tloreira 

et aI , 1981 ) ; the start i ng concentration of fermentable carbohydrate is 

thus l imited to approximately 60 gil , assuming a solvents yie ld of 30%.  

This leads to large , capital intens ive plant and high energy demands in 

p roduct recovery by conventional distillation , and represents a major 
technological constrai nt on the ABE fermentation . 

Biological and engi neeri ng approaches have been used to mi nimize 

the problem. Only recently have fundamental biological studies been 

u ndertaken , and the inhibitory effect of the fermentation products on 

cell growth rate and the kinetics of product format ion have been 

i nvestigated by a mnnber of researchers (e . g .  Leung & ,.vang , 1 98 1 ; Gapes 

et aI , 1982 ; Anon , 198 2 ;  Costa & /lbreira ,  1983 ; t·breira , 1983 ; OJnine et 
a I ,  1985 ) . The effects of product inhibit ion involving fundamental 

mechanistic stUdies (Wang et aI , 1 979 ; t10reira et a I ,  1981 ; 

Vollherbst-Schneck et aI , 19 84 ; Bowles & El lefson , 1 985 ) and cell  

morphological studies ( Va n  der westhui zen et  aI , 1982 ) have also been 

u ndertaken. other attempts to minimize the toxicity problem have 

centred on mutation , adapt ion and selection rethods for tolerant strains 

( e . g . Wang et aI , 1979 ; Al lcock et aI , 1981 ; Jones et aI , 1 982 ; Li n & 

Blaschek , 1983 ; Hermann et a I ,  1983,  1985 ; La rgier et aI , 198 5 )  and 
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modification of the cytoplasmic membrane (Anon , 1982 ) . Genet ic 

engineering approaches also have cons iderable potent ial for strain 

improvement ( Rogers , 19 8 6 ) . 

Engi neering approaches have focussed on the integration of 

cont inuous in-si tu or i n-line solvents recovery processes with batch or 

continuous fermentat ion processes ( e . g .  Wang et al , 1979 ; Groot et al , 

1 984a ; Larsson et al , 1984 ; Levy , 1986 ) . A clo'ser examinat ion of the 

l iterature us ing this approach is given i n  Appendi x  6. 

Both ac ids and solvents are inhibitory to the anaerobic Clostridia ,  

although the inh ibitory " target sites" may be different (Herrero, 1983 ) . 

At certain concentrations of acids and solvents , cell growth stops , but 

some sugar continues to be degraded by the cells , whereas at h igher 

product concentrations mi cropial act ivity ceases (Herrero , 1983 ) . When 

i n  contact J with alcohols and neutral forms of organic acids , 

equ i l ibration occurs within the l ipid mi l ieu of the cell  membrane , and 

these species can interact with cell  structures , altering membrane-bound 

enzyme activities and the conformation of ' key functional ' systems , or 

i nterfere with microbial regulatory processes (Herrero, 1983 ) . 

Costa & Morei ra ,  ( 1 98 3 )  found that there was a threshold 

concentration of products formed before growth inh ibition occurred using 

� acetobutyl icum ATCC 824 . Th is was followed by a linear decrease in 

growth rate with an increase in product concentration . This threshold 

concentration varied between products with butyric acid,  butanol and 

acetic ac id being approximately ten times more inhibitory towards cell  
growth than acetone and ethanol . A synergism amongst the fermentat ion 

products was observed i ndicating that the total products profi le and 

concentration are important in determining the actual toxic  effect on 
the growth rate . Added sol vents were also cons idered less toxi c than 

those produced fermentat ively , ( as also found by Novak et al , ( 1 98 1 ) for 

ethanol i nhibit ion of yeast ) ,  and may possibly be explained by the 

d ifferent product concentrations within and outside the cel l .  

Leung & Wang, ( 1 9 8 1 ) have de termined the inhibitory concentrations 

of the various fermentation products on the growth of � acetobutyl icum 

ATCC 824 . These are reproduced in Table 2 . 2 .  
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These authors concluded that acetone , ethanol , acetate or butyrate 

alone in the fermentat ions did not contribute signi ficantly to the 

i nhibition of growth. Ei ther butanol or butanol together with butyrate 

i n  the fermentation broth during batch or continuous fermentation have 

detrimental effects on further microbial growth. 

Costa and Morei ra ,  ( 1 983 ) found however , that the acetic and 

butyric acid concentrat ions caus i ng 50% inh ibition of growth , were half 

t hose reported by Leung & Wang , ( 1 98 1 ) and attributed this to the 

d i fferent methods used to stabi l i ze the pH of the fermentat ion medium 

d uring the acid challenge . 

Van der Westhui ze n  et a I ,  ( 1 982 ) found that the vegetat ive cell  

g rowth rate of strain P262 in molasses fermentation med ium was 

progressively reduced by bU,tanol concentrations between 4-8 gil and 

g rowth was �revented by 10  gil butanol . Solvent-producing clostridial 

f orms could withstand a higher butanol concentration,  however an 

i ncrease in degenerat ion occurred proportionally to the increase in 

butanol concentration ,  except at high concentrations ( 26-35 gil ) where 

the oppos ite effect was observed . 

OUnine et a I ,  ( 1 9 8 5 ) demonstrated that butanol had an effect on the 

s ugar uptake rate of C .  acetobutyl icum ATCC 824 . These workers found 

t hat this strain,  when grown on xylose-containing medium,  is more 

s trongly inhibited by solvent production than when grown on 

g lucose-containing medium. Th i s  may be explained by the different sugar 

t ransport mechanisms (membrane associated ) and the relat ive disruptive 

e ffects of butanol on the cel l  membrane . 

IncoFporation of the butanol into the cytoplasmic membrane 

d isrupts , due to the hydrophobicity of the butanol , the membrane lipid 

b i layer increas ing the membrane flu idity (Anon , 1982 ) .  

This bilayer consists of stabilized layers of glyceride esters of 

l ong-chain fatty esters . 'Ihese molecules feature hydrophilic ends 

a ttached to the strongly hydrophobic hydrocarbon tai ls of the fatty acid 

c omponents . These materials are aligned into bi layers of rrolecular 

thickness where only the hydrophi l ic ends of the assembled molecules are 

e xposed to the surrounding aqueous medium. Alcohols are attracted to 



Table 2 . 2 Inhibit ion by end-products on the growth of C .  
acetobutyl icum ATCC 824 on glucose 

--

Product 

Ethanol 
Acetone 
Acetate 
Butyrate 
Butanol 
Butyrate & 

Butanol 

Cone . attained during 
fermentation (g/l ) 

Batch Continuous 

2 1 
7 5 
3 2 
3 2 

1 2  10  

15  1 2  

-' 

Cone . at which growth 
was inhibited by 50% 

(g/l ) 

60 
40 
15  
1 4  
1 3  

1 5  

25 
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these films because they have s imi lar polar-non-polar imbalance along 

their length . As the caroon chain length increases , so does the 

hydrophobicity , hence the reason why butanol is rrore toxic than ethanol . 

Vollherbst-Schneck et a I ,  ( 1 984 ) state that in response to the 

membrane-perturbing physical  effect of butanol , cel lular fatty acid 

synthesis in � acetobutylicum ATCC 824 is shifted to higher saturated 

chain to unsaturated chain ratio,  and that these changes play a role in 

determining the toxic effects of butanol . Modifying the cytoplasmic 

membrane composition by incorporation of supplemented fatty acids 

( oleate, elaidate ) from the growth medium into the cell membrane of C .  

acetobutyl icum ATCC 824  in order to adjust the membrane flu idity , and 

i ncrease cel l  tolerance to higher butanol concentrat ions , has been 

reported (Anon , 1 98 2 i  Li nden & Moreira ,  1983 ) . Butanol tolerance (up 

to 22 g/l ) was extended up to; threefold from the control . 

Bowles & El lefson, ( 1 985 )  state that the effects of butanol on 

s train ATCC 824 are complex , inhibiting several interrelated rrembrane 

processes . Butanol destroys the abi l i ty of the cell to maintain  its 

i nternal pH, lowers the intracel lular ATP concentration and inh ibits 

substrate uptake at butanol concentrations high enough to inhibit 

g rowth . The magnitude of the butanol inhibitory effect is a function of 

substrate type , and culture condi t ions , e . g .  pH and/or presence of 

acids . The fact that these workers found that an alteration i n  the cell 

i nternal pH occurred with this  spec ies is interesting, s ince Herrero et 

a l ,  ( 1 98 5 )  showed that in ethanol-inhibited Clostridium thermocel l��,  a 

bui ld-up of phosphorylated sugars occurred suggesting inh ibit ion of 

membrane-bound glycolytic enzymes , whilst the internal cel l  pH and ATP 

concentrations were unchanged . 

Hutk ins & Kashket , ( 1 98 6 )  found that butanol exhibited a chaotropic 

e f fect that resul ted in the leakage of intracellular rretaooli tes , rut 

butanol up to 2 0  gil did not affect the phosphoenolpyruvate-dependent 

phosphotransferase system for glucose uptake. 

Organic ac ids are also thought to disrupt the cell internal pH 

regulatory mechanism in  anaerobi c Clostridia ( Herrero , 1983 ) . The 

i ntracellular pH is  rrore alkal ine by approximately one pH unit compared 
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with the extracellular pH . Anaerobes generate ATP by sugar oxidation 

and use it for : ( i )  synthetic reactions for gro.vth and , ( i i )  membrane 

e nergization via the H+ translocating ATPase where the metabolic energy 

i n  ATP is invested in  a different fonn of usable energy ; the proton 

motive force . 

The phys iological role of the H+-translocating ATPase i n  anaerobic 

bacteria is the generation of the transmembrane pH gradient ( i nterior 

a lkal i ne )  and of an electrical potential difference ( interior negative ) ,  

both required ( the proton motive force ) for various types of transport 

processes and biosynthet ic reactions (Riebel ing & Jungennan , 1976 ) . 

Organic acids act as uncouplers and are thought to allow protons to 

e nter the cell  from the rrediu.m and thus counteract the proton pump 

mechanism .  Unionized acid sgecies are thought to partition i n  �1e cell  

membrane an� the internal , and external concentrations equilibrate . 

S i nce the internal pH is  higher than the outside , i . e .  lower internal H+ 

a cti vi ty , the d issociation equilibrium will proceed ins ide the cell  

reSUlting in a nett anion efflux , leaving behind a H+ ion , resulti ng in  

a lowering of the �pH . This altered ionic environment may also i nhibit 

e nzyme kinetics .  Maximum inhibition is expected at the pKa of the acid 

( e . g .  pH 4 . 8 for butyric acid ) and it is  postulated that when the 

i nternal pH is  reduced , the cell  attempts to restore it by uti lizing ATP 

v i a  the membrane bound ATPase for membrane energization . This is to 

restore the proton pump with the consequence that there is less ATP for 

b iosynthesi s ,  i . e .  acid in.�ibit ion causes an increase in  cell  

maintenance energy requi rements ( Herrero, 1983 ) . The function of  the 

ATPase is not to "buffer" the cell  at a constant intracellular pH but to 

fonn and n;eintai n  a pH gradient essential for growth . 

The acid end-product inhibition mechanism in  � thennocellum has 

been exalllined ( Herrero et aI , 1 9 85 ) . The inhibitory potency of any 

g iven organic acid was found to be a function of : the partit ion 

coefficient of the acid in the undissociated fonn, the pKa , the �pH 

a cross the membrane , acid concentration and the �pH required by the cell  

f or proper function. Such an inhibitory potency is l ikely to be 

d ifferent for ABE producing Clostridia �. 
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Wix & Woodbine , ( 1 958 ) cite literature describing the use of whey 

i n  the 1930 ' s- 1940 ' s  for solvent and/or riboflavin product ion by 

Clostridium �. More recently , the use of various Clostridium � and 

whey types for solvent production ,  has been described for conventional 

batch fermentation usi ng free cel ls , and continuous fermentation using 

alginate-irrunobilized cells ( e . g .  Schoutens et a I ,  1 985 ) . A brief 

surmnary of the fermentat ion medium, strain,  culture conditions and 

fermentation parameters obtained for batch fermentation studies is given 

i n  Table 2 . 3 ,  whilst data for the cont inuous fermentation studies is 

presented later in this  chapter.  Generally ,  whilst whey was a sui table 

substrate for the growth of Clostridium �, solvents concentrat ion , 

producti vity ,  and the extent of lactose utilization were lower than 

reported fo� industrial substrates (Beesch , 1952 ; Spivey , 1978 ) .  Other 

workers (e . � . Abou-Zeid  et ,  a I ,  1 976 ; Compere & Gr iffith, 1 979 , 1984 )  

found that lactose was generally a poorer substrate compared to glucose 

for solvent product ion , using synthet ic media.  

r·jaddox , ( 1980 )  fermented sulphuric acid casein whey permeate using 

C .  acetobutyli cum NCIB 295 1 .  The permeate containing 53 gil lactose 

was supplemented with 5 gil yeast extract and adjusted to pH 6. 5 using 

aqueous arrunonia prior to autoclaving .  A butanol concentration of 15  gil 

was obtained after a 5 day incubat ion at 30°C . The ratio of ABE 

solvents obtained was 1 : 1 0 : 1 .  I f  the yeast extract was not added , then 

a poorer butanol concentration of 13 gil was obtained after a 7 day 

i ncubation. 

Moreira , ( 1 983 ) makes reference to work us ing C .  acetobutylicum 

( strain unidentified )  fennenting cheese whey to solvents , where tJ1e 

butanol : acetone rat io obtained , was 1 2 : 1 to 20 : 1 ,  compared with 3 : 1 

obtained on a glucose-containing medium. J:)3tai ls of the work are 

l acking however. The shi ft in  this ratio was attributed to a 

combination of unspeci fied factors . More recently , Bahl et aI , ( 1 986 ) 

reported " a butanol : acetone rat io of approximately 100: 1 ,  obtained us ing 

various � acetobutyl icum strains and an unspecified whey type , treated 

by heating and centrifugat ion to remove the whey proteins .  A 

butanol : acetone rat io of 2 :  1 was obtained on complex medium containing 



Table 2 . 3 Summary of the l i terature describing solvents product ion by batch 
fennentat ion us ing whey media.  

Substrate Strain Tern) 
(i ni��a 1 )  

DJr- So lv- RATIO Prod Y Lactose Ref 
(OC at ion ents A : B : E (g/1 . h )  (g/g ) Ut i l i z-

(h) (g/l ) ation 
( % ) 

Sulphuric whey permeate � acetobuty1 icum 30 5 . 3 120  17 . 0  1 : 1 0 : 1  0 . 1 4  0 . 5 2  6 2  1 
+ 5 gil yeas t extract NCIB 295 1 
+ NH4+ 

Su lphuric whey permeate � acetobutyl icum 30 4 8  1 1 . 3  1 . 5 : 8: 0 . 5  0 . 2 4a 2 , 3 
+ 5 gil yeast extract NCIB 2 951 
+ NH4+ , 

Sulphuric whey permeate � butyl icum 30 1 20 1 1 .  2 2 . 2 : 7 . 6 : 0 . 2  0 . 09 0 . 4 3  6 8  4 
+ 5 gil yeast extract NRRL-5 92 

Cheese whey permeate � beijerinck i i  30 5 . 2 100 5 . 0 2 : 8: 0b 0 . 0 5  0 . 2 9  4 3  5 
+ 1 3  gil yeast extract LMD 27 . 6  
paste 

Lactalbumi n  serum + � ace tobutyl icum 32 6. 5 1 1 1  8. 4 0 . 0 9c 6 
1 0  gil yeast extract NCIB 2 95 1  (butanol) 
+ NH4+ 

Acid whey , pH 6 . 0  us ing � acetobutyl icum 37 5 . 9 1 20 9. 2 1 : 1 3 : 4 . 4  0 . 0 8 50 7 
NaOH ATCC 824 

Cheese whey + 5 gil C .  acetobuty l icum 37 ) � 9. 4 1 . 7 : 8. 3 : 0  0 . 1 0 0 . 2 7 8 
yeas t extract ATCC 4259 � ) � acetobutyl icum 30 5 . 9- I 96 7 . 8 2 . 3: 7 . 7 : 0  0 . 0 8  0 . 35 8 

NRRL-596 j 6 . 1 � butyl icum 30 � 7 . 2 2 . 4 : 7 . 6 : 0  0 . 0 8  0 . 32 8 
} tv 

NRRL-592 ) � 
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glucose. The difference in  the solvent rat ios obtained on these two 

media ,  was attributed to the more favourable growth conditions i n  the 

whey medium, and in  particular , the presence of lactic acid , and a 

g rowth l imit ing iron supply at an instrinsically optimum concentration 

favouring butanol production . 

Welsh & Vel iky , ( 1 984 ) describe the batch fermentation of acid 

cheese whey using � acetobutylicum ATCC 824 . They obtained 9 . 2 gil 

total solvents , 50. 5%  lactose util ization and a solvents yield of 23. 5%, 

when steri l ized ( 1 2loC/20 min ) , pH adjusted whey (pH 6 . 0 )  was fermented 

at  37°C for 1 20 h in an unagi tated fermenter. Whey sterilization by 

autoclavi ng prior to fermentation and the effect of agitation ( 1 00 rpm) 

were shown to be important vari ables with respect to the solvent ratio 

produced and the yield obtain�d . Generally , agi tation was detrimental 

to solvent production with both unsteril ized and sterilized whey . These 

workers con�irmed the detrimental effect of agitation ( 1 00 rpn )  on 

solvent production usi ng the same strain and semi-synthetic medium 

containing lactose (welsh & Vel iky , 1986 ) . 

Gapes et aI , ( 1 982 ) used the sa'1le organism and conditions as 

u sed by Maddox , ( 1 980 )  when conducting larger scale batch experiments . 

They found that the maintenance of a positive head-space during a batch 

f ermentation was necessary to obtain  1 .  7 gil , 9 . 0 gil and 0 . 6 gil of the 

ABE products respectively after a 2 day incubation .  A pressure rise up 

to  105  kPa occurred , due to carron dioxide and hydrc:x;:Jen gas release . 

When the pressure was not ma intained the production rates were rruch 

l ower.  

Schoutens et aI , ( 1 984 ) investigated the IBE ( isopropanol : butano1 : 

e thanol ) fermentation using whey permeate with � beijerincki i  il1D 27. 6 

i n  batch cultures . Synthetic media containing glucose , galactose , 

l actose and mixtures of glucose and galactose were also i nvestigated . 

Variations i n  medium composi tion ,  carrohydrate concentration , inoculum 

p retreatment , pH , and incubation temperature were investigated . Heat 

s hocked spore suspensions were used as the inoculum. TWo series of 

batch experiments were done , the first on a one litre scale where the pH 

was regulated and the second on a 200�1 scale where no pH regulation 

was done . 
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From the first series of experiments , the butanol concentration 

p roouced from whey permeate , and the amount of carbohydrate ( lactose ) 

fermented , was greater at 3 0 °C than at 37°C under comparable condit ions . 

Variat ions in the med i a  pH , yeast extract concentrat ion and inoculum 

pretreat.ment did not lead to butanol proouction at 37°C . Butanol and 

i sopropanol concentrations were 4 . 0 g/l and 1 . 0 g/l respectively , in 50 

g/l whey permeate supplemented with l3 g/l yeast extract ( initial pH 

5 . 2 ) , fermented at 30°C for 100 h.  More products were produced as  the 

carbohydrate concentration was increased but poorer percentage 

u t il ization resulted . 

The overall product yields ( g  butanol + g isopropanol/g 

c arbohydrate ut ilized ) were comparable between whey permeate and glucose 

medium but the batch reactor ]JIean productivity ( g/l . h ) , including the 

l ag phase , was two to three Eimes lower for permeate ( lactose ) than for 

g lucose . TWe lag phase was longer and substrate conversion rate slower 

f or the permeate fermentations . 

In the second series of experiments ,  mixtures of glucose and 

g alactose were used to invest igate the poss ibility of ferment ing 

l actose-hydrolysed permeate. 

Whi lst galactose alone could be used for solvent production ,  in 

m ixtures of glucose and galactose the two sugars were used 

s imu ltaneously with a preference shown for glucose . 

2 .  7 CONTINUOUS FERMENTATIOO usn� FREE CELIS 

In an effort to improve fermentation productivities with the 

object ive of reduci ng fermentat ion costs , conti nuous production of 

solvents has received attention. Continuous product ion of solvents in 

s erially connected fermenters has been reported (Wheeler & Gcx:xjale , 

1 93 2 )  and has been operated commercially in the Soviet Union ( Yarovenko , 

1 96 2 ;  Hospooka ,  1966 ) . Dyr et a I ,  ( 1 958 ) describe the use of a s-stage 

system where continuous solvents production was possible for 1 8  days . 

The productivity was three times h igher when compared to batch 

f ermentations , however solvent yields were low due to high acid 

p roouction in the ini tial stages . Yarovenko, ( 1 962 )  reported a 20% 

p roductivity improvement duri ng continuous fermentation us ing a serial 
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cascade of 1 1  pilot scale ferrnenters over a 90 h period. Hospodka ,  

( 1966 ) reported that a commercial plant i n  Dokshukin was equipped with 

three batteries of 7 or 8 fermenters ( 2 20 or 270 m3 ) fermenting a 

mixture of rrolasses , flour and a pentose-containing hydrolysate. The 

d uration of the continuous cycle was 40  to 90 h and was l imited by the 

spread of infection ( Lactobacillus ) .  Unfortunately , the exact 

fermentation conditions and performance for each of these continuous 

p rocesses were not reported. 

�bre recently , continuous fermentation stud ies ( chemostat and 

continuous flow)  have been undertaken to determine a process with 

improved product ivity ,  feas ible for possible canrnercial exploitation , 

a nd to examine the following fundamental areas of the fermentation 

i tself : 

( 1 )  The re�latory biochemical mechanism and kinet ics of solvent 

production.  

( 2 )  The effect of  different nutrients and metabolites on microbial 

physiology and activity ,  since at steady-state a constant 

environment is obtained , e . g .  the interaction of culture pH , 

temperature , substrate and nitrc::x]en concentrations , acid 

i ntermediates , dilut ion rate ( D ) , etc . 

( 3 )  Haximurn conversion yields , attainable solvent concentrat ions , 

productivity and the durat ion of continuous operation.  The 

duration of operation is important because repeated transfer of 

growing cultures , reducing the subsequent solventogenic culture 

performance ( degeneration ) , has been reported ( Ku tzenok & 

AschPler, 1952 ; Finn & tbwrey , 1955 ) and may occur in  continuous 

solventc::x]enic cultures over extended operational periods . 

( 4 )  The isolation of improved strai ns (Me inecke et aI , 1984 ; Leeme & 

Frank iewicz , 1983 ) . 

Several invest igators have used chemostat cultures with various 

types of nutrient l imitation , for example nitrc::x]en l imitat ion (Gottschal 

& Morris ,  1981a ; Andersch et a I ,  1 982 ; tlonot & Engasser , 1983a ; Jobses & 

Roels , 1983 ; Stephens et a I ,  1 98 5 ) , glucose limitation ( Bahl et aI , 
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19 82a � Jobses & Reels , 1983 � Stephens et aI , 1 9 8 5 � Roes et aI , 1 9 8 5 �  

Monot et aI , 1983 ) and phosphate l imitation ( Bahl et aI , 1 982b�  Stephens 

et aI , 1985 ) . 

A summary of the fermentat ion and performance of various nutrient 

l imited chemostats is given in Table 2 . 4 .  Di rect comparison of results 

is difficult and results are often confl icting due to differences in the 

s trains used , medium composition and fermentat ion condit ions (Roos et 

a I ,  1985 ) • Generally , in glucose and nitrogen-limi ted cherrostats , 

steady-states were diff icult to obtai n and the direct appl ication of 

these findings to commercial processes is limited . 

Bah1 et a I ,  ( l 9 8 2b )  investigated the continuous production of 

acetone and butanol by � acetobutyl icum Il3M 1 7 3 1  us ing a two-stage 

phosphate-limited chemostat . .In the first stage ( D  = 0 . 1 25 h- 1 , pH 4 . 3 ,  

3 7 °C )  cells j grew act ively , producing solvents and acids , and i n  the 

second stage (D = 0 . 0 4  h-l , 33°C ) since phosphate was almost exhausted 

and growth no longer poss ible , solvents production was facilitated 

utiliz ing the remaining substrate . The low dilut ion rate ( 0 . 03 - 0 . 0 4  

h-l ) i n  Stage I I ,  neces sary to ensure maximal substrate ut i l i zation and 

hence high solvent concentrations , limits the overal l attainable 

solvents productivity to the order of that obtai nable in convent ional 
batch fermentat ions . Addit ionally ,  the cost of removal of excess 

phosphate by prec ipi tation from corrmercially-used med ia needs to be 

considered . Wh i lst in principle this operat ion is promising (Anon , 

1 9 82 ) , the economics remain to be demonstrated and may be strai n ,  and 

hence carbohydrate speci f ic since Stephens et aI , ( 1985 ) were unable to 

reproduce these results using � acetobutyl icum NeIB 8052 ( = ATCC 824 ) . 

Meinecke et a I ,  ( 1 98 4 ) subsequently demonstrated that an aSJ.X>rogenous 

mutant strain of C .  acetobutyl icum was selected during chemos tat 

operation under phosphate limi tat ion (Bahl et aI , 1 982b ) , since if 

sporulation is connected with the onset of solvent production , then 

theoretically a steady- state cond ition cou ld not be obtained . Ba.'11 & 

Gottschalk , ( 1 984 ) also reported that continuous solvents production is 

poss ible under sulphate limi tation but not magnes ium limitation . 

Marlat & Datta ( 19 8 6 )  descri be  a combined continuous-batch process 

for solvents production from corn . An improved asporogenic � 



Tab l e  2 . 4  Summary of resu l ts from studi es i nves tiga ting con tinuou s production of solvents in chemosta t or continuous f low 
f ermen ta tion proc esses 

SII",lro lcl I l I I II I I IIII Prflll , ·  
Ftr1l1 r n l n i lOll process cOl lccn(rnllun ( ) r�I1I1I�11I Trill  I' r n l t  I S " I I'.II I,I  Y i e l d  CUlIlIlle l l l s  Ite l , 
- lIucrl I' 1 1o II ( g/l ) ( OL)  1. 1 1  (i t - ' )  ( g / l ) ( g/ l . h ) ( g/g ) 

N",r;e", Limitafion 
Nil rogen Gl llcosel5·1 C, al"eirJlwlyli(ll11l IJSrvl 1 7  J I )7 5 , 2  U, 2 1 7  �-5 U.95 J\cids  produced al " I-I 6.0.  l Iul  solvell" prodllccu 1 

( 1 5 . 1 5111" NI-I.) ill lite " H  r""ge 4 . ) - 5 . 4 .  Nil rogell l i", i l al ioll 
chclIlO!;lfll coosiclcreu unsuilaulc (or cOl1lll1cn.:ial 
operaltoll. 

Nil l oBc:n 
(0. 1 8  g il amlllonium Glucose/�5.5  c'accI(}blllyliclIlII J\TCC 824 J5 5 . 0  0.U)8 O.J I 0.29 Solvelll "rouuclion oblained al low uilu lion rales.  2 
Reel ale) 

Nil rogell & gillcose 
(U.4 g il 31111110niuIIl 
chloriue) Glllc05el2.7 C, acelublll),liculII NC I U 8U52 J5 5 . 7 v . low No solvent  product ion in glucost & nil rocclI 3 

Nil  rogell or glucose 
li",ileu chelllos i a l  over I he [lH range 5 .U-6.5.  

( 1 .98111" l I i t rogen or 1 . 8 g / 1 
glucose) Glucose C, beijerillckii Lrvl lJ27 . 6  J7 4 . 5  U.U75 < I  0.U6 0 . 1 4  No solvent production undu glucose l i l1 1 i la t ion,  4 

"cid protlucliofl ravoufctl. Solvenl protluclion 
IIlIuer ni lrogon Ii", ilalion i s  IIltimalely los( . 

I'ltospltale Glucose/54 c'acelublllylic/l1/I LJSM 11 J I Sla�e I 4 . J  S i a ge I 1 8 .2  0.55  O.)� Successrul chelllosial [lrOdUClion o r  solvenl'  using 5 
(O.1�111") n U . 1 25 phosphate as the  grow"! l imil ing n u t r i e n t .  A l l I10st 

(Two·slage chellloslal) SI"I:e " Siage I I  cOlll plele ".lIslrale u l i l ilalion achievou lIy use n r  

J J  0.0) Singe: 1 1 .  D u r at ion o r  conlinuous opera t ion 1101 
repor leu.  

Ni trogen, glucosc, phosphate, Glucose/variollS c' arrIOUl/lylic"," NCI U 8U52 )5  5 .U- 5 . 5  Long lerlll wlvenl I"ouuc i ion (i.e. > 1 50-25U h) 6 
I11i1Gncsiul Il was not ouln incu ulU..Icr ammoniulIl,  glucose 

T",lIidosl.1 & pi-I au.oslal [lhos"hale or magnesium l im i lal ion . pH au,os l a l  
operotion allu luruiuoslal  cult ures (liulrieul e.cess anu high 

biomass) were used ror continuous solven, 
production ti l} 1 0  �OU h, hul ,I  cyclic acid/solvent 
prouuclion pallern was ollserveu. 

Nilrogm o r  glucose G1ucose/vorious C.aceloulilyli('/ll/l J\TCC 824 )7 cOlilrolleu J\cids "reuominanl unuer glucose limital ion.  7 
Solvents prod uced undcr l 1 i t rogen l imi t ation -
av.ilall i l i ly  or nilrogeu .rrecleu lIy culture 111· 1 .nu 
cOlllrols solvenl  prOl]IIclion. 

SlIbJlrntt! rx({'.Jj 
Synlhelic lIleuiulll Glucose C.arrlubl/lylicl/III ATCC 82·1 J5 4 . 8  U.OJ 1 2  O.4U O.)U COlllplele gilicose ulillzaliun 01 U � U.O) h - ' .  e 

Biolllass � 2 . 0  g I - I  ol lhi, dilulion role.  As U is 
increased, t h e  residual glucose increases n lHl 
LJiom3ss Rnd solvtlll concent r a tions uecrease. 

Synlhetic medium 0lucose/50-100 C. accloblilyliCIIIII ATCC 824 J7 5 .0 0.22 1 1 .4 2.5  0.12 lIiolllass o r  �.5-5 g 1 - '  o\)l"illou .1 U < 0. 2  11 - ' .  9 W 
Ma.imulll ![leciric solvenl IHou uclion olliailleu al U1 
D � 0.22 " - ' .  End prOUUtlS vary as D vories . 



Tabl e  2 . 4  ( con tinued ) SUllunary o f  resul ts from s tudies inves tiga ting continuou s produc tion of solven ts in chemosta t or continuous 
f low f erme n ta tion processes 

Fumt"n l n l l !)n pructss 
- UfStripliuu 

Synlhdic mcuiulI1 

TurbidoJlol 

' Produclivity 

References 

Suh!;lrntr/ J 
('uflctl1 lrnl inn 

(g/l ) 

01uc05e/40 

GluC05t/20 

1 Andersch et a l ,  ( 19 8 2 )  

2 Monot & Engasser , ( 1983a ) 

3 Gottschal & Morris , ( 1 981a ) 

4 Jobses & Ree ls , ( 1 983 ) 

5 Bahl et al , ( 1982b ) 

6 Stephens et a l ,  ( 1 985 ) 

7 Roos et al , ( 19 8 5 )  

8 Monot & Engasser ,  ( 1 9 83b) 

9 Leung & Wang , ( 198 1 )  

1 0  Fick e t  a l ,  ( 19 8 5 )  

1 1  Gottscha1 & Morris , ( 1 982) 

Orglll1i'i1ll 

C.nceloblllytiCII'" ATCC 82·1 

C.nrelobl/lyticl/'" Nel U 8052 35 

" I I  

4 . 8  

5.0 

Hillll ill ll  
r�fl' 

Ih . I )  

O.OG 

varies 

I',cul . '  
ISul.-cnlsl  

(g/lI (g/ l .  h )  

I )  

3 . 7  a t  
O.9Clg-I - 1 

biomass 

0.78 

\'Irill 
( g/g ) 

0.33 . 

Comments 

A uutal10l cOllccnlalioll of > 9 g 1- I I1IWil 1101 be 
reached otherwi5� a rapid t1cciillC: ill fermentation 
"er[oflllance re,ulls.  This del ermines Ihe D and 
substrate cOllccnlrlllioll I h at can be used. Ui(1l11i\sS 
= 5 g I - I  al U = 0.05 h - I . 0lleration [or 1400 h 
reported. 

Turbido51al [acilitales celt densily conlrol i.e. 
growlh rale. AI a cdl densily o[ < 0 . 5  g I - I acids 
predominaled. and al a cell densily o[ 0.96 g 1 - I 
solvenlS predominaled. 

lid. 

1 0  

1 1  

W 
0'1 
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acetobutyl i cum stra i n  (parent stra in � acetobutyl icurn ATCC 4259 ) is 

used . A dilut ion rate of 0 . 0 5  h- l is used in the continuous fermenters 

followed by a 30 h batch hold ing period to maximize solvent product ion . 

The process effluent contai ns 23  gil solvents . A solvent productivity 

of 1 .  3-1 . 5 g/1 . h  is  claimed in  this combined continuous-batch process 

compared wi th the batch process solvent productivity of 0 . 7-0. 9 g/1 . h  

using the parent stra i n .  The durat ion of conti nuous operat ion was not 

reported . 

Recently , continuous fennentation studies using synthetic medium 

(n itrogen and/or glucose excess ) have been reported (Table 2 . 4 ) .  

S imilar solvent concentrations have been obtained using the sa�e 

organism and simi lar glucose concentrations (Monot & Engasser, 1983b ;  

Leung & Wang , 1981 ; F ick e t  ,aI , 1985 ) . However, Leung & Wang , ( 1 981 ) 

obtained a higher solvent productivity (higher dilut ion rate ) which can 
J 

be attributed to a superior biomass concentration . Complete substrate 

util ization and irnproved solvents productivity compared with those 

obtained in batch fermentations were reported . Generally ,  high solvent 

concentrations are obtai nable at low values of D « 0 . 0 5  h-l ) .  Wh i lst at 

h igher D values an improved product ivity may be obtained , this is at the 

sacrifice of reduced substrate ut i l ization and solvent concentration , 

the latter bei ng part icularly important since greatly increased 

downstream processing costs resul t .  

2 . 8 CCNI'INUOUS FERMENTATICN USING IMMOBILIZED CELIS 

2 . 8 . 1 Introduction 

Imrrobi lization of whole mi crobial cells ( sometimes called 

biocatalysts ) involves a technique that conf ines ce lls within a reactor 

system, permitting their easy and hopefully economic re-use. A very 

w ide range of cell  immobi l i zat ion me thods (parallel ing those used for 

enzymes ) are available . A plethora of literature reviews , covering the 

methodology , appl icati ons and definitions of types of Dnmobi l i zed cells , 

are available and more recent notable examples include : Voj t isek & 

Ji rku , ( 1 9 83 ) ; Bucke , ( 1 9 83 ) ; Klein,  ( 1 984 ) ; Rosevear, ( 1 984 ) ; Li lly ,  

( 1 986 ) • The advantages of using immobilized cells i n  fermentation 
processes can include the fol lowing : 
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( 1 )  An increase in cell dens ity per unit  reactor volume can be 

achieved , fac i l i tat ing increased product ivities . 

( 2 )  Continuous processing for extended periods is poss ible . 

( 3 )  Cel l  wash-out does not occur at dilut ion rates greater than the 

maximum spec i f ic growth rate . However , operation at dilution rates 

greater than the maximum specif ic growth rate of contaminating 

species ( non-immobilized ) may make the use of unsterilized feed 

poss ible . 

( 4 )  Growing or non-growing cells can be used . 

higher product yields may be poss ible 

In the latter instance, 

with cell metabolism 

rejuvenated at periodic intervals by feeding a nutrient medium. 

( 5 )  It is possible that m:x:li f ied i ntrinsic behaviour can be used for 

greateJ specific  productivity . 

The disadvantages of us ing immob i l i zed cells in fermentat ion processes 

can include the fol lowi ng :  

( 1 )  Immobilization may result i n  some undesirable loss o f  enzyme or 

metabolic activity , hence , the choice of immobili zation method is 
critical . 

( 2 )  Increased diffusional res istance due to the immobili zat ion carrier 

may occur , L e .  some cel ls may not have substrate access . 

Addit ionally there may be a bu ild up of inhibitory product . 

( 3 )  There may be di f ficu lty in maintaining cells in the optimal 

phys iological state for product synthes is . 

( 4 )  Mutation and/or loss of act ivity may occur with time . 

Stud ies into the use of biocatalyst-based fermentations also 

i nclude an examination of react ion engineering parameters (Karel et aI ,  

1 98 5 ) , mass transfer effects ( Radovich , 1985 ) and reactor des ign 

( Rosevear , 1984 ; Schoutens , 1 986 ) . 



39  

2 . 8 . 2  Cell Immobilization Methods 

The scheme depicted in Figure 2 . 2 is a simple classif ication based 

on the principal mechani sm involved . Whole cell immobil i zation is not a 

novel concept , rather a ref inement of an exist ing phenomenon observed in 

nature . Under natural condi tions certain microbes have the capacity to 

grow as f i lms , fac i l itated by ionic attract ive adsorption or excretion 

o f  an exopolysaccharide , on a wide variety of biotic and abiotic 

supports (e . g .  sand grai ns , teeth , intestinal vi ll i ,  mineral and metal 

surfaces ) .  In certain class i cal fermentations and waste water treatment 

operat ions e . g .  the Schuetzenbach "Qu ick "  vinegar and trickl ing filter 

p rocesses , respectively , the microbes are purposely provided with a 

surface for growth and hence process enhancement (Jack & Zaj ic,  1 9 7 7 ;  

Iv1ess ing ,  1980 ) . 

2 . 8 . 2 . 1  Bonding 

Adsorption is a simple , mi ld process . Various natural or synthetic 

particles can be used as carriers for microbial cel l  attachment ( Kolot , 

1 981a ,b ) . Cell binding and poss ible detachment at some later stage , 

i s  affected by electrostatic interaction between the cell 'iVal l and the 

carrier , solution pH , ionic strength, competing minerals and fluid flow 

( Jack & Zaj ic ,  1979 ) .  A novel appl ication of this process is the use of 

B iomass Support Particles ( BSP ) as carriers for microbial attachment 

( e . g .  Atk i nson et a I ,  1 9 8 0 ,  1 9 8 2 ; Black et aI , 1984 ) .  Two types of BSP 

are favoured , either knitted mesh stainless steel spheres or polyester 

foams of vari able si ze , used in a fluidi zed bed fermenter and in a 

c i rculating bed fennenter respect ively (Black et a l ,  1 984 ) .  Much of 

this work has been concerned with yeast.  

In covalent bondi ng ,  cel ls are mixed with chemically preactivated 

or modi f ied carrier particles containing chemical groups hav ing an 

aff inity towards groups on the cell surface . Alternat ively , phys ical 

sorption of cells on a carrier may be followed by covale nt cross-l ink ing 

e . g .  using gluteraldehyde . Compared with adsorption , cova lent coupl ing 

i s  a severe technique with losses in cell  viabil ity resulting from the 

coupl ing agent act ion ooking it unsu itable for fermentat ion processes 
( Bucke , 19 83 ) . Coupl i ng agents that have been investigated include : 
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isocyanate , amino-silane , gluteraldehyde and carbodi imide ( Kolot , 

1 981a ) • 

2 . 8 . 2 . 2  Entrapment 

Entrapment has been the most widely studied method for cell  

immobilization. Microbial cells are physico-mechanically entrapped 

d irectly into polymeric porous networks or matrices . The technique used 

varies with the selection of the polymer, its properties ( e . g .  

solubility ) and the mechanism of llnmobilization . The resulting 

b iocatalyst can vary i n  shape , size and density .  Usually spherical 

particles ( 2-5 rrm diameter) are used although sheets can be prepared . 

The following matrices have been investigated : agar, alg inate , 

carrageenan , cellulose and its derivatives , chitosan ,  collagen , gelatin,  

epoxy resins ,  nylon prepol�ers (photocrosslinkable and urethane ) ,  

polyacrylami¢e and polyester,. 

Us ing water-insoluble polymers involves mixing a cell  paste with a 

water-insoluble polymer which is solubilized in organic solvent , 

followed by precipitation of the mixture in another organic solvent , 

water or in air .  Cell  microencapsulation is  an  example of this 

technique but the resulting biocatalysts are probably too fragile to be 
u sed industrially ( Cheetham, 1980 ) . 

Collagen is a natural hydrophilic fibrous protein that swells in 

water. Cells can be entrapped within  a collagen network by the 

formation of multiple ionic i nteractions , hydrogen Ixmds and Van der 

VJaals interactions tx=tween the cell and the collagen which collectively 

form a stable network (Venkatsubramanian ,  1980 ) . Thin membrane sheets 

can be prepared and can be strengthened usi ng a gluteraldehyde 

c rosslinking treatment . 

The use of polyacrylamide for cell  entrapment in gels , was the 

f i rst entraprnent method studied intensively (Dlrand & Navarro, 1978 ; 

Chibata et aI , 1979 ; Rosevear, 1982 ) . An aqueous solution of acrylamide 

monomers and cells is prepared . The acrylamide is then polymerized by a 

f ree-radical process in which linear chai ns of polyacrylamide are bui lt .  

A bifunctional reagent (e . g .  N-N-methylenebisacry1amide ) which has 

u nsaturated bonds susceptible to inclusion in the polymer, effects 
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cross-l inks between the polymer chains .  Factors affecting gel 

preparation include : the content of acrylarnide , the ratio of cells to 

acrylamide and acrylamide to bifunctional cross-l inking agent . 

Polymerizat ion must be carried out at temperatures of 0 to lOoC to 

minimize enzyme inactivation . This method is severely disadvantaged due 

to the toxic effect of the acrylamide and the polymerization activator 

on enzyme activity and cel l  viabi lity in the resulting biocatalyst .  

Carrageenan is a polysaccharide isolated from seaweed , cons isting 

of S-D-galactose sulphate and 3 , 6 anhydro-a-galactose units . It will 

form a gel under mild conditions with the add ition of gel-inducing 

agents such as Ca2+ ,  �1;12+,  Fe3+, K+, NH4+ ions or amines , and forms a 

suitable polymeric matrix for cell  immobilization (Tosa et aI ,  1 979 ; 

Wada et a I ,  1979 ) . The methop is simple and does not interfere with 

microbial metabolism. Typically K-carrageenan ( 0 . 5-2. 0 gil ) is  

d issolved i� phys iological saline and warmed to 37 to 50°C . A microbial 

suspension is also warmed to this  temperature and mixed in .  The mi xture 

i s  cooled and contacted with an aqueous solution containing the gel 

i nducing agent . The gel particle can be cross-l inked and hardened with 

agents such as gluteraldehyde , tannin , hexamethylenediarni ne ,  

i sothiocyanate and carboiimide (Klein & Wagner,  1978 ) . 

2 . 8 . 3  Comparison of Cel l  TImmobilization Methods 

A simplified comparison of adsorption and entrapment cel l  

immobilization methods is given in  Table 2 . 5 . Entrapment and adsorption 

h ave been the rrost popular methods reported , are sirnple , comparatively 

cheap , non-toxi c ,  with the former method facilitating long-term stable 

operation , and are cons idered to be of greatest technological interest 

( Vorlop & Klein , 1983 ; Klein , 1984 ; Rosevear , 1984 ) . Vojtisek & Jirku , 

( 1 983 ) have presented various criteria by which biocatalysts can be 

e valuated and these include biochemical , phys ico-chemica l ,  technological 

a nd economic criteria . 

2 . 8 . 4 Cel l  Entrapment in  Alginate Gel 

The use of  alginate for cel l  irrmobilization is  probably the rrost 

well documented entrapment method . Alginic acid is a copolymer of 

B -D-mannuronic ( 1'1 ) and a-L-guluronic (G ) acids joined by 1-4 linkages 

a nd composed of M block s ,  G blocks and r1G blocks (Vorlop & Klein ,  1983 ) . 
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Table 2 . 5 A summary of the advantages and disadvantages of 
some microbial cell Unmobil ization methods 

Method 

Bonding 
( a )  Adsorption 

( b )  Covalent 

Entrapnent 
( a )  Polyacrylamide 
and other art i f icial 
polymers . 

( b )  K-carrageenan 

( c )  Alginate 

( d )  Cellulose 
acetate 

( e )  Collagen 

Advantages 

Mild,  easy, viable cells 
result.  Wide range of 
carriers avai lable . 

Permanent . Wide range of 
carriers avai lable . 

vJide range of gel 
propert)ie's can be 
obtained . Cel l  division 
possible within the 
beads . 

Food grade material . 
Cell  division occurs 
readily .  Extended periods 
of cell  activity obtained. 
Ge l can be easily 
reversed. 

Food grade material . 
Cel l  division occurs 
read i ly .  Extended periods 
of cell  activity obtained , 
gel can be easily reversed , 
large scale production 
demonstrated . Fundamental 
studies available . 

Extended periods of cell 
activity obtained . 

Useful in membrane form. 

Disadvantages 

Temporary Unmobi l i zation . 
Excess ive cell growth 
may cause reactor 
blocking .  

Harsh technique . Some 
or total loss of cell  
v iabi lity .  May not be 
sui table for growing 
cells . 

Essential enzymes may be 
destroyed by the monomer 
and polymerization 
act ivator. Hazardous 
chemicals use. Limited 
cell loading. 

Crude carrageenan 
unacceptable . Need to 
use K-carrageenan since A 
form reduces gel strength 
and increases solution 
viscos ity . Difficulty 
i n  scaling-up production . 

Ge ls are destroyed by 
chelat ing agents . 

Cells contact organic 
solvents , l imited possibility 
of cell divis ion. 

Cross-l inking needed for 
strengtheni ng .  May be 
toxic.  
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The acids are extracted from brown seaweeds . The ratio of the two 

acids varies between di fferent seaweed species , with alg i nic acids from 

Larninaria � having a high a-L-guluronic acid content , whi lst those 

f ran Hacrocystis and Ascophyllurn � have a high S-D-mannuronic acid 

c ontent. Gels of alginic acids are formed when divalent ions ( e . g .  

calcium ions ) crossl ink a-L-gu luronic acid units of different molecules , 

hence alginic acids from Laminaria sp are preferred for cell  entrapment 

u nless some gel property other than strength e . g .  pore size , is required 

( Bucke , 1983 ) . 

Typically , cell  preparations (vegetative cells or spores ) are 

s t irred into solutions of sodium alginate ( 20-80  gil ) and the mi xture is 

e xtruded drop-wise into a sqlut ion containing multivalent counterions 

s uch as Ca2+J, eo2+,  Ba2+ , Al3 +, where beads are fonned ( 0 . 1 to 4 rrm in 

d iameter, varying with the extrusion nozzle dimensions , etc ) by the 

mechanism of ionotropic gelat ion . The beads can be hardened by holding 

f or a period to ensure complete ion exchange . 

Alginate beads are unstable in media containing phosphate ions or 

other calcium chelating agents since they disrupt the gel by 

destabilizing the bound calcium. The use of added calcium ions (usually 

a s  CaC12 ) to the cul ture medium has been shown to be effect ive in 

p reserving bead integrity ,  and at a concentration of 5 gil ( as 

C aC12 . 2H20 )  to be non-toxic to various solvent-producing Clostridium � 

( Krouwe 1 ,  1982 ;  Larg ier et a I ,  1985 ) . Strontium and barium alginates 

a re more stable to chelating agents and have been used successfully to 

e ntrap cells (Paul & Vignai s ,  1 98 0 ) . Aluminium alginate has also been 

s uccessfully used (Klein & Wagner , 1978 ) . Alginate gels can be coated 

w i th cationic polymers such as polyethyleneimine , polypropyleneimine and 

polyvinylamine to stabi l i ze them against destruction by chelat ing agents 

( Birnbaum et aI , 1981 ; Veliky & vvi lliams , 1981 ) .  

The characteri zation ,  stabi lity ,  uti l ity and application of 

a lginate biocatalysts has been ful ly documented by a number of authors 

( Kierstan & Bucke, 1977 ; Buchholz ,  1979 ; Cheetham, 1 980 ; Klein & Wagner, 

1 978 ; Birnbaum et aI , 1981 ; Veliky & 'i;Jilliams , 198 1 ;  Bucke , 1983 ; Vorlop 
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& Klein,  1983 ; Klein et a I ,  198 3 ;  Klein ,  1984 ; Tanaka et �, 1984 ; 

a nd Hannoun & Stephanopoulos , 1986 ) . Manipulation of the algi nate 

s ource , and choice of the polymer/counter-ion systems and their 

concentrations , can give biocatalysts of different spherical size and 

porosi ty , or in the form of flat or spiral .... wound sheets (Rosevear, 

1 984 ) .  Klei n  ( 1 9 84 ) has stated that high cell  loading is possible in 

c alcium alginate beads e . g .  up to 30% wet biomass on a weight bas i s ,  and 

c laims that partial air drying of the bead can lead to cel l  densities of 

up to 100 % ,  calculated on a bas is of initially immobilized wet weight . 

Alginate-immobil ized yeasts have been successful ly used on a pilot 

s cale for ethanol production using flu idized column reactors of 4 m3 

t otal volume (Nagashima et a I , 1983 , 1984 ) . Alginate entrapment was 

p referred over carrageenan ent.;rapnent despite comparable fermentation 

a ctivity ,  du� to the former method ' s  ease of large scale preparation and 

operation (Nkgashima et aI , 1983 ) .  Large scale production of alginate 

biocatalysts using a resonance nozzle is described by Tramper ,  ( 1 985 ) 

a nd Hulst et aI , ( 1 985 ) . 

The use of alginate biocatalysts for the fermentat ive production 

o f  ethanol ( e .  g .  Luong & Tseng , 1984 ; Linko et aI , 198 3 ;  Klei n  & 

Kressdorf , 1983 ; r1arwaha & Kennedy , 1984 ; Linko et aI , 1981 ; Lee et a I ,  

1 983 ) lactic acid ( e . g .  Stenroos e t  aI , 1982 ) , citric acid ( e . g .  Va ija  

et  aI , 1982 ) and 2 , 3-butanediol (Lee & Maddox, 1986 ) has been described . 

2 . 8 . 5  Continuous Solvents Production using Biocatalysts 

Immobili zation of vegetative cells and spores ( subsequently 

germi nated ) of C .  acetobutyl icum ATCC 824 in calcium alginate , for 

continuous' solvent product ion using a glucose medium has been described 

( Haggstrom & Mol i n ,  1980 ; Haggstrom & Enfors , 1 982 ; Forberg et aI , 

1 983 ) . Both spherical  beads and a spiral-wound flat sheet have been 

used . The use of non-growing cells was investigated ; the considerat ion 

here is that a higher product yield could be obtained since minimal 

substrate would be utili zed for biomass production . 

Pulse-wise nutrient dos ing was demonstrated to be a suitable means 

of preserving cell productivity . However ,  low solvent concentrations 

( approximately 2-3 g/l ) were obtained. Forberg & Haggstrom, ( 1 985 ) 
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described the adsorption of � acetobutylict..nl1 ATCC 824 to beechwood 

shavings for continuous solvents product ion ( non-growing act ive state , 

nutrient dosing technique ) from a glucose medium. Operational times in  

e xcess of 700 h were reported with a maximum productivity of 1 . 2 g/l . h  

and a solvent yield of 0 . 30-0 . 3 2  gig. 

Continuous solvent production from glucose medit..nl1 us ing algi nate 

immobilized spores (subsequently germinated ) of � beijerinck i i  LMD 27. 6 

has been demonstrated using a packed bed and continuous stirred tank 

reactor ( Krouwel et a I ,  1983a ,  b ) . Proouctivity improvements of 6 

t imes , at 100% sugar uti l ization , and 16  times , at 80% sugar 

utili zation , were obtained with these biocatalysts when compared with 

batch fermentations . More recently a comparative study of a fluidized 

bed reactor and gas lift loop r�actor for continuous solvents proouction 

using algin�te entrapped Clostridium � has been reported ( Schoutens , 

1 986 ) . The J use of alginate biocatalysts for sol vent proouct ion using 

whey permeate is also documented (Schoutens et aI , 1985 ) . 

The fermentation conditions and performance of immobilized cells 

for continuous solvents production from various studies is summarized in 

Table 2. 6 .  Generally , signif icant proouctivity increases have been 

obtained but substrate utilization and solvents concentration are low. 

Butanol toxicity has been shown to limit the substrate utilization , and 

has been shown to be more severe in whey permeate-based fermentations 

than glucose-based fermentations (Schoutens & Kossen , 1986 ) .  Recent ly , 

Fr ick & Schugerl , ( 1 986 ) demonstrated that an alginate irrrnobilization 

matrix was more suitable for continuous solvents production from 

g lucose-conta ining medium and C .  acetobutylicum ATCC 824 ,  than a 

carrageenan or chi tosan matrix.  

Signi f icantly higher solvent concentrat ions have been reported 

using an immobi lized � acetobutyl icum P262 mutant fermenting a molasses 

medium ( Largier et aI , 1985 ) . From such stud ies it  is clear that strain 

improvement wi ll play an increasingly important role in the development 

of a fermentation process . Mutation and/or recombinant DNA studies will  

hopefully lead to isolation of strains vlith superior proouct formation 

rates and reduced sensit ivity to proouct inhibition .  Alternatively the 

development of processes for in-situ butanol recovery ( e . g .  



Tabl e  2 . 6  Comparison o f  productivities of various immob i l i zed c e l l  processes f or continuous solvents produc tion f rom syn thetic 
and technica l med ia 

Subslral. 

G"t(·o.�t' 
(synillelic 
mcdium) 

Sllrro,H� 
(Illolasses) 

Loctole 
(\Vlley 
permeate) 

OrgAnism I l11ll1ohllltnllOIl  mclh ucl 

C.flcr/obltlylicllm Algin:tlc C l l l r;) I'II1CIII 
ATCC 82� 

C. b(!ijcrillckii 
LlvIlJ 27.6 

Alginate cutraplllclIl  

A lginnle entrapl1lent 

Adllesion 

"lgill"lc c n l  r"plllefli of 
sllol'es (beads-2nllll) 

Algil late clllrnpll1Cll1 of 
spores (bcnds-21111ll) 

Aigill<llc cntr3pmcnl o f  
spores (beads-2111111) 

AICillOlc CHIHllHllenl of 
spores (beads-2111111) 

C,m:e/oimlylicllm Entr ilpmCtll In K� 
ATCC 824 car rageenan 
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pervaporation ) may increase solvent productivity by reducing butanol 

i nhibition and increas i ng substrate util ization (Groot et aI , 1984a , b ) . 

2 . 8 . 6 Kinetic Model for Solvents Production using Alginate Biocatalysts 

A simple model has been developed to describe the continuous 

production of butanol and 

a lginate immobilized cells 

( Schoutens et aI , 1 9 86 ) .  

isopropanol from glucose us ing calcium 

of Clostridium beijerinck i i  LMD 27. 6 

Linear inhibition k i net ics were used to 

describe the effect of butanol on the substrate consumpt ion rate . A 

hanogeneous biomass di stribution in the alginate beads ( 2  mm diameter ) 

was assumed . The biocatalyst effectiveness factor ( T) ) ,  i . e .  the rat io 

between the actual conversion rate and the conversion rate that would 

occur if no diffusional limitation in the carrier material was present , 
i 

was found t9 be equal to 1 ,  under the range of experimental conditions 
used for the model determination. The eff icacy of the model has been 

derronstrated on glucose , lactose and cheese whey permeate media using 

Clostridium spec ies DSM 2152  ( Schoutens & Kossen , 1986 ) . Model k inetic 

parameters for this strain were determined from steady-state product 

concentration and res idual substrate concentration data in experiments 

where the di lution rate ( Dt )  was varied at a given bead fraction in the 

reactor ( I- E ) .  These model parameters enable the predict ion of 

fermentation producti vi  ties at values of Dt and ( l-E ) over a greater 

range than used in the experimental work . A summary of the model 

equations follows , based on the sirrplif ied schematic diagram in Figure 

2 . 3. 

C so 
---�) 

�v i 
() () 

() 
() 

F i g u re 2.3. A s c h e m a t i c  d i ag ram of t h e  i m m o b i l ized cel l system s h o w i n g  
t h ose m eas u ra b l e  p a ra m e t e rs necessary f o r  the k i net ic  model  
para m eter  e st i m at i o n .  



where 

Cso = feed substrate concentration (g/l ) 

Cs = effluent substrate concentration (g/l ) 

Cxs = biomass in solid phase (g/l ) 

�v i  = volumetric flowrate in  ( l/h ) 

�vo = volumetric flowrate out ( l/h ) 

( l-e: ) = 

Cx = 
bead fraction of algi nate beads in the reactor ( I .  alg inate/I ) 

biomass in liqu id phase ( g/l ) 

CB = butanol concentration ( g/l ) 

CA = acetone concentration (g/l ) 

CE = ethanol concentration ( g/l ) 

Fermenter substrate mass balance : 

rs ( 1-e: ) 

substrate in  = substrate out + substrate consumed 

where ( Linear inhibition kinet ics ) rs = rmax 
f 

1 - CB � � CB ,max ) 

and rmax = Pmax Cxs 

Ysx 

where rs = substrate consumption rate (g/l . h )  

rmax = maximal speci f ic substrate consumption rate 

( g . substrate/l . alginate h )  

)Jmax = maximum speci f i c  growth rate (h-1 ) 

Ysx 
= biomass yield factor on substrate (g . d . w/g ) 

CB ,max= maximal butanol concentrat ion (g/l ) 

Vt = total working volume ( 1  ) 

The following model equations were determined : 

= rmax 

( I-e: ) ( 1 )  

50 
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( 2 )  

k ( 3  ) 

where Dt 
6Cs 

= 
= 

dilution rate based on the total reactor volume (h-l ) 
consumed substrate concentration (g/l ) 

Ysb 
k 

= 
= 

butanol yield factor on substrate (g/g ) 
ratio of butanol/acetone (g/g ) 

Rearranging equat ions ( 1 )  - ( 3 )  gi ves the following equations Vlhich 

enable determinat ion of the model para�ters rrnax and CB ,rnax' 

1 = 

p 
1 

where P = Ysb Dt 6Cs 
( 1-£ ) 

+ 1 
CB,rnax 

( 1-£ ) 
Dt 

where P = specific butanol production rate 
( g . butanol/l . alginate h )  

Dt = normalized total dilution rate ( l/l . alginate h )  

( 1-£ ) 

A reciprocal plot of P versus Dt/ ( l-£ )  gives a straight line , of 

i ntercept 1 and slope 1 
-=---CB ,rnax 

Hence rrnax and CB ,rnax can be determined . 

Rearranging equation ( 1 )  gives L�e following : 

D. Cs = rrnax CB,rnax (�_O )) Cs,max + roox Ysb 

( 4 )  

( 5 )  

( 6 )  

From equat ion ( 6 )  , the steady-state consumed substrate 

concentration can be calculated for any value of Dt and ( 1-£ ) ,  and from 

equations ( 2 )  and ( 3 )  steady-state butanol and acetone concentrations 

respectively ,  can be determined . 



2 .  9 CCNI'INOOUS FERMENrATIOO BY FREE CELIS USING EXTERNAL CELL 
RECYCLE BY CROSS-Ff.D.V MICROFILTRATIOO 

2 . 9. 1  Introduction 
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Traditional solid-l iqu id separation processes used for downstream 

cell recovery include centrifugation , gravity settling and i nduced 

f locculation/aggregation. The use of membranes in biotechnological 

processes has been described only recently , but is a fast growing area 

of research (�1ichaels , 1980 ; Strathmann , 198 5 ;  Mulder & Smolders , 1986 ) .  

Applications include the steri lization of fermentat ion media , 

concentration of fermentation products by membrane dewatering , the 

recovery of extracellular products and the harvesting and purification 

of  cells.  Novel solid-liquid separation technologies for fermentation 

p rocesses , including el�trocoagulation , electrophoresis and 

d ielectrophotesi s ,  magneti�, ultrasonics and novel micro-flotat ion , 

have been recently reviewed ( Bowden , 1985 ) .  

One area of membrane process application receiving increased 

research attention , is their use in " intensified" fermentat ion 

processes . Microbial cells can be recovered from a fermentation broth 

u s i ng membranes and recycled back to the fermenter in order to i ncrease 

the biomass concentrat ion and the fermenter productivity . Cells are 

retained within a closed loop , permitting higher di lution rates to be 

u sed than in conventional continuous free-cell fermentations where the 

d i lution rate must be less than the maximum growth rate (Gabler,  1984 ; 

Ripperger & Schulz , 1986 ) . Th is membrane process is called tangential 

f low filtration or more commonly cross-flow microfi ltration ( CFM ) . The 

application of recycle processes to fermentation processes in general 

h ave been recently reviewed (Hamer , 1982 ) . 

The potential advantages of a continuous fermentation cell  recycle 

by CFM process can be surmnarized as fol lows : productive cells are 

returned to the fermenter for reuse ; greater biomass concentrations are 

achievable due to the availabi l ity of fresh nutrients in the feed medium ,  

f acil itating improved volumetric product ivities ; and inh ibitory products 

can be removed from the cell-free filtrate stream, possibly more eas ily 

than when cells are present , prior to its return (partial ) to the 
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fermenter, giving rise to even greater productivities . Potential 

d isadvantages may include : the need for expens ive membrane plant ; 

membrane fouling ,  reducing the operational period of continuous 

fermentat ion ; the increase in  biomass concentration may not give 

proportional increases in  product ivity due to dif fusitivity l imitations 

or retarded growth or metabol ic activity ;  and the process may be complex 

and difficult to operate for extended periods . The long-term effect of 

continuous contact of microbial cells with high product concentrations 

has yet to be determined. Ideally membranes should be 

s tea�-sterilizable to ensure long-term fermentat ion operat ion.  

2 . 9 . 2 Principles of Cross-Flaw Microfi ltration 

Cross-flow microf i ltration usi ng either ultraf i ltration or 

microporous membranes is a ; pressure driven solid-l iquid separation 

process . Fermentation broth f lows tangentially across the membrane 

surface with cells ( i . e .  larger molecular size species than the membrane 

pore size ) being swept away from the membrane surface , and cell-free 

f iltrate (containing fermentation products and unuti l i zed substrate 

components ) permeating through the membrane (Strathmann , 1985 ) . The 

shear and lifting forces produced by this cross-flow minimizes the 

formation of a layer of separated cel ls at the membrane surface - a 

phenomenon known as concentration polarization ( Ripperger & Schulz , 

1 986 ) such that a high filtrate rate ( f lux ) can be rraintai ned over a 

l ong period. Microporous membranes are rrore "open" than ultraf iltration 

membranes , and symmetric  microporous polymer membranes typically have a 

pore size range of 0 . 0 5  )..ll1l to 10  }..lIT1 compared with assyrrnnetric 

( two-layered ) microporous polymer ultrafi ltration membranes where 

membranes of a pore size range of 1 nm to 50  nm are avai lable 

( Strathmann , 1985 ) . The actual membrane pore size would have a narrow 

pore size distribution to ensure quantitative cel l  retention (Ripperger 

& Schulz , 1986 ) . 

Backflushing is a means of prolong ing the f iltrate flux by reducing 

the effects of concentration polarization and can be used periodical ly ,  

s o  long as i t  is compati ble with the membrane oonf iguration and rrembrane 

l ife . The direction of filtration during backflusbing is reversed , e . g .  

when membranes are i n  capillary or tubular form, the filtrate can flow 
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from either the inside to the outside in normal operation or in the 

reverse direction during backflushing operations . During backflushing , 

which normal ly lasts for a short period of a few seconds and at 

p ressures compatible with membrane strength , any layered cells or 

particles on or withi n the membrane structure are dislodged and swept 

away . 

The following parameters will influence cross-flow microfiltration : 

cell suspension characteristics , (e . g .  s ize and morphology of the 

microorganism,  solute concentration , viscosity and rheological 

characteristics ) , pH , membrane characteristics , ( e . g .  ];:Ore size , pore 

d istribution homogeneity, membrane material and structure , surface 

physico/chemical behaviour , thickness ) ,  and operational conditions , 

( e . g .  module geometry , tangentJal veloc ity ,  pressure and temperature ) .  

A wide J range of new membrane types (wide pH and temperature 

tolerance ) ,  some of which are autoclavable and having wide chemical 

species compat ibi lity ,  are now avai lable . Hol low fibre , capil lary , 

tubular and flat sheet membrane conf igurations are suitable for CFM 

appl ications (Strathmann , 19B5 ) .  

Capital and operating costs are proport ional to the membrane area , 

hence average flux performance data as a function of cell  concentrat ion 

i s  a major factor determining the economic feas ibility of the 

appl ication of CFM to continuous free-cell fermentation processes . Such 

data are most likely to be case specific , relating to the rheological 

properties ( relationship between viscosity and cel l  concentration ) of a 

g iven cell-med ium suspens ion and the hydrodynamic properties of the CFM 
plant . 

A simple mathemat ical analysis  of a continuous fermentation - cell 

recyc le system (Appendix 1 )  has shown that for steady state metabolite 

production , a constant biomass concentrat ion must be maintained . In 

order to achieve this , cells must be ' bled ' from the reactor at a rate 

equal to the growth rate ()J = aD, where aD is a fract ion of the overall  

d i lut ion rate ) . 
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2 . 9 . 3  Application of CPM to Continuous Fermentation Processes 

A number of cont inuous fermentat ion processes employing CFM for 

cell recycle have been published . A s imi lar applicat ion of me.'TIbrane 

technology involves the Unmobili zat ion of cells within a membrane plant 

( e . g .  hollow f ibres ) giving rise to improved productivities ( e . g .  vick 

Roy et aI ,  1983 ; Inloes et aI , 1983 ) ,  but such processes will not be 

reviewed here . 

Cont inuous ethanol production us ing CFM for cell  recycle has been 

described us ing d i f ferent CFM conf igurations , includ ing the use of 

hollow fibres ( Charley et aI , 1983 ; Cheryan & Hehaia ,  1983,  1984 ; 

N i shizawa et a I ,  19 83 ; Khorak iwala et aI , 1 98 5 )  capillary (Lee et a I ,  

1 980 ) , plate and frame (Rogers et aI , 1980,  1982 ; Terrell  et aI , 1984 ; 

Janssens et aI , 1 98 4 ) and tubular ( Damiano et aI , 198 5 )  systems . 

Considerable J, producti v ity increases were obtained on both 

g lucose-containing medi a  and lactose (whey permeate ) media compared with 

batch fermentation productivities . Most workers , however,  did not 

report the duration of the continuous experiments and steady-state 

productivity values were obt,ained after a small number of res idence 

t imes ( e . g .  5 res idence times ) .  Generally , performance data on the CFM 

u nits are sparse and little consideration has been given to the 
possibil ity of process scale-up. 

Continuous solvents production from glucose-containing medium has 

been more recently described (Afschar et al , 198 5 ;  Vi j jeswarapu et aI , 

1 9 8 5 ;  Pierrot et a I ,  1 986 ; Schlote & Cbttschalk , 1986 ; Perras et a I ,  
1 986 ) . A proposed pi lot plant study for continuous solvents production 

f rom saccharified starch , involving external cell recycle by capillary 

c ross-flow mi crof iltrat ion has been publ ished but few detai ls have been 

p resented (Ripperger & Schulz , 1 9 86 ) . In a comprehensive piece of work , 

Afschar et aI , ( 1 98 5 )  obtained s ignif icant productivity increases using 

a capillary ( 95 X 1 . 8  rnn diameter cap i l laries , 0 . 20 )J pore size ) CFH 

d evice in a continuous fermentation us ing � acetobutyl icum ATCC 8 2 4  

fermenting a complex glucose medium. Turbidostat control o f  the 
fermenter cell  concentrat ion was used . The effect of cell concentrat ion 

( 2 , 4 , 8  g . d . w/l ) and di lution rate (range 0-0 . 8 h-1 ) ,  on the spec ific 

solvent product ivity ,  product concentration and res idual glucose 
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concentration were examined . The maximum specific  solvent productivity 

( 0 . 6 5 g/g . d . w. h )  occurred at a butanol concentration of 3-4 g/l after 

which a decrease occurred . In order to prevent degeneration effects , 

i . e .  a solvent concentrat ion decrease and acids concentration increase 

after prolonged exposure to a high solvent concentration (deta i ls 

l acking ) , a multi-stage fermentation system was successfully used . In 

the first stage , the solvent and biomass concentrations were kept low in 

order to provide product cells to the later stages (2  - 5 stages ) 

operated at higher biomass concentrations . A two-stage fermentation 

p rocess proved optimal and a solvent productivity of 2 . 3 g/1 . h  was 

achieved at an effluent solvent concentration of 15 g/1 . The bianass 

concentrations were 2 . 3 8  g. d . w/l and 1 0 . 8 8  g . d . w/l in Stage 1 and Stage 

2 respectively . An i ncrease in  di lution rate gave a higher sol vent 

productivity but at a lower solvent concentration . No performance data 

for the CFM were suppl ied although the unit was capable of being 
j 

backflushed . 

Pierrot et aI , ( 1 986 ) also used strain ATCC 824 and a synthetic 

medium containing glucose . An Arnicon hol low f ibre CFM device ( 250 

f ibres , 0 . 5 mrn ID x 22 ern long ) of 550 crn2 surface area was used . A 

total eff luent solvent concentration of 16 g/l was obtained at a cell  

concentration of- 20 gil (higher than used by Afschar et a I ,  1985 )  and at 

an  overall di lution rate of 0 . 3 h- l , in an experiment of 150 h durat ion .  

A biomass bleed dilution rate of 0. 027 h-l was used to maintain  a steady 

biomass concentration. An increase in the biomass bleed di lution rate 

to  0 . 065 h-l and the overall di lution rate to 0 . 5 h-l gave a lower 

solvent concentrat ion of 1 3  g/l but a higher productivity of 6 . 5 g/1 . h .  

Schlote & Gottschalk , ( 1 986 ) have described the conti nuous 

p roduction of solvents using a phosphate-l imited cherncstat with external 

bianass recycle using a CFH device ( Sartorius , Plate and Frame ) .  A 

s ynthetic medium containing glucose was used , and the fermentation pH 

was controlled at a value of pH 4 . 4 at 37°C . Solvent concentrations of 

1 6  and 22 g/l and productivities of 6. 5 and 2 . 2 g/1 . h  respectively , were 

obtai ned. Biomass concentrat ions of 13 . 1 g . d . w/l and 23 . 3 g . d . w/l were 

obtained at overall dilution rates of 0. 1 h-l and 0 . 4 h- l , respect ively . 

Ferras et aI , ( 1 986 ) used a mi neral tubular (Carbosep Ml ) membrane 

device ( internal diameter 6 mrn ,  0. 0226 m2 membrane area , recirculation 
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velocity between 3-7 mls ) for continuous solvent prcx:luction fran a 

semi-synthetic medium containing glucose using strain ATCC 824 at 35°C 

and at pH 5 . 4 .  A maximum bianass concentrat ion of 125  g . d .  w/l was 

obtained ( complete bianass retention ) and an average solvent 

productivity of 4 . 5 g/l . h  was obtained . At these high biomass 

concentrations , severe membrane plugging occurred after 400-500 h 

operation , and oscillations in solventogenic  and acidogenic 

fermentation phases were observed throughout the fermentat ion . Total 

cell counts of approximately 1 to 5 x 1 01 1/ml were obtai ned after 400 h 

operation but no est imate of the fract ion of act ively prcx:lucing cells 

was made . 

In summary , avai l able l iterature on the application of CH1 to 

continuous solvent fermentations using free cells has demonstrated the 

abi lity of � acetobutyl icum 'ATCC 824 to produce solvents from glucose 
J 

media  at cons iderably higher productivities than obta ined in batch 

fermentations . Performance data for the various CFM devices is sparse 

a nd extraction of flux data for estimating membrane requ irements for 

s cale-up purposes is di ff icult . Possibly this  is due to the non-opt imal 

operation of the CFM dev ices , where the simple objective was to obtain  a 

long-term filtrate f lux greater than the feed rate . Additionally ,  

membrane cleaning regimes have not always been publ ished . Very l ittle 

i nformation has been published in these reports concerning the 

morphology of the organ i sm or the growth characterist ics in  concentrated 

suspens ion. No culture rheological informat ion is suppl ied .  

2 .  1 0  PROOOCT RECOVERY 

2. 1 0 . 1 Recovery by Distillation 

Di sti l lat ion is the traditional method for acetone : butanol : ethanol 

recovery from dilute fermentat ion broth (Othmer , 1936 ; OK Patent 1949 ; 

Spivey , 1978 ; Lenz & More i ra ,  1 980 ; Strobel & Bader , 1 98 1 ) . A 

description of the commercial distillat ive recovery processes used in 

the 19 50 ' s ,  is given by Le nz & Moreira , ( 1 980 ) and Strobel & Bader 

( 1 981 ) , and the following is based on these reports . Fermentat ion broth 

i s  fed to beer stills , and an approximate 40 : 60  ( %  w/w ) solvent/water 

s tream is removed overhead . Beer still slops are removed from the 
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bottom and used to preheat the beer still feed prior to being 

concentrated by evaporation , then spray dried to produce an animal feed . 

The mixed solvents/water stream from the beer still  flows to a batch 

column which separates acetone ( low boi ler)  and the ethanol/water 

azeotrope ( sidestream, intermediate boi ler ) from a butanol/water tai l 

stream. Acetone and ethanol/water are sent directly to separate product 

storage or for further distil lative purif ication as requi red . The 

butanol/water stream is sent to two add it ional columns . Butanol 

recovery is made eas ier by the fact that butanol and water form two 

layers ( irnniscible ) at a 0. 4 5  butanol rrole fraction (Strobel & Bader,  

1 98 1 ) .  The butanol/water azeotrope from the top of the first butanol 

column enters a decanter,  from which the butanol rich phase is separated 

and fed into a second column from which high purity butanol ( 99 . 5 rrole 

% )  is recovered , with the denser water-rich phase being recycled to the 

f irst column . 1 

2 . 1 0 . 2 Alternative Product Recovery Methods 

Over the past decade , conventional distillation process 

i nnovations , includ ing vapour recompress ion and multiple effect 

d istillation, and nove l ,  rrore energy-efficient processes have been 

developed , predominantly for e�1anol recovery from fermentation broths . 

Rising energy costs and the concern for a favourable nett energy balance 

( energy content of useful products less energy input into all production 

stages ) for fuel ethanol production , has accentuated much of this 

research effort (Hartline ,  197 9 ;  r·1aiorella et aI , 1981 ; Essien & Pyle , 

1 983 ) . The novel non-disti llation alternatives include the use of 

membranes ( reverse osmosis , dialysis and pervaporat ion ) , adsorbents 

( polymeric res ins ,  molecular sieves ) ,  l iquid-l iqu id extract ion and 

chemical recovery , and a technical description of these processes , a 

review of the literature describing the ir use , and an assessment of 

their  potential for the ABE fermentation is given in Appendix 6 .  The 

use of salts to favourably alter the ethanol : water equil ibrium has also 

been proposed for improved distillative recovery (Schmitt & Vogelpohl , 

1 98 3 ) and has been considered for the ABE fermentation (Card & Farrell , 

1 98 2 ; Donaldson , 1984 ) . 
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Comparatively fewer studies have been undertaken for the ABE 

fennentation , but much of what has been learnt with the ethanol ic 

s tudies can be used to determine future possibi l ities for the ABE 

fermentation . 

The alternative product recovery processes may be:  

( a )  as ' stand-alone ' processes as  direct competitors for distillation 

recovery processes . 

( b )  as adjunct units where the alternative process replaces 

distillation over part of the concentration range . 

( c )  as suitable , in  some instances , for continuous and selective 

in-s itu or in-l i ne toxic product recovery to further improve 

intensif ied fennentation processes ( Kosaric 
� 

Haiorella et a I ,  1984 ;' Roffler et a I ,  1985 ) . 

et a I ,  1983  i 

Further downstream 

recovery will be required for complete recovery but its capacity or 

energy usage could be reduced . Integrated fermentation - product 

recovery processes may offer the potential of fennenting more 

concentrated substrates . 

Not all  of the product recovery techniques examined in  the 

l iterature are suitable for i n-s itu recovery , not only from a 

technolO]'ical standpoint but also for reasons of process simpl icity ,  

economics , product purity and safety . 

Commercial ization of alternative processes ( a )  is unl ikely in  the 

medium tenn, but alternative processes ( b )  and ( c )  look promising for 

future appl ication in either the improvement of existing plant economics 

( b ) , or in the construction of new plant ( b  and c ) .  A number of 
i ntegrated cont inuous ethanol fermentation processes are now 

ca�ercially available (Gu idoboni , 1984 ) .  

Haiorella et a I ,  ( 1 984 ) in exa�ining the total manufacturing costs 

for eleven alternat ive yeast-based ethanol fermentations , found that 

those uti l i zing in-s itu ethanol recovery produced the lowest cost 
ethanol .  Essentially , this  resulted from the fermentation of more 

concentrated feedstock and the attainment of high cel l  biomass , 

resulting i n  significantly improved volumetric productivit ies . 
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In summary, the integration of continuous fermentat ion with in-line 

product recovery processes , to further intensi fy the ABE process by 

reducing product inhibition effects , appears technologically promising .  

Pi lot-plant/semi-cammercial studies are necessary before the adopt ion of 

these integrated processes takes place . Those separation processes that 

remove water ( e . g .  reverse osmosis or pervaporation ) prior to 

d istillation ,  are most likely to be adopted in the near future . 

Prel iminary feasibi lity studies conducted us ing such integrated 

processes ( cont inuous fermentation using alg inate-immobilized cells 

coupled with in-s itu and downstreru� solvents recovery by pervaporation ) 

appear promising (Schoutens & Groot , 1985 ) .  
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CHAPI'ER 3 

3 . 1  MATERIAIS 

3 . 1 . 1 Microbiological Media 

Spray-dried cheddar cheese whey permeate was obtained from the 

Dutch Institute of D3iry Research ( Ede , The Netherlands ) or the New 

Zealand D3iry Research Institute (Pa lmerston North , New Zealand ) .  

Sulphuric acid casein whey permeate ( l iquid or spray-dried powder )  was 

obtained from the New Zealand/ Da iry Research Inst itute . The preparation 

of this permeate is descri�d by Matthews et �, ( 1 978 ) . Yeast extract 

and Cooked Meat Medium were obtained from Di fco Laboratories (Detroit , 

M ichigan , U . S .A ) . Reinforced Clostridial Agar ( RCA ) was obtained from BBL 

M icrobiology Systems ( Cockeysville ,  Maryland , U . S . A ) . Dist illed water was 

used for the preparation of all media .  

Hydrolysis of  the lactose in  whey permeate was conducted us ing a 

B-D-galactosidase ( lactase ) enzyme . Maxilact LX5000 or Swnylact L 

enzyme ( 0 . 5 g/l ) was added to cheese whey permeate or sulphuric acid 

casein whey permeate respectively , and held at 4 °C for 72 h .  

Sulphuric acid casein whey permeate agar consisted of spray-dried 

sulphuric acid casein whey permeate ( 5 5  gil ) and Davis agar ( 1 5  gil ) 

reconstituted in d istilled water , adjusted to pH 6 . 5 with aqueous 

ammonia prior to autoclaving .  

Media used for the various fermentation experiments are given i n  

Tables 3 . 1 to 3 . 5 inclusive . The typical composition of cheddar cheese 

whey permeate and sulphuric acid casein whey permeate is given in Table 

3 . 6 .  



Table 3 . 1 Semi-synthetic medium used for the culture screening 
batch fermentation experiments 

Component Concentration (g/l ) 

Sugara 
Yeast extract 
Ammonium acetate 
NaCl 
Cysteine hydrochloride H20 
KH2P04 
K 2HP04 
r·1gS04 
MnS0 4 · 7H20 
FeS04· 7H2 0 

50. 0 
5 . 0  
2 . 0 
1 . 0  
0 . 5 
0 . 7 5  
0 . 75  
0 . 2 0  
0 . 0 1  
0 . 0 1  

a lactose , glucose or galactose . For a glucose/galactose mixture , 
2 5  gil o� each sugar was used . 

Table 3 . 2 Sulphuric acid casei n  whey permeate medium for batch 
fermentation experiments 

Component Concentration (g/l ) 

Sulphuric acid whey permeate 5 5 . 0a 

Yeast extract 5 . 0 

Medium was adjusted to pH 6 . 5 using aqueous ammonia prior to 
autoclaving .  
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a spray-dried permeate . 
4 0 gil lactose ) .  

Liquid permeate was used as received ( approx 



Table 3 . 3 Cheese whey permeate medium for continuous fermentations 
using immobil ized cells or external cell  recyclea 

Component Concentration (g/l ) 

Cheese whey permeate 60. 0 

Yeast extract 5 . 0 

5 . 0 

a l1edilLl1 for cell recycle d id not contain CaC12 . 2H20 

Table 3 . 4 Semi-synthetic medium for continuous fermentations usi ng 
immobi lized cells 

Component Concentration (g/l ) 

Sugar 50 . 0 

Yeast extract 5 . 0 

5 . 0 

Table 3 . 5 Semi-synthetic medium for continuous fermentat ions usi ng 
external cell  recycle 

Component Concentrationa ( g/l ) 

Lactose 65 . 0 

Yeast extract 6 . 0 

Other components as in Table 3 . 1 

a The sugar and yeast extract concentrations for semi-synthetic 
medium containing glucose were 70 gil and 5 gil respectively . 
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Table 3 . 6 Typical composition of cheddar cheese whey permeate and 
sulphuric acid casein whey permeate 

Total solids ( g/kg ) 

Total nitrogen (g/kg ) 

Non-protein nitrogen ( g/kg ) 

Ash ( g/kg ) 

Lactose (monohydrate ) ( g/kg ) 

Ash/Total sol ids ( % )  
J 

Lactose/Total sol ids ( % ) 

Calcium ( g/kg ) 

Sodium ( g/kg ) 

PotassiLnn ( g/kg)  

Phosphate ( total ) ( g/kg ) 

Chloride ( g/kg ) 

Sulphate ( g/kg ) 

pH 

a derived from Hobman ( 1 984 ) 
b derived from Short ( 1 978 ) 

Cheddar Cheese 
Whey Permeatea 

64. 1 

0 . 47  

0 . 36  

5 . 4 

58 . 0 

8 . 4 

90 . 5 

0 . 5 

0 . 6 

1 . 8 

1 . 2 

1 . 5 

5 . 5-5. 8 

Sulphuric Ac id 
Casein vJhey 

Permeateb , c  

56. 4 

0. 37  

0 . 3 2 

7 . 9 

46 . 0 

1 4 . 0 

82 . 0 

1 . 1 

0 . 5 

1 . 2  

1 . 9 

0. 9 

2 . 2 

4 . 5-4. 7C 

C derived from Ennis & H iggi ns ( 1 981 ) ,  Higgins & Short ( 1 980 ) .  
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3 . 1 . 2 Chemicals 

All chemicals used for fermentation medium and analyt ical work 

were of analytical grade . The ir sources were : 

- Aj ax Chemicals ( Sydney , Australia ) 

butanol , ethanol 

- Alginate Industries (Croydon , England ) 

sodium a lginate (manucol LD) 

- Baker Chemicals (r:eventer , The Netherlands ) 

calcium chloride dihydrate ; butyric acid 

- BDH Chemicals Ltd ( Palrnerston Nor�1 , New Zealand ) 

ammonium hydroxide �: arnmonium acetate ; acetone ; acetic acid ; 

butanol ; butyric ?cid ; calcium acetate ; dipotassium hydrogen 

phosphate ; cysteine hydrochloride ; ethanol ; ferrous sulphate ; 

formali n ;  galactose ; glucose ; lactose ; magnes ium sulphate ; 

manganese sulphate ; methanol ; potass ium d ihydrogen phosphate; 

sodium chloride ; s i licone antifoam 

- Bevaloid Ltd ( Levin ,  New Zealand ) 

antifoam 5901  

- Gi st Brocades nv Ltd ( r:elft , The Netherlands ) 

Maxilact LX5000 lactase 

- Lactose Company Ltd (Kapuni , New Zealand ) 

lactose 

- May and Baker (Dagenhall1,  England ) 

ammonium hydroxide 

- Riedel - r:e Haen AG (Hannover ,  West C£rrnany ) 

formic aci d  

- Shin Nihon Chemical Co Ltd (Anjyo , Japan ) 

Sumylact L lactase 

- Sigma Chemical Co ( St Lou is , Missouri , U . S . A )  

galactose ; glucose 



- SWift Consolidated (NZ ) Ltd (Wellington , New Zealand ) 

Oow-Corning antifoam A . F .  emulsion ( food grade ) 

3 . 1 . 3  Gases and other Materials 
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Oxygen-free nitrogen gas was supplied by New Zealand Industrial 

Gases Ltd ,  ( Palmerston l'brth , New Zealand ) .  Pyroneg® detergent was 

supplied by Di versey-Wal lace Ltd ,  ( Papatoetoe , New Zealand ) . BBL® 

GasPak® Anaerobic Systems were obtained from Becton Dickinson Co . ,  

( Cockeysvil le ,  Maryland , U . S .A . ) .  

Arnberlite® adsorbent resins XAD-2 ,  X.z\D-4 ,  XAD-7 and XAD- 1 6  were 

obtained from Rohm and Haas (Ph iladelphia ,  PA, U. S . A. ) via Rohm and Haas 

NZ  Ltd ( Auckland , New Zealand ) .  The resins were washed twice in 
,r 

methanol : de�onized water, l : i , to remove res in preservatives and kept at J 
4 °C .  The res ins were washed with deionized water immediately prior to 

u se .  The ratio of deionized water : resin  on a volumetric basis was 4 : 1 

f or smal l  scale screening experiments and 1 0 : 1  for experL�ents where the 

resin was used in a packed column. XAD-2 is a crossl inked polystyrene 

copolymer hydrophobic adsorbent � XAD-4 is a crosslinked polystyrene 

copolymer non-ionic hydrophobic adsorbent � XAD- 7  is an acrylic ester 

polymeric adsorbent � XAD-16,  resin  type unknown , development phase . 

Sil icalite ,  a porous zeoli te analogue , was obtained as a white 

coloured powder fran Dr D Bibby , Chemistry Divis ion , IEpartment of 

Sc ientific and Industrial Research (Petone , New Zealand ) .  The 

s i l ical ite was used as suppl ied .  

3 . 1 . 4  Organisms 

Clostridium acetobutyl icum ATCC 824  was purchased as a 

f reeze-dried specimen from the American Type Culture Collection 

( Rockvi lle , !1aryland, U . S . A . ) .  It was reconstituted (wi thout heat 

shocking )  into 2 0  ml Cooked Meat Medium supplemented with glucose ( 1 0  

gil ) and incubated at 30°C in  an anaerobic jar for 4 8  h .  Spore stocks 

were prepared from this vegetative culture as follows : 

(a ) Culture was streaked onto slopes of Re inforced Clostridial 

Agar and incubated in an anaerobic jar at 30°C for 96 h. 
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( b )  The sporulated culture was scraped off the slopes into 

sterile distilled water and asept ically dispensed into 

steri le tubes ( 2ml aliquots ) . This  spore stock was stored 

at 4°C . 

Clostridium acetobutyl icurn P262 

suspension in sterile dist i lled water 

Un ivers ity of Cape Tbwn , South Africa.  

was obtained as a spore 

from Professor D R vbods , 

Fresh spore stock of this organism was prepared as fol lows : 

( a )  A vegetative culture was prepared by heat-shock ing 0 . 1 ml 
of the ori ginal spore stock in 2 0  ml Cooked i'1eat Medium 

supplemented with glucose ( 1 0  gil ) at 7SoC for 2 min ,  

followed by rapid cooling in  an ice-water bath for 1 . S  min .  I' 

J This culture was incubated at 30°C i n  an anaerobic jar for 

7 2  h unti l  vigorous gassing was observed. 

( b )  This  culture was streaked onto slopes of sulphuric acid 

casein whey permeate agar and incubated at 30°C in an 

anaerobi c jar.  

( c )  The growing cu lture was regularly inspected for spore 

format ion , using Bartholomew and Mittwer ' s  spore staining 

method using malachite green ( Harrigan and McCance , 1 966 ) . 

After 4 2  days incubation ,  the highly sporulated culture was 

scraped off into sterile dist illed water and aseptically 

d ispensed as 2 ml al iquots into steri le Kimax tubes . The 

spore count by haemocytometer was approximately 1 .  7 x 108 

spores/mI . Th is stock spore suspens ion was stored at 

4 °C and used for inoculum preparation throughout the 

durat ion of this study . 

3 . 2 STERILIZATION PROCEDURES 

3 . 2 . 1  Media Steri lization 

Al l microbiologi cal media were sterilized by autoclavi ng at 1 21 0C 

for IS  �inutes . Al l fermentat ion media of volumes less than 10 l itres 

were steri lized by autoclaving at 12 1 °C for I S  minutes , and for volumes 

g reater than 1 0  l itres at 1 21 °C  for 20 minutes . 
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All media for inoculum preparat ion and batch fermentations were 

autoclaved irnnediately prior to use . Media COi'11pOnents for continuous 

fermentation using immobilized cells were steri li zed separately 

( 1 2l oC/1 5 minutes ) and mixed together at ambient temperature . 

3 . 2 . 2  Equipment Sterilization 

Glass wool gas filters and glass p ipettes were steril ized i n  a hot 

air  oven at 160 °C for 3 hours . 

pH electrodes for insertion into fermenters ( 85°C )  were sterilized 

i n  2% (v/v ) formalin  solution for 2 h or 50% ( v/v ) ethanol solution for 

1 8  h ,  and rinsed with hot steri le distil led water irrrrnediately before 

u se .  

3 . 3  CLEANING OF GlASSWARE 

All glassware was washed in  hot Pyroneg® solution , rinsed in tap 

water , then i n  disti lled water ,  and hot-air dried . 

3 . 4  ANAEROBIC INCUBATIOO 

Cultures for anaerobic incubation were placed in either Bai rd and 

Tatlock (Baird and Tatlock Ltd , Chadwel l  Heath , Essex , U. K. ) or BBL ( BBL 

M icrobiology Systems , Cockeysvi l le ,  Haryland , U .S . A . ) anaerobic jars . 

An anaerobi c  atmosphere was achieved through generation of 

hydrogen and carbon diox ide from a GasPak 100 disposable envelope (BBL 

H icrobiol9QY Systems ) .  A BBL GasPak anaerobic indicator was used to 

check on the development of anaerobic conditions in the jar. The 

pal ladium catalyst conta ined i n  wire gauze support was rejuvenated by 

d i rect flaming until  red hot immediately prior to use . 

A Forma anaerobic cabinet (Forma Sc ientif ic Inc , Harietta , Oh io, 

U . S .A. ) was used for experiments described in  Chapter 10. An atmosphere 

of  carbon dioxide gas was used to achieve anaerobic cond itions.  
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3 . 5 ANALYTICAL METIIOIl3 

3 . 5 . 1  pH Measurement 

Rout ine pH measurements were made with a Metrohm pH meter E520 

( Metrohm A.G. , Her i sau , Swit zerland ) which was cal ibrated with pH 4 . 0 

and pH 7. 0 buffers immediately prior to use. 

3. 5 . 2 Determinat ion of B iomass Dry weight 

3 . 5 . 2. 1 Free Cel l  CUltures 

A known volume of fermentation culture (usually 3 ml )  was 

centrifuged at about 5500 x g for 1 5  min us ing a Clandon Centri fuge 

( Clandon Sc ienti f i c  Ltd , Al'dershot , England , Model Ts2. 1 )  . The 

supernatant l�quid was discarded , whi le the pellet was washed in 6 ml of 

d istilled water , re-centrifuged , and then dried at 100°C for 48 h.  

3 . 5 . 2 . 2  Immobi l i zed Cells 

Alginate beads ( 1 50-200 ml )  were suspended in 1 l itre of 0. 2H 

c itrate-phosphate buffer, pH 6 .  O .  Approximately 1 5  ml of 5% ( v/v ) 

formaldehyde was added to this suspens ion.  

The suspens ion was stirred using a magnetic stirrer for 4-6 weeks,  

maintaining the pH value at pH 6. 0�0 . 2 .  Microscopic inspect ion of the 

suspension , and inspection of centri fuged suspension pel lets , for 

evidence of undissolved alginate crystals , was conducted regularly . 

When the alg inate had dissolved , the suspens ion was centrifuged ( 5 000 x 

g ,  20 min )  and the pellet was dried at 1 1 0°C for 48  h . The dry weight 

of biomass in unused beads was subtracted from that in used beads to 

give the biomass concentration in the beads due to growth. 

3 . 5 . 3  Total Cell Count 

The total cel l  count was performed immediately after sampl ing 

using a standard haerrocytane ter (Assistant , West Germany ) under 400X 

magnificat ion. Samples were diluted either lOX or SOX us ing sterile 
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peptone water ( 5  g/l ) prior to counting . Only vegetat ive cells were 

counted . 

3 . 5 . 4  Determination of Colony Forming Units 

Colony forming units (CFU )  were determined by pour plating in  

Re inforced Clostridial Agar. Di lutions were prepared using peptone 

water ( 5  gil ) .  The agar plates were incubated in an anaerobic jar at 

3 0°C for 72 h ,  or at 34°C for 48 h .  

3 . 5 . 5  Analysis of Solvents and Acids 

Solvents and acids analys is was carried out by Gas Chromatography 

( GC ) . Various methodologies/instrumentat ion were used for different 

sections of work . Method L- was used for work described in Chapters 4 

and 5 ,  MethOd I I  for Chapt�r 6,  and Method I I I  for Chapters 6 ,  7 ,  9 and 

1 0. All analyses were performed on samples that had been centrifuged to 

remove cells and particulate matter. 

ME:IHOD I 

A Varian Aerograph GC (Varian Instruments Ltd ,  Cal ifornia, U . S .A. , 

Model 1 400 ) was used with a flame ionization detector system. A 

2m x 0 . 3 2  ern ID glass cohnnn of Chromosorb 1 0 1  (mesh size 100/1 20,  

acetone treated ) was used at a carrier gas ( nitrogen ) flowrate of 40 

ml/min.  The column was operated by increasing the temperature from 

1 20°C to 180°C at a rate of 10°C/min and holding at this temperature for 

a further 9 min .  The injector and detector temperatures were 200°C . 

Sample product quantitation was accompl ished using a 

Hewlett-Packard Integrator (Model 3392A )  to measure peak areas . An 

i nternal standard of iso-butyric acid ( 1 0  gil ) in 20% ( v/v ) formic ac id 

( Riedel-de Haen ) was used . 

Response factors for each sample component to the internal 

s tandard were determined by inj ection of a standard solution (containing 

i nternal standard at 10  gil ) containing ( g/l ) , butanol , 10 ; acetone , 4 ;  

e thanol , 4 ;  butyric acid,  1 0 ;  and acetic acid , 10 .  Mean values from 

dupl icate analyses were used for programming the integrator . 
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A sample volume of  2 )11 plus 2 ).11 of  10% ( v/v )  formic acid 

( Riedel-de Haen ) was injected into the column. After every 6 sample 

i njections the column was cleaned of any adsorbed products (acids ) by 

f lushing ( repeated injections ) the column with 10  pI of 10% ( v/v ) formic 

acid and holding at lSO°C for 10 min. 

METHOD II 

A Packard GC ( Packard Becker , Groni ngen, The l'€therlands , Hodel 

4 37 )  was used with a flame ionization detector . A 2m x O. l S  ern 1D 
stainless steel column of Chromosorb 1 0 1  (mesh size 100/1 20 ) was used at 

a carrier gas (nitrogen ) flowrate of 2S rnl/min.  The column was operated 

by increas i ng the temperature from 13SoC ( 1  min hold ) to 18SoC at a rate 

of 10°C/min and holding at this temperature for a further 3 min. The 

detector and injector temper�tures were 210°C and 200°C respectively . ; 

Sample product quanti tat ion was achieved using a Hewlett-Packard 

Integrator (Model HP3390A ,  peak area measurement) and Packard 

Autosampler ( Packard Becker,  Model LS607 ) . Sa.-rnples were acidified 

( approximately pH 2 . 0 )  with SO% H2S0 4 prior to injection of a 2 ).1 1  

sample volume (precise volume measurement ) . Analyses were conducted in 

duplicate and mean values reported. 

A standard solut ion containing (g/l ) ,  butanol , 3 ;  acetone , 2 ;  

e thanol , 2 ;  butyric acid ,  3 ;  and acet ic acid , 3 ;  was used to calculate 

product response factors . Every eight sample injections , a standard was 

i njected ( duplicate analyses ) and the product response factors obtained 

were used to recalibrate the integrator. 

METHOD III 

A Shimadzu GC ( Shimadzu Corporat ion , Kyoto , Japan ,  Hodel GC-SAPF ) 

was used with a flame ionization detector. A 1m x O . l S  ern column 

containing Porapak Q was used at a carrier gas ( nitrogen ) flowrate of 60  

ml/mi n  at a col1.Lrnn temperature of  200°C . The detector and i njector 

temperatures were 220 °C . 

Sample product quantitat ion was achieved by peak height 

measurement using an internal standard in the sample and comparison with 
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a parallel standard of a similar known solvents and acids composition . 

An internal standard of sec-butanol ( 50 gil ) in 20% ( v/v ) 

orthophosphoric acid was used . The standard solut ion contained ( g/l ) , 

butanol , S ;  acetone , 2 ;  ethanol , 2 ;  butyric acid , 2 ;  and acetic acid ,  2 .  

Internal standard ( 0 . 1 ml ) was added to  1 rnl of  either sample or 

standard. In some instances , samples were diluted with deionized water 

prior to analysis ,  so that peak heights were similar to those obtained 

for the standard solution.  

For the parallel standard a response factor, F s , was calculated 

for each solvent and acid component . 

where : 

is the average of the ratio of internal standard: 

solvent or acid peak heights from duplicate 

inj ections . 

is  the concentration ratio of the internal standard : 

solvent or acid in the standard solution . 

The response factors were used to calculate the concentration of 

the solvents and acids in the sample. 

c = ISc * * FS 

where : C ,  i s  the concentration of a solvent or acid i n  the 

s ample ( g/l ) 

ISc ,  i s  the concentration of the internal standard in 

the sample 

is the ratio of the product component : internal 

standard peak heights from the sample chromatogram 



FS ' is the response factor for the sample component . 

A single injection ( 2  �l ) was performed for each sample. 

3 . 5 . 6 Analysis of SUgars 
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QJantitative analysis of  lactose monohydrate , glucose , galactose 

and glucose/galactose sugar mixtures was performed using High 

Performance Liquid Chromatography (HPLC ) . TWo d ifferent methods were 

used for different sect ions of work . Method I I  was used for some work 

described in Chapter 6 ,  while Method I was used for the remainder of the 

work. 

MErnOD I 

J 
A \.vaters Associatesl liquid chromatograph (Model ALC/GPC 244 ) 

equipped with a solvent delivery system (Model 6000A )  and septumless 

injector (Model U6K ) was used (Waters Associates Inc . , Hilford, 

Massachusetts , U. S . A. ) .  

A Sugar-PAKl carbohydrate column ( 30 em x 0 . 6 5  em I D, PiN 85188 ,  

Waters Associates ) was used for the analys is . The detector was a 

d ifferential refractometer (Model R40l ,  Waters Associates ) .  The 

response was recorded on a CR600 twi n-pen , f lat-bed chart recorder 

( J . J .  Lloyd Instruments Ltd , Southhampden,  England ) .  

Analyses were conducted using a solvent system of 20 rng/l calcium 

acetate solution prepared using deionized water.  The column was 

operated at 90°C and at a solvent flowrate of 0 . 5 rnl/min. The solvent 

( mobile phase ) was f iltered and degassed prior to use , us ing a 

0 . 4 5 }Jl1l fi lter (Mil l ipore Corporation , Bedford , t>1assachusetts , U. S . A. ) .  

Samples were centrifuged ( 3 000 x g for 1 0  min )  and the supernatant 

l iquid was recovered and diluted using deionized water to give a sugar 

concentration in the reg ion 3 gil to 5 gil . The liquid was then 

f iltered through a 0 . 4 5  Mffi membrane using a Swinney Filter Ki t 

(Millipore Corporation ) . 

The detector response was linear over the range 0 to 5 gil using 

a 50 )Jl inject ion volume . OJantitation was performed by peak he ight 
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measurement and reference to a standard curve . 

METHOD II  

A Waters Associates liquid chromatograph (Model ALC/GPC 244 ) 

equipped with a solvent delivery system (Model 6000A )  and a �\1isp 

Autoinjector (Model 710-B )  was used (Waters Associates ) .  

A BIa-RAD HPX-87C column was used for the analysis .  The detector 

was a differential refractometer (Model R401 ,  Waters Associates ) .  The 

column temperature was 8SoC and a solvent of double-d ist illed water at a 

f lawrate of 0. 6 ml/min was used . The sa.'11ple injection volume was 

I S  )1 1  and the average result of duplicate inject ions was reported . A 

Hewlett-Packard Integrator (Model HP 3390A )  was used to measure peak 

areas and compare sample peak areas to those of the appropriate sugar of 
J 

known concentration.  

3 . 6  CELL LMMOBILIZATION 

3 . 6 . 1 Spore Production for Immobilization 

Stock spore suspension ( 0 . 1 ml or 0. 3 ml )  was added to freshly 

autoclaved cheese whey permeate medium ( 2 S  ml ) (cheese whey permeate , 60 

g/l , and yeast extract ,  S g/l , initial pH 6 . S ) ,  heat-shocked at 7SOC for 

2 min ,  then cooled in ice water for 1 . S  min prior to incubation in  an 

anaerobic jar at 3 0 °C .  After 24-30 h incubation , this  motile culture 

was used to inoculate fresh medium ( l 00 rnl )  which was incubated for 

1 8-24 h in an anaerobic jar at 30°C , prior to adding a 1%  ( v/v ) inoculum 

of this culture to the fermenter.  

A 20S Biolaf itte fermenter apparatus (Biolafitte ,  Poissy ,  France ) 

o f  1 8-l itre v�rk ing volume was used . Medium (as above ) was indirectly 

s ter ilized to 90°C , then directly sterilized with live steam and held at 

1 1 SoC for 20 min .  After cool ing to 30°C , oxygen-free nitrogen gas was 

bubbled through the medium and the ferrnenter was inoculated . The 

nitrogen flow was stopped at the first s ign of gassing due to bacterial 

growth in the med ium. The fermenter agitator speed was mai ntained at 80 

rpm during the fermentation .  
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Samples were withdrawn at regular intervals for evidence of spore 

formation by microscopic examination. Spores were harvested after 

1 20-1 44 h fermentation ( >50% spore format ion ) usi ng a Di jkstra Labofuge 

1 5000 continuous centrifuge . The culture was cooled to 15°C prior to 

spore recovery ,  whi le the centrifuge bowl was sterilized with live steam 

for 15 min prior to use . 

Spore paste was recovered from the centrifuge row 1 and 

refrigerated overnight ( 4 °C )  prior to immobil ization . 

3 . 6 . 2 TImmobilization in Calcium Alginate 

Immobi lizat ion was carried out under non-aseptic condi tions in an 

aerobic environment .  

h18t §pore paste ( 20 g or 6 0  g )  was suspended i n  1 l itre of 

deionized water . Sodi�� alginate ( 8 0  g )  was added slowly over a 60  min 

period . A high speed turbine mixer was used to provide good mixi ng and 

to minimi ze lump formation. The viscous alginate spore suspension was 

then passed through a f ine mesh powder s ieve screen to ensure that any 

u nd issolved lumps of >0 . 5 mm were removed . 

The suspension was pumped through a device containing 6 hypodermic 

needles in paralle l ,  operated with a concentric air flON , into a bath 

contai ning 20 gil CaC 12 . 2H20 solution (Figure 3 . 1 ) .  The bath was 

cont inuously stirred using a magnetic stirrer. 

Calcium alginate beads of 1 .  5-2. 0 rrrrn diameter were formed almost 

i nstantaneously . The 20  gil CaC1 2 . 2H20 solution was periodical ly 

replaced to ensure an excess of calcium ions for the sodium/calc ium ion 

exchange reaction to take place. The beads were kept in this solut ion 

for approximately 20 h at 4 °C under mixing using a magnetic stirrer ,  

prior to transferring to a 5 gil CaC1 2 . 2H20 solution for storage at 4 °C 

i n  a sealed container.  

Close control of the bead s ize and s i ze distribution was achieved 

by various process adjustments during operation of the immobil i zation 

equipment ( Fi gure 3 . 1 ) .  The viscos ity of the sod ium alg inate spore 

suspension was occasionally reduced by dilution using deionized water 
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« S% dilution ) .  Addi  t ionally, adjustments in the suspension flowrate 

( 1 ) ,  individual lirunobi lization needle flowrates ( 2 ) , needle height 

adjustment, that is ,  the distance between the end of the needle and the 

concentric air flow tube ( 3 )  , and the air  flowrate ( 4 ) ,  were made 

i nitially on a trial-and-error basis in  order to achieve steady- state 

operating conditions . 

3 . 7 FERMEm'ATION CULTURE OONDITIONS 

3 . 7 . 1 100-ml Scale Bottle Cultures 

Fermentations were conducted i n  120  ml screw capped bottles 

containing 100 ml of medium. Al l cultures were incubated in anaerobic 

jars. 

Spore! stock ( Sectioll 3 . 1 .  4 )  was transferred to 20 rnl of Cooked 

Meat l-1ediurn supplemented with glucose ( 1 0  gil ) ,  heat shocked at 7S0C for 

2 min ,  followed by cool ing in an ice-water bath for 1 . S min (omitted for 

strain ATCC 824 ) and incubated at 30°C unt i l  vigorous gassing occurred . 

For experiments using semi-synthetic medium, I rnl of the revived 

culture was then transferred to 20 rnl of medium (Table 3 . 1 )  containing 

the appropriate sugar, and i ncubated at 30°C for 24 h or 48  h prior to 

t ransferring a S ml i noculQm to 1 00 rnl of the sa�e medium. 

For experiments using sulphuric acid casei n  whey permeate , 1 rnl of 

the revived culture was transferred to 20 ml of Cooked Meat Medium 

supplemented with lactose ( 1 0 gil ) and incubated at 3 0°C for 4 8  h .  One 

ml of this culture was then transferred to 20 ml of vmey permeate and 

i ncubated at 30°C for 24 h pr ior to transferring a S rnl inoculum to 100 

ml of whey permeate . 

For experiments using lactose-hydrolysed sulphuric acid casein 

whey permeate , 1 rnl of the revived culture was transferred to 20 rnl of 

Cooked !vleat Medium supplemented with glucose ( S  gil ) and galactose ( S  

gil ) and incubated at 3 0°C for 4 8  h .  One rnl of th is culture was then 

transferred to 20 rnl of hydrolysed whey permeate and incubated at 30°C 

for 24  h prior to transferri ng a S rnl inoculum to 1 00 rnl of hydrolysed 

whey permeate . 
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Samples ( 5  ml ) were withdrawn from the fermentations at 24 h 

i ntervals using a sterile pipette . Prior to sampl ing,  the screw cap on 

the bottle was tightened and the bottle was inverted three times to 

obtain a homogeneous sample . 

3 . 7. 2  Preparation of Inoculum for Batch Fermentat ion CUltures 

Spore stock of � acetobutyl icum P262 ( 0 . 1  ml )  was transferred to 

2 0  ml of Cooked Meat Medium supplemented with lactose ( 1 0  g/l ) and heat 

shocked at 75°C for 2 min, then cooled in an ice-water bath for 1 . 5 min 

prior to i ncubation at 34°C i n  an anaerobic jar.  After 18-24 h 

incubation , vigorous gassing and a highly moti le culture were observed. 

This  culture was used to inoculate sulphuric acid whey permeate med ium 

(Table 3 . 2 ) , either 20  ml or 1 00 ml depending on the experiment ,  and 

i ncubated at 3 4°C . The ino9Ulurn ratio was varied between 0 . 1 to 1 .  0 %  

( v/v ) so that the most high ly moti le culture could be selected by 

microscopic examination and used as the inoculum for the f inal 

fermentation ( 0 . 5-1 . 0% ( v/v ) inocu lum ) . 

3 . 7 . 3  Batch Fermentation CUlture 

3 . 7. 3 . 1  2-l itre Fermentation Apparatus 

The bas ic fermenter used was a Hicroferm Laboratory Fennenter (New 

Brunswick Scient ific Co. , New Brunsw ick , New Jersey , U. S . A. ) equipped 

w ith a 2 l itre pyrex glass vessel of 1 . 6 l itre working volume . 

Continuous pH measurement and one way control of pH were performed 

by an Autanatic Mini pH Control System (New Brunswick Scientif ic Co. ) 

consi sting of a pH 40  Controller module , a XpH 4 2  Pump module and a pH 

4 0  Recorder modu le. The culture pH was measured by a ElL 33  1070 030 

toughened glass electrode and an ElL 33 l320 210 laboratory sealed 

reference electrode ( Electronic Instruments Ltd ,  Richmond , Surrey , 
England ) . vmere necessary , arnrronia solution ( 1M  or 3M ) was used for pH 
control . A permanent record of culture pH could be printed on the 

s trip chart recorder module . 



79 

3 . 7. 3 . 2 7-l itre Fermentation Apparatus 

The fermentation apparatus was constructed in the Biotechnology 

Department , Massey University .  The fermenter vessel used was a 7-l itre 

pyrex glass vessel (New Brunswick Scientif ic Co . ) with a working . volume 

of 5 litres , and was provided with a stainless steel head containing 

parts for the insertion of the pH probes . 

Continuous pH measurement and one way control of pH were performed 

using pH electrodes ( Section 3 . 7 . 3 . 1 )  connected to a Horizon pH 

Controller ( Ecology Co . , Oak Park Avenue , Chicago, Illinois,  U . S .A. , 

Model 5997-20 ) .  The pH controller was connected to a Honeywell  

Ve rsaprint multipoint chart recorder (Arniens , France ) .  Where necessary, 

arnnonia solution ( 3M or 5M ) was used for pH control and was del ivered 

using a �1asterflex perist9ltic pump (Cole Palmer Instrument Co . ,  

Chicago, Ilii nois , U . S .A. ) . , 

3 . 7 . 3 . 3 Batch Fermenter Operation 

The fermenter vessel ( 2  1 or 7 1 )  was removed from the autoclave 

and attached to the fermenter apparatus whi le still  hot ( 8 5-90°C ) . 

Cooling was initiated by means of cold water flowing through hollow 

baffles , controlled by an electronic thermostat , and oxygen-free 

nitrogen gas was swept across the medium surface . Gas sweeping was 

continued unt i l  good gass ing due to microbial growth was observed . 

vilhen the fermentation culture was at 34°C , the medium pH was 

adjusted as required using ammonia solution , and then inoculated with 

motile cel ls prepared as described in Section 3 . 7 . 2 .  Agitation ( 50 rpm )  

was used to gently mix the vessel contents at this time . The culture 

was unag itated , except periodically at 100 rpm for approximately 1 min 

prior to taking samples and during times of high ammonia solution 

demand. A thermostated water bath was placed underneath the fermenter 

base to ensure this portion of the fermenter remained at 3 4 °C .  

Sampl ing was achieved by using the oxygen-free nitrogen gas to 

pressurize the culture vessel and , by blocking the gas outlet , force 

sample out .  CUlture was initial ly withdrawn into a measuring cyl inder 
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to clear the sample line prior to taking a 5 ml sample . �Vhen operating 

with pH control , the total volume of culture removed during sampling and 

the volume of arrrrnonia solution added were recorded at the time of 
sampl ing.  

Ant ifoam emulsion ( 10%  v/v, Dow-Corning Ant ifoam AF )  was manually 

added as requi red to suppress foaming in  the culture . 

Prior to each fermentation , the pH electrodes were cal ibrated 

us ing pH 4 . 0 and pH 7 . 0 buffer solutions . After each fermentation the 

e lectrodes were washed and soaked in O . lM HCl containing pepsin for 2-4 

h to remove contaminating proteins from the electrode . When not in  use , 

the probes were stored in  pH 7 . 0 buffer solution . The pH value of 

fermentat ion samples was independently measured (Section 3 . 5 . 1 )  in order 

to check the fermenter pHI' measurement , and any discrepancies were 

corrected. J 

3 . 7. 4  Continuous Fermentation Using Immobilized Cells 

3 . 7 . 4 . 1  Continuous Stirred Tank Reactor ( csrn) Apparatus 

The experimental apparatus described in the following pertains to 
that used at Massey University.  A very simi lar experimental apparatus 

was used ( init ially )  at the Delft University of Technology and is  

described i n  Appendix  9 .  

The ferrnenter used was a Mult igen F2000 Benchtop culture apparatus 

(New Brunswick Sc ientific  Co. ) ,  equipped with a 2 l i tre pyrex glass 

vessel of 0 . 6 l i tre work ing volume. The vessel used a 

polyethylene-polypropylene head containing holes for probe insertion . 

Figure 3 . 2 shows a schematic diagram of the fermenter unit am its 

ancillary equipment . 

The fermenter contents were agitated at 180-200 rpm by an indirect 

magnetic coupling ,  usi ng a 4-bladed impeller mounted 3 ern above the base 

of the vessel .  This agitation speed was the minimum requ ired to provide 

complete bead movement and prevent settl ing.  

Temperature control was by means of a heating element . A 

thermometer was used as a visual check on temperature . The culture pH 
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was measured and controlled using a Kent combination pH probe (Kent 

Industrial Measurements Ltd , Gloucestershire ,  England, Model 1 1 17 ) 

connected to a Horizon pH Controller Model 5997-20 ( Ecology Co . ) .  A 

Masterflex peristaltic pump (Cole Palmer Co . )  was used for delivery of 

5 %  ( v/v ) ammon ia solut ion to the fermenter vessel . 

Feed medium was continuously fed to the top of the fermenter using 

a Masterflex peristaltic pump . The fermenter contents leve l was 

controlled using a fixed level teflon f ilter with 7 x 1 mm sl its ,  

connected to a constantly running �1asterflex peristaltic pump. 

Fermentation samples were periodically removed via this  exi t  line .  

The feed medium was kept anaerobic  by either sparging or sweeping 

the med ium surface with oXyge,n-f ree nitrogen gas. The fermenter was 

kept anaerobic duri ng the start-up phase by flushi ng nitrogen gas across 

the cultur� surface . S i l icone ant ifoam ( 1 0% (v/v ) solution ) was 

manually added as requi red to suppress foaming .  

The fermentation start-up procedure was as follows : 

The empty fermenter vessel was sterilized ( 1 21 °C , 15  min ) , cooled ,  and 

f i lled with alginate beads suspended in ethanol :water, 1 : 1 ,  and stirred 

at  200 rpn for 30  min.  This treatment was used to deactivate any 

contaminants introduced during the non-aseptic immobili zation procedure 

( Sect ion 3 . 6 . 2 )  and to activate spore germination (Krouwel et a I ,  1981 ) . 

The pH probe was inserted i nto the fermenter head during this treaG�ent . 

The ethanol : water solution was pumped from the fermenter and the 

a lginate beads were then washed three times with approximately 0. 6 1 of 

sterile 5 gil CaC1 2 . 2H20 solut ion and three t imes with steri le cheese 

whey permeate fermentation medium (Table 3 . 3 ) . A 2 . 5  em x 0 . 5 em teflon 

f i lter with mul t iple 0 . 5 0  mm slits ,  situated at the base of the 

ferrnenter vessel ,  was used to effect liquid entry and removal wi t.hout 

bead removal .  

The fermenter was f illed ( 0 . 6 l itre ) with cheese whey permeate . 

The pH value of the fermenter contents was adjusted to pH 5 . 8-6. 0 us ing 

ammonia solution and controlled at this value for 2 2-26 h.  The di lution 

rate during this time was mai ntained at less than or equal to O . lh-l • 

Spore germination ,  as observed by gas release fra� the beads , and/or 
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floating beads « 1 % )  occurred after this time . The pH control was 

stopped and the dilut ion rate was increased to 0 . 1 5  - 0 . 20  h-l as 

appropriate. The concentration of fermentation products was closely 

monitored in order to determine the procedure for increasing the 

d ilution rate . 

3 . 7 . 4 . 2 Fluidized Colwnn Reactor (FCR) Apparatus 

The vertical fluidized column reactor apparatus is schematically 

depicted in Figure 3 . 3 .  The unj acketed column was 4 2  cm high , and 4 em 

i n  diameter for 36  em of its heigh t ,  widening to 5 . 5 em for the 

remaining 6 em. The total worki ng volume of the reactor was 0 . 4 5 1 .  

A porous plate containi)�g evenly distributed apertures of 0 . 5 rrnn 

d iameter was situated 6 cn{' above the column base and supported the 
J 

alginate beads . Liquid mix1ing and particle flu idization was fac i l itated 

by rec irculating medium us ing a peristaltic pump (Watson-t-1arla.v Limited, 

Falmouth , Cornwall , England. Type 603 UR 165 ) . The column was inc l ined 

at a 10°  angle from vert ical to enable good degassing and medium mixing 

to occur. 

Feed medium was cont inuously fed to the top of the column using a 

r1asterflex peristaltic pump . Effluent outflow was controlled via a 

f ixed level teflon filter as described in the previous section . 

Temperature control was by means of a thennostated circulating 

water bath and a heating coi l  wrapped around the column. 

Si licone antifoam ( 1 0% (v/v ) solut ion ) was added to the top of 

the column via a peristaltic pump using a t imer mechanism to control the 

i nterval between each dose and the durat ion of dosing.  

The feed medium was kept anaerobic by sparging with oxygen-free 

n itrogen gas . The ferrnenter was kept anaerobic during the start-up 

phase by flushing oxygen-free nitrogen gas across the culture surface . 

The fermentation start-up procedure was identical to that 

described for the CSTR in Section 3 . 7 . 4 . 1 ,  except that semi-synthetic 

medium containing glucose (Table 3 . 4 )  was used on the feed medium. pH 
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control during start-up was not used . The initial dilut ion rate was 

approximately (O. lh-l and was increased after 24 h as necessary. Spore 

germination as evidenced by gassing occurred after this time .  

3 . 7 . 4 . 3  Determination of Alginate Bead Fraction 

The fraction of alginate beads in  the reactor ( l-E )  was determined 

by measurement of the total and l iquid volumes . Beads were placed into 

a fine mesh "fish net " and gently squeezed by hand to remove entrained 

moisture . Compression was not so severe as to alter the bead shape or 

i ntegrity.  The beads were then placed into a measuring cyl inder 

containing a known volume of d isti lled water. The total volume minus 

the known initial volume equals the bead volume . 

/ 
3 . 7 . 5 Continuous Fermenta�ion Us ing Free Cells with External Cell 

Recycle by Cross-Flow Microf iltration (CFM )  

3 . 7 . 5 . 1 Plate and Frame CFM Apparatus 

A �1ultigen F2000 Benchtop culture apparatus was used ( Sect ion 

3 . 7 . 4 . 1 )  with a 2 litre vessel of 0. 4 1 working volume . Figure 3 . 4 

g ives a diagram of the fermenter head, and Figure 3 . 5 and Figure 3 . 6 

shew a schematic diagram and a photo respectively , of the fermenter 

cell recycle apparatus plus its anc i l lary equipment . 

A Horizon pH Controller was used for pH control in conjunction 

with a 1'1asterflex peristaltic pump for amnonia solution delivery and a 

Kent combinat ion pH electrode . A heating element was used to control 

the ferrnenter temperature. After steri l i zing , the ferrnenter was cooled 

using a thermostated waterbath under a nitrogen atrrosphere . The 

fermenter was inoculated ( 1 %  v/v ) and ma intained at the desired 

temperature in the water bath for 5 hours prior to connecting it to the 

fermenter apparatus . Ag itat ion was maintained at 50 rpm and was 

provided by a single 6-bladed disc turbine rrounted 3 cm above the vessel 

base . A culture volume of 1 .  2 1 was used for the init ial batch 
fermentation phase . 

The Plate and Frame CF�1 system was a IB llicon® cassette system 

(Millipore Corporat ion ,  Bedford , Hassachusetts , U. S .A . , Part N:> .  XX42 



I 
H 0 0 

GO O J  

O K 
A F O 

0 OL 
E O ;' 

;I 

DO 
O Q  cO 

0 

A Ag itator sh aft 
B Cond uct iv ity level probe/ I n oc u lation p o rt 
C Thermometer 
o C u l ture feed l i n e  to C F M  u n i t  
E Antifoam i n let 
F Fi ltrate ret u rn l i n e  from CFM u n it 
G Therm o c o u p l e/Tem peratu re control 
H A m m o n i a  s o l u t i o n  i n let 

O M 

I C u l ture (con cen trate) return from C F M  u n it 
J M e d i u m -feed i n let  
K N2g as-outlet  
L p H  probe 
M N2 gas- i n let  
N Heati n g  element 
o B i o mass removal 

F i g u re 3 . 4 .  The ce l l  recyc l e  ( C F M )  fe rmenter h ead . 

8 5  



86  

00060 high vohrrne cell )  obtained via Smith-Biolab Ltd (Auckland , New 

Z ealand ) .  The unit was constructed of acrylic.  

The high volume cel l  employs a plate and frame design which 

manifolds incaning fluids , distributing them in tangential-f low paths 

across parallel layers of membrane . A recirculation flowrate of 

3 L/minute/m2 is recommended for the Mi llipore membrane cassettes to 

minimize polarization or filter  fouling (Operation Manual OM 029 , 

Millipore Corporation ) .  No back pressure was applied to the system. 

The initial retentate to fi ltrate flow ratio was approximately 3 : 1  using 

d isti lled water and a clean membrane . 

Two cross-flow microfi ltrat ion microporous membrane cassette 

systems were independently used in the Pellicon system: 

( a )  Durapore cassette module (Mi llipore Corporation ) of 0 . 5 m2 

membrane areal and 0. 4 5 )..1l11 pore size . A coarse retentate 

screen ( HVLP 00OC5 ) was used . 

( b )  Ultrasart II  cassette system ( Sartorius GnbH , Gottingen ,  

Federal Republic of Germany ,  obtained via �1edic Dffi Ltd ,  

Lower Hutt,  New Zealand ) ,  of 0. 7 m2 membrane area and 

0 . 2 )..IITI pore size.  

A Procon® posit ive displacement rotary vane pump (Metone , 

Victoria , Austral ia ) connected to a fixed speed AC motor ( 1 4 25 rpm) was 

used to feed the Pell icon CFM system. This pump had a flowrate of 

approximately 4 . 5 l/min against a 69 kPa back pressure . Black 

polypropylene tubing was used to connect the fermenter to the rotary 

vane pump and Pell icon CFM system. 

After a batch fermentation for 24-28 h ,  the fermenter was 

aseptically connected to the CFM device via quickfit glass connectors . 

The fermenter volume was reduced by flushing out the CFM unit to 

d isplace the hold-up volume , prior to connecting the two units . 

Oxygen-free nitrogen gas was swept across the culture surface during 

cont inuous operation .  

Feed medium supply and fermenter culture removal from the 

fermenter were accomplished using Mas terflex peristalt ic pumps . 
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A three-contact conduct iv ity probe plus conduc t iv ity leve l 

con trol ler apparatus were used to cont rol the cu l ture level i n  the 

ferrnenter ( Appendi x  2 ) .  The cul tu re volume was mai ntai ned constant i n  

the apparatus by mai n ta in i ng the s um  o f  the cul ture ( biomass )  removal 

rate and f i l trate removal rate equal to the med ium feed rate (overa l l  

volume tr i c  d i lut ion rate ) .  F i lt rate was removed f rom the fenre ntat ion 

system u s i ng a peri s ta l t ic pump connected to the conduct i vity leve l  

controller apparatus and us i ng a 50 m l  reservo i r  w ith overf low arm to 

return f i l trate back to the fermenter. Hence , the overal l  d ilut ion rate 

cou l d  be varied up to the maximum capac i ty of the f i l ter device .  

Samples o f  the fermenter cu lture for biomas s  determi nat ion or 

m icroscop ic examinat ion were taken f roll1 the concentrate return l ine to 

the fermenter via a bleed va l ve .  

Th e  microporous membrane cassette systems were f lushed w i th 

d is t i l led water afte r  use. They were then cleaned by rec ircu l at i ng 

G . 1M sodi um  hydroxide solu tion for 1 0  m i nutes. This s tep was repeated 

2-3 t imes . Membranes were s tored i n  O. lM sod ium hydroxide between use 

( Operatio n  r'1anual OM 0 2 9 , t1i l lpore Corporation ) . 

3 . 7 . 5 . 2 Hollow Fibre CFM Apparatus 

A Mul t igen F 2 0 0 0  Benchtop culture apparatus was used with a 2 

I i  tre vessel of 0. 3 5  1 working volurne. The fermenter apparatus and 

anc i l lary equipment was the sa�e as described in Sect ion 3. 7. 5. 1 except 

f or the CFt1 membrane system and the CFM rec irculat ion pump. 

An A�icon Di aflo® Hol low F ibre Cartridge ( Type H ll'1PO l-43 ) f itted 

i n  a IH 2  hol low f ibre cartridge holder equ ipped w ith an i nlet pressure 

g auge was obtai ned from Am i con Corporation ( Danvers , Massachusetts , 

U . S .A. ) through N. Z .  Med ical and Sc ient i f ic Ltd ( Auck land , New Zealand ) .  

The CFM cartridge ( 0. 0 3  m2 membrane area ) conta i ned 55 f ibres of 1 . 1 mm 

d i ameter constructed of po lysulfone with a pore s i ze of 0 . 1 pm. The 

hollow f i bre cartridge had a maximum i nlet operat i ng pressure of 205 

kPa . A backpressure val ve on the DH2 cartridge holder out l e t  was used 

to control the back pre ssure . The recommended reci rcu lat ion rate was 

0 . 6- 1 . 8 l/min. ( Amicon Pub l icat ion No. l- l l 6C ) .  
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A peristaltic pump (Watson-Marlow Ltd , Falmouth , Cornwall ,  

England , Type 603 UR 165 ) was used to circulate the fermenter culture to 

the CFM apparatus . Norprene tubing (Norton Company , Worcester , 

Massachusetts , U . S .A . ) was used in this  peristalt ic pump . 

The apparatus was operated as described in Section 3 . 7 . 5 . 1 .  

3 . 7 . 5 . 3 TUbular CFM Apparatus 

The fermenter apparatus used is described in Section 3 . 7 . 3 . 2 .  The 

fermenter vessel was a 7 litre pyrex glass vessel (New Brunswick 

Sc ientific Co . ) of 1 . 1-1 .  2 litre working volume . Figure 3 . 4 gives a 

d iagram of the fermenter head with the exception that temperature 

control was provided using internal coi ls rather than a heating element. 

Agitation was maintained at
" 

50 rpm and was provided by a single 4 flat 
, 

bladed impeller ( 8  em diameter )  si tuated 6 em above the base of the 

ferrnenter. Agitation was stopped when cell  recycle was commenced . A 

schematic diagram and photo of the fermenter cel l recycle apparatus plus 

ancillary equipment are depicted in  Figures 3 . 7 and 3 . 8 respectively . 

A Horizon pH Controller was used for pH control in conjunction 

w i th a �1asterflex peristaltic pump for ammonia solution del ivery and a 

Kent combination pH electrode. A Versaprint recorder was used to 

continuously record fermenter temperature and a Sekonic recorder to 

continuously record the cul ture pH . 

Antifoam solution ( 1 0% (v/v ) Bevaloid 5901 ) was manually or 

automatically added via a peristaltic pump us ing an electronic timer 

( B iotechnology Department, 11assey University )  to control the duration 

o f ,  and interval between additions . 

Variable speed peristalt ic pt.rrnps (Masterflex ) were used for feed 

medium metering,  ferrnenter culture removal from the fermenter, and 

f i ltrate removal from the system. 

A Norton Ceraflo® assyrnetric ceramic microfilter cartridge ( 0 . 1 m2 

membrane area ) was obtained from the Norton Company (Worcester, 

Massachusetts , U . S .A . ) via the Amicon Corporation ( Danvers , 

Massachusetts , U. S . A. ) through N . Z .  Medical and Scientific Ltd 
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(Auck land , New Zealand ) .  Th e  C PM  cartri dge contained 2 8  tubes o f  0. 2 8  

c m  d i ameter constructed of s intered alumina with a surface pore s i ze o f  

0 . 4 5 Mffi. Th i s  membrane cartridge could be s team steri l i zed and operated 

a t  temperatures up to 750°C and pressures up to 1 5 5 0  kPa . The maximum 

f lowrate was 50 l i tres/minute . 

The membrane cartridge was constructed of 3 1 6  1 stainless stee l 

a nd equipped w i th standard san i tary clamp f it t ings to connec t  the 

c artridge to the feed pump . Te f lon f it t ings were used on the f i l trate 

outlets . 

An Amicon Lab-Scale variaJ:)le speed motor (Ami con Corporat ion , 

Model DC lOLA ) f it ted w i th an Al bin gear pump uni t (Albin Ltd ,  Georg i a ,  

U . S . A . , Type RBS- 4-83 1 5 0 ) was used to feed the CFM cartridge . Th is pump 

had a maximum f lowrate capac i ty of 3 0  l it res/min at 1 70 kPa and a 

maximLLTTI d i �charge pressure, of 3 1 0  kPa . The CFM feed and return l ines 

were placed below the fermenter culture leve l .  

The pressure d i fferent i a l  across the membrane was mainta i ned at 

1 4- 1 7  kPa . A bal l  valve on the concentrate outlet was used to provide 

backpressure for f i ltrate f low .  Flow through the CFM cartridge was 

ma intained as high as pract i ca ll y  poss ible for continuous operation of 

the apparatus . 

A three-contact conduct i v ity probe plus conductiv i ty level 

controller apparatus (Append i x  2 )  was used to control the cu l ture level 

i n  the fermenter operated as described i n  Sect ion 3 . 7 . 5 . 1 .  

I n i t i a l ly the fermentat ion was operated i n  batch mode ( 4  l itre 

cu lture volu,'11e ) under pH control at a va lue of pH 5 . 4-5. 6 .  )\t the 

commencerre nt of cel l  recycle the fermenter was connected to the cel l  

recycle system and the hold up volume o f  the unit d i sp laced to waste . 

I1edium feed was commenced . Oxygen-free ni trogen gas was swept across 

the cul ture surface dur ing cont inuous ope rat ion . Cu lture removal was 

commenced at a later t ime . 

DJring con t i nuous operat i on the Ceraflo membranes were "cleaned " 

by a technique known as back f lush i ng .  Th is membrane self- Clean i ng mode 

o f  operat ion i s  des igned to reduce membrane fou l i ng and fac i l i tate long 
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term operation . Th is was controlled using an electronic sequence timer 

( B iotechnology D2partment , Massey Un iversity ) .  A separate electronic 

t imer controlled the interval between backflush operat ions . Once 

activated , an energised open solenoid valve (Honeywell  Inc, Sk inner 

Valve Divis ion , Connecticut , U. S . A . ) was closed , block ing the filtrate 

f low and allowing the pressure to rise in the f i ltrate side of the 

membrane cartridge and equilibrate at the transmembrane pressure 

( average of the inlet and outlet pressure ) .  Concurrently the feed 

medium pump was stopped . After allowing the pressure to increase on the 

filtrate side a second solenoid valve was opened ( 0 . 5 - 2 seconds ) and a 

nitrogen gas purge ( 1 4 0-205 kPa ) was used to force filtrate in the 

f i ltrate l ine back into the membrane cartridge . Th is valve was then 

shut and after a 10 second delay the other solenoid valve reopened to 

allow fi ltrate to flow back to the fennenter.  After a further delay 
I 

sequence ( l, min - 5 min )  the feed medium pump was restarted . This delay 

enabled the membrane cart�idge to remove by filtrat ion that volume of 

f iltrate forced by backflushing back into the concentrate side of the 

membrane and hence into the fermenter. 

A portable fan placed in front of the pump, was used to assist 

fermenter temperature control by removing heat input from the CFM 

pumping operat ion . 

The membrane cartridge was cleaned by the following procedure : 

1 .  Cold water flush/5 min 

2 .  2 . 0% (w/v ) sod ium hydroxide/6 0°C/3 0 min recirculation 

3 .  Hot water flush/60°C/5 min 

4 .  0 . 5 %  (w/v ) nitric acid/60°C/3 0 mi n recirculation 

5 .  Cold water flush/5 min 

and stored in  distilled water prior to use . The cartridge and lines 

were left in 0 . 5% (w/v ) sodium hydroxide solution overnight prior to 

use , then f lushed with distilled water prior to connection with the 

fermenter. 
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3 . 7 . 6  In-Situ Gas-Stripping/Condensation for Solvents Recovery 

95 

The Multigen F2 000  Benchtop culture apparatus (New Brunswick 

Sc ientific Co . ) using a 2 litre capaci ty pyrex glass vessel of 1 . 2 l itre 

working volume with a polyethylene-polypropylene head , was used. Figure 

3 . 9 shows a schematic d iagram of the experimental apparatus . 

Cont inuous pH measurement and one way control of pH were performed 

using an Automatic Mini pH Control system as described in Section 

3 . 7 . 3 . 1 .  A Honeywel l  Versaprint mU ltipoint chart recorder was used to 

continuously record the culture pH and temperature . 

Agitat ion was mai ntained at 50  rpm and was provided by an impeller 

assembly of two, 6-bladed disc-turbine impellers mounted at 3 ern above 

the vessel base and 3 ern below' the liquid surface . At the commencement 
/' 

of gas-stripping, oxygen-free nitrogen gas was introduced into the 

fermenter via the agitati�n shaft through 8 sparge holes ( 0 . 5 mrn 

d iameter)  at i ts base.  Exi t  gas was passed from the ferrnenter to the 

condenser apparatus ( 1 0  l itre ) containing a cold f inger,  prior to being 

recirculated to the ferrnenter usi ng a twin head Masterflex peristaltic 

pump . The cold f inger ( 30 ern x 6 ern ID) contained sol id carbon d ioxide 

(approximate sublimation temperature = -60°C ) which was periodically 

replaced . Tubing associated with the nitrogen-gas recirculation loop 

had a wall  thickness of 2 . 5 mrn to minimi ze oxygen diffusion or 

diffusivitive gas losses . 

Ni trogen gas inlet/out let bubble meters were used to ensure that 

a pos itive nitrogen flow operated in the recycle system and that no a ir 

was drawn i n .  

At the completion of the experL�ent, the condenser apparatus was 

d isassembled and the frozen condensate was scraped off , or allowed to 

thaw from the cold f inger and was analyzed . 

Ant i foarn emuls ion ( 1 0% w/v,  Dow Corning ) was added to the culture 

using an automatic foam control system, and was used to suppress the 

severe foaming generated by the in-s itu gas-stripping .  When foam 

contacted the stai nless steel sensor , the completed foam controller 

circuit (Design Electronics , Palmerston North , New Zealand ) activated a 
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Hasterflex peristaltic pump to add a small  dose of sterile antifoarn 

solution to the fermenter .  Foam collapse caused the circui� to be 

broken and the pump to stop . To avoid excessive antifoam addit ion, the 

foam controller power i nput was activated 1 minute out of every 15  

minutes by an electronic t iming dev ice ( Biotechnology Department , Massey 

Un iversity )  • Therefore two condit ions had to be met to facilitate 

antifoam addition ,  first , the foam had to contact the sensor and 

second , the controller had to be act ivated by the electronic timer. 

3 . 8 BATCH FERMENTATION DIWTION CORRECI'ICN CALCUIATION 

In sane batch fermentations , pH-control was used . The total 

culture volume removed during sampl ing ,  and the pH correctant solution 

volume added , were measur� with time. These data were used to 

determine correction fact�rs which were used to adjust analytical data 

for the calculation of fermentation parameters , so as to enable an 

equitable comparison with parameters obtained from batch fermentat ion 

experiments where no pH-control was used. The following equat ions were 

used : 

Le t :  t = time 

S '  1 

S '  1 

S 

V = volume of culture ( in fermenter)  at time ti 
s = absolute substrate/product concentrat ion 

N = volume of pH correctant solution ( ammonia ) added between 

t i-l and q 
v = volume of culture ( sampl i ng ) removed at ti 

= V x s 
Vi 

= Vi-l + N - v * Si-l 
Vi-l + N 

= Si-l 

Vi-l + N 

adjust answers by the ratio Si nitial  
Smeasured 

( 1 )  

( 2  ) 

( 3 )  
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3 . 9  DISCUSSION OF METHODS 

During GC analysis:  Method I ,  used for work described in Chapters 

4 and 5, some diff iculty was experienced in obtaining good separation of 

the acetic acid (sample ) and formic acid peaks ( internal standard ) .  

De spite the use of various integrator programme options to minDnize this 

e ffect (operating the GC under optDnal conditions for other sample 

product determination ) , the errors associated with acetic acid 

measurement were estimated to be 10-15%.  The error associated with the 

measurement of other sample products using i'1ethod I was estimated to be 

5 % .  

I n  GC Method I I ,  errors were estimated to be less than 2% for 

acetone and butanol , and 3-5% for ethanol , butyric acid and acetic acid 

analyses . The use of an autosampler enabl ing frequent standard 

analyses , Jand integrator ,calculated response factors fac i l itated small 

measurement errors . 

In GC Method I I I , errors were estDnated to be 2-3% for acetone and 

butanol , and 5% for eU1anol , butyric acid and acetic acid analyses . 

The errors associated with the HPLC analysis of sugars ( Sect ion 

3 . 5 . 6 )  were estimated to be 3-5% for Method I and 2% for Hethod I I .  

The preparation of alg inate beads as described i n  Sections 3 . 6 . 1 

and 3 . 6 . 2 was carried out at the Delft University of Technology , Delft , 

The Netherlands . These beads were imported to New Zealand and work 

continued at �1assey Uni versi ty. No differences in  fermentation 

performance were detected between simi lar experiments conducted at the 

two sites , hence data have been treated integrally . 

The inoculum development procedure described in Sect ion 3 . 7 . 2  was 

a key aspect for the successful operation of a batch fermentation 

experiment . Variations in the inoculum ratio, used in the second step 

of the i nocult..un developnent procedure , were used to account for 

unexplained variations in  the germination rate of heat-shocked spores . 

The procedure of transferring a motile inoculum ( i . e .  exponential growth 

phase cel ls ) to freshly autoclaved and cooled medium ( complete operation 

completed within 2 h ) , with the medium surface flushed with oxygen-free 
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nitrogen gas during medium cool ing and unt il  visible gass ing occurred 

due to bacterial growth , was rigorous ly followed . This procedure gave 

reprooucible results characteri zed by a small  fennentation lag time 

( 2-3 h )  and good growth . 



1 0 0  

CHAPTER 4 

STRAIN SELOCI'IOO AND PRELIMINARY EXPERIMENTS 

4 . 1  INTROOOCTIOO 

At the commencement of this study , only a few literature reports 

were avai lable describing the use of whey or deproteinated whey 

( hereafter referred to as permeate ) for the production of solvents by 

batch fermentat ion ( e . g .  Mpddox , 1980 ; Gapes et aI , 1983 ) .  In 

addit ion , Compere & Griffith , ( 1979 ) had presented some data on the 

fermentat ibn of lactose i,n semi-synthetic medium by various strains of 

C . butyl icum and � acetobutylicum. Subsequently , reports by Schoutens 

et aI , ( 1 984 ) using cheese whey permeate (� be ijerincki i  LMD 27. 6 )  and 

vJelsh & Ve liky, ( 1 984 ) using acid cheese whey (� acetobutylicum ATCC 

8 2 4 )  were publ ished . Generally , these workers reported long 

fermentation times ( 80-120 h )  result ing in  much lower productivities 

than achievable on industrial rredia , e . g .  molasses , or simple glucose 

media.  

Two strains of � acetobutylicum dominate the published literature 

concerni ng the ABE fermentat ion in  general . These strains are 

� acetobutyl icum ATCC 824 and C . acetobutylicum P262 ,  the latter 

organism bei ng an industrial strain used by National Chemical Products , 

Germiston , South Africa . 

The objective of the work described i n  this chapter was to 

i nvestigate the abi l i ty of these two strains to produce solvents from 

sulphuric acid casein whey permeate , lactose-hydrolysed sulphuric acid 

casein whey permeate , and various sugars in semi-synthetic medium. �1e 

experiments us ing the semi-synthetic medium were conducted to cC>JTq?are 

the individual sugars as substrates for the process , with the 

possibil ity of us ing lactose-hydrolysed permeate as substrate .  
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Initial screening experiments were conducted on a lOO�l scale at 

both 30°C and 37°C.  The experimental procedure was as described in 

section 3 . 7 . 1 .  Samples were taken dai ly over a 7 day period , for 

solvents , aci ds and sugars analysis , and pH determi nation . A subsequent 

series of exper iments was conducted in a fermenter ( 5  1 )  at 34°C , us ing 

the experimental procedure described in Section 3 . 7 . 3 . 2 ,  without any pH 

control . 

4 . 2 RESULTS AND DISCUSSION 

4. 2 . 1  100�1 Scale Batch Fermentation 

The results for the production of solvents fran whey permeate , 

semi-synthetic  medium ( ssm ), containing lactose , ssm + glucose, 

ssm + galactose , lactose:"'hydrolysed whey permeate and ssm + 
J, 

glucose/galactose are summarized in Tables 4 . 1 to 4 . 6  respectively . 

The fermentation time ,  tf , is the time including any lag-p:1ase , 

when the butanol concentration was 90% of the maximum concentration 
observed . This was determi ned from a time course prof ile of each 

fermentation . The f inal pH value , concentrat ion data , sugar uti l ized , 

percentage sugar utilization ,  yield and mean reactor productivity 

values were determined at this time tf . The mean reactor product ivity 

was calculated as : total solvent concentrat ion/tf (g/l . h ) . The maximum 

observed butanol production rate and maximum observed sugar uti lization 

rate values , were obtained from the time course profi le by tak ing 

tangents from the butanol production and sugar ut ilization curves 
respectively . 

Strains ATCC 824 and P262 both produced solvents from whey 

permeate at 30°C and 37 °C (Table 4 . 1 ) .  Strain P262 produced higher 

solvent concentrations than ATCC 824 , typically 9 . 5 gil at 30 °C and 7 . 7 
gil at 37°C , after 39 . 2  h and 33 . 6 h respectively . A mean reactor 

product ivity of 0 . 2 4  g/l . h  at 30°C was obtained with strain P262 

Compared with the highest value of 0. 0 8  g/l . h  obta ined at 37°C using 

strain ATCC 8 2 4 .  This particular result for strain ATCC 8 2 4  i s  very 

s imi lar to that reported by Welsh & Veliky ,  ( 1 984 ) . In each instance , 

s imi lar cel l  concentrations were obtained after 24 h fermentat ion , 
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Table 4 . 1 Production of solvents from sulphuric acid casein whey 
permeate by � acetobutyl icum ATCC 824 and � acetobutyl icum 
P 262 

Initial pH 
Final pH 
Fermentation time , tf ( h )  
Butanol (g/l ) 
Acetone (g/l ) 
Ethanol (g/l ) 
Acetate (g/l ) 
Butyrate (g/l ) 

Rat io of solvents 
( A : B : E )  

Suga r  uti l i zed (g/l ) 
Sugar uti l i zation ( % )  
Yield at time tf (g/g ) 
Yield at 168 h (g/g ) 

Mean reactor productivity 
( g/1 . h )  

Maximum observed butanol 
production rate 
( g/1 .  h ) x 10-2 

l'1aximum observed sugar 
u t i l i zation rate 
( g/1 . h )  x 10-1 

� acetobutyl icum � acetobutyl icum 

30  

5 . 3 0  
4 . 4 5  

96 . 0 
3 . 20  
0 . 6 5  
nd 
2 . 30  
3 . 20  

I 

ATCC 824 P262 

Temperature ( OC )  
3 7  30 

5 . 3 0  
4 . 50  

5 2 . 0 
3 . 4 0  
0 . 8 5  
0 . 1 5  
2 . 20  
1 .  9 5  

5. 35  
4 . 70 

39 . 2 
7. 00 
2 . 5 
nd 
0 . 90  
nd 

3 7  

5 . 3 5  
4 . 8 5  

33. 6 
6 . 0 0  
1 .  6 0  
0 . 1 0  
1 .  0 0  
nd 

1 . 7 : 8 . 3 : 0  1 . 9 : 7 . 7 : 0 . 4  2 . 6 : 7 . 4 : 0  2 . 1 : 7 . 8 : 0 . 1  

20. 0 
54 . 8  

0 . 1 9  
0 . 1 9  

0 . 0 4  

1 2 . 9 

7 . 1 

2 1 .  0 
5 7 . 5 

0 . 2 1  
0 . 2 2  

0 . 08 

1 1 .  7 

6 . 7 

22 . 4 
55 . 4 

0 . 4 2  
0 . 38  

0 . 2 4  

16 . 8 

7 . 4 

20. 9 
51 . 7 

0 . 3 6  
0 . 3 6  

0 . 2 3  

23 . 2 

8 . 6 

Cel l  number after 24  h 
( no./ml ) 3 . 2 x 1 08 4 . 9 x 108 6 . 3  x 108 4 . 0 x 108 

nd = none detected 
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indicating that the specif ic solvent production rates for strain P262 

are superior to strain ATCC 824 on this substrate . LDwer yields were 

obtained using strai n  ATCC 824 than using strain P262 .  Sl ightly greater 

than 50% lactose utili zation was observed in each fermentation . 

Both strains produced solvents from ssm + lactose (Table 4 . 2 ) . 

Strain ATCC 824 demonstrated acid production (and low solvent yield ) at 

3 0°C , while solvent product ion was observed at 37°C ( 8 . 8 5  gil ) . These 

data show that this  strain can utilize lactose for solvent product ion 

and that whey permeate is a poor medium compared to the ssm + lactose. 

The fermentation at 3 7°C was very slow however ;  a low mean reactor 

productivity was observed. For strain P262 on this medium, solvent 

production was favoured at 30°C compared with 37°C (Table 4 . 2 ) .  

However , longer fermentatio� times and hence lower mean reactor 

productivities were obtained' compared with whey permeate (Table 4 . 1 ) . 

In addition ! lower cell  numbers were obtained compared to those on whey 

permeate. 

High solvent concentrations were obtai ned on ssm + glucose for 

both strains (Table 4 . 3 ) , confirming their  solventogenic capabil ity on 

this sugar .  Considerably higher sugar utilization was obtained for both 

strains compared to that obtained on whey permeate (Table 4. 1 )  or ssm + 

lactose (Table 4 . 2 ) . Solvent concentrat ions and yields at 30°C were 

similar for both strains , with the yields be ing close to that 

theoretically predicted . A temperature of 30°C was more favourable than 

3 7 °C for both strains . Strain ATCC 824 produced 15 . 2 gil solvents in 

8 8  h. The fermentation time in this instance included a 36 h lag period 

( data not shown ) . Recalculating the mean reactor productivity using a 

fermentation time of 52 h gives a value of 0 . 2 9  g/l . h .  The mean reactor 

productivity obtai ned at 30°C by strain P262 ( 0 . 2 2  g/1 . h )  was simi lar to 

that obtained on whey permeate . 

Data i n  Table 4 . 4 show that galactose is a very poor substrate for 

solvent production by strain ATCC 824 , confi rming the observat ion of 

Mes-Hartree and Saddler ,  ( 1 982 ) . Predominantly acids were produced at 

both 30°C and 37°C . Conversely , strain P26 2  was capable of utilizing 

galactose for solvent proouction . Solvent concentrations , yields and 

mean reactor product ivities were very s imi lar to those obtained on ssm + 
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Table 4 . 2 Production of solvents from semi-synthetic medium containing 
l actose by � acetobutyl icum ATCC 824 and � acetobutyl icum 
P262 

Init ial pH 
F inal pH 
Fermentation t ime , tf ( h )  
Butanol ( g/l ) 
Acetone (g/l ) 
Ethanol (g/l ) 
Acetate (g/l ) 
Butyrate (g/l ) 

Ratio of solvents 
(A : B : E )  

Sugar util i zed (g/l ) 
Sugar util ization ( % )  
Yi eld at time tf (g/g ) 
Yield at 168 hr (g/g )  

Hean reactor productivity 
(g/1 . h )  

Maximum observed butanol 
production rate 
( g/1 . h )  x 10-2 

Maxim�m observed sugar 
utilization rate 
( g/1 . h )  x 10-1  

Cell number after 24 hr  
( no./ml ) 

nd = none detected 

� acetobutyl icum 

ATCC 824 

C. acetobutyl icum 

P262 

30 

5 . 50 
4 . 28  

96 . 0 
0 . 60 
0. 2 0  
0 . 1 0  
4 . 75 
4 . 4 0  

Temperature ( OC )  
3 7  30 

5 . 50 
4 . 7 5  

162 . 0 
6 . 50 
1 .  90 
0 . 4 5  
1 .  9 0  
1 .  7 0  

5 . 70 
5 . 2 5 

96 . 0 
6 . 70 
2 . 60 
0 . 1 5  
1 .  40 
0 . 50 

37  

5 . 70 
5 . 00  

96 . 0 
1 .  00 
0 . 50 

nd 
2 . 00 
2 . 2 5 

2 . 2i 6 . 7 : 0 . 1 2 . 2 : 7. 3 : 0 . 5  2 . 8 : 7 . 1 : 0 . 1 3 . 3 : 6 . 7 : 0  

1 5 . 0 
3 1 .  3 

0 . 06 
0 . 06 

0 . 01  

1 . 2  

3 . 9 

34 . 5 
7 1 .  9 

0 . 26 
0 . 2 6  

0 . 05 

8 . 6 

4 . 3  

24. 5 
51 .  9 

0 . 3 8 
0. 36  

0. 1 0  

1 2 . B 

4. 1 

5 . 5 
1 0 . B 

0 . 2 7  
0 . 28 

0 . 02  

1 . 2  

1 . 0  

3 . 3 x lOB B . 2 x 1 08 1 . 0  x 108 1 . 7 x 1 08 
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Table 4 . 3 Product ion of solvents 
containing glucose by 
and � acetobutyl icum P262 

from semi-synthetic medium 
C . acetobutyl icum ATCC 824 

Initial pH 
F inal pH 
Fermentation time , tf ( h )  
Butanol (g/l ) 
Acetone (g/l ) 
Ethanol (g/l ) 
Acetate (g/l ) 
Butyrate (g/l ) 

Ratio of solvents 
(A : B : E )  

Sugar utilized (g/l ) 
Sugar uti l ization ( % )  
yield at t ime tf (g/g )  
Yield at 168 h (g/g ) 

Mean reactor productivity 
( g/l . h )  

Maximum observed butanol 
production rate 
( g/l . h )  x 10-2 

Maximum observed sugar 
utilization rate 
( gil . h )  x 1 0-1 

Cell number after 24  h 
( no./rnl )  

nd = none detected 

� acetobutyl icum C .  acetobutyl icum 

P262 ATCC 824 

30 

5 . 4 0  
4 . 4 5 

88 . 0 
1 0 . 50  

3 . 4 0  
1 .  30  
0 . 90  

nd 

Temperature ( OC ) 
37 30 

5. 35  
4 . 15  

39. 0 
3 . 10 
1 . 20 
0. 10  
3 . 60 
1 .  60 

5 . 55 
4 . 90 

5S . 4  
9 . 00 
3 . 40 
0 . 25 
0 . 75 
nd 

37 

5 . 5 5  
5. 1 5  

4 1 .  6 
3 . 80  
2 . 60  
0 . 1 5  
1 .  60  
nd 

2 . 2/: 6 . 9 : 0 . 9  2 . 8 : 7 . 0 : 0 . 2  2 . 7 : 7 . 1 : 0 . 2  4. 0 : 5 . 8 : 0 . 2  

50 . 0  
100 . 0 

0 . 30  
0 . 36  

0 . 1 7  

24 . 2 

7 . 2 

18. 0 
36. 0 

0. 24  
0 . 22 

0. 1 1  

10 . 0 

7. 6 

40. 0 
80. 0 

0 . 32 
0 . 24 

0 . 22 

1 4 . 6 

9 . 9 

18 . 0  
36. 0 

0. 3 6  
0 . 32 

0 . 1 6  

13 . 2 

7. 1 

7 . 3  x lOS 1 . 2  x 109 8 . 5 x 108 5. 4 x 108 
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Table 4 . 4 Production of solvents from semi-synthetic medium containing 
galactose by � acetobutyl icum ATCC 8 24 and C .  
acetobutyl icurn P262 

� acetobutyl icum � acetobutyl icum 

ATCC 824 P262  

Temperature ( OC )  
30  37  30  37  

In itial pH 5 . 30 5 . 35 5 . 58 5 . 5 8  
Final pH 4 . 25  4 . 40 5 . 20  5 . 68  
Fermentat ion t ime , tf (h ) 96. 0 1 01 . 0  42 . 4  28 . 0  
Butanol (g/l ) 0 . 4 0  1 . 60 7. 1 0  6 . 20 
Acetone (g/l ) 0 . 20  0 . 90 2. 70  2 . 0 0  
Ethanol (g/l ) 0 . 05  0 . 25 0 . 20  0 . 1 5  
Acetate ( g/l ) 4 . 70 4 . 00 1 . 1 0  1 .  3 0  
Butyrate (g/l ) 4 . 55 2 . 75 nd nd 

/' Rat io of solvents 
(A :B : E )  3 . 1 : 6 . 1 : 0 . 1  3 . 3 : 5 . 8 : 0 . 9  2 . 7 : 7 . 1 : 0 .2 2. 4 : 7 . 4 : 0 . 2 

Sugar uti l i zed (g/l ) 7 . 5 1 2 . 0 32 . 6 27. 6 
Sugar uti l i zation ( % )  15 . 0 24 . 0 64. 4 54 . 5 
Yield at t ime tf (g/g ) 0 . 09 0 . 23  0 . 3 1  0 . 3 0  
Yield a t  1 68 h (g/g ) 0 . 1 0  0 . 19  0. 3 3  0 . 3 0  

Mean reactor productivity 
( g/l . h )  0 . 0 1  0 . 0 3  0 . 24  0 . 3 0  

�1aximurn observed butanol 
production rate 
( gil . h )  x 1 0-2 3 . 3 26 . 4 23 . 9  

Maximum observed sugar 
util ization rate 
( g/l . h )  x 1 0-1 1 . 5 2 . 6 1 1 . 8 10 . 7 

Cel l  number after 24 h 
( no'Lml} 3 . 0 x 1 08 6 . 9 x 108 1 . 1 x 109 4 . 8 x 108 

nd = none detected 
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glucose . Both of the rronosaccharide substrates were rrore favourable 

substrates than lactose (Table 4 . 2 )  for strain P262.  However, no 

s ignif icant increase in  mean reactor productivity was observed compared 

with whey permeate (Table 4 . 1 ) .  

The experiments using lactose-hydrolysed whey permeate (Table 4. 5 )  

and an equal mixture o f  glucose and galactose i n  semi-synthetic med ium 

( Table 4 . 6 )  conf i rm  the finding that for strain ATCC 824 , galactose is a 

poor substrate for solvent production . Solvents were produced from the 

glucose portion in both media .  This strain produced very law solvent 

concentrat ions from lactose-hydrolysed whey permeate although higher 

concentrations were produced from the ssm + glucose/galactose . This 

resul t confirms that the former mediu'TI is a poor substrate for this 

s train. Cel l  numbers were cOlTlParable for each substrate . Strain P262  

utilized both sugars s imul taneously but glucose was used preferentially 
J. 

to galactose in both media (Tables 4 . 5 & 4 . 6 ) . Simi lar yields and mean 

reactor productivity values were obtained on lactose-hydrolysed whey 

permeate (Table 4 . 5 )  and whey permeate (Table 4 . 1 )  suggesting that there 

is  no real advantage in  the hydrolysis of whey permeate prior to 

fermentation using strain P262.  Preferential uptake of glucose over 

galactose has also been derronstrated using � beijerinck i i  (Schoutens et 

a I ,  1 984 ) . 

4 . 2 . 2  5-Litre Scale Batch Fermentation 

A time course prof i le for the fermentation of sulphuric acid 

casein whey permeate at 34°C is given in Figure 4 . 1 for strain ATCC 824 

and Figure 4 . 2 for strain  P262 .  Results are summarised in  Table 4 . 7 .  

For strain ATCC 8 2 4 ,  solvent production commenced after 1 8  h 

( Figure 4 . 1 ) .  Aci d  production peaked after 25 h ( 4 . 85 gil total acids ) 

but acid uptake during the sol ventogenic phase was low . Only a small 

i ncrease in culture pH was observed at this time .  

For strain P262 ,  solvent production commenced after 1 1  h ( Figure 

4 . 2 )  and proceeded at a faster rate than with strain ATCC 824 (Table 

4 . 7 ) .  Acid product ion was lower (maximum 2. 6 gil total acids after 

1 3  h )  than occurred with strain ATCC 824 and a greater ac id uptake plus 

a greater increase in culture pH occurred . 
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Table 4 . 5 Product ion of solvents f rom lactose-hydrolysed sulphuri c  

acid casein  whey permeate by � acetobutyl icum ATCC 824 

and � acetobutyl icum P26 2  

� acetobutylicurn C .  acetobutylicurn 

ATCC 824 P262 

Initial pH 
Final pH 
Fermentation time , tf (h )  
Butanol (g/l ) 
Acetone (g/l ) 
Ethanol (g/l ) 
Acetate (g/l ) 
Butyrate (g/l ) 

Rat io of solvents 
( A : B : E )  

Sugar utilized (g/l ) 
Sugar utilization ( % )  
Yield at time tf ( g/g )  
Yi eld at 168 h (g/g ) 

Mean reactor productivity 
( g/1 . h )  

Maximum observed butanol 
product ion rate 
( g/1 . h) x 10-2 

Maximum observed g lucose 
ut ilization rate 
( g/l . h ) x 10-1 

Maximum observed galactose 
utilizat ion rate 
( g/l . h )  x 10-1 

/ 

3 0  

5 . 55  
4 . 0 5  

78 . 0 
0 . 9 0  
nd 
nd 

2 . 50  
3 . 1 0  

1 1 . 4a 

24 . 1  
0 . 08  
0 . 0 8  

0 . 0 1  

3 . 3 

3 . 4 

Temperature ( OC )  

3 7  30 

5 . 5 5  
4 . 15 

88 . 0 
1 .  0 0  
0 . 1 0  

nd 
2 . 3 5  
2 . 8 5  

5 . 58 
4 . 75 

62 . 4  
5 . 10  
1 .  80 
0 . 20 
1 . 20 
nd 

37 

5 . 58 
5. 05  

16 . 8 
5 . 70 
1.  50 
0 . 20 
1 .  40  
nd 

0 . 9 : 9 . 1 : 0  2 . 5 : 7 . 2 : 0 . 3 2 . 0 : 7 . 7 : 0 . 3  

1 3 . 9a 

2 9 . 4 
0 . 08  
0 . 0 7  

0 . 0 1  

2 . 3 

5. 2 

1 7 . 9b 

47 . 0 
0 . 39  
0 . 38 

0 . 11  

12 . 2 

6 . 4 

1 . 0  

18 . 4c 

48 . 3 
0 . 40  
0 . 40  

0 . 44  

28. 6 

8. 3 

1 . 9 

Cell  number after 2 4  h 
( no./ml ) 1 . 7 x 1 08 6 . 8 x 1 08 7. 4 x 108 5 . 7 x 1 08 

a no galactose used 
b 14 . 3 gil glucose , 3 . 6 gil galactose 
c 15. 0 gil glucose , 3 . 4 gil galactose 

nd = none detected 
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Table 4 . 6 Production of solvents from semi-synthetic medium containing 
g lucose and galactose by � acetobutylicum ATCC 824 
a nd � acetobutyl icum P26 2  

� acetobutyl icum � acetobutyl icum 

ATCC 824 P262 

Temperature ( OC )  

30  37 30 37 

Initial pH 5 . 25  5 . 25  5 . 58  5. 50  
Final pH 4 . 55  4 . 1 5  5. 30 4 . 98 
Fermentation t ime , tf ( h )  144 . 0 40 . 0 48 . 0 120 
Butanol (g/l ) 5 . 00  3 . 4 0  6 . 90  2 . 9 0  
Acetone (g/l ) 1 .  90 1. 00 2 . 90 1 .  8 0  
Ethanol ( g/l ) 0 . 20  0 . 1 5  0 . 30 0 . 1 0  
Acetate ( g/l ) 4 . 05 4 . 20 1 .  20 2 . 50  
Butyrate (g/l ) L ?O 1 .  40 nd O. S O  

Ratio of solvents 
(A : B : E )  2 . 7 : \7 . 0,: 0 . 3  2 . 2 : 7 . 5 : 0 . 3  2 . 9 : 6 . 8 : 0 . 3  3 . 8 : 6 . 0 : 0 . 2 

Sugar uti l ized (g/l ) 25. 0a 25 . 0a 2S . 0b 15. 2c 
Sugar uti l i zation ( % )  50 . 0 50 . 0  57. 1 31 .  0 
Yield at t ime tf (g/g ) 0 . 2S O . lS  0. 36 0. 3 2  
Yield at 1 6 S  h (g/g ) 0 . 3 1  0 . 2 1  0 . 36 0 . 3 2  

Mean reactor productivity 
( g/l . h )  0 . 0 5  0 . 1 1  0 . 2 1  0. 0 4  

l1aximurn observed butanol 
production rate 
( g/l . h )  x 1 0-2 7 . 5 36 . 3 15 . 0  3. 5 

�1aximurn observed glucose 
utilization rate 
( g/l . h) x 10-1 5 . 2 1 0 . 2 6 . 7 3. 9 

Maximum observed galactose 
utilization rate 
(g/l . h )  x 1 0-1  1 . 0  o.  7 

Cel l  number after 24  h 
( no·Lml} 4 . 9 x l OS 1 . 1 x 109 4 . 7  x lOS 4 . 1 x lOS 

a no galactose used 
b 24 . 0  gil glucose , 4 . 0 gil galactose 
c 1 4 . 0 gil glucose , 1 . 2 gil galactose 

nd = none detected 
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Table 4 . 7 Production of sol vents at 34°C , fran sulphuric acid 
case in whey permeate by C. acetobutyl icum ATCC 824 and 
� acetobutylicum P262 in a 5-l itre batch fermentation 
w ith no pH control 

In itial pH 
Final pH 
Fermentation time ,  tf (h ) 
Butanol (g/l ) 
Acetone (g/l ) 
Ethanol (g/l ) 
Acetate ( g/l ) 
Butyrate ( g/l ) 
Rat io of solvents (A : B : E )  
Sugar utilized ( g/l ) 
% Sugar utilizat ion 
Yield at time tf (g/g ) 

�1ean reactor productivity 
( g/l . h )  

Maximum observed butanol 
production rate 
( g/l . h )  x 10-2 

Maximum observed sugar 
utilization rate 
( g/l .  h )  x 1 0-1 

� acetobutyl icum 

ATCC 824 

6 . 1 5  
4 . 50 

46 . 0 
2 . 72 
0 . 74  
0 . 40  
1 .  9 0  
2 . 9 4  

1 . 9 : 7 . 1 : 1 . 0  
1 9 . 2 
29. 8 
0 . 2 1  

0 . 0 84 

1 8 . 0 

1 4 . 5 

� acetobutylicum 

P262 

5. 90  
4 . 80 

46 . 0 
6 . 00 
1. 9 5  
0 . 25  
1 . 1 0  
1 .  30 

2 . 4 : 7 . 3 : 0 . 3 
24 . 7 
46. 2 

0 . 33  

0 . 1 8  

27 . 5 

l l . 5 
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The yield and mean reactor productivity parameters obtained from 

these fermentat ions at 34°C (Table 4 . 7 )  agree wel l  with those given in 

Table 4. 1 for those fermentations conducted on a lOO-ml bottle scale . 

4 . 3 CONCLUSIONS 

Although the experiments described in this  chapter were not 

performed under ideal "controlled " conditions , the following general 

conclusions can be made : 

1 .  � acetobutylicurn ATCC 824  was able to produce so lvents from 

l actose (whey permeate and ssm ) and glucose but galactose was a 

poor substrate for so lvent production.  

2 .  � acetobutylicum P264-' was able to produce solvents from lactose 

(whey' permeate and ssm ) , glucose and galactose sugars . In 

mixtures of glucose and galactose both sugars were used 

s imultaneously but a preferential uptake for glucose was 

demonstrated. There appears no advantage in  hydrolys is of lactose 

prior to fermentation . 

3 .  The opt irnurn fermentation temperature varied for each substrate 

type and medium composition . 

4 .  Higher mean reactor product ivities were obtained on whey permeate 

using strain P262 than usi ng strain ATCC 824 . 

5 .  Incomplete lactose uti l i zation (approximately 50% ) was observed 

for both stra in P262 and strain ATCC 824 on whey permeate . 

Based on the results of this simple experiment , � acetobutyl icurn 

P 262 was chosen for further study . This part icular strain shows 

superior performance on whey permeate to that reported for other strains 

( Table 4 . 8 ) . However ,  the results obtained are still  inferior to those 

reported for an industrial molasses medi�m (Spivey , 1978 ) .  



1 1 4  

Table 4 . 8 Comparison of mean reactor productivities in batch fermenta
t ion for different strains of Clostridia using whole whey or 
whey permeate substrates 

Substrate 

Whey permeate 

Whey permeate 

�'lhey permeate 

Ac id whey 

\tJhey permeate 

r101asses 

Strain f>1ean Reactor Reference 
Productivity 

(g/l . h )  

� acetobutyl icum 0 . 1 4  Maddox , ( 1 9 80) 
NClB 29 51 
� butyl icum 0 . 0 9  Gapes e t  aI , ( 1 983 ) 
NRRL B-592 
� beijerinck i i  0 . 0 5  Schoutens et aI ,  ( 1 984 ) 
LHD 27 . 6 
� acetobutylicum 0 . 08 �'Velsh & Veliky ,  ( 1 984 ) 
ATCC 824 
� acetobutyl icum 0 . 24  This work 
P262  
? 0 . 55  Spivey, ( 1 978 ) 



CHAPI'ER 5 

PROOOCTIOO OF SOLVENTS BY BATCH FERMENTATlOO FRCX>1 SULPHURIC 

ACID CASEIN mEY PERMEATE USING C .  ACE'IOBUTYLICUM P262 

5 . 1 INTROOOCTICN 

1 15 

In the previous chapter it was reported that � acetobutylicum 

P262 could produce solvents from sulphuric acid casein whey permeate in 

h igh yields and with a product ivity superior to any previously reported 

i n  the literature on this type of substrate . The extent of lactose 

utili zation vIas poor ,  however ( approximately 50% ) . 
t' 

This J chapter presents data from a series of batch fermentation 

experiments ( 2  1 or 7 1 scale , Sections 3 . 7 . 3 . 1  - 3 . 7. 3 . 3 ) which were 

undertaken in an attempt to define the conditions for maximum solvent 

production , productivity and solvent yield fra-n the fermentat ion of 

sulphuric acid  case in whey permeate medium (Table 3 . 2 ) .  Principally , 

the pH value of the culture was investigated for its effects on the 

fermentation process . Time course fermentation profiles were determined 

for each experiment in order to more closely follow the kinetics of the 

f ermentation process . A fermentation temperature of 34 °C was selected 

for this work since this temperature has been used on an industrial 

scale with this organism (Spivey , 1978 ) . Results from this work are 

described in  Section 5 . 2 . 1 .  

Attempts to correlate mi crobial morpholog ical changes with the 

fermentation kinetics were undertaken , and these observations are given 

i n  Section 5 . 3 .  

In Section 5 . 4 ,  batch fermentation experiments are reported for 

lactose-hydrolysed sulphuric acid casein whey permeate and 

semi-synthet ic medium containing glucose , using the opt imal fermentation 

conditions determined in Section 5. 2 .  These experiments were conducted 

i n  order to more closely examine the use of these substrates and to 

re-examine the prel iminary data reported in Chapter 4 .  



5. 2 OPTIMI ZATION OF �TCH FERMENrATlOO CULTURE CONDITlOOS 

5. 2 . 1 Results 

116 

The results for all experiments a re summarised in Table 5 . 1 and 
t ime course profiles for each fermentation are shown in Figures 5 . 1 -
5 . 1 0 . Concentrat ion data have been corrected for dilut ion effects 

( Sect ion 3 . 8 )  in those experiments where pH control was used . The 

dilution effects varied between 5% to 1 5% .  Parameters given in Table 

5 . 1 have been derived using these data . 

The initial experiment ,  Run I ,  was performed without any initial 

med ium pH adjustment prior to autoclaving ,  or pH control duri ng the 

fermentat ion . Figure 5 . 1 shows that the culture pH decreased from pH 

5 . 0 to 4 . 2 5  during the acidogenic phase  ( 0- 1 8  h ) , then increased to pH 

4 . 4  during t�e solventogeni� phase . Partial uptake of butyric aci d ,  but 
not acetic acid , occurred during thi s  phase . Total solvent production 

after 41 h (Table 5 . 1 )  was 8 . 4 5 gil , representing a yield of 0. 4 1  gig 

based on lactose uti li zed . The overall solvent productivity was 0. 2 1 
g/l . h . Thus , these fermentation cond i t i ons favoured a high solvent 
y ield and productivity ,  but the total  lactose utilization of 50% was 
poor. 

higher 

Si nce strain P262 is known to be capable of producing a much 
solvent concentrat ion (approx imately 16-20 g/l ) on synthetic 

medium ( Long et aI , 1 984a )  and indust r i al molasses medium (Barber et a I ,  

1979 ) it was reasonable to suggest that the low culture pH value was 

respons ible , at least in  part , for the low extent of lactose 
uti l ization . Run II  ( Figure 5 . 2 ) was carr ied out at an initial  value of 
pH 5 . 65 ,  and this subsequently fell  to pH 4 . 6 5  ( 1 4h ) before rising to pH 
4 . 9 . In comparison with Run I ,  an improved lactose utili zation rate was 
observed but the solvent yield was lowe r  a nd was accompanied by a higher 
concentration of acids . No butyric ac id uptake and very low acetic acid 
uptake occurred . In both Run I and Run I I ,  lactose was used throughout 
the entire fennentat ion period , although at  a slower rate during the 
solventogenic phase in  Run I (pH 4 . 0 )  than in Run II  (pH 4 . 8 ) .  

Run III  ( Figure 5 . 3 )  was performed under s imilar conditions to Run 

I I  except that the culture pH value was oontrolled to prevent it fal ling 
below pH 5 . 2 ,  and Run IV (Figure 5 . 4 ) was performed at a value not below 



Table 5 . 1 Surrunary of fermentat ion parameters for a l l  experimentsa used in Sect ion 5 . 2 

Run No . 
I I I  I I I  IV V VI VI I VI I I  IX X 

� 

)Jmax 0 . 3 1  0 . 56 0 . 3 8  0 . 4 1  0 . 4 5  0 . 55 0 . 4 6 0 . 4 7 0 . 5 5  0 . 5 5  
i n i t ial pH 5 . 0 5 . 6 5 5 . 6 5  5. 8 5 . 9 6 . 2 5 . 5 5  5 . 5 5 6 . 1 6 . 4  
fermen tation t ime , h 4 1  4 2  29 51 54 48 24 50 48 
f inal pH 4 . 4 4 . 9 5. 3 6. 0 4 . 6  5 . 2 5 . 5 5  6 . 0  5 . 8 5 . 9 
butanol , g/l 6 . 6 5 . 8 6. 5 2. 4 0 1 . 1 1 . 6  3 . 4 8 . 1 1 0 . 0 
acetone , g/l 1 . 7  1 . 6 0 . 5 0. 4 0 0 . 1 0 . 2 1 . 1 2 . 9 3 . 6  
e thanol , g/l 0 . 2 0 . 3 0 . 3 0 . 5 0 . 3b 0 . 2 0 . 2 0 . 2 0 . 3 0 . 3 
acetic acid , g/l 1 . 6  1 . 6  4 . 3 5. 0 5 . 9b 4 . 7 1 . 4  2 . 9 3 . 4  3 . 3 
butyric acid , g/l 0. 5 3 . 2 9 . 9  1 3 . 3 1 1 . 8b 1 1 . 0 8 . 5 3 . 6  1 . 1  1 . 8  
lactose ut i l i zed , g/l 2 1  2 3  29 33 28 27 19 16 29 49  

y ield , g . solvents/g 
l actose ut i l i zed 0 . 4 1  0 . 3 3  0 . 25  0 . 1 0  0 . 0 1 0 . 05  0 . 1 0  0 . 29 0 . 39 0 . 28 

overa l l  ferrnenter 
productivity , 
g . solvent/l . h  0 . 2 1  0 . 1 8 0 . 2 5 0 . 06 0 . 0 3  0 . 0 4 0 . 19 0 . 2 2  0 . 2 9  

max imum observed 
butanol product ion 
rate g/l . h  0 . 37  0 . 2 5  0 . 5 1  0 . 2 5 0 . 2 2  0 . 24 0 . 49 0 . 2 8  

maximum observed 
lactose uti l i zat ion 
rate , g/l . h  0 . 90 1 . 6  2 . 7 2 . 9  7 . 1 3 . 3 0 . 6 0 1 . 0  1 . 1  1 . 2  

a The fermentat ion t ime is that taken to ach ieve a butanol concentration 90% of that achieved after 60 h .  
The concentrat ion of solvents and ac ids are those present at th is fermentat ion t ime . t-' 

t-' 

b These concentrat ions are those observed after 60  h of fermentat ion. 
--..J 
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pH 5 . 6 .  Good solvent product ion was obtained in Ru n  III  i n  conjunction 

with higher acid product ion than in Run I or Run I I ,  whi lst a high acid 

production and very little solvent production was obtained in Run IV. 

Together,  Runs I to IV demonstrate that improved lactose 

uti li zation rates are associated with increasing pH values , but solvent 

yields are progressively reduced . The latter effect is clearly related 

to increased acid production at increased pH values in Runs III  and IV. 

Interestingly , the highest overall solvent productivity and maximum 

observed butanol production rate were observed in Run I I I  ( 0 . 25 g/l . h  & 

0 . 5 1  g/l . h  respectively ) ,  where the pH value was in the range pH 5. 2 -

5 . 5 . 

Since the above experiments had shown that increased lactose 

utilizat ion rates were obtained at higher pH values , further experiments 

were performed where the i,nitial pH value was ma intained at pH 6. 0 ,  and 

was subsequently decreased to a value more conducive to solvent 

production as observed in Runs I and I I .  In Run V ( Figure 5 . 5 )  the 

i nitial pH value was held for the first 16 h of fermentation , and was 

decreased to pH 4 . 5 over a 60 min period by the addition of HCl .  

However, the decreased pH value resulted i n  cessation of lactose 

utilizat ion. The concentrat ion of acids remained approximately constant 

and little solvent production was observed . Since it was poss ible that 

the pH adjustment had been made too late in the fermentation ,  and too 

abruptly , Run VI ( Figure 5 . 6 )  was performed where the initial value of 

pH 6 .  a was ma i ntained for only llh ,  and was then allowed to fall 

naturally.  In this  way , a value of pH 5 . 4 was attained after 

approximately 15 h of fermentation. Again , however ,  lactose util ization 

s lowed cons iderably after the pH decrease and little solvent production 

was observed . 

Consequently , two further experiments were conducted in an attempt 

to increase solvent production while maintaining a high lactose 

util izat ion rate . The technique used was to achieve solvent production 

at a low pH value , fol lowed by a oontrolled shift upwards of the pH 

value . In both Run VII ( Figure 5 . 7 )  and Run VI I I  ( Figure 5 . 8 )  the pH 

was initially allowed to fall  naturally from pH 5 . 5 5  in order to achieve 

low acid product ion as observed in Runs I and I I .  After l7h 
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fermentation the cultures had values of pH 4 . 4 and solvent proouct ion 

had commenced . The culture pH was then adjusted using aqueous arrrnonia 

to pH 5 . 5 (Run VII ) or pH 6. 0 (Run VI I I ) .  An increase in acid 

proouction resulted in both instances , with an increase in the lactose 

uti l ization rate occurring in  Run VI I I  after the pH adjustment. Solvent 

product ion was not favoured . 

CNerall , the above experiments involving manipulation of the pH 

value of the culture had fai led to achieve the desired aim of improved 

solvent proouctivit ies in association with high yields and high lactose 

utilization . Although improved lactose utili zation could be achieved by 

operating at higher pH values , this was invariably associated with 

increased proouction of acids . Thus , on the asswnption that acid 

product ion is directly relat�d to lactose util ization rate , and only 

indirectly to the pH value of the culture , a method was sought to 
, 

decrease the lactose uti l ization rate whi le maintaining the pH value in 

the range pH 5 . 2 to pH 5 . 5 .  Run III  had shown this pH value to be 

conducive to the solvent proouction rate . The method. selected to 

achieve this  aim was to increase the init ial concentration of lactose in 

the \vhey permeate , on the bas is that it  would increase the osmotic 

pressure of the growth medium and place some stress on the organism. 

Run IX ( Figure 5 . 9 )  was performed by supplementing the whey 

permeate with lactose to a final concentration of 63 gil . The initial 

pH value was adjusted to pH 6 . 1 ,  and was controlled at this value for 11 

h after which it  was allowed to fall naturally .  The value decreased to 

pH 5. 4 ( 1 6  h )  before increas ing to pH 5 . 8 ( 2 9  h ) . The results (Table 

5 . 1 )  show that in comparison with Runs V and VI ,  the lactose ut ilization 

rate was decreased cons iderably . Addit ionally , lactose uti l izat ion 

occurred throughout the entire fermentation period , as observed in  Runs 

I and I I .  Acid production was much reduced whi le solvent yield ( 0 . 39  

gig ) and productivity ( 0 . 22  g/l . h )  were increased . After 97h of 

fermentation , concentrat ions of 12 . 2 gil , 4 . 2 gil and 0 . 3 gil were 

observed for butanol , acetone and ethanol respectively . 

utilizat ion was 72% of that supplied after 97  h of fermentat ion. 

Lactose 

Finally ,  a s imi lar experiment (Run X, Figu re 5 . 1 0 )  was performed 

where the init ial pH value was pH 6 . 4 ,  and this was al lowed to fall 
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naturally to pH 5. 6 ( 8  h ) , bel()\.oJ which it  was prevented fran fall ing. 

The initial lactose concentrat ion was adjusted to 75 gil . The pH 

increased to pH 5. 8 5  after 46  h of fermentat ion. Again , the data show 

that even at this relatively high pH value the presence of additional 

lactose resulted i n  a decreased lactose uti l i zation rate , comparable 

with that reported for Run IX, but which persisted throughout the 

fermentation , whi le high solvent productivity ,  ooncentration and yield 

were achieved . In both Runs IX and X ,  acid production occurred over a 

24 h period , comparatively longer than in Runs I and I I ,  whi lst solvent 

production cormnenced at the same time ( 1 4  h) in each of these runs . 

After 96 h of fermentation , concentrations of 13 . 0 gil , 4 . 5 gil and 0. 3 

gil were observed for butanol , acetone and ethanol respect ively, and 

lactose uti lization was 86% of that suppl ied .  

5 . 2 . 2  Discpssion 

The object ive of this work was to def ine the opt imum culture 

conditions for maximum solvent production , productivity aJ1d solvent 

yield from the batch fermentation of sulphuric acid case in whey 

permeate . Similar studies have been performed by other workers using 

different substrates (predominantly glucose based ) and strains of 

� acetobutylicum. A systematic investigation using whey permeate 

( lactose ) as the substrate has not previously been reported in the 

l iterature and such a study has been successful ly completed in  this 

work . 

Factors which have been implicated in  the control of sol vent 

production include the culture pH , concentrat ion of acetic and butyric 

acids (Gottschal & �lorri s ,  19 8 1b ;  Martin et aI, 1983 ; 11::lnot et al , 1983 , 

1 984 ; Gottwald & Gottschalk , 198 5 ) , and the residual sugar concentrat ion 

at the commencement of the solventogenic phase (Long et al ,  1984a ) . The 

interactive effects of these factors remains largely unelucidated and 

the relative magni tude of the effect of each factor is likely to be 

strain and substrate specific. 

long et a l ,  ( l 984a ) using strain  P262 with a synthetic medium 

containing glucose, state that a threshold total acid concentrat ion in 

excess of 4 gil is associated with the inhibition of cell divis ion ,  the 
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convers ion of  vegetat ive rods into distinct ive solventogenic clostridial 

forms , and the triggering of solvent product ion. At this point in  the 

fermentation no nutrients are limiting . Further , they stated that the 

culture pH value is important , and that initiation of the solventogenic 

phase occurred only within a narrcw pH range with a decrease in cell  

viabi l ity occurring at  low pH values ( actual values unstated ) in poorly 

buffered med ium. This may be related to the concentrat ion of 

undissoc iated acid as suggested by Monot et aI ,  ( 1 983 ) . These authors 

have reported that solvent production canrnences at an undissociated 

butyric acid concentrat ion between 1 .  6 gil and 1 .  9 gil in the rredium. 

Inhibition of- growth by these und issociated acids has been suggested by 

these authors as playing a key role in the transi t ion from acidogenesis 

to solventogenesi s .  If the concentration is less , as can occur at high 

pH values , l i ttle solvent is prOduced . Further , Holt  et al , ( 1 984 ) have 

reported the ,  stimu lation of solvent production at pH 7 by the addition 

of acetate and butyrate ( 1 00 �1 each ) to the culture , thus demonstrating 

that solvent product ion can occur at neutral pH values . Poss ibly , this 

effect was mediated through an increased undissociated acid 

concentrat ion. In the sa'lle study , it was reported that at neutral pH 

values an i ncreased init ial sugar concentrat ion enhanced solvent 

production ,  but no data were provided regarding sugar uti l ization rates . 

In  a similar context , Long et al ,  ( 1 98 4a )  have s tated that the 

i nitiation of solventogenesis requires a residual sugar concentration in 

excess of 10  g/l .  These authors also stated that maximum solvent 

production occurred at 3 gil dia1illl1onium hydrogen phosphate . Th is is 

equ ivalent to 0. 64  g nitrogen/I , hence the use of yeast extract at 5 gil 

i n  these fermentat ions , equivalent to approximately 0 . 5 g nitrogen/l 

ensured that no fermentat ion in this work was nitrogen l imi ted (data not 

presented ) . 

The results of the present study show that when using whey 

permeate wi thout addi tional lactose , higher culture pH values resulted 

in  improved lactose uti l ization rates and acid production , but solvent 

production d iminished . However ,  when extra lactose was present , solvent 

production occurred at these higher pH values (pH 5 . 4-5 . 6 ) ,  whi le the 

lactose uti l i zat ion rate and acid product ion were decreased. The 

observations on the effect of culture pH at constant substrate 
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concentration ( Runs I to IV)  are in  general agreement with those 

reported by Monot et aI , ( 1 984 ) , albeit using a d ifferent strain of 

organism (ATCC 824 ) with a probable different optimum pH range for 

solventogenes is , on a glucose ( 50 gil ) containing synthetic medium. 

In earl ier work , Monot et aI , ( 1 9 8 2 )  using strain ATCC 824 and 

varying the glucose concentration , found that increasing the init ial 

glucose concentration over the range 5 g/l to 80 g/l resulted in an 

increase in solvent product ion. At high sugar concentrat ions , lower 

acid concentrat ions resulted with s ignificant acid uptake during 

solventogenesis , whi lst at lower sugar concentrations , e . g .  20 g/l , 

acids were not taken up . Th is poor acid uptake occurred in  Run I I  of 

the present work ( h igh initial pH , no pH control , initial lactose = 40 

gil ) whereas in Runs IX and X ( h igh initial pH , pH control 5 . 4 - 5. 6 ,  

initial lactose = 6 0  - 70 g/l ), aci d  uptake during the solventogenic 

phase was observed .  Welsh and Vel iky , ( 1986 ) also us ing strain  

ATCC 824 , reported s imi lar results using a semi-synthetic med ium 

containing lactose . At lactose concentrations of 1 0  gil and 30 gil , 

acids predominated , whi lst at 50 gil lactose , solvents predominated. No 
pH control was used during this  work . IDng et a I ,  ( 1 984a ) also found 

that the glucose concentration affected the solventogenic performance of 

strain P262 with a minimal glucose concentrat ion of 40 gil requ ired for 
good solvent production . 

The pH values chosen for experiments involving pH regulation , were 

based on those reported by South Afr ican workers using strain P262 on 

d ifferent substrates . IDng et aI ,  ( 1 984a ) , usi ng a defined minimal 

medium containing glucose ( 6 0  gil ) ,  reported an initial pH value of 6 . 8 

falling to pH 5 . 8 before increasing to pH 6 .  O .  Jones et aI ,  ( 1 982 ) , 

using an industrial molasses medium ( approximately 65 gil sucrose ) ,  

reported a different pH profile with an initial pH value of 6 . 0 - 6 . 8 ,  

falling to pH 5 . 2 before increasing to pH 5 . 6 .  These data suggested an 

opt imum pH for solventogenesi s  in the range pH 5 . 2-5 . 8 for this 

stra in .  

The pH value prior to autoclaving of the medium used in the 

present study , affected the extent of minerals precipitat ion during 

autoclaving ,  the reSUlting init ial pH value , and the buffering capacity 
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of the medium. In medium where the pH had not been adjusted prior to 

autoclaving ,  the value was pH 4. 8 ,  i ncreas ing slightly to pH 5. 0 ( Run I )  

after autoclaving, with very little precipitat ion occurring .  Adjusting 

the med ium pH to a value of 6. 5 wi th arrnnonia  prior to autoclaving 

resulted i n  a heavi ly precipitated medium ( calcium salts ) with a 

post-autoclave pH value of 5. 3 - 5. 5 .  This medium had a poor buffering 

capacity as evidenced by the comparatively rapid pH decrease in Run I I I  
( Figure 5. 3 ) ,  faster than that reported by Spivey, ( 1 978 ) usi ng this 

strain on industrial molasses medium. 

The abil ity to produce solvents at high pH values (pH 5. 5 )  from 

a hydrolysed Jerusalem art ichoke substrate ( approximately 70 9/l i glucose 

and fructose rat io 1 : 4 )  using C .  acetobutyl icum IFP904 has been 

demonstrated recently by �1archal et a I ,  ( 1 9 85 ) . Consideration of the 

culture pH
! 
conditions closely parallels the present . work , and two pH 

control programmes were cons idered opt imal for solvent production. 

The f irst programme involved a controlled l inear pH decrease from 

initial pH 6. 4 to pH 5 . 4 over a I Sh period , used to limit acid 

production \llhile providing optimum growth condi tions prior to obtaining 

a culture pH of 5 . 4 for the solventogen ic phase . A second and improved 

pH control scheme involved allowing a natural pH drop from pH 6. 3 to pH 

5 . 0 over a 5 h per iod , then a pH adjusunent back to pH 6. 5 followed by a 

natural fal l to pH 5. 4 .  The total acids concentrat ion i n  this scheme 

reached a maximum of 7 g/l after 1 5  h fermentation , canpared with 

approximately 4 . 5 g/l after 1 2 h in the former i nstance . The f i rst pH 

control programme is simi lar to that reported in  Runs IX and X of the 

present work , suggesting that a series of experiments usi ng a controlled 

l inear pH decrease may provide an improved set of operating conditions . 

The second pH control programme suggests that in  Runs V� I and VI I I , acid 

production may have been reduced and solvent production enhanced i f  the 

pH value had been allowed to fall naturally again  as opposed to be i ng 

controlled at the adjusted value . 

The data from all the Runs were analyzed to determine the 

concentrations of undissociated acids and residual lactose in  the 

cultures at the time of initiation of solventogenes is (Table 5. 2 ) . For 

Run V, where little sol ventogenesis occurred, the concentrations were 
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taken at the time when initiation might have been expected to occur. In 

some experiments where little solventogenesis occurred (Runs IV, V and 

VI ) the residual lactose concentration was 20 gil or less , a factor 

considered to be important for solventogenesis ( Long et al , 1984a ) . The 

low solvent production and ilnmediate cessation of fermentation activity 

observed in Run V, resulting from the downward pH adjusbnent , may be 

attributed to the sudden shift in the ratio of undissociated to 

d issociated acids with the former species increasing to 6 . 5 gil and 2 . 8 

gil of butyric and acetic acids respectively . These undissociated acids 

forms could be toxic to the microorganism, as described by �kmot et al ,  

( 1 984 ) . Alternatively , the sudden alteration of the pH gradient across 

the cell  membrane altering the internal acid concentration , may have 

caused a halt in metabol ic activity .  

From the data in Table 5. 2 ,  there appears to be little 

relationship between solventogenesis and the undissociated acid 

concentration in the medium. In fact ,  for Runs IX and X, where strong 

solventogenesis  occurred , the undissociated acids concentrations were 

the lowest observed in  the study , and less than the critical 

concentration proposed by lbnot et al , ( 1 983 ) .  Thus I these data suggest 

that the requi rement of a minimal undissociated butyric acid for the 

i nducement of solventogenesis is doubtful , a point also made by Roos et 

al , ( 1 985 ) , Gottwald and Gottschalk , ( 1 985 )  and Huang et al ,  ( 1 985 ) . 

Further, in Runs IX and X the ratios of total butyrate to total acetate 

were the lowest observed , and this relationship with strong 

solventogenesis agrees with the findings of Roos et al ,  ( 1 985 ) . 

Gottwald & Gottschalk ( 1 985 ) suggest that it is the elevated butyrate 

and acetate concentration in  the cells , due to the maintenance of a 

positive pH gradient ( L e .  internal pH is higher than external pH by 

approximately 1 unit )  that is important in the triggering of 

solventogenesis . This internal concentration is therefore directly 

related to the external concentration and external pH . As a consequence 

of the high internal butyrate concentration , elevated concentrations of 

butyryl phosphate and butyryl coenzyme A, and hence low concentrations 

of phosphate and coenzyme A, are the basis of the triggering rrechanism 

for solvent production (Gottwald & Gottschalk , 1985 ) .  

The total acid concentration at the comnencerrent of 

solventogenesis in Run IX of 6 . 4 gil and in Run X of 6 . 2 gil are s imi lar 
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Table 5 . 2 Concentrations of residual lactose and undissociated acids at 
the time of onset of solvent production 

Run Time pH Total Butyric Total Acetic Total Butyrate Residual 
No . ( h )  Butyrate Ac ida Acetate Ac ida Total Acetate Lactose 

( g/l ) ( g/l ) (g/l ) (g/l ) ( g/l ) 

I 14  4 . 3  1 . 6 1 . 2 0. 7 0. 5 2 . 29 40 

I I  1 6  4 . 7 2 . 5 1 . 4 1 . 8  1 . 0 1 .  39  33 

I I I  1 7  5. 2 5. 6 1 . 9 3 . 8 1 . 0 1 .  47 30 

IV 1 6  5 . 6 1 0 . 0 1 . 4 4 . 0 0 . 5 2 . 50 20 

V 19b 4 . 6  1 0 . 6 6 • .5 4 . 8 2 . 8 2 . 2 1 12  

VI 1 5  1 5 . 3 7 . 8 1 . 9 3 . 8 0. 9 2 . 05 20 

VII 1 3  4 . 4 2 . 5 1 . 8 1 . 2 0 . 8 2 . 08 38 

VII I  1 4  4 . 4 1 . 6  1 . 1 1 . 1 0 . 8 1 .  45 40 

IX 18 5 . 4 3 . 6 0. 7 2 . 8 0. 5 1 .  28 50 

X 1 5  5 . 6 3 . 0 0 . 4 3 . 2 0 . 4 0 . 93 60 

a pk values of 4 . 8  and 4 . 7 5 were used for butyric acid and acetic  acid , 
respectively . 

b since little solvent production occurred in �1is  Run , this figure was 
selected as described in the text . 
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to those concentrations reported by IDng et a l ,  ( 1984a ) as being 

necessary for strong solvent product ion from glucose . The decl ine in 

the growth rate at this  time ( Figures 5. 9 and 5 . 1 0 )  also corresponds 

wi th these acid concentrations suggesting the toxic nature of these 

acids to cell  division . In Run I however ,  the total acid concentration 

of 2 . 3 gil at the comnencement of sol vent�enesis was much lower ,  but 

the pH value was also lower.  The pH gradient would be increased at this 

lower pH value and hence the internal concentration may have reached a 

concentration suff icient to trigger solvent�enesis . 111e exact 

relationship between the external acid concentrat ion and external pH for 

this particu lar strain ,  however, cannot be fully elucidated from this 

work . In Runs I and II  where the pH value was low ( 4 . 0-4 . 4 ) ,  total cell 

m.rrnbers at this  time were lower than achieved in  Runs operated at higher 

pH values . Th is  finding suppOrts the statement of IDng et aI ,  ( 1984a )  

that lON pH values adversely affect cell viability .  Th i s  may , i n  fact , 

be related to the form of organic nitrogen and its avai labil ity to the 

cell as proposed by Roos et al , ( 1 985 ) . 

Although a high residual lactose concentrat ion can be directly 

related to the initial concentration present , the effect of the latter 

on the lactose util ization rate is interesting .  The decreased lactose 

utilization rates observed at elevated lactose concentrations and pH 

values had little effect on growth rates (Table 5 . 1 )  or final cell 

numbers , but led to decreased acid production and increased solvent 

y ields . Figure 5 . 1 1  shows a plot of solvent yield versus maximum 

observed lactose uti l i zation rate for al l the Runs , and clearly shows a 

relationship . Thi s  relat ionship may poss ibly be explained as some form 

of catabolite repression. The maximum observed rate of lactose 

utilization used in Figure 5 . 1 1  was invariably measured during the 

acid�enic phase ( late exponential growth phase ) ,  suggesting that the 

specific lactose ut i l ization rate could poss ibly be substituted for this 

measurement . When the specific  lactose uti l ization rate is high during 

the acidogenic phase , it  is poss ible that some form of catabol ite 

repress ion occurs suppressing those enzymes respons ible for toxic 

solvent product ion .  Leung & I'lang , ( 1 98 1 ) hypothesized that the 

production of acids and solvents is under cataboli te regulation . At low 

growth rates ( low specific lactose utilization rate) during solvents 
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production , the enzymes ' activities responsible are high due to the slaw 

flow of carbon through the metabol ic pathway. These workers state that 

this may be caused by the derepress ion and activat ion of enzyme 

act ivities due to the low intracellular concentrations of catabol i tes . 

At higher growth rates (h igh specific  lactose utilization rate ) during 

acids production , the converse is true . Solvent enzyme activi t ies are 

low due to increasing intracellular catabol ite concentrat ions . 

Catabolite repression is observed in  the formation of rrost secondary 

metabol i tes e . g .  penicillin .  Ant ibiotics which are toxic to the 

producing cell , are usually only produced when one or more nutrients are 

approaching exhaustion giving rise to a lower specific sugar uti lization 

rate , such that the suppression of enzymes responsible for ant ibiotic 

production is released . At a low specific  lactose utilization rate , 

repression of those enzymes . responsible for solvent product ion may not 

occur, favouring solvent I?roduction and high sol vent yields , however ,  

further work is  required to test this hypothesis .  

5 . 2 . 3 Conclusions 

High solvent yields are associated with conditions which minimi ze 

the lactose uti l ization rate . Such condi tions can be achieved by 

operating the fermentat ion at low pH values , but this is not conducive 

to complete sugar uti l i zation .  Thus , it i s  preferable to operate the 

process at higher pH values and to use an elevated lactose concentration 

to minimi ze the uti l ization rate . It is possible that the sugar 

utilization rate is indirectly the controlling factor in solventogenesis 

and may provide a unifying concept to explain the control of 

solventogenesis .  Condit ions have been described whereby high 

concentrations of acetic and butyric acids may be achieved . The concept 

of operating the batch fermentation in  two stages , whereby a high 

concentration of acids is produced in the first stage and �1e acids are 

subsequently reduced to solvents in the second stage , does not seem to 

be a practical proposi t ion . 



5. 3 IDRPHOLCGICAL CHANGES IN C .  ACETOBfJfYLIaJM P262 OORING EA'ICH 
FERMENTATIOO 

5. 3 . 1 Introduction 
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C.  acetobutyl icum P262 demonstrates various morphological and 

cytological changes during the batch fermentat ion of an industrial 

molasses fermentation medium (Spivey, 1 978 ; Jones et a I ,  1982 ) . These 

changes have been related to growth and physiological changes and can be 

used as an index to measure the progress of a batch fermentation .  

During the batch fermentation opt imization study described in the 

previous section , regular microscopic examination of the cultures was 

undertaken , both for direct cell  count determinations , and also to 

identify and profi le these changes on th is particular substrate . The 

objective was not to quanbtate such changes but to verify published 

f indings as a possible means of explaining solventogenic performance . 

5. 4 . 2  Results and Discussion 

In all experiments ( Runs I to IX ) , the fermenter was inoculated 

wi th highly motile cel ls , prepared as described in Section 3. 7 . 2 .  In 

some instances , motile chai ns of 4-6 cells long plus moti le roos were 

i noculated. These rrotile cel ls were "running" in straight lines . The 

s ize of the inoculum used was chosen to give an initial cell  population 

of approximately 106 cells/ml , a number stated by Jones et a I ,  ( 1 982 ) to 

result in a very short lag period of less than 3 h on a rrolasses medium. 

In some Runs , rroti l ity was observed during the first two hours , 

but after this time cells l:ecame non-motile.  In all  Runs , growth as 

evidenced by gassing and a very sl ight increase in  cell numbers occurred 

after 2 h. Exponential growth invariably occurred over the period 2-14 

h with the late exponential phase occurring between 14-18 h, after which 

no detectable growth occurred . Granulose accumulat ion as evidenced by 

the appearance of circular refractile bcxlies within  the vegetative rods 

was occasionally present . 

Interestingly ,  the observed .Dmax values (Table 5 . 1 )  were higher 

than reported by Jones et aI , ( 1 98 2 )  on an industrial molasses medium 
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()Jmax = O .  27h-l )  
• Cell numbers reached approximately 5 x 1 08 cells/rnl 

in  Runs I and I I ,  and 7 x 108 to 1 x 109 cells/rnl in Runs I I I  to X 

inclusive . These final cell numbers were very s imi lar to those reported 

by Jones et aI , ( 1 982 ) and , together wit.h the )lmax data , demonstrate 

that sulphuric acid casein whey permeate , supplemented with 5 gil yeast 

extract , is as good a medium for cell  growth as the industrial molasses 

fermentation medi um. 

Invariably , during the period 4-6 h ,  long chains were observed , 

varying in length from 6 to 10  rods . Moti l ity commenced after 

approximately 6 h and increased until  70-90% of the chains and rods were 

moti le by 8-10 h .  Chains started to break up ( 6-8  h )  as the extent of 

motil ity increased . After 1 2  h ,  moti lity became sluggish , with cells 

displaying a more random tumbling motion. At this time , clostridial 

forms were opserved and their  number increased from this  point .  In Run 

VI , however , greate r  than 90% motility was still  observed after 15 h. 

The number of clostridial forms was greater in fermentations where good 

solvent production occurred than in those where solvent production was 

poor. 

In Runs I and I I , clostridial forms were approximately 40-60% of 

the cells observed after 30 h fermentation , with the remainder being 

vegetati ve rods . Forespores were observed after 30h in 

solvent-producing fermentations , with numbers increasing slowly , 

although a correlation between spore production and solvent production 

was not made . In Runs IX and X which were strongly solventogenic, 

greater than 90% of the cells were in the clostridial form when observed 

after 97 h and 96 h respectively , with a large unquantified extent of 

sporulation apparent , inclUding release of some spores . 

In summary , these observat ions made during the batch fermentation 

optimi zation study using sulphuric acid casein  whey permeate , closely 

parallel those made and quantitated by Jones et a I , ( 1 982 ) and can be 

used as an index for the performance of such a fennentation process . It 

is possible that in those fermentations where the pH value decreased 

naturally to less than pH 5 and was then subsequently increased (Runs 

VII and VI I I ) ,  vegetative rods were preferentially selected for acid 

production ( faster growth rate ) ,  and clostridial stage development was 

retarded.  



5 . 4  BA'IOI FERMENTATIOO OF lACTOSE-HYDROLYSED PERMEATE AND SEMI

SYNIHEI'IC MEDIUM CONTAINING GUJ<X)SE 

5. 4 . 1  Introduction 
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Preliminary data obtained from the 100-ml scale fermentation 

screening experiments ( Chapter 4 )  i ndicated that lactose-hydrolysis 

prior to fermentation d id not convey any advantage to the fermentation 

process . This was mainly due to incomplete uti l ization of the galactose 

moiety ,  although this same work demonstrated that galactose on i ts own 

is a good substrate for solvent production . However ,  the culture 

conditions used in  this pre l iminary work were not optimal since the 

culture pH was not regulated during the fermentation process . 

This section presents . work from batch fermenter exper iments 

carried out ' on a 5 1 scale (Section 3 . 7 . 3 . 2 ) which were undertaken to 

examine the fermentation of lactose-hydrolysed sulphuric acid casein 

whey permeate , and semi-synthetic medium containing glucose , carried out 

under more favourable culture condit ions . 

5 . 4 . 2  Results 

The results for all experiments are summarized in Table 5 . 3 and 

the time course profiles are given in Figures 5. 1 2  to 5. 1 4  inclusive . 

Run XI was performed using semi-synthetic medium containing 

g lucose ( 70 gil ) (Table 3 . 1 ) . Figure 5 . 1 2  shows that the initial 

culture pH was 6 . 1 and pH control was used to ensure that the value did 

not decrease below pH 5 . 4 during the fermentation . The pH breakpoint 

occurred after 12 h and the pH increased to pH 6 . 1 5-6. 20 after 30 h. A 

total solvent production of 1 8 . 6 gil was achieved after 28 h 

fermentation and the fermentation was essent ially complete after 30 h 

s ince very l ittle further solvent production occurred . Data have not 

been corrected for di lution effects due to ammonia addition. The 

glucose uti lization was 87 . 2%  of that supplied with a solvent yield of 

0 . 3 4  gig. M icroscopic ex��ination of the culture revealed an est imated 

> 90%  clostridial form cells at 2 5  h ,  and an estimated >90% sporulation 

had occurred after 52 h fermentation . The acidogenic phase in this  Run , 

a lthough occurring earlier, is similar to Runs IX and X using whey 
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Table 5. 3 Summary of fermentation parameters for all experiments in 
Section 5 . 4 . 2  

initial pH 
final pH 
fermentation time, (h  ) b 
butanol , g/l 
acetone , g/l 
ethanol , g/l 
butyric acid,  g/l 
acetic acid , g/l 
sugar util i zed , g/l 
sugar util ized , % 
yield , g solvents/g sugar ut il i,zed 

overall fermenter productivity , 
g . solvent/l . h 

maximum observed butanol production 
rate , g/l . h  

maximum observed sugar ut ilization 
rate , g/l . h  

* Glucose 

# Galactose 

a Full details are given in the text 

Run l'b .  a 
XI XI I XI II  

6 . 1 0  5 . 50  5 . 6 0  
6 . 0 5  4 . 80  5 . 4 0  

28 . 0 37. 0 35 . 0 
1 3 . 0 5 . 60 8 . 65  
4 . 8  1 . 8 5 3 . 20 
0 . 80  0 . 20 0 . 3 5  
1 .  2 0  0 . 1 5  0 . 70 
1 .  55 0 . 4 5  0 . 6 5  

6 1 .  5 24 . 0c 39. 4d 
87 . 2 47. 5 55 . 3 
0 . 34 0 . 3 2  0. 3le 

0 . 6 6  0 . 2 1  0 . 3 5  

1 . 13 0 . 4 8 0 . 63  

2 . 4 7  3 . 9* 1 .  76* 
0 . 9 #  0. 35#  

b The fermentation t ime is that taken to achieve a butanol 
concentration 90% of that achieved after 60 h .  The solvent and acid 
concentrations are those present at this time . For Run XI I I ,  
concentration data have been corrected for di lution effects 
occurring during pH control 

c 18 . 0  g/l glucose , 6 . 0  g/l galactose 

d 30 . 4 g/l glucose , 9 . 0 g/l galactose 

e This calculation corrects for dilution effects due to pH control 
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permeate performed under comparable conditions . The total butyrate and 

und issociated butyric acid concentrat ions at the commencement of 

solventogenesis ( 1 2  h )  were 3 . 5 gil and 0 . 48  gil respect ive ly and are 

very simi lar to �1e values recorded in Runs IX and X. 

Both the max imum observed butanol product ion rate and glucose 

u t i l i zat ion rate were s igni f i cantly greater in this Run compared with 

Runs IX and X, ind icati ng the preference �1at this organi sm demonstrates 

for glucose over lactose . 

Run XII was performed using lactose-hydrolysed permeate with no pH 

control ( Figure 5 . 1 3 ) . The permeate was supplemented with 10  gil of 

lactose prior to enzymic  hydrolysis ( Section 3 . 1 . 1 ) .  Although solvent 

product ion canmenced s l ightly earl ier , and t.he maximlLl1 observed sugar 

utili zation
, 

and butanol product ion rates were greater , the use of 

lactose-hydrolysed permeate resu lted in a simi lar y ie ld and product ivity 

to those observed in a comparable fermentat ion usi ng non-hydrolysed 

permeate ( Run I I , Figure 5 . 2 ) . The glucose and galactose were util ized 

s imultaneously , but the former at a greater rate . 

A further batch fermentation ( Run XII I ) was performed using 

lactose-hydrolysed permeate , where the culture pH was not allowed to 

fall  below pH 5 . 4 .  Prior to enzymic hydrolys i s ,  the permeate was 

supplemented with add it ional lactose ( 2 5 gil ) .  The fermentation profi le 

( F igure 5 . 1 4 )  shows data which have been adjusted for the di lution 

e ffects resulting f rom pH control ( 1 1 .  5% ) .  A total  solvent 

concentration of 1 2 . 2 gil was achieved after 35 h of fermentation , while 

the overall fermenter productivity and yield were 0 . 3 5  g/1 . h  and 0. 3 1  

gig respect ively . These parameter values are s l ightly higher than 

reported for the cQ�arable run us ing non-hydrolysed whey permeate (Run 

X,  Table 5 . 1 ) .  

5 . 4 . 3  Discussion 

The objective of this work was to exa'TIine the effects of lactose 

hydrolys is on the batch fermentat ion of sulphuric acid casein whey 

permeate . Preliminary observat ions that lactose-hydrolysis offers 

l ittle benef it in terms of fermentat ion productivity and yield ( Chapter 

4 )  are conf irmed by the results presented here . IVhi lst some improvement 
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in these parameters is obtained , galactose is poorly utilized in  the 

presence of glucose such that no overall  increase in  sugar uti l ization 

is obtained . Batch fermentation parameters obtained on semi-synthetic 

mediu'll containing glucose (Run XI ) ,  confirm the · optimum fermentation 

culture conditions ; vi z ,  pH 5 . 4 for solventogenesis , high residual 

g lucose ( 50 gil ) concentration and an acid concentration of 

approximately 6 gil required for strong solventogenesis on this 

substrate , stated by Long et a I ,  ( l 984a ) . In fact ,  the performance of 

strain P26 2  on this medium, is  superior to that reported by these 

workers usi ng their media . 



CHAPTER 6 

CDNTINUOUS SOLVENTS PROOOcrION USING C .  ACE'IDBUTYLICUM 

P262 IMMOBI LI ZED IN CALCIUM ALGINATE GEL 

6 .  1 INTROoocrIOO 
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!liJost stud ies investigati ng the use of whey or whey permeate as 

fennentat ion substrates for solvents product ion have uti l i zed 

tradit ional batch fermentat ion technology us ing free cel ls .  The full 

potential of the process , however ,  may not be real ized unless some newer 

fermentat ion technologies are appl ied as a means of improving reactor 

product ivities.  One such " intensified" fennentat ion technolc:xJY is the 

use of immobil ized cel ls ( biocatalysts ) for cont inuous process ing . The 

principal advantage of us i ng this technique is that high biomass 

concentrations can be achieved facil itating high reactor productivit ies 

and continuous stable processing .  

Hence the purpose of the work described i n  this chapter ,  was to 

i nvest igate the production of solvents from cheese whey permeate by 

cont inuous fermentation using cells of C .  acetobutylicum P262 

immobilized in alg i nate gel .  Various para'Tleters known to influence the 

fermentat ion , e . g .  temperature , pH , substrate concentration , butyrate 

and butanol concentrations were assessed for their effects on the 

fermentat ion process . Add i t iona l ly ,  data were obtai ned for substi tution 

i nto a publ ished simple k inetic  rrodel in order to verify experimental 

data . 

6 . 2 RESULTS 

6 . 2 . 1 Fermentation Start-Up 

The start-up procedure for experiments using cheese whey permeate 

med ium (Section 3 . 7 . 4 . 1 )  was a crit ical step for the successful 

operation of a cont inuous solventogenic fermentat ion using alg inate 

immobi l ized cells . The pH control procedure ( pH 5 . 8-6 . 0 for 22-26 h at 

a di lution rate ( Dt  approximately equal to 0 . 1 h- l ))  was necessary to 
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ensure good spore germination and subsequent biomass accumulation .  

After 22-26 h ,  the total acids concentration was approximately 0. 5 - 1 . 0  

gil . Some float ing beads « 5% of total ) and gas bubble release from the 

beads were observed . At this time , the pH control was ceased and the Dt 
was increased to 0 . 1 5  - 0. 20  h-l , resulting in a pH drop (pH 4 . 3 - 4 . 4 

w i thin 16-24 h )  and a further increase i n  the total acids concentrat ion 

to 1-2 gil . The rat io of butyrate to acetate was typically 2 :  1 .  

Sol vent product ion commenced at this t ime. Subsequently , the acid 

concentration decreased to approximately 0 . 5 - 0 . 8 gil of each acid , 

,,,hi lst solvent product ion increased . The Dt was further increased e . g .  

t o  0 . 3 h-l , to prevent the bui ld-up of toxic solvents and to facili tate 

rapid biomass accumulation. The Dt was subsequently decreased from 0 . 3 

h-l if performance at lower Dt values was to be determined . 

I f  the Dt was not increased immediately after germi nation , or the 

pH control procedure was operated for too long , a high acid 

concentration ( approximately 3 gil ) resulted . This was accompanied by a 

very high proport ion ( 25-50% ) of floating beads that were fractured by 

gas release . I t  was not possible to successfully operate these 

fermentations at subsequent low acid concentrations « 1  g/l ) or to 

accumulate bead biomass to expected leve l s .  

Al l fermentat ions were started a t  30°C because spore germination 

at 3 4 °C or 3rC proceeded too quickly . Thus , these higher temperatures 

led to high acid production rates and bead damage due to gas release , 

that were diff i cult to control . 'irlhen whey permeate was used without 

initial pH adjustment , poor germinat ion , biomass accumulation and 

solvent product ion resulted . 

Start-up of continuous fermentat ions us ing semi-synthet ic med ium 

containing glucose ( medium pH 5 . 8-6 . 0 )  was more straightforward . Spores 

germ.inated in <24  h and pH control was not necessary . The total acid 

concentration was much lower than with cheese whey permeate medium after 

24 h and solvent product ion commenced earl ier and at a faster rate . 

Solvent-producing fermentations started-up on semi-synthetic 

medium contain i ng glucose did not always cont inue to perform adequately 

when switched to cheese whey permeate medium. Cons iderable variabi l i ty 
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was observed in the abil ity of the culture to util ize lactose after 

initially us ing glucose.  

failed. 

r10re often than not , these fermentations 

DJring the fermentation , the spherical or sl ightly "pear-shaped" 

a lginate beads became irregular in shape as the biomass accumulated 

within the bead . Portions of white coloured biomass were clearly 

vis ible . Alginate beads at the end of a fermentation were fragile and 

could be easily fractured by gentle squeezing . 

beads were stronger and more elastic . 

In contrast , unused 

6 . 2 . 2  The Effect of Dilution Rate ( Dt ) and Bead Fraction in the 

Reactor ( 1-£ ) 

In the first series of experiments , undertaken at 30°C , the Dt and 

bead fraction in the reactor ( 1-£ ) were varied , while the pH was not 

controlled . The steady - state product concentrations , lactose 

util ization , solvents yield and productivity data are summarized in 

Table 6. 1 .  Steady-state product concentration data were averaged over 

at  least 1 0  residence t imes.  Variations of + 10% were obtained . Runs 

I-VI I were conducted using a continuous stirred tank reactor (Section 

3 . 7 . 4 . 1 )  and Run VII I  usi ng a fluidized column reactor (Section 

3 . 7 . 4 . 2 ) .  The solvents yield based on lactose uti l i zed ranged from 0 . 26  

to 0 . 3 2 gig , and the maximum volumetric productivity ( 1 . 7 9 g/1 . h )  was 

obtained in Run VI I I .  The pH of the cultures at steady state varied 

between 4 . 2 5  and 4 . 3 5 and was generally independent of Dt .  
Fermentations were routinely operated for 400-650 h with no apparent 

loss in performance . The maximum extent of lactose util ization was 20. 5 

gil , representing 40% of the available lactose , and was observed in Run 

VI at Dt = 0 . 1 6  h-l . The dry weight cell  biomass in the alginate beads 

varied between 130  to 1 80 g . d . w  biomass/I . alginate , depending on the 

Run .  

6 . 2 . 3  Effect of Temperature 

The effect of temperature was investigated in two further 

experiments . Figure 6 . 1 depicts a t ime course profi le of Run IX (pH 

4 . 1-4 . 4 ,  ( 1-£ ) = 0 . 20 , Dt = 0 . 60  h-1 ) where the temperature was 
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Table 6 . 1 Steady-state data obtained on cheese whey permeate medium at 
30 °C using alginate imrrobil ized beads of C .  acetobutyl icum 
P262  [as  a function of Dt and ( 1-£ ] 

Run ( 1-£ ) Dt CB CA CE CHBu CHAc 6 S y Prod 
No .  ( h-

1 ) (g/l ) ( g/l ) (g/l ) ( g/l ) (g/l ) ( g/l ) (g/g ) (g/1 . h )  

I 0 . 1 3 0 . 1 0  3 . 55  1 .  49  trace 0 . 44  0 . 55  1 7 . 7 0 . 2 8 0 . 50 
0 . 20 2 . 60 0 . 7 8  trace 0 . 3 9 0 . 5 7  1 3 . 0 0 . 26  0 . 67 

I I  0. 22  0 . 30 3 . 2 0  1 .  05  trace 0 . 45 0 . 54  1 5 . 7 0 . 2 7  1 .  28  

I I I  0 . 25 0 . 29 3 . 2 5  1 .  2 5  0 . 0 7 0 . 38 0 . 4 9  1 7 . 6 0 . 2 6 1 .  33  

IV 0 . 2 5  0 . 30 3 . 40  1 . 1 5 trace 0 . 36 0 . 4 5  1 6 . 4 0 . 28  1 . 37 

V 0 . 2 5  0 . 3 1  3 . 1 5  1 .  3 4  0 . 1 1  0 . 39  0 . 46  1 7 . 2 0 . 27  1 .  43  

VI 0 . 34  , 0 . 1 6  4 . 2 5  1 . 4 0 0 . 08 0 . 49 0 . 4 7  2 0 . 5 0 . 28 0 . 9 1  
0. 2 5  3 . 50 1 .  3 0  0 . 0 6  0 . 4 9 0. 54 1 7 . 5 0 . 28  1 .  2 2  
0 . 4 1  2 . 80 0 . 93 0 . 06 0 . 6 1  0 . 6 5  1 1 .  8 0 . 32  1 .  55  

VI I 0 . 38  0 . 23 3 . 9 5 1 .  59 0 . 09 0 . 33  0 . 4 8  1 8 . 9 0 . 30 1.  30  

VII I  0 . 4 2  0 . 405 3 . 4 5  0 . 97  trace 0 . 3 7  0. 5 2  1 6 . 5 0 . 27 1 .  79 
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increased stepwise from 30°C to 34°C , then 34 °C to 37°C , then decreased 

from 37°C to 34 °C • Wi th each temperature increase , there was a sharp 

initial increase in  culture pH , solvents concentration , lactose 

utili zation , yield and productivity .  This  was immediately followed by a 

slower drop in  the value in these parameters followed by a small 

increase prior to a steady- state being achieved . A slight increase in 

acids concentration corresponded with the temporary fall  in sol vents 

concentration .  Steady - state productivity ,  yield and the butanol : 

acetone ratio data from this Run are summarized in Table 6 . 2 .  

The highest yield and product ivity data were obtained at 34°C , 

although the productivity data obtained at 37°C were within the typical 

1 0% fluctuation in solvents concentration experienced in Runs I to VIII . 

The yield at 3rc was inferior to that obtained at 30°C or 34°C ,  

attributable to a h igher extent of lactose uti l ization rather than to a 

decrease in solvent production. The rat io of butanol to acetone (Table 

6 . 2 )  decreased over the temperature range studied . This occurred mainly 

due to an increase in acetone production , with the butanol concentration 

i ncreasing sl ightly at 34°C compared with that obtained at 30°C or 3 7 °C .  

The fermentation culture was not deleteriously affected by the 

temperature changes , since comparable productivity data were obtained 

after the temperature had been decreased from 37 °C to 34°C after 4 10 h 

operation , to �1at obtained previously at 34 °C .  

A further experiment (Run X )  was conducted at 34°C to determine 

the effect of Dt at constant ( 1-£ ) .  Steady - state data are given in 

Table 6 . 3 .  The maximum volumetric product ivity ( 3 . 79 g/l . h )  was 

obtained at a Dt of 1 . 39 h-l , The rat io of butanol : acetone decreased 

sl ightly as the Dt was increased . 

6 . 2 . 4  Kinetic Model Parameter Estimation 

The steady -state solvents concentration data as a function of Dt 

and ( 1-£ ) in Table 6 . 1 ( 30°C ) and Table 6 . 3 ( 34 °C )  were substituted into 

a published k inetic model (Section 2 . 8 . 6 ) .  

A double reciprocal plot of P ( specific butanol production rate (g 

butanol/ ( l . alginate h » , calculated from DtliSYsb/ ( l-£ ) versus Dt/ ( l-£ ) 



Table 6 . 2  

Temperature 

( °C ) 

30 

34 

37 

154 

Steady- state data obtained on cheese whey permeate medium 

at different temperatures using alginate iI1lIl'Dbilized beads 

of � acetobutyl icurn P262 ( Dt  = 0. 60 h-l , ( 1-8 ) = 0 . 20,  

pH 4 . 1- 4 . 4 )  Run IX 

Product ivity 

( g/l . h )  

1 .  4 9  

1 .  8 7  

1 .  7 7  

Yield 

( g/g ) 

0 . 29 

0 . 34 

0 . 22 

Solvent Ratio 

(Butanol :Acetone ) 

3 . 2 : 1 . 0 

2 . 4 : 1 . 0  

1 . 9 : 1 . 0  

Steady- state product concentration data were averaged over at least 10  

res idence times . Productivity ,  yield and solvent ratio para�ters were 

determined from the average values . 



Table 6 . 3 Steady-state data obtained on cheese whey permeate medi um 
at  34 °C using alg inate immobi l i zed beads of 

0 . 6 5  

0 . 92 

1 .  3 9  

� acetobutyl icum P262 ( Dt was varied , (I-E) = 0 . 2 5 ,  
pH 4 . 2-4 . 4 )  Run X 

CB 
(g/l ) 

2 . 68 

2 . 50 

1 .  80  

CA 
(g/l ) 

1 . 1 8  

1 . 1 5  

0 . 8 5  

CE 
(g/l ) 

0 . 08  

0 . 08 

0 . 08 

CHBu 
(g/l ) 

0 . 6 4  

0 . 4 0 

0 . 49 

CHAc 
( g/l ) 

0 . 4 8 

0 . 49 

0 . 48 

llS 
( g/l ) 

1 2 . 7 

1 2 . 0 

9. 3 

y 
(g/g ) 

0 . 3 1  

0 . 31  

0 . 29 

Prod 

(g/1 . h )  

2 . 5 6  

3 . 4 3 

3 . 7 9  

155 
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(normalized total di lution rate ( Ill . alginate h ) ) yields a straight 
l ine with a slope of ( l/eB ,max ) and a y intercept of ( l/Ysbrmax ) ,  and 
was prepared for data at 300e and 34°e . Figu re 6 . 2 is a double 
reciprocal plot of these data . A line ( correlat ion coefficient = 0 . 9 5 )  
with a slope of 0 . 1 97 and an intercept = 0 . 108  was obtained for 300e 
data , and a line ( correlat ion coefficient = 0 . 9 7 )  with a slope of 0 . 2 1 3  
and an intercept = 0 . 058  was obtained for 34 °C data . Using a value for 
Ysb = 0. 2 0 ,  (average of all data used for preparat ion of Tables 6 . 1 and 
6 . 3 )  gives values of CB ,max = 5 . 08 gil ( 3 0 °C )  and 4 . 6 9 gil ( 34°C ) ,  and 
values of rmax = 46 . 3 g . lactose/l . a1ginate h ( 3 0°C ) and 86 . 5  g . lactose/l 
alginate h ( 3 4 °C ) . The advantage of operating at 3 4 °C ,  therefore , is an 
i ncrease in the maximal speci f ic substrate consumption rate . These 
k inetic parameters suggested that an inhibitory concentration of butanol 
controlled the continuous fermentation process . 

6 . 2 . 5  Effect of Added Butanol 

In order to verify experimentally that an inhibitory concentration 
of butanol controls the fermentation process , further cont inuous 
fermentations were undertaken to determine the inh ibitory effects of 
added butanol at 30De and 34°C . By increas ing the butanol concentration 
i n  the feed med illi� in  small  increments it was poss ible to determine that 
concentrat ion range in which butanol production ceased . Figure 6 . 3 
shows a time course prof ile for such a continuous fermentation at 30 °C 
( Run XI ) .  Butanol production ceased in the added butanol concentrat ion 
range 4 . 0 2  - 5 . 6 2  g added butanolll ( 30 °C , pH = 4 . 3 ,  ( I-E )  = 0. 2 4 ,  Dt = 

0 . 30 h-l ) .  Acetone product ion decreased as the added butanol 
concentrat ion was increased but acetone was sti l l  produced ( 0 . 3 - 0 . 5 
gil ) even at 7 . 2 2  g added butanol/I . For the cont inuous fermentation at 
3 4°C (Run XI I ,  34°C , pH = 4 . 3 5 ,  ( I-E ) = 0. 2 0 ,  Dt = 0. 6 2  h- 1 ) at a steady 
state butanol concentration of 2 . 8 g/l , the produced butanol decreased 
to 0. 8 gil when 4 . 5 gil added butanol was fed to the fermentation .  
Thus , the resul ts from Runs XI  and XI I generally agree with the maximum 
inhibitory butanol concentration determined from the kinetic model.  

In  several unrelated fermentat ions at  either 30°C or 34 °C , it was 
observed that when the butanol concentration reached 4. 5 - 5. 0 gil , e . g .  
at low Dt values , there was a subsequent decrease i n  the steady- state 
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solvents ( butanol ) concentration at th is Dt value , and in some instances 

there were lower than expected concentrations at subsequently higher Dt 
values . 

6 . 2 . 6  Effect of pH 

Incomplete lactose ut i l i zat ion was observed in Runs I to X, 

possibly due to the low operational pH value , which was in the region pH 

4 . 2-4 . 4  at steady- state . Previously it has been shown (Chapter 5 )  that 

the extent of lactose util izat ion and the butanol production rate during 

a batch fermentation us ing sulphuric acid casein whey permeate 

supplemented with lactose to a final lactose concentration of 65-75 gil , 

were favoured by operating in the region pH 5 . 2-5. 6 .  Thus , experiments 

were conducted to investigate the effect of elevated pH , with the 

objective of , improving the extent of lactose util ization and hence 

solvent production . 

Ii. fermentation was performed at 30°C (Run XI I I ,  ( l- E ) = 0 . 2 5 ,  

Dt = 0 . 30 h-l ) where the pH was regulated a t  higher values using an 

ammonia solution . Figure 6 . 4 shows that , as the pH was increased from 

4 . 2 5  ( at steady-state ) to 4 . 8 ,  5 . 4 and then 6 . 0 ,  the acids concentration 

increased whereas the solvents concentration decreased , with a 

corresponding decrease in solvents yield and productivity . An increase 

in  gas product ion was also observed as the pH increased . Any increase 

1 n  lactose uti l izat ion was not easily determined . The ' switch-over ' to 

acids production as the pH was increased was revers ible , since a 

recommencement of solvent production occurred when the pH control was 

terminated . Steady - state solvent production was monitored for a 

fur�1er 350 h after stopping the pH control .  

Ii. further experiment was performed a t  30°C (Run XIV, ( I- E ) = 0 . 2 5 ,  

Dt = 0 . 40  h-l ) us ing a feed medium of cheese whey permeate supplemented 

wi th 20 gil of lactose . In this instance , the extent of lactose 

util izat ion was increased from 17 . 5 gil to approximately 20 gil as the 

pH was increased from pH 4 . 2 to 4 . 9 ,  and from approximately 20 gil to 

approximately 2 5  gil as the pH was increased from pH 4 . 9 to 5 . 6  

( Figure 6 . 5 ) . This was accompanied h�yever, by an increase i n  the acids 

concentration and a corresponding decrease in  both the solvents 
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concentrat ion and yield. A tota l acid concentration of approximately 

6 . 5  gil was obt ained at a cul tu re pH of 5 . 6 .  

6 . 2 . 7 Effect of Added Butyrate 

A series of cont inuous fermentations was conducted to determine 

the ef fect of butyrate concentra t ion on solvent product ion .  Runs XI I I  

and X IV, ut i l i z i ng pH control t o  ope rate i n  the reg ion pH 4 . 8 - 5 . 6 ,  had 

demonstrated that h igh ac id concentrations cou ld be continuously 

produced and that acids were non-toxic to cel ls at a total concentrat ion 

of 4 . 5 gil at pH 5 . 4 ( Fi gure 6 . 4 ) .  

In Run XV at s teady - s tate ( 3 0°C , pH = 4 . 35 ,  ( 1-£ ) = 0 . 25 ,  

Dt = 0 . 2 9  h - l ) ,  sodium butyrate was added to the feed med ium at a 

concentrat ion of 1 .  8 7  gil ( F igu re 6 . 6 ) . A smal l reduction in lactose 

u t i l i zat ion resu l ted , wi th a correspond i ng increase in solvents yield 

from 0 . 27 to 0 . 33  gig ; that is , butyrate was used in preference to 

lactose for solvent product ion . The s teady- state butyrate concentrat ion 

was 0. 6 gil . Increas ing the sod ium butyrate conce ntration in L'le feed 

med ium to 3 . 23  gil was i nhibi tory at th i s  ION pH value , and after 4 0  h 

the fe rmentat ion act ivity dec l i ned rapidly . Pr ior to thi s ,  howeve r ,  the 

solvents y i e ld had i ncreased to 0 . 3 9  gig . A cont inuous fermentat ion 

( Run XVI )  performed at 34°e u nder s imi l a r  cond i t ions to Run XV ( 300e ) 

produced s imi lar results . I ncreas ing the temperature to 37°e dur ing 

this run with 1 . 9 1  gil sod ium butyrate i n  �1e feed medium ,  re sul ted in a 

rap id decrease i n  fermentat ion a c t i v i ty .  In a further conti nuous 

fermentation at 300e ( Run XVI I ,  ( 1-£ )  = 0 . 2 5 ,  Dt. = 0. 3 1  h-l ) ,  the 

cuI ture pH was control led at pH 5 . 0 or pH 5 . 5 and sod ium butyrate was 

added to the feed medium at a concent rat i on of 1 . 73 gil . No detectable 

increase in lactose u t i l i z a t i on was observed . Add i t ional ac ids 

product ion occurred at these DH values as observed in Runs XI I I  and XIV, " 

operated a t  elevated pH values . 

Si nce ac id produ ct ion i s  po s s i b l e  at elevated pH values ( Runs XI I I  

and XIV) , and some butyrate uptake was obse rved a t  a low pH value ( Run 

XV, Figu re 6 . 6 ) , a possible two stage process ';las cons idered , with ac ids 

product ion in Stage I fol lowed by ac i d s  reduction to solvents in Stage 

I I ,  with the obj ective of increas ing ove ra l l  solvent produc t ivity . In 
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Stage I,  the fermentation cond it ions were controlled ( 30 oC ,  pH = 5 . 6 ,  
( 1-£ ) = 0 . 2 4 ,  Dt = 0 . 3 2  h-l ) so as to produce a product stream 

containing a butanol concentrat ion of 2 . 8 gil plus a concentrat ion of 

1 .  5 gil for each of butyrate and acetate . Stage I I  was init i ally 

establi shed using whey permeate feed medium wi th the conditions ( 30°C , 
pH = 4. 3 ,  ( 1-£ ) = 0 . 2 2 ,  Dt = 0 . 3 0  h-l ) such that the product stream 

contained a butanol concentration of 3 . 2  gil . Ac id production was 

approximately 0 . 6 gil of each acid . Then , over a 30 h period , the 

product stream from Stage I replaced the whey permeate as the feed 

medium to Stage II , mai ntaining a constant value of Dt .  However, as 

soon as Stage I I  was fed completely by the eff luent from Stage I ,  

fermentat ion ceased . Thus , experiments involving pH manipulation of the 

culture in a sing le or two-stage process fa i led to ach ieve the des ired 

a im of increas ing the extent of lactose ut i l izat ion and thus solvent 

productivity .  

6 . 2 . 8 Effect of Substrate Type 

Cont inuous fermentations using a s imple semi-synthetic med ium 

containing glucose ( Table 3 . 4 )  were conducted at 3 0°C at various values 

of Dt and ( l-£ ) with the object ive of determi ning model k inetic 

parameters and canpari ng these with those obtai ned for cheese whey 

permeate med ium (Sec t ion 6 . 2 . 4 ) .  The cu lture pH was not controlled , and 

varied between pH 4 . 3 0-4 . 40 .  The steady - state data are summari zed in 

Table 6 . 4 .  Yield data was cons istent at 0 . 32  gig over the Dt range 

s tudied .  The ratio of butanol to acetone decreased as the di lut ion rate 

i ncreased for the fum us i ng a ( 1-£ ) = 0 . 2 5 .  Consequently , t..lJe butanol 

y ield on substrate ( Ysb ) changed accord i ngly . However , an average value 

of Ysb = 0. 20  was ca lculated from tJ1e steady- state data and th is value 

of Ysb was used for the mode l parameter est imat ion . This was done to be 

consistent w i th the approach taken for determi nat ion of model parameters 

for cheese whey permeate medium ( Sect ion 6 . 2 . 4 ) .  

I:ata taken from Table 6 . 4 were used for the determination of P, 

and a double rec iprocal plot of P versus Dt/ { l-£ ) was prepared ( Figure 

6 . 7 ) .  A line ( correlation coef f i c ient = 0 . 9 7 )  with a slope of 0 . 1 61 and 

an intercept of 0 . 0 9 1 7  was obta i ned . Hence , CB ,max = 6 . 2 1  gil and rmax 

= 54 . 5  g . glucose/l . alg i nate h .  



1 6 5  

Table 6 . 4 Steady - state dataa obtained on semi-synthetic medit.rrn 
containing glucose at 30 °C using alginate immobi l i zed beads 
of � acetobutyl icum P262  ( as a function of Dt and ( 1-£ )  

( 1-£ ) 

0. 25b 0 . 2 5  

0 . 3 8  

0 . 5 1  

0 . 38c 0 . 26  

0 . 4 1  

CB 
( g/l ) 

3 . 8 5 

3 . 4 0  

2 . 7 0  

4 . 90 

3 . 9 5 

CA 
( g/l ) 

1 . 90 

2 . 30  

1 .  70  

2 . 30 

1.  90 

CE 
( g/l ) 

0 . 1 8  

0 . 1 5  

0 . 1 1  

0 . 2 0  

0 . 1 6  

CHBU 
( g/l ) 

0 . 3 1  

0 . 1 8  

0 . 1 5  

0 . 1 6  

0 . 2 1  

CHAc 
( g/l ) 

0 . 4 5  

0 . 4 3  

0 . 4 3  

0 . 4 2  

0 . 4 0  

llS Y Prod 
(g/l ) ( g/g ) ( g/1 . h )  

1 8 . 6 0 . 3 2  1 . 4 8 

1 8 . 4 0 . 32  2 . 2 2  

1 4 . 2 0 . 32 2 . 30  

2 3 . 1 0 . 3 2  1 .  9 2  

1 8 . 2 0 . 33  2 . 4 6  

a Data were averaged over at least 1 0  res idence times . variations of 
+10% were obtained 

b Obtained us ing a continuous stirred tank reactor 

c Obtained us ing a fluidized column reactor 
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These k ineti c  parameter values indicate that strain P262 

demonstrates a superior spec ific  substrate uti l i zation rate and butanol 

tolerance when fermenti ng glucose ( s emi-synthetic medium)  compared with 

lactose ( cheese whey permeate ) .  Hence a further cont inuous experiment 

was undertaken to compare the fermentat ion performance of different 

substrates ( semi-synthetic medium + glucose or galactose , 

lactose-hydrolysed cheese whey permeate ) i n  order to verify the findings 

from the k i netic  par��ter estimat ions and to further examine the 

possible use of lactose-hydrolysed cheese whey permeate as a feedstock 

for continuous culture .  Table 6 . 5 shows the steady- state solvent data 

obtained . These results show that both glucose and galactose can be 
used as substrates for solvent production , with glucose g iving h igher 

solvent production than galactose . H igher solvent concentrations , and 

thus productivit ies , were obtained us ing hydrolysed permeate ca�ared to 

non-hydrolysed permeate . S i nce in hydrolysed permeate , little ( < I gil ) 

galactose was used , the data indicate that the organism prefers glucose 

to galactose .  

In a further fermentation using semi-synthetic  medium containing 

g lucose ( 30 ° C ,  pH 4 . 4 0 ,  ( 1-£ )  = 0 . 1 2 )  the Dt value was decreased from 

0 . 23  h-l (no steady-state had been achieved ) to 0 . 05  h-1 . The butanol 

concentration then increased from 3 . 1 gil to 6 . 2 gil over a 22 h period, 

but t..�en decreased to 2 . 6 gil after a further 22  h and then to 1 .  41  gil 

after a further 24 h .  Thus an inhibitory butanol concentrat ion was 

reached as a result of the dec rease in Dt ,  and this subsequently 

affected solvent product ion .  

6 . 2 . 9  Electron Microscope Examination of Alg inate Beads 

Electron microscope photographs were taken of an unused alginate 

bead cross-sect ion ( Figure 6 . 8 )  and a used alginate tead cross-sect ion 

( Figure 6 . 9 ) . The used alginate beads were removed from a fermentat ion 

operating at steady - state at 3 4 °C and " fi xed" immediately for cutting 

and subsequent microscopic examinat ion . 

A homogeneously distributed mixture ( Figure 6 . 8a ) of cel ls ( Fi gure 

6 . 8b )  and spores ( F ig ure 6 . 8c )  was immob i l i zed . Figure 6 . 9a shows that 

pockets of biomass were homogeneously distribu ted throughout the used 
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Table 6 . 5 Steady- state dataa obtained on various media at 3 0°C usi ng 
a lg inate bnmobi l i zed beads of � acetobutyl icum P262 
( 1-£ ) = 0 . 2 0b ) 

substrate TYPe 

Semi -synthetic + glucosec 

Semi-synthetic + galactosec 

Cheese whey permeate 

Lactose-hydrolysed cheese 
\¥hey permeate 

0 . 14  

0 . 1 4  

0 . 25  

0 . 25 

CB 
( g/l ) 

4 . 1 2  

3 . 1 8 

2 . 00 

2 . 67  

CA 
( g/l ) 

2 . 58 

1 .  58 

0 . 49 

1 .  00  

CE 
( g/l ) 

0. 2 0  

0. 1 3  

0. 08  

0 . 1 1  

y 
( g/g ) 

0 . 3 0  

0 . 3 1  

0 . 29  

0 . 3 1d 

a Steady- state solvent concentration data were averaged over 5 res idence 
t imes . Variations of +5% were obtained 

b Less than 50% bead germination occurred 

c Hedium compos ition given in Table 3 . 4 

d r�ss than 1 gil galactose was ut i l i zed 
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Fi g u re 6.B. Electron m ic roscope photographs of the c ross-section of 
u n used calci u m  alg i n ate beads contai n i n g  C. acetobutylicum 
P262. 

(a) 400x magn ification 
Dark patches are spores o r  vegetative cel ls, or u n d issolved 
a lg inate. The l ighter structu re represents the alg i nate. 

(b)  5200X m ag n ification 
A cross-sectional  v iew of i mm o b i l ized vegetative cel ls. 

(c) 21 200X magn ification 
A s ing le  spore. 
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Fig u re 6.9. Electron m ic roscope p h otog raphs of the cross-section of 
cal c i u m  a l g i n ate beads rem oved from a conti n uous fermen
tat ion at 34 0 C, at steady state 

(a) 250X m ag n ification 
Dark patches are densely packed areas of b iomass. 

( b) 1 5300X magn ification 
This photograph shows: 
1 cross-section of cell 
2 long itu d i nal view of clostrid ia l  stage cel l 

(c) 21 200X magn ification 
This photog raph shows: 
1 spores 
2 cell  debris. 
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calc ium alg inate beads . These used beads contained a mixture of 

ungerminated spores , germi nat ing spores , vegetative cells , cell  debris ,  

and solvent-produci ng clostridial stage cells ( Figures 6 . 9b ,  c ) .  The 

cell number was greater than the spore number , but the di fferentiat ion 

of cell morphology i . e . vegetat ive cells as opposed to clostrid ial stage 

cells , was not eas i ly determi ned . 

6. 3 DISCUSSION 

The objective of th is work was to investigate and optimi ze the 

cond i t ions for long-term cont inuous stable solvent production from 

cheese whey permeate medium using algi nate-entrapped cells of C .  

acetobutyl icum P262 . 

The init ial cond i t ions at the corrunencement of each fermentat ion 

were found to be a cri t ical aspect for a successful experiment . The 

i nteract ion between cu lture pH and temperature on the rate of spore 

germination and vegetat i ve growth in cheese \vhey pe rmeate med ium was not 

prec isely def ined in thi s  work . However ,  corrunencement of fermentat ions 

i n  the manner descr ibed in Section 6 . 2 . 1 ,  was more successful than by 

swi tch ing fran a simple semi-synthetic med ium conta ining glucose to the 

cheese whey permeate med ium.  This contrasts with the findings of 

Schoutens & Kosse n ( 1 986 ) who routinely corrunenced fermentations us i ng a 

s imple semi-synthet ic rredium containing glucose prior to swi tchi ng to 

cheese whey permeate med ium.  Th is may be strain  specific since these 

workers used alginate-entrapped � beijerinck i i  LMD 27 . 6 or Clostrid ium 

sp DSH 2 1 52 .  

The fact that elevated pH values (e . g .  pH 6 )  enhance the rate of 

spore germination was f irst demonstrated by KrouvJel ,  ( 1 982 ) us ing 

alginate-entrapped � be ijeri nck i i  LMD 27 . 6 and a s imple semi-synthetic 

medium contai ning glucos e .  

The results o f  the first series o f  experiments conducted at 30°C 

( Table 6 . 1 )  show that solvent productivities obta i ned us ing cheese whey 

permeate rrediurn were 5-6 t imes greater than that reported in batch 

fermentat ions using free cells at 3 4 °C wi th sulphuric acid case in whey 

permeate medium ( Chapter 5 ) . Even higher solvent productivities were 
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obtained when operat ing at 34 °C (Table 6 . 3 ) . Sol vent production and 

lactose uti l izat ion varied with dilut ion rate and bead fract ion as shown 

i n  Table 6 . 1 .  The maximum solvent concentrations ( typically 5-6 g/l ) 

were obtained at h igh values of ( l-£ ) ,  and low values of Dt ,  resulting 

i n  productivities of approximately 1 . 5 to 2 t imes that typically 

obtained in a batch fermentation .  

Solvent yields obtained at 30°C were typica l ly 0 . 26  - 0. 3 2  gig 

( Table 6 . 1 )  and were lower than obtained in some batch fermentations , 

possibly as a resul t  of add itional substrate being ut i l ized for biomass 

production ; excess biomass ( typically 1-1 . 5 gil ) was cont inuously 

removed from the fermenter. Solvent yields obtained at 34°C (Tables 6 . 2 

and 6 . 3 )  were sl ightly higher than those obtained at 3 0 °C ;  however , 

steady-state variat ions of + l Ola were routine ly observed . 

Long term stable solvent product ion has been demonstrated in this 

work . Experiments were routinely operated for 400-650 h in a CSTR and 

i n  one case up to 8 0 0  h ,  with very l ittle detectable decline in system 

performance . Some bead attrition vIas observed , but this was minimi zed 

i n  this part i cular apparatus by maintaining the agi tator speed below 200 

rpm. The effect of added calcium ions ( as CaC12 . 2H 20 )  in e1e medium on 

the fermentat ion performance was not invest igated . Iargier et aI , 

( 1 9 8 5 )  using stra i n  P26 2 ,  found no detectable d ifference in solvent 

product ion in batch fermentations of alginate-entrapped cel ls with or 

without added CaC1 2 . 2H20 ( 5  gil ) .  In the present work , rapid bead 

disintegration and loss of fermentat ion perfonnance occurred if calcium 

ions were o,'11i tted from the medium. Schou tens & Kossen ( 1 986 ) have 

reported an experiment lasting up to 1800 h in a CSTR with no measurable 

loss in activity or calcium algi nate bead disrupt ion. 

Alginate beads could be successfully stored at 4 °C ln 5 gil 

CaC12 . 2H20 for periods greater than 9 months and used in cont inuous 

fermentations with no detected loss in performance . 

The use of a CSTR was rou tinely adopted for all experiments except 

for Run VI I I  ( Table 6 . 1 )  and for some data presented in Table 6. 4 .  This 

vIas due to its comparative ease of operation.  Gas bubbles escaped 

unhindered from the l iqu id phase and concentration gradients were absent 
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in the wel l  mixed system. In contrast ,  the FCR was difficult to operate 
for extended periods due to gas re lease which resulted in slugs of gas 
l ifting sect ions of the alginate beads . Bubbles did not coalesce but 
accumulated in pockets . The column was vibrated in  order to fac i l i tate 
the rerroval of this accumulated gas . These observat ions support those 
of Krouwel et a I , ( 1 983a ) who stated that a packed bed reactor is 
unsui table for this  part icular fermentation , since high pressure drops 
and gas formation , leading to stagnant zones and hence clogging and 
channeling problems, occur. Concentration gradients over the fluidized 
bed were not est imated since a balancing of production and mixing t imes 
was not attempted . The circulat ion liquid veloci ty was not measured , 
but adjusted in order to achieve approximately 50% bed expansion. 

Bead fract ion volumes ( 1-£ ) in the CSTR of 0 . 20 to 0 . 25 ,  v.>ere 
rout inely u�ed in experiments after those described in Table 6 . 1 ,  s ince 
easier mixing and less bead settling occurred than in experiments where 
the ( 1-£ ) value was 0. 3 0  to 0 . 3 5 .  

The abil i ty o f  alginate-immobil ized C .  acetobutyl icum P262 to 
cont inuously produce solvents from whey permeate over the temperature 
range 30°C to 3 7 °C ( Run IX,  Figure 6 . 1 )  agrees with previously reported 
resul ts with batch fermentat ions using free cells  (Chapter 4 ) .  This 
observation may be strain-speci f ic since Schoutens et aI , ( 1 985 ) could 
produce solvents from cheese whey permeate at 3 0 °C but not 37°C during 
both batch fermentations with free cel ls and continuous fermentations 
using alg inate-entrapped � beijerincki i  IMD 27. 6 .  That temperature 
affects the rat io of solvents , yield and solvents concentration (Table 
6 . 2 )  was also found by Voget et aI , ( 1 985 ) on whey medium using 
d i fferent Clostridium �. since the increase in solvents product ivity 
was mainly attribu table to an increase in acetone production it  is 
poss ible that the temperature affects the act i  vi ty of key enzymes 
responsible for acetone format ion .  

The bianass load ing in the alginate beads was found to be directly 
proportional to the rate of increase in the value of Dt (Sect ion 6 . 2 . 2 ) . 
If  Dt was increased to 0 . 3  h-l ( (  1-£ ) = 0 . 25 ) within 20 h of spore 
germination , the biomass concentration in the beads reached 180  g . d . w  
biomass/I . alginate ( e . g .  Runs XI I I  and XVI ) .  If however ,  Dt was kept 
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at lower values and not increased to Dt = 0. 3 h-l unti l  60-100  h after 
germination, then the biomass concentration in severa l instances (data 
not shown ) reached only 1 30-1 50 g . d . w  biomass/l . alginate . This effect 
of Dt on the extent of biomass accumu lat ion may be mediated by the 
i nhibitory butanol concentration on the biomass growth rate . At higher 
i nitial values of Dt ,  and hence lower initial butanol concentrations , 
b iomass is accumu lated faster and to a higher extent . The proportion of 
act ive biomass was not determined in this study . Since an electron 
microscopic examinat ion of alginate bead cross-sect ions revealed a range 
of cell  morphologies ( Section 6 . 2 . 9 ) ,  the calculation of specific rates 
for direct comparison with other fermentation modes could be misleading .  

The fermentat ion kinetic m::>del parameters determined in Section 
6 . 2 . 4 for cheese whey permeate medium at both 30°C and 34°C enable the 
calculation of overal l  reactor producti vi ty as a function of Dt and 
( 1- E )  • Figure 6 . 1 0  is a plot of reactor producti vi ty versus Dt for a 
value of ( l-E ) = 0 . 4 5 ;  on alginate bead loading typical of that 
obtainable us ing a fluidized bed reactor. The equation 

CB , max rmax �Dt ____ _ � (l- E ) * CB ,max + rmax Ysb 

( Section 2 . 8 . 6 )  was used to calculate !lCs for given values of Dt and 
( l-E ) us ing ele predetermined values for CB ,max , rmax and Ysb. Solvents 
product ivity was then calculated for each Dt value using the equation:  

Productivity = Dt !lCs Yss 

Va lues for Yss ( total solvents yield on substrate uti l i zed ) of 0. 3 0  
( 30 °C )  and 0 . 3 2  ( 3 4°C ) were used for this calculation . The curves in 
Figure 6 . 1 0  show greater solvent productivities at values of Dt greater 
than used in the present study . The linproved productivit ies obtained at 
3 4 °C compared with those obtained at 30°C are attributed to the 
s ignificant increase in the maximal specific subst rate consumption rate , 
s ince the CB ,max was comparable at both terrperatures . However ,  it is 
clear that high solvent productivities are obtai ned at the expense of 
lower substrate consumption .  

The k i netic model parameters obtained in this  work , are simi lar to 
those reported by Schoutens & Kossen , ( 1 986 ) who used alginate-entrapped 
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Clostridium � DSH 2152 at 30°C  on cheese whey permeate medium. Values 

of 4 . 7 gil and 55 g lactose/l . algi nate h were obtai ned by these workers , 

for CB, max and rmax respectively .  Di rect quantitat ive canparison of 

these results at 30 °C may be misleading since these workers derived 
their  information from a single experiment ( constant value of ( 1-£ ) )  by 
varying ot ,  in contrast to work presented here , where both Dt and ( 1-£ ) 

were varied over a wide range during e ight separate experiments (Table 
6 . 1 ) .  The fact that the data fit the kinet ic I1DCiel so wel l ,  suggests 
that the observed differences in the biomass content of the beads may be 
i rrelevant . 

The cont inuous fermentation experiments where butanol was added to 
the feed medium to find that concentration region in which butanol 
prcduct ion ceased ( Section 6 . 2:. 5 ) , generally showed agreement wi th the 
values of CB max predicted from the k inetic  model .  

, , However ,  it is 
interesting that acetone product ion cont inued , albeit  at a lONer leve l .  
Acids prcduct ion did not vary during the experiment , suggesting that 
some growth was sti l l  poss ible within �)e alg i nate beads even at a total 
butanol concentrat ion of 7-8 gil . vVhen fresh medium containing no 
butanol was fed to this  fermentation after 400 h (data not shown in  
Figure 6 . 3 ) , ver:/ low solvent and acid  concentrations « 1  gil total ) 
we re detected ind icating that some of the original biomass was inactive . 

Further invest igation of the form of the inh ibition kinetics is 
necessary , e ither at high Dt or a low ( 1-£ ) value in order to keep the 
butanol concentrat ion resul ting from the fermentat ion at a low 
concentration prior to butanol add ition to the feed med ium. A plot of 
substrate conswnption rate ( g . lactose/l . algi nate h )  versus the butanol 
concentrat ion could be constructed , and the form of the inhibit ion 
k inetics ( e . g .  l inear ) determined . Such a calculat ion would be 
approximate only , s ince it  is probable that the internal lxltanol 
concentration (produced butanol ) is more toxic to the cel l  than the 
external butanol concentrat ion as suggested by Novak et �, ( 1 981 ) for 
ethanol inhibit ion of yeast . 

Attempts to increase the extent of lactose uti l i zat ion , and hence 
solvent product ivity , by operating at higher pH values (pH 5 . 2-5. 6 )  were 
not successfu l .  An increase i n  gassi ng ,  free cell biomass and acid 



------_. ------

1 7 7  

concentrations at these pH values can be attributed to an increase in 
the biomass growth rate . Si nce electron microscope photographs (Sect ion 
6 . 2 . 9 )  have shown that different morphological forms VJere present in 
solvent producing alginate beads operat ing in  the region pH 4 . 2 to 4 . 6, 

i t  is poss ible that vegetative rods were preferential ly selected for ,  
leading to acid production , when the pH was increased . Simi lar 
observations were made when adjusting the pH value (pH 4 . 4 to pH 5 . 5 or 
pH 6 . 0 )  in  the free cel l  fermentations described in the previous 
chapter.  This  contrasts with the findings or Largier et  a I ,  ( 1 985 )  
who successfully operated a continuous fermentation us ing strain P262 

entrapped in algi nate beads , on a molasses fermentat ion medium at 34°C , 
in  the pH range of pH 5 . 4  to 5 . 6 .  In this instance , however,  an early 
sporulation deficient ( spo A2 ) mutant was used and was " locked" into the 
solvent producing clostridial stage . The advantage of using these 
mutants is reflected in the cons iderably greater solvent concentrations 
and hence solvent productivities reported . 

The abil i ty of a continuous fermentat ion to revert to solvent 
production after the cessation of pH control at higher values (Run XII I ,  
Figure 6 . 4 )  supports the postulation that fast-growing acid-producing 
vegetative cel ls are preferentially selected at elevated pH , and were 
washed out of the continuous reactor as the pH was allowed to fall . It 
can be speculated that those solvent producing clostridial forms in the 
alginate beads sporulated (or degenerated ) as a funct ion of the 
operating t ime and the solvent conce ntration . A dynamic equil ibrium 
would be set up with these sporulating organisms subsequently 
re-germinati ng or alternatively the fermentat ion performance declining 
after a period of t ime . 

The add it ion of butyric ac id to batch fermentat ions at low pH 
values has been observed to induce solvent product ion by strain ATCC 824  
( Gottschal & Morris , 1981b ) .  The role of the undissociated acid 
concentration , or the tota l ac id concentration ins ide the cel l  in 
response to the mai ntenance of a posi t ive pH gradient , itself  a function 
of external acid concentration and culture pH , in inhibiting cellular 
growth and trigger ing solventogenesis , was discussed in Sect ion 5. 2 . 2 .  

The inh ibitory nature o f  the external undissoc iated acid 
concentrat ion on cellular growth is one poss ible explanation for the 
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reduct ion in fermentation performance ( F igure 6 . 6 )  when the linnobi 1 i zed 

cel ls were exposed at pH 4 . 3  to a total butyrate concentration of 3 . 23 

g/l , i . e .  to an und issociated ac id concentration of 2 . 4 5  gil (pKa for 

butyric acid = 4 . 8 ) .  Conversely , Dnmob i l i zed cells in an acid-producing 

cul ture at pH 5. 4 ( Figure 6 . 4 )  tolerated a total butyrate concentrat ion 

of approximately 2 . 5 gil where only 0 . 5 gil is in the undissociated 

form. An alternative explanat ion is that the increased acids 

concentration ins ide the cel l  at the low pH value , brought about by 

the increased external acids concentration ( butyrate add ition ) , was 

inhibi tory to cellu lar growth and solvent production .  The 

d i f ferent iat ion eetween which mechanism is responsible for the reduction 

i n  fermentat ion performance is unclear from L�is work . The increase in 

y ield associ ated with butyrate uptake for solvent production at an added 

butyrate concentrat ion of 1 .  $7 gil ( not toxic at this concentrat ion ) 

agrees with .the f indi ngs of �1art in et al , ( 1 983 ) who obtained increased 

solvents yie ld with added acids to batch fermentation cultures us i ng a 

synthetic medium containing glucose . 

The fa i lure of the two-stage process , where acids ( less than 2 gil 

butyrate ) and solvents were produced in �1e first stage at high pH value 

and then passed to a second stage at low pH value for acid reduct ion to 

solvents , can poss ibly be attributed to the synergistic toxic i ty of 

butanol and butyric  ac id , although the latter species was below the 

inh ibi tory concentrations found in Ru n  XV. The experimental f inding 

supports the conclus ions drawn from the batch fermentat ion work 

described in Chapter 5 where such a two-s tage process was cons idered 

impractical . 

The higher values for the ki netic parameters CB , max and rmax 

obtai ned for a simple semi-synthetic medium conta ining glucose (Section 

6 . 2 . 8 ) , compared with �10se obtained for cheese whey permeate ( lactose ) ,  

are in general agreement with results reported by Schoutens & Kossen 

( 19 86 )  us ing these medi a  with alginate-entrapped Clostridium sp C6H 
2 15 2 .  The h igher butanol tolerance (CB , max ) exhibited by immob i l i zed 

s train P262  when ferment ing glucose can be related to the substrate 

t ransport mechanism. OUn ine et aI , ( 1 9 8 5 )  found that product inhibit ion 

was stronger for xylose in batch fermentations using free cells of 

C .  acetobutyl icum ATCC 824 , hypothet ically due to a membrane bound 



179 

substrate transport mechanism that was act ive i n  the case of xylose 

transport but not active for glucose . The higher maximal specific 

substrate consumption rate obtained on glucose med ium compared wi th that 

obtained on cheese whey permeate supports the suggestion that glucose is 

a preferred carbon source to lactose . The increase in solvent 

productivity when ferment i ng lactose-hydrolysed cheese whey permeate 

( Table 6 . 5 )  supports this statement . However ,  the fact that galactose 

i s  used only slowly in the presence of glucose supports the earlier 

conclusions in Chapters 4 and 5 that lactose hydrolysis pri or to 

fermentation conveys no operational advantage to the fermentat ion 

process . 

The substrate-related effect on the attainable solvents 

concentration may partly explain the higher solvents concentrations 

obtained during continuous fermentat ions us ing alginate-entrapped 

C .  acetobutyl icum P262 on a sucrose- based medium (Largier et aI , 1 985 ) .  

I t  is possible that the sucrose uptake mechanism parallels that for 

glucose . Addit ionally, and perhaps more importantly , these workers 

operated thei r  fermentat ions with a richer medium and at a higher pH 

value than reported in the present work . Even if  no increase in butanol 

tolerance were obtained under these imprOVed conditions for work 

described here , some expected increase in the maximal speci fic substrate 

consumption rate should g ive rise to greater overall  solvent 

productivities . 

6 • 4 SlJMl'IARY 

Cont inuous stable solvents production us ing alginate-imnob i l i zed 

C .  acetobutyl icum P262 cells on cheese whey permeate medium has been 

demonstrated . The fermentat ion can be essentially described as a 

biomass volume process ( l-e: ) in which substrate uti li zat ion , and hence 

solvents productivity ,  are defined by an inhibitory concentration of 

butanol . 

S igni ficantly greater solvent product ivi ties are obta ined , 

compared with those achieved us i ng free cel ls in batch fermentat ions . 

However ,  lower extents of lactose ut i l i zat ion were observed . The use of 

pH regulat ion and a two-stage process , wi th the objective of increasing 
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the substrate uti l i zation ,  were found to be detrimental to solvent 

production.  

The immob i l i zation of spores in alginate beads is a simple , robust 

method . Beads were stored at 4 °C in 5 gil CaC12 . 2H20 for periods 

greater than 9 months and successful ly used in continuous fermentations 

with no detected loss of performance . 

The fermentat ion start-up procedure was found to be a critical 

aspect for successful continuous solvents product ion . 

The use of mutant strains able to withstand higher solvent 

concentrat ions or the use of in-s itu product recovery technolog ies , and 

hence the poss i bi l ity of fermenting even more concentrated substrates , 

should present sign i f icant improvements over the process described in 

this Chapter,. 



CHAPTER 7 

CONTINUOUS SOLVENTS PROOOCTION BY FREE CELLS OF 

C .  ACEIDBUTYLICUM P262 USING EXTERNAL CELL RECYCLE BY 

CROSS-FLOW MICROFILTRATION 

7 . 1 INTROOOCTION 

1 8 1  

It  was demonstrated i n  the previous chapte r ,  that entrappi ng cells 

i n  ca lcium algi nate beads to effec t i vely increase the reactor biomass 

concentration , fac i l itated cont inuous stable solvents product ion from 

cheese whey permeate medium .  

Another " intens i f ied " fermentation technology is  the use of 

external ce l l  recycle to increase the reactor biomass concentration . 

Cross-flow microf i ltrat ion ( C FM )  membrane plant is a technological 

process that can be used to continuously separate cells from a 

fermentation culture and to recycle them back to the reactor in order to 

obtain greater product ivities during conti nuous operation .  

The development of CFM membranes i n  conjunct ion w i th the use of 

existing ultra f i l trat ion plant , has accentuated the i nterest in the 

application of th is technology to fermentat ion processes . CH1 membrane 

plant configurat ions pos s ibly su i table for process ing cel l-containing 

fermentat i on culture include Plate and Frame ( Sect ion 3 . 7 . 5 . 1 ) ,  Hollow 

F i bre ( Sect ion 3 . 7 . 5 . 2 )  and Tubu lar ( Sect ion 3. 7 . 5 . 3 )  devi ces . 

Hence the purpose of the work described in this chapter was to 

i nvest igate these CFM membrane p lant configurations for the i r  

su i tabi l i ty for the product i on of solvents from cheese whey permeate by 

continuous fermentat ion with externa l cell recycle u s i ng ce lls of 

C .  acetobutylicum P26 2 .  Th is included the determinat ion of optimal 

culture cond it ions . A s imp le mathemat ical ana lys is of the continuous 

fermentat ion - ce l l  recycle system was undertaken for the purpose of 

determining those parameters that control such a fermentation process 

(Append i x  1 ) . 
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The f i gures o f  t h e  various fermentat ion t ime course prof i les 

p resented in th i s  chapter do not show acetone , ethanol or ace t i c  acid 

concentra t i on data . These data were an i t ted in order to s imp l i fy the 

f igu res and avoid unnecessary clutte r i ng .  S i nce a techni cal appraisal 

of th i s  process was the ma i n  obj ect ive of the work descr ibed here , the 

" loss "  of th i s  det a i led i nforma t i on is not cons ide red cr i t ical . Point 

data values are g i ven at appropriate places in the text . Butyri c  acid 

was the dominant acid present and was genera l ly present at a 3 to 4 

t imes greater concentrat ion than ace t i c  acid . The ethanol concentration 

was low and inva r i ably less than 0 . 4 gil under all the experimental 

cond i t i ons examined . 

7 . 2 RESULTS 

7 . 2 . 1 Plate and Frame CFM Apparatus 

In the f i rs t  series of experiments the fermenta t i on start-up 

cond i t ions were examined . The t·1 i l l ipore 0 . 4 5 )Jffi Durapore membrane 

cassette modu le was used for th i s  work . In i t ia l ly , cheese whey permeate 

med ium ( Table 3 . 3 )  or sulphur i c  ac id case in whey permeate medium (Table 

3 . 2 ,  adjusted to pH 6 . 5 with aqueous ammon i a  prior to autoclavi ng ) ,  both 

supplemented with 10 gil lactose , were used in the fermenter for the 
batch fermentat ion phase carried out u s i ng pH control (pH 5 . 4 )  at 30°C . 

Some mi nerals prec ipi tat ion occurred i n  both med i a  as a result of 

autoclav i ng , this be i ng more pronounced in the su lphur i c  acid case i n  

whey permeate med ium. 

A t1asterflex perista l t i c  pump us ing twi n  0 1 8  heads ( maximum 

f l awrate ) f i tted w i th Norprene tubi ng ( long-l i fe peri stalt ic tubing , 

Sect ion 3 . 7 . 5 . 2 )  was used to circu late the fermenter culture to the CFM 
unit after the batch fermentat ion stage ( approximate ly 2 4 - 2 8  h ) .  A 

reci rculat ion flowrate of 1 .  5 I/m i n  was used . Th is was equ ivalent to a 

rec i rculat ion flow of 3 . 0 I/mi n/m2 membrane area , the minimum f lowrate 

recommended by the membrane manufacturer to mi n imize polarization 

( Operat ion Hanual O�1 0 2 9 , M i l l ipore Corporation ) . A per i stal t i c  pump 

was chosen s i nce thi s  pump act ion would present a gent le , low shear 

s t ress envi ronment to the cel l s .  
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From the commencement of recirculation , the CFM uni t backpressure 

increased within 40 to 60 h ,  from 68 . 9  kPa , to 200 kPa to 275 kPa , which 

resulted in  a rapid decl ine in  filtrate f lux and in  Norprene tube 

failure on two occasions . The tube-l ife decreased in proportion to the 

i ncrease in the backpressure . 

It was reasoned that this increase in backpressure occurred as a 

result of either mineral  precipi tat ion in  the fermenter ( from 

autoclaving and pH control operation ) which rapidly fouled the CFM 

membrane or , alternatively , of frontal blockage of the inlet rrembrane 

distribut ion face as a result  of precipitate and/or cel l  accumulat ion . 

The latter cause seemed reasonable s ince the cell concentrate 

distribution channe l was <0 . 5  mm i n  diameter.  Hence in a further 

experiment , designed to i nvestigate the possi bi l ity of the latter 

phenomenon , the flow direction across the membrane cartridge was 

reversed in order to dislodge any possible frontal  deposits .  Th is did 

not result in any decrease in the CFM operating pressure . Hence , it  was 

assumed that minerals precipitation causing membrane fouling was 

occurring , and causing the rapid pressure increase and decrease in 

f i ltrate flux. 

Experiments were conducted to invest igate the use of membrane 

f i ltration to remove the mineral precipi tate from hot medium ( 9 0°C ) 

after autoclaving . Clear medium was produced using filtration ;  however ,  

the subsequent batch fermentat ion , using either filtered cheese or 

sulphuric acid casein  whey permeate medium did not perform adequately 

(pH 5 . 4 ,  30°C ) .  A long lag phase ( 1 0 h )  was observed with lower cell 

numbers be i ng achieved . This was despite the use of a large , highly 

mot ile inoculum in each instance . The media had low buffering capacity 

which made pH control more diff icult .  

Consequently , the peristaltic pump was replaced with a fixed speed 

pos itive displacement rotary vane pump ( Section 3 . 7 . 5 . 1 ) . Th is pump had 

a maximum flowrate of approximately 4 . 5 l/mi n of disti lled water against 

a 7 kPa backpressure . Th is flowrate is three times greater than that 

recommended to minimiz e  polarization .  Additionally , a semi-synthetic 

medium containing lactose ( Table 3 . 5 )  was used in the fermenter for the 

batch fermentat ion phase instead of whey permeate medium .  Th is was 
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undertaken t o  obvi ate the rapid membrane fou l ing pos s i bly due to 

minerals prec ipi ta t ion . The use of semi-synthet i c  med ium conta i n i ng 

lactose for the i n i t i al batch fermentat ion phas e , prior to cont i nuous 

fermentation us i ng ce l l  recycle and cont inuous feed i ng of cheese whey 

permeate med i um ,  was rou t i ne ly adapted for expe rimental work presented 

in thi s  chapter. 

The f i rs t  series of experiments was undertaken at 3 0 °C at a 

relatively low value of cu lture pH , i . e . under s imilar culture 

condi t i ons to those described in Section 6 . 2 . 2  for alg inate- immob i l i zed 

cell fermenta t i ons . 

Run I was conducted us ing the M i l l ipore 0 . 4 5  )JIT1 Durapore cassette 

operat ing the exper imenta l apparatus as described in Sect ion 3 . 7 . 5 . 1 .  

The fermentat ion t ime course prof i le of thi s  Run i s  given in Figu re 7 . 1 .  

The i n i t ia l  batch fermentat ion was operated under pH control at pH 

5 . 4 + 0 . 1 .  Cel l recycle and con t i nuous operat ion were commenced after 

27 h ,  and an i n i t i a l  low overal l  di lut ion rate of 0 . 0 6  h- l was used . 

( The overal l  di lut ion rate was based on the tot a l  volume of the system 

i . e .  volume of fermenter plus CFM devi ce plus all connect ions divided by 

the medium flowrate ) .  Semi-synthet ic medium contai n i ng lactose was used 

as the feed medium .  Clos trid ial  shaped cells were observed a t  this 

t ime . A high ini t ia l  f i l t rate flux was observed where the rat io of cel l  

concentrate and f i l trate f lowrates was estimated to be approximately 

3 :  1 .  The f i l trate f lu x  decreased rap i d ly howeve r ,  and after 6-8 h the 

f low rat io was approx imate ly 1 0- 1 5 :  1 .  There was no biomass removal 

during thi s  Run .  

A high butyr i c  acid concentrat ion ( 8 . 4  g/l ) was observed after 

27 h fermentat ion and thi s  concentrat ion was reduced , after camnencement 

of ce l l  recycle , at a rate greater than its washout rate , ind icat i ng at 

least in part , that some butyri c  acid uptake for solvent product ion was 

occurring .  The pH control was stopped after 51 h fermentat ion and the 

overall  di lut ion rate was i ncreased to a value of 0 . 1 2  h-l , and then to 

a va lue of 0 . 1 6 h- l after 9 2  h .  Sporulat i ng ce l l s , clos tridial shaped 

and elongated rod s haped ce l l s  were observed after 74 h of fermentation .  

The culture pH rema i ned steady i n  the range pH 4 . 6-4 . 7 .  After 1 2 4  h of 

fermentat ion , predomi nant ly butyric acid ( 2 . 4 gil ) was produced with 
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only approximately 1 gil butanol . At this  time , the continuous culture 
was fed with cheese whey permeate medium (Table 3 . 3 )  and concurrently , 
the overal l  dilution rate was increased to a value of 0 . 3 1  h-1 • The 
butyric acid concentration decreased and then remained steady , while 
the butanol concentration increased to 3 . 3 gil ( acetone = 1 . 1  g/l ) 
before decreas ing to approximately 1 . 8  gil . In an attempt to 
" rejuvenate" the culture , the pH was adjusted from pH 4 . 7 to pH 5 . 4 
using 12%  w/v ammonia solut ion . This  resulted in  a sharp increase in 
the butyric acid concentration to approximately 3 . 5-4 gil whi lst  the 
butanol concentration rema ined steady at approximately 1 . 5-1 . 7  g/l . 
After 174 h of fermentation at pH 4 . 7 ,  the total cell  count (TCC ) was 
approximately 2 x 109/ml , a s imi lar number to that obtained in batch 
fermentation culture (Section 5 . 2 . 1 ) .  However, the number of colony 
forming units (CFU ) was 1 .  6 x 1 06/ml . During the fermentation , the 
biomass c9ncentration increased although some fluctuat ions were 
observed . A maximum cel l  biomass concentration of 1 6  g . d . w/l was 
obtained after 168  h of fermentation . Depos ition of biomass was 
observed in the inlet and outlet distribution manifolds . The CFM unit 
backpressure increased steadi ly throughout the fermentation increasing 
to 240 kPa after 194  h .  At this  time the filtrate flux was less than 
the feed rate . The unit  was shut down and cleaned as described in 
Sect ion 3 . 7 . 5 . 1 .  Lactose analyses were 
Steady - state solvent production was 

not performed on this  Run .  
not obtained i a maximum 

i nstantaneous solvent productivity of 1 . 44 g/l . h  was observed after 156 
h .  

A further experiment was conducted (Run I I ) under s imi lar culture 
pH condit ions to those used in Run 1 .  In this instance , hO'Wever ,  the 
cont inuous biomass removal was investigated in an attempt to control the 
biomass ocncentration at a steady-s tate value (Appendi x  1 ) .  The biomass 
removal rate (expressed as a D value , i . e .  the biomass removal rate 
d ivided by the total system volume ) was loosely based on that reported 
by Pierrot et aI , ( 1 986 ) for a cont inuous culture using cell recycle , 
for C .  acetobuty1 icum ATCC 824  us ing a semi-synthetic medium containing 
g lucose . 

The fermentation t ime course prof i le of this Run is g iven in 
F igure 7. 2 .  Cont inuous operat ion and cell recycle were commenced after 
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28 h and cheese whey permeate was used at thi s  t ime .  An overal l  

d i lution rate of 0. 3 6  h-l  was used for the major port ion o f  the 

experiment , the value of D be ing increased at a faster rate than in Run 

1 .  The biomass remova l  rate was initially set at a D value of 0 . 033  

h- l • At the oommencement of cel l  recycle the TCC was 1 . 4  x 109/ml and 

the CFU was 1 . 2 x 1 0 8/ml . Both counts steadi ly increased over the t ime 

interval 4 6  h to 1 4 5  h ,  where the culture pH was oontrol led at pH 4 . 8 

After 1 4 4  h ,  the TCC was 1 . 3  x 1 0 1 0lml and the CFU count was 

2 . 0 x 1 0 1 2/ml ( biomass = 1 4  g . d . w/l ) .  After 1 4 5 h the pH control was 

stopped and the cu lture pH decreased to the reg i on pH 4 . 4 -4 . 5 .  The 

biomass removal rate was i ncreased at th is t ime , despite the lower 

expected growth rate , in an attempt to stabi l i ze the decl i ne i n  the 

f i ltrate flux by operat i ng at a lower cel l  concentrat ion . The TCC 

rema ined approximately constant ( approximately 1 0 1 0/ml ) i however , the 

CFU count decreased sign i f icantly to approximately 1 08 - 1 09/ml , despite 

the biomass concentration rema ining i n  the reg i on of 1 0- 1 4  g . d . w/1 . 

( The lower CFU count at th i s  pH va lue agrees with the resu lt obta ined in 

Run I at a comparable pH val ue ind icat ing that cel l  viabi l i ty is reduced 

at these low pH values ) 0 Large fluctuat ions in the extent of lactose 

u t i l i zation were observed ( Fi gure 7 . 2 ) , with a lower ut i l i zation range 

be ing obtained at pH 4 . 4- 4 . 5 .  The solvents yield ,  based on lactose 

ut i l i zed , was vari able at pH 4 . S and in the range 0 . 1 5- 0 . 2 7  gig ,  whereas 

at pH 4 . 4-4 . 5 ,  the yield varied between 0 . 2 9-0 . 34 gig . The ratio of 

butanol to acetone ( data not shown ) varied but was general ly i n  the 

rat io 2 . 5-3 . 0 :  1 .  The ethanol concentration rema ined i n  the region 

0 . 2-0 . 3 gil . 

The highest observed spec i f ic butanol and butyric acid product ion 

rates at pH 4 . 8 ,  we re 0 . 0 6 7  g/g . d . w . h  and 0 . 0 8 5  g/g . d . w . h  respect ive ly , 

at l I S  h and 1 4 2  h respect ive ly . The speci f i c  butanol production rate 

decreased at pH 4 . 4- 4 . 5 wh i ls t  the specific butyric aci d  product ion rate 

was comparable to that obta i ned at pH 4 . S .  The max imum speci f ic lactose 

uti l i zation rate at pH 4 . S was 0 . 5 3 g/g . d . w . h  after 1 2 7  h decreasing to 

0 . 2 4  g/g . d . w . h  at pH 4 . 4-4 . 5 ,  after 1 99 h .  The fermentation was stopped 

a fter 221  h as the f i l trate flux was lower than the feed rate . The CFM 

unit backpressure had increased to 240 kPa at th is t ime . Steady- state 

so lvent product ivity was not obta i ned in th i s  Run .  The max imum observed 

i nstantaneous solvent productivity was 1 . 5 8 g/l . h  at 1 2 8  h .  
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As a resu lt of the membrane fou l i ng and consequent decrease i n  

f i ltrate f l u x ,  us i ng the Durapore 0 . 4 5  )Jffi cartridge during continuous 

operat ion , i t  was dec i ded that this part icu lar system was unsu itable and 

work was d isconti nued . Th is cartridge was replaced w i th a Sa rtor ius 

membrane cartridge ( Sect ion 3 . 7 . 5 . 1 ) , wh ich has a rrore ' open ' channel 

des ign that the Mi l l ipore membrane cartridge . A greater tangent i a l  flow 

and lower cel l  accumu l at ion/concentrat ion polari zat ion would be 

expected . 

Run I I I  was conducted us ing the Sartorius 0 . 2 )Jffi Ultrasart I I  

membrane cassette module and was started-up and operated under s imi lar 

condit ions to Run II with no pH control during cont inuous operat ion .  

The fermentat ion t ime course prof i le o f  this Run is  given i n  Figure 7 . 3 .  

The cul ture pH was i n  the reg i on pH 4 . 7-4 . 8 ,  and a biomass remova l  rate 

of 0 . 0 1 5-0 . 0 2 0  h-l was used. The highes t  butanol concentrat ion ( 4 . 2 

g/l ) was observed after 123  h ( tota l solvent = 5 . 2 g/l ) at a d i lut ion 

rate of 0 . 3 1  h- 1 ( i nstantaneous product ivity = 1 . 6 1  g/1 . h ,  y ie ld = 

0 . 38 g/g ) .  The b i omass concentrat ion was control led i n  the region 

9-1 1 . 5 g . d . w/l throughout the fermentat ion . 

The TCC and CFU counts were 3 . 2 x 1 0 1 0/ml and approximately 8 x 

1 0 1 2/ml , respect ive ly , at 1 20 h .  Simi lar results were obtained at 140 h 

and are comparable vlith those obta i ned in Run I I  under s im i lar culture 

cond it ions . Solvent product ion peaked with i n  thi s  time interva l .  The 

maximum spec i f ic butanol and butyric aci d  production rates observed were 

0 . 1 2  g/g . d . w . h  a f ter 1 2 6  h ,  and 0 . 1 4  g/g . d . w . h after 1 70 h ,  

respecti ve ly . The maximum spec i f i c  lactose ut i l i zat ion rate coi nc ided 

w ith the max imum spec i f i c  butanol product ion rate and was 0 . 3 8  

g/g . d . w . h . The solvents concentrat ion and product yield decreased and 

the butyric acid concentrat ion increased after th is time . The overall 

d i lut ion rate was decreased to a value of 0 . 2 1  h- 1 after 1 90 h in an 

attempt to increase the solvents concentration .  However,  the CFM uni t  

backpressure i ncreased and the f i l trate flux decreased stead i ly 

throughout the Run ,  such that the experiment was stopped after 220 h 

operation. A heterogeneous mi xture of solvent-produc i ng clostridial  

shaped ce l ls , sporu lat i ng cel ls and vegetat ive rods ( very sma l l  rods and 

some long th i n  cel ls ) were observed throughout the course of the 

fermentation . 
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Hence , Runs I to III had shown that solvents cou ld be cont i nuously 

produced in the reg ion pH 4 . 4-4 . 8 ,  but this was accompanied by h igh ac id 

product ion and after a per i od  of t ime ( approx imately 100-120 h )  acid 

product ion was favoured.  After approx imately 1 50-200 h of cont inuous 

operat ion , the extent of membrane " foul ing " resulted i n  a decrease in  

f i ltrate flux to an extent where th i s  flowrate was less than the feed 

med ium flowrate ( the va lue of overal l  d i lut ion rate could not be 

ma inta ined ) ,  and the CFM uni t  had to be shut down and cleaned . 

A further experiment ( Run IV)  was conducted us ing a semi-synthetic 

med ium conta ining glucose ( Table 3 . 5 )  in order to determine i f  the 

' breakdown ' in solvent product ion observed in Runs I to I I I , could be 

attributed to the medium andlor culture cond i t i ons , or the equ ipment 

i tself ( e . g .  pump shear ) .  Run IV was operated at 3 4 °C and the pH was 

controlled in the region pH 5 . 4-5. 6 ,  s ince a batch fermentation 

conducted under these condi t i ons and us ing the same medium,  gave 

e xcellent solvent product ion ( Ru n  XI , Sect ion 5 . 4 . 2 ) .  The fermentation 

t ime course of th is Run is give n  i n  Figure 7 . 4 .  The biomass remova l 

rate was control led at a value of 0 = 0 . 0 2 5  h- l ; a va lue chosen based on 

that given by Pierrot et a I ,  ( 1 9 8 6 )  as used earl ier . Cel l  recycle 

commenced after 23 h and biomass remova l was commenced after 48 h 

operat ion . Good solvent product ion was obtai ned after 2 3  h and was 
accQ�pan ied by low butyri c  and acetic acid concentrat ions which rema ined 

low throughout the fermentat ion . 

Steady-s tate solvent product ion was obtained between 54 h and 80 h 

operat ion , at an overall  di lut ion rate of 0 . 2 8 h- l ( 7 . 3 res idence t imes ) 

a nd an average total solvent concentration of 1 3 . 5 gil ( solvent 

productivity = 3 . 7 8 g/l . h ) , at a biomass concentrat ion of 3 . 5 g . d . w/l . 

The spec i f i c  butanol and butyr i c  acid production rates were 0. 6 2  and 

0 . 0 1 g/g . d . w . h  respective ly , throughout this steady state period .  The 

spec i f i c  glucose uti l i z at ion rate was 4 . 2 4  g/g . d . w . h ,  with a solvents 

y ie ld of 0 . 2 6 ,  during th is same steady - state period . A heterogeneous 

cu lture morphology was observed throughout the fermentat ion , as observed 

i n  Run I I I . Clostridial shaped cel ls were predomi nant , but a range of 

vegetat ive rod si zes was also observed . 

The decrease in solvent concentrat ion and glucose ut i l i zation , and 

i ncrease in biomas s  concentrat ion observed at 9 4  h ( Fi gu re 7 . 4 )  was 



601 45 
30 

-=:: 
� 
en 
<J 15 

-=:: 

�j � 1:) 
� 
In In co E 0 
iii I 

Biomass D = 0·025 hoI 10 

-=:: 
� 
In t:i :J "0 
!:' 
a.. 

40 80 120 
Time ( h )  

Batch ·15 ·19 ·28 -+ 

D i l ut ion rate (h- ' ) 

F i g u re 7.4.  Continuous ferm entat ion profi le of R u n  IV (semi-sy n thet ic  
m e d i u m  contai n i ng g l ucose, 340 C. P l a t e  and Frame C F M  
apparatus,  U l t rasart cassette ) .  S y m b o l s  as for F i g .  7.2:  (. ) 
aceto ne. 

192 



193 

attributed to a temporary mal function in the pH control system resulting 

in a drop in culture pH to pH 5 . 1 .  This situation was corrected and the 

solvent concentration increased . The system however ,  had to be shut 

down after 105  h operation as the filtrate flux had decreased to less 

than the feed medium flowrate. The CFM uni t  backpressure was 255 kPa . 

Increas ing the backpressure of the cell  concentrate outlet did not 

result in an increase in f i l trate flux . TCC and CFU counts were not 

determined in  this Run .  

The results from this Run demonstrated that it was unlikely that 

the experimental apparatus � se was respons ible for the loss of 

solventogenic  performance with time observed in Runs I to I I I . However ,  

this cannot be a def i nite conclus ion since membrane fouling prevented an 

experiment of comparative durat ion . 

It  was considered that the low operational pH and the 

heterogeneous culture morphology were the determi nant effects . The low 

f i ltrat ion performance of these microporous membranes in this  part icular 

Cft.1 uni t  flow configuration , led to the terminat ion of experimental work 

with this apparatus i n  favour of more open channel CFM systems . The 

poss ibi l ity of backpulse cleaning of the membranes during cont inuous 

operation was not invest igated . 

7 . 2 . 2  Hollow Fibre CFM Apparatus 

The experimental apparatus was establ ished and operated as 

described in Section 3 . 7 . 5 . 2 . A series of experiments was conducted at 

3 0 °C using cheese whey permeate medium (Table 3 . 3 ) , control l i ng the 

culture pH at pH 5 . 2-5 . 4 .  The fermentat ion time course for Run V is 

given in Figure 7 . 5 .  The biomass removal rate was set to a value of 

D = 0 . 0 1 6  h- l as described for Run I I I  ( Figure 7 . 3 )  and commenced after 

56 h fermentation .  The feed med ium was changed from semi-synthetic 

medium containing lactose to cheese whey permeate medium after 76 h .  A 

biomass concentrat ion of between 10  and 1 2  g .  d .  w/l was obta ined at an 

overall  di lution rate of 0 . 1 4  h- l . The initial  batch fermentat ion 

prof ile ( h igh acids , low solvents ) was as observed previously (Run 

I-I I I ) ,  but after the pH was allowed to drop to pH 5 . 2 and controlled at 

this value , the butanol concentrat ion reached 4 . 1 g/l ( total solvent 
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concentrat ion = 5 . 7 gil ) .  The overall dilution rate was increased at 

this time to a value of D = 0 . 22 h-l in an attempt to prevent solvent 

accumulation to toxi c  ooncentrations . 

To fac i l i tate thi s  increase , the backpressure on the hollow fibre 

cartridge was increased to 140 kPa . This  was accomplished by increasing 

the reci rculat ion f lowrate to 1 . 2 Ilmi n and , additional ly , reduc i ng the 

return concentrate f lowrate by means of an adjustable clamp . 

Approximately 20  h later , the hol low fibre cartridge fai led , with a 

spl it ( 2  mn )  occurring in one of the f ibres allowing cells into the 

f i ltrate side . On two further occasions , the A;l1i con hollow f ibre 

cartridge simi larly fai led duri ng cel l  recycle operating on cheese whey 

permeate , when the backpressure was 140 kPa (max imum pressure = 205 

kPa ) ,  and consequently work was discontinued on thi s  CFM uni t  apparatus . 

7 . 2 . 3 Tubuiar CFM Apparatus 

An initial  experiment ( Run VI )  was undertaken using a 

semi-synthetic med ium contai ning glucose (Table 3 . 5 )  at 3 4 °C with pH 

control at pH 5 . 4-5 . 6 .  Figure 7 . 6  i s  a t ime course prof i le of thi s  

fermentation . A maximum solvent concentrat ion of 1 6 . 6  gil solvents was 

achieved after 4 6  h ( overall  di lution rate 0 . 1 4  h-l ) .  This  

concentration was inh ibitory to the culture as  evidenced by the sharp 

decrease i n  solvent concentrat ion after thi s  t ime . The solvent 

concentration then i ncreased again  to 1 6 . 7 gil solvents ( 9 . 5 gil 

butanol ) after 80 h prior to decreasing again .  The highest bianass 

concentrations obtained corresponded with the highest solvent 

concentrations and maximum observed spec i f ic butanol production rate 

( 0 . 1 2  g/g . d . w . h ) .  The yield values were rraximal ( 0 . 2 8  gig ) at this 

t ime , decreas i ng to approximately 0 . 1 8-0 . 2 2 gig prior to , and after,  the 

maximum specific activity .  A heterogeneous culture was observed in this 

Run ,  as observed in the comparable experiment (Run IV, Figure 7 . 4 )  using 

the Plate and Frame CH1 system. Some difficulty was experienced i n  

controll ing the biomass removal rate and fluctuations gave rise to 

changes in the biomass concentrat ion. 

The durat ion of the continuous experiment was only 96  h.  Th is was 

due to the gradual dec l i ne in f i ltrate flux that resulted in a flux less 



a C � :l .D 
� '(3 (!) a. 
(/) 

" 
E! 
(/) <l 

:c :c .... .... 
� � 
� "0 -0 '(3 E! 20 E! '" 
CI> <.l � "§ ''::: e ];-
C :l C 
Q .D .� � ' 10 U <.J 
:l '(3 :l 

"0 "0 
0 CI> !:? a. a. (/) a. 

" "j � "0 1 0  E! 
'" '" 5 to Biomass 0 E .2 I · 046 h"1 1'015 : . 054 111 CD · 024 h"' 

h"' 
10 

60 8 

6 

" 30 E! 4 
'" U :l "0 0 

a: 2 

100 
Time ( h) 

Batch ·22 · 17 -

Di lu t ion  rate ( h " ' )  

F igure 7 . 6 .  Cont inuous fermentat ion profi le o f  R u n  V I  (semi-synthet ic  
medium conta in ing g l ucose, 34 0 C, Tubu lar CFM apparatus) : 
(0)  butano l ;  ( . )  acetone; (v)  butyric acid;  (r:l)  b iomass 
concentrat ion;  (A) substrate ut i l izat ion ;  (iSl) specific butanol  
product ion rate ;  (';; ) specif ic butyr ic  acid production rate. 

196 



197 

than the medium flowrate to the fermentation . The fi ltrate flux after 

60 h was low and requi red a decrease in the overall  di lution rate to a 

value of 0 = 0 . 1 7  h-l • The maximum observed solvent productivi ty at 90 

h was 2 . 8 4  g/l . h .  

In this Ru n  the initial average transmembrane pressure drop ( LI p )  
was 58 kPa ( b, p = inlet + outlet pressure/2 ) .  This corresponded to a 

concentrate rec irculation flowrate of approximately 474  l/h ( total  of 

concentrate and f i ltrate flowrate = 581 l/h ) as determined previously on 

clean membranes us ing disti l led water.  This in turn corresponded to a 

tangent ial velocity of 0 . 7 6  rn/s . The rembranes fouled rapidly under 

these operating condi t ions , and in order to match the fi ltrate flux with 

the medilli� feed rate the b, p  was incrementally increased so that a b, p  of 

1 60 kPa was used after 80 h .  Th is pressure i s  close to the maximum back 

pressure of the pwnp unit .  As the b,p  value increases , the pump flow 

capacity decreases and this corresponded to a recirculation flowrate of 

1 20 llmin ( tangential velocity = 0. 1 9  m/s ) ,  an estimated value obtained 

as described previously using clean rembranes . Consequently , the CFM 

uni t  had to be shut down for cleaning and the Run was stopped .  

In general , the higher the tangential velocity , the higher the 

f i ltrate flux ; this arises due to the faster removal of accumu lated 

cells at the membrane surface . Further experiments were therefore 

conducted at 34 °C us ing cheese whey permeate medium (Table 3 . 3 )  with pH 

control at pH 5 . 4-5. 6 ,  where the b, p  was kept low initially ( 4 0  kPa ) , in 

order to minimize the poss ibility of "gel polarization " , and the 

recirculat ion flowrate was increased to give an init ial tangential 

velocity of 1 .  6 rn/s ( approximately 1000 l/h ) . On two occasions , this 

resulted in a rapid increase in the culture pH from pH 5 . 6 to pH 6 . 0 due 

to the stripping of fermentat ion gases from solution , and rapid cell  

disintegrat ion . The excess ive turbulence caused by this high flowrate 

( total fermenter contents recirculated in approximately 7 seconds ) would 

have made level control impractical even if cells had not been 

destroyed . 

Consequently , for further experiments it was cons idered that : 

( 1 )  The tangent ial veloc ity should be kept to less than or 

equal to 0 . 7 6  rn/s , to avoid cell  destruct ion . 
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( 2 )  The i n i t ial b. P should be minimi zed in order to reduce 

pola r i z a t ion , but suf f i c i ently large so as to provide 

suff i c ient f i ltrate f lux ( in conjunct ion with ( 1 )  above ) , 

so that the i n i t i a l  overal l d i lut ion rate cou l d  be 

maintained , prior to i ts subsequent increase . 

The above two l im i t ing condi t i ons were met by the use of an 

automatic backpulse/f lush cleaning system to mai ntain the f i ltrate flux 

over an extended operat i ng per iod . Thus , the exper imental apparatus was 

established and operated as described in Section 3 . 7 . 5 . 3 .  

Two further Runs were conducted at 34°C us ing cheese whey permeate 

med i um with the pH controlled at pH 5 . 4- 5 . 6 .  The use of an e levated 

cu lture pH value was chosen because in Runs I-I I I , at lower cu lture pH 

va lues , the cu l tu re became progress i ve ly acidogenic and this was 

attributed to the heterogeneous cul tu re morphology . Add it iona l ly , good 

solvent product ion was obt a i ned at pH 5 . 4- 5 . 6 i n  Runs IV and VI us i ng 

semi-synthetic med i um conta i ni ng g lucose . 

Figure 7 . 7 shows the fermentation t ime course prof i le of Run VI I .  

The overall d i lu t ion rate was increased a f te r  a 2 4  h per i od of 

cont i nuous operat ion to a value of D = 0 . 2 4 h-l , and thi s  was 

ma intained throughout the dura t i on of the experiment . A max imum solvent 

concentrat ion of 9 . 3 gil ( 6  gil butanol ) was observed at 80 h ,  at a 

bianass concentra t ion of 1 2 . 5 g . d . w/l . At th i s  t ime ,  the observed 

spec i f i c  butanol product ion rate ( 0 . 1 1  g/g . d . w. h )  was maximal whi ls t  the 

correspond ing spec i f i c  bu tyric ac i d  product ion rate was 10N ( 0 . 03  

g/g . d . w . h ) . A mi xture o f  clostri d i a l  shaped cel l s  and rod shaped ce l l s  

was present , with the former type predomi nant . The fluctuat ions i n  the 

b iomass concentra t ion were due to ma l funct ions in the biomass removal 

operation , attributable to the chang i ng rheolog ical characteri s t ics of 

the cul ture . The peri s t a l t i c  pump used for biomass remova l  was unable 

to closely control the cul tu re f lowrate at 30-50 rnl/h , drawing aga i nst a 

0 . 5 m head . 

At a biomass removal rate of D = 0. 0 1 8  h- l ( between 53 h to 74  h 

and 1 08 h to 1 1 8  h )  biomas s  accumu la ted suggest i ng that the growth rate 

was higher than 0 . 0 1 8  h- 1 at th is cu l ture pH . The i ncrease in biomass 
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concentrat ion corresponded with the maximum observed solvents 

concentration. A cycl i c  behavioural pattern was observed ; solvent 

production followed by acid production ( Figure 7 . 7 ) . The speci f ic 

product ion rates ( g/g . d . w . h )  of butanol and butyric acid also followed 

a cyclic  pattern . The maximum observed yield of 0 . 3 0  gig was observed 

at the time of the maximum observed solvents concentration. Prior to 

this time and after this t ime the y ield was lower and i n  the region 

0 . 1 6-0. 2 6  gig . Generally the lactose uti l i zation pattern followed the 

biomass concentrat ion pattern . 

The CFU counts after 22 h ,  96  h and 124  h operation were 

6 x 109/ml , 9 x 1 0 1 3/ml and approximately 1 x 1 01 S/ml , respect ively . 

The TCC at the end of the batch phase was approximately equal to the CFU 

count ( 2  x 1 09/ml ) but was sa�e two orders of magnitude lower than the 

CFU count at 96 h and 124  h .  The fermentat ion was stopped after 149  h 

operat ion due to the presence of a contaminant . The backpulse/flush 

system successfully assisted the maintenance of the CFM fi ltrate flux. 

The CFH uni t  was backflushed every 4 h with filtrate for 2s at 1 4 0  kPa . 

A minor modif ication was made to the experimental apparatus 

( Sect ion 3 . 7 . 5 . 3 )  10 an attempt to obtain greater control over the 

biomass concentration i n  the fermenter. A biomass recirculation loop 

equipped with a bleed l i ne was assembled , replacing the peristalti c  

pump . A further exper iment was undertaken ( Run VII I )  under s imilar 

operating conditions ( 34oc ,  pH 5 . 4-5 . 6 )  to those described for Run VI I 

and a fermentati on time course prof i le is give n  in Figu re 7 . 8 .  The 

objective i n  this Run was to allow the biomass to accumulate to a 

greater concentrat ion than in the previous Ru n ,  and to operate at a 

higher overall  d i lut ion rate in  order to determine the solvent 

product i vi ty capacity of this experimental system. S ince 1n Run VII ,  a 

biomass removal rate of a value D = 0 . 0 1 8  h- l was shown to be lower than 

the growth rate under these cul ture conditions , this value was chosen 

for this experiment . The overall  dilution rate was increased over a 

30 h period to a value of D = 0 . 30 h- l and this was rrB intai ned 

throughout the duration of the experiment . The concentration of 

fermentative products was moni tored regularly so as to ensure that toxic 

solvent concentrat ions were not reached . A gradual increase in the 

biomass concentration was observed , reaching a maximum of 19 . 5 g . d . w/l 
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after 2 1 5  h operation .  Some diff iculties i n  controlling the bicmass 

removal rate were experienced (Figure 7 . 8 )  but the fluctuations in the 

removal were not as pronounced as in the previous Run . 

A steady-state solvent product ion period ( + 1 0% ) was obtained 

between 1 22 h and l73 h ( 1 5 . 3 residence t imes ) ,  and a total solvent 

concentration of 4 . 2-4 . 6  g/l was obtained representing a solvents 

product ivity of approximate ly 1 . 3 2 g/1 . h .  This was accompanied by a 

butyric acid  concentration of approximately 3 g/l and an acetic acid 

concentration of approximate ly 1 g/l ( data not shown ) .  After a maximum 

butanol concentrat ion and observed specific  butanol production rate 

between 8 5  h and 1 1 8  h ,  both the solvent concentrat ion and G�e specific  

butanol production rate decreased whilst the specific  butyric  acid 

product ion rate rema i ned steady . The solvents yield during this steady 

state solvent production period was 0 . 3 1  g/g decreasing to 0 . 2 2  g/g 

after 1 9 1  h .  Agai n ,  a heterogeneous culture morphology was observed 

throughout the fermentation but no attempt was made to quantitate any 

part icular morphological forms . The Run was stopped after 215  h due to 

a decl i ne in �1e fermentation performance . 

As i n  Run VI I ,  the CFM uni t was back f lushed every 4 h with 

f i ltrate for 2s at 1 4 0  kPa . The fil trate flux VIas maintained at a level 

over the fermentat ion operat ing period .  A filtrate flux of 5. 5 1/m2 . h  

was obtained at a total biomass concentration of 1 9 . 5 g . d .  w/1 .  at the 

end of the Run . 

A further experiment ( Run IX , fermentat ion time course not shown ) 

was undertaken using cheese whey permeate medium ,  operating under 

s imilar condi t ions as in Runs VII and VI I I  ( 34 °C ,  pH 5 . 4-5 . 6 ) . In this 

i nstance however ,  the initial  batch fermentat ion phase was conducted 

using semi-synthetic  medi\.L"T\ containing glucose (Table 3 . 5 ) . Th is  was 

done in an attempt to obtain solventogenic condit ions and hence a more 

homogeneous cu lture morphology than observed when commencing these 

fermentat ions using semi-synthetic med ium containing lactose . 

Continuous operat ion and cel l  recycle were commenced after 24 h and 

cheese whey permeate medium was used at this time at an overall di lution 

rate of 0 . 4 1  h- l . The total  solvents and acids concentrat ions were 9 . 9 

g/l and 2 . 9 g/l and early and late-stage clostridial cells ( >90% ) were 
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observed at this time . After 50 h fermentation , a mixture of 
c lostridial shaped cells , sporulating cells and free spores was 
observed . 

Steady-state sol vent production was achieved for approximately 4 

res idence times at an overal l  dilution rate of 0. 4 1  h-l , giving 4 . 9 0  

gil , 1 .  9 4  gil , 0. 2 9  gil , 1 .  5 0  gil , and 1 .  5 5  gil of butanol , acetone , 
e thanol , butyric acid and acetic acid respectively . This was equ ivalent 
to a solvent productivi ty of 2 . 9 2  g/1 . h  with a solvent yield of 0. 3 1  
gig .  The biomass concentration was controlled in the region 1 1 .  8-1 2.  8 
g . d . w/l using a biomass dilution rate of 0 . 0 2  h-l • The speci fic butanol 
production rate and specific lactose uti l i zat ion rate were approximately 
0 . 1 6  and 0. 8 0  g/g . d . w. h ,  respectively , during this period. After this 
s teady-state , solvent production decreased and acid production increased 
to 4 . 9 gil butyric acid and 1 . 5 gil acetic acid ( butanol = 2 gil ) after 
1 62 h, and the fermentation was stopped . 

70 3 DISCUSSION 

The objective of this work \vas to investigate the conditions for 
continuous stable solvents production from cheese whey permeate medium, 
w ith free cells of � acetobutyl icum P262  using external cell  recycle by 

cross-flow microfi ltration (CFM ) .  

In the initial experiments us ing the Plate and Frame CFM apparatus 
( Section 7 . 2 . 1 ) ,  the fermentat ion culture condi tions e . g .  temperature 
and pH , were simi lar to those used in continuous fermentations using 
a lginate-immobili zed cells (Chapter 6 ) , that gave stable solvent 
production. The cont inuous fermentations (Runs I-I I I  inclusive ) 
operated under these cond i t ions , were characteri zed by a brief 
solventogenic period after which the fermentat ion "broke-down " to an 
acidogenic state , i . e .  culture degenerat ion occurred . Th is occurred in 
Run I I I  despi te the fact that in this particular e>"'Periment , good 
control was exercised over the reactor biomass concentrat ion and the 
overall dilut ion rate and biomass removal rate . The heterogeneous 
culture morphology observed at these culture pH values may expla in the 
cuI ture degeneration , that is , fast-growing ,  acid-producing vegetative 
rod-shaped cel ls were progress ively selected for under these condit ions . 
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It is conceivable that  the semi-synthet ic medium containing lactose and 

the culture conditions used for the initial batch fermentat ion prior to 

the commencement of cell  recycle and continuous fermentation operation 

were unsuitable . S i nce high ac ids production was observed during the 

f irst 20-24 h of fermentat ion , it is likely that only a low percentage 

of cells had made the JTDrphological trans ition to clostridial-shaped 

solvent-producing cells . The alternative fermentation ' s tart-up ' 

procedure of concentrati ng the cells from a batch fermentation prior to 

cont inuous feed ing , with ongoi ng cel l  recycle , was not attempted . 

In continuous fermentations ( Runs V, VI I to I X )  operated at higher 

pH values (pH 5 . 4-5 . 6 ) ,  the culture "broke down " to an acidogenic state , 

generally after 1 20-1 4 0  h fermentation . This was despite the higher 

proportion of clostridial-shaped cel ls observed during the initial 

period of the cont inuous fermentation . Cell growth occurred during the 

fermentation with a consequent increase in the biomass concentration ,  

indicat ing the presence of vegetative cells . As in Runs I to I I I ,  

steady-state solvent product ion was not achieved in these Runs except in  

Run VI I I  and briefly i n  Run I X .  The maximum observed speci f ic lactose 

uti l i zation rate in Run I I I  ( low pH ) was lower than that observed in  Run 

IX ( h igh pH ) indica ting the advantage of operating at the higher pH 

value.  

Strain  P262 is a highly different iated spec ies ( Jones et a I ,  1 982 ; 

Long et aI , 1 98 4a ) . I n  batch culture , three JTDrphologi cal forms of 

� acetobutylicum P262 are observed , and are associated with different 

stages of the ferme ntat ion process ( Jones et al , 1 9 82 ) . Dclring acid 

production , act ively growing vegetat ive rod-shaped acid-producing ce lls 

a re observed ; however ,  during the solvent production phase , grc:wth 

ceases and a JTDrphological change is observed with vegetative cells 

changi ng to "fattened cigar-shaped" solvent-producing clostridial cel ls .  

These cells are then observed to sporulate ; these "forms " do not divide 

or produce acids or solvents ( Jones et aI , 1 9 82 ) . These morphologi cal 

changes were observed in batch fermentat ion of sulphuric acid casein 

whey permeate medium with strain  P262 ( Sect ion 5 . 3 ) .  

The same morphological forms and changes as observed in  batch 

culture , were observed in continuous fermentations using free cel ls of 



205 

P26 2 ,  reported i n  this chapter.  A schematic  representation of this  
morphologi cal cycle is given i n  Figure 7 . 9 .  The rate of conversion or 
di fferent iation ,  of one morphologi cal form to another is des ignated by a 
reaction rate ' K ' . These non-reversible changes occur as a result of 
complex interactive "triggering "  mechanisms . For example , the 
morphological change from vegetative cells to clostridial cells at rate 
' K ' , i nvolves the acid concentrat ion ( external and internal 
concentration ? ,  d issociated or undissociated form? ) ,  pH , and res idual 
sugar and nitrogen concentrations ( Long et aI , 1 984a ) .  

Conceptually , for the maintenance of continuous stable solvent 
production , the cond itions mJst be such that the clostridial cel ls are 
maintai ned in a stable non-growing solvent product ion phase , with 
vegetative growth , sporulat ion , and cell  lys is inh ibited or closely 
controlled i . e . a balance of cul ture morphology must be ma intained . The 
degeneration of these continuous fermentations to an acidogenic state 
i . e .  an unbalanced culture morphology , may be due to cel ls not 
"triggered" initial ly or as the result of culture "derepress ion " where 
toxic products that are inh ibitory to further solvent production are 
washed out ,  thus allow ing further growth . Additionally , in most Runs on 
both cheese whey permeate medium and semi -synthetic medium containing 
glucose , sporulat ion was observed immed iately after the period of 
solvent product ion . Ultimately , free spores were observed in  the 
culture prior to vegetat ive ce l ls being observed , i . e . spore germination 
had occurred . 

The lowering of the CFU count ( at steady TCC ) observed when the 
culture pH was lowered (Runs I and II ) agrees wi th the findings of Long 
et aI , ( l 984a ) who stated that viabi l ity was lowered at low pH ( value 
unstated ) .  The d iscrepancy between the TCC and CFU counts rray be 

explained by two reasons . Fi rstly , there was great difficulty in 
counting cel ls in the presence of mi croscop ic mineral precipitate , and 
secondly ,  spores not counted in the TCC determi nat ion , may have 
germinated in the CFU count determinat ion giving higher counts . The CFU 
determinat ion was more useful as an est imate of overall culture 
viability .  

An attempt was ma.de in  Runs I I  to I X  inclusive ,  to control the 
biomass concentration , as per Appendix 1 ,  in order to obtain steady-
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state solvent production oonditions . Thi s  was done by removing biomass 

directly from the reactor on a continuous basis ; hence solvent-producing 

c lostridial  cells were also removed . For given culture conditions e . g .  

pH , medium composi t ion , products concentration ,  overall di lution rate 

and cell  ooncentration , acid-producing vegetative cells differenti ate to 

solvent-producing clostridial cells at a given rate ( Kl ) .  Th is rate may 

change under different culture cond i tions e . g .  i t  may decrease as the 

solvent concentration increases . I t  is possible then , that clostridial 

cells are removed in the biomass bleed , at a rate greater than the 

differentiat ion rate that occurs during solvent production ( i . e . 

aD) )Kl ) . Thus a lowering in the sol vent production rate occurs , hence 

the solvents concentrat ion is lowered.  This in turn favours growth and 

an increase i n  acids product ion ,  with these cells i n  turn 

differentiat ing to clostridial forms favouring solvent production .  

A cyc l i c  solventogenic pattern can result as depicted i n  Figure 7 . 9 . If 

the biQ�ass removal rate were maintained at a rate equal to the 

d ifferent iat ion rate Kl , ( assuming no sporulat ion or cell  lysis ) then 

theoretica l ly ,  control over the solvent-producing clostridial population 

would be possible . Whether th is rema ined stable would depend on the 

balanc ing of envi ronmental cond itions e . g . avoidance of toxic product 

concentrat ions . In  th is situat ion however ,  vegetative cells could still  

accumulate and the differentiation rate Kl would be expected to change . 

Therefore , the ma intenance of the growth rate (p ) and spore germinat ion 

rate , K4 , equal to the different iat ion rate of vegetative cel ls to 

clostridial cells , Kl , mi nus the clostridial cell  lysis rate , K2 ' and 

sporulation rate , K3 , ( K4 + P = Kl -K2 -K3 ) is the controll ing index 

for stable solvent product ion . 

\!Jhat affects the growth rate (p ) and the different iation react ion 

rates ( K )  of the various morphologi ca l  forms , is not fully understood . 

In addition to previously ment ioned factors , such effects as mass 

transfer e . g .  d i f fus ivity l imitations in concentrated suspens ion , may 

occur under some conditions . Some cel l  loss ( c lostridial forms , and 

other types? ) was evident in these experiments , as indicated by the 

turbid supernatant liqu id present in culture samples centrifuged for dry 

weight biomass determination . 
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K J  designates the rate of  co nvers i o n  (or d i fferent iat ion)  of 
vegetative ce l l s  to c lostr id ia l  forms .  

Kl designates the  rate  of  loss of  c lost r id ia l  forms due  to lys is .  
K) designates the rate of  sporulat ion of c lostrid ia l  forms.  
K. desig n ates the rate of  spore germ inat ion  to vegetative ce l l s .  

F ig u re 7 .9 .  A schemat ic d iagram of the  morpho log ica l  changes observed 
d u ri n g  batch and cont i n u o u s  fe rmentat ion  modes by C. 
acetabutyhcum P262 ferment ing  whey permeate med i u m  . 
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In conclusion , maintenance of the morphological cycle ( Figure 
7 . 9 ) ,  such that a ' balance ' is ach ieved , fac i l i tating stable solvents 
production , is very complex and poorly understood . The ease with which 
such a balance can be maintained may be substrate specific  since 
s teady-state conditions were ach ieved when using medium containing 
g lucose but not when using whey permeate . Poss ibly , a non-sporulating 
c lostridial forming mutant , as used by Largier et �, ( 1 9 8 5 )  in  
cont inuous fermentation using llnmobilized cells , would ' break ' the cycle 
depicted in Figure 7 . 9 and possibly s impl i fy the condit ions for process 
control . 

Cons ideration of the technical/operational aspects of the process 
i s  given in the following text . If cells were not removed from the 
fermenter culture and the biomass concentrat ion were allowed to increase 
i n  an uncontrolled manner,  the culture density and viscos ity changes 
would affect the CFM filtrate flux , and possibly l imit the overall 
d ilution rate and volumetric productivity ,  so that control of the 
reactor system would not be poss ible . The filtrate flux achievable 
d i rectly determines the membrane area requi red and therefore the plant 
capi  tal and operating costs . Whi lst direct measurements of f i ltrate 
f lux were not undertaken in this  work , the achievable membrane operating 
cycle ( between shut-down and cleaning cycles ) was readi ly determined and 
i s  an important determinant of the sui tabili  ty of rrembrane type and CFr1 
plant conf iguration for this  type of process . 

There was difficulty in controll ing the biomass removal rate in 
a l l  Runs reported in this work , and part icularly so for Runs VI to IX 
i nclusive ( Tubular CFM apparatus , Section 7 . 2 . 3 ) .  Th is was attributed 
to the difficu lty of peristalt ic pump operat ion at the low flowrates of 
3 0-50 ml/h , necessary to obtain  biomass removal rates in the range 
equivalent to D = 0 . 02 to 0 . 05  h-l . The pump had to draw against a 0 . 5 

m head . Use of a biomass reci rculation loop in  Runs VI I I  and IX did 
g ive some improvement in control but was also unsatisfactory . 
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Fluctuations in culture viscosity were observed during continuous 

operation . Thi s  was attributable to the biomass itself , with the 

b iomass concentration increas ing due to growth at a rate faster than the 

bleed rate , or a lternatively , removal of cel ls at a rate faster than the 

growth rate e . g .  as may occu r  during solvents production .  These 

observed viscos i ty changes affected peri staltic  pump action with time , 

so that close control became very difficult . The viscosity changes 

cou ld also be a result of the production ( and subsequent reut i l i zation ) 

of an extrace l lu lar polymer (polysaccharide ) as observed by Haggstrom 

& Forberg ( 1986 ) .  These workers used a semi-synU1etic med ium containing 

g lucose with � acetobutyl icum ATCC 824 i n  batch fermentat ion and found 

that an extracel lu lar polymer was produced during roth the acidogenic 

and solventogenic phases , and that when butanol and butyric acid were 

produced at the same time , .reu t i l i zation of previously produced polymer 

occurred . It was postulated that the polymer is used for the srrooth 

running of the energy me tarol ism and is a storage product for 

non-reduced compounds . The polymer is avai lable for when the organism 

requires excess reducing power,  but the cond i tions for when this is 

l ikely to occur were not clearly detai led by these workers . A white 

v iscous substance was occasional ly observed during continuous 

fermentat ions using lirunobi l ized cel ls of strain  P262 (Chapter 6 )  and it 

is  conce ivable that product ion of th is polymer could occur in this 

s train and during continuous product ion using cell  recycle . I f  the 

postulated mechanism regarding the role of this extracel lular polymer on 

the metabolism of strain ATCC 8 2 4  has a parallel role in strain  P262 ,  

then cond it ions that control its formation and its phys iological role 

need to be determi ned . Long et aI , ( 1 983 ) found that stra i n  P262 

accumu lated large numbers of starch storage granules (granulose ) 

associated with the forma tion of swollen cigar-shaped phase-bright 

presporulation cel ls ( c lostridial cel ls ) .  Reysenbach et aI , ( 1 986 ) 

found that the structure of the granulose in strain P262 cons isted of a 

h igh-molecu lar-we ight polyglucan containing only a ( 1-4 ) -l inked 

D-glucopyranose uni ts . Granulose accumulation was detected in cel ls 

only at the end of the exponential grO'vVth phase .  Reysenbach e t  aI , 

( 1 986 ) postulated that granu lose may be ut i l i zed as a source of carbon 

and energy during sporulat ion i n  Clostridium species. Produced polymer 

remova l duri ng cont inuous fermentation would result in a lower product 
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yield . Cu lture rheological propert ies determine the ach ievable f i ltrate 

flux , hence polymer product ion would need to be control led . 

Equipment for in-s i tu or in-l ine ( vi a  a recycle loop ) ce l l  

concentration me asurement was not ava i lable for this work . Di rect , 

non-i nvasive , physical methods e . g .  acoust i c ,  dielectric and laser light 

scattering techniques , appear IlDS t sui table for control over the cel l  

concentrat ion and even poss ibly measure cul ture vi abi l i ty i n  these 

processes ( Clark et a I , 1986 ) . Such techniques are sophist icated , 

problema t i c  and the ir ut i l i ty may be case spec i f ic (Clark et aI , 1986 ) .  

Afschar et a I ,  ( 19 8 5 )  in  the i r  ce l l  recycle stud ies us ing s.. 
acetobutyl i cum , successfu l ly u t i l i zed turbidostatic control of the 

biomass concentration , us ing a f low-through photometer with cal ibrated 

measurements to control the biomass remova l rate . Direct application of 

this control process to the work described here with whey permeate would 

be more d i f f icul t  due to the presence of colloidal precipitated mineral 

ma tter in  the cul ture that might interfere with the photometer 

operat ion .  

The steady-s tate solvent product ivity obtained on semi-synthetic 

medium contai ning glucose in  Run IV using the Plate and Frame CFM 

apparatus is comparable to those obta ined by Afschar et a I ,  ( 1 985 )  and 

Pierrot et a I ,  ( 1 985 ) us i ng glucose-conta in ing med ium with stra i n  ATCC 

8 24 .  The spec i f ic butanol product ion rate obtained in Run IV ( 0 . 6 2 

g/g . d . w . h )  a t  a total solvent concentrat ion of 1 3 . 5 gil is superior to 

those reported by Afschar et aI , ( 1 98 5 )  and Pierrot et a I ,  ( 1 986 ) .  

There is  some doubt howeve r ,  about the actual biomass concentrat ion i n  

this Run ,  since bio.�ss was observed to accumulate in the flow 

d istribut ion channe ls in the CFr1 device , so that culture samples taken 

from the fermenter vessel were poss ibly not representative . The volume 

rat io was approximately 1 :  1 ,  fermenter : Cft.1 system. The highes t 

spec i f i c  butanol production rate ( 0 . 1 2  g/g . d . w . h )  obtained in Run VI on 

semi-synthe tic medium contai n ing glucose and using the Tubular CFM 

apparatus is lOi>Jer than that obta ined in Run IV. Although the butanol 

concentrat ion ( 9 . 6 gil ) was inhibi tory in th is Run ,  a concentrat ion of 

approximately 8 gil was not deleterious to solvent product ion in Run IV. 

The spec i f i c  butanol product ion rate obta ined in Run VI is IlDre 
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comparable with that reported by Pierrot et aI , ( 1 986 ) , who reported a 
value of 0 . l 3  g/g . d .  w. h at a butanol concentrat ion of 8 . 5 gil , and by 
Afschar et aI , ( 1985 ) , where extrapolation of their  data suggests a 
specific  solvent production rate of 0 . 1 g/g . d . w . h  at a butanol 
concentrat ion of 7 . 5 gil . These workers reported that the speci fic  
solvent production rate is  maximal at  a butanol concentration of  4 gil , 
suggesting that in any further studies of cont inuous production of 
solvents by cel l  recycle using whey permeate medium, an examination of 
the effects of a lower solvent concentrat ion and higher speci f ic 
product ion rate and hence lower biomass concentration and higher 
f iltrate flux etc , could be an area deserving of closer study . The 
maximum observed specific glucose utili zation rate in  Run VI ( 0 . 76 

g/g . d . w. h )  is comparable with the value 0 . 68 g/g . d . w. h  reported by 
Pierrot et aI , ( 1986 ) . 

The maximum speci fic butanol production rates and maximum specific 
lactose u t i l izat ion rates obtai ned in those Runs using cheese whey 
permeate rrediu.l11 at pH 5. 4-5 . 6 (Runs VI I & VII I ) were general ly lower 
than those reported on media containing glucose.  One except ion was the 
data obtained in Run IX where the steady-state speci f ic butanol 
production rate and specific lactose utilization rate data are 
comparable with those obtai ned on medi um containing glucose although at 
a total solvent concentration half that obtained with the medium 
containing glucose . These data conf i rm the findings of Chapter 5 (batch 
fermentation )  and Chapter 6 ( continuous fennentat ion using imrrobili zed 
cells ) that glucose is a preferred substrate to lactose . Much lower 
ac id concentrations were obtained in fermentat ions performed in this 
Chapter with glucose-containing medium as observed previously in 
Chapters 5 and 6 .  

No attempt was made i n  this work to characterize the filtrate flux 
performance of each of the CFM units . This would have involved the 
exa.'11i nat ion of a large number of process variables for each Cf1.1 
conf iguration/membrane type e . g .  transmembrane pressure , tangential 
veloci ty , membrane poros ity , pore distribution , biomass concentration ,  
and cleaning and steri lizat ion procedures , for their  effects on filtrate 
f lux and membrane l ife with time .  Also, it was reasoned that the 
hydrodynamic propert ies of the smal l  laboratory scale CFM uni ts are not 
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necessarily reproduced in a larger manufacturing CH1 uni t .  In these 

laboratory-scale studies , some "scale-down" was necessary. For example , 

i n  the instance of the Tubu lar CFM apparatus , the Ceraflo CFM 0 . 1 m2 

membrane area unit was operated at a tangent ial veloci ty of 

approximately 10% of that ach ievable with this unit ,  hence considerable 

f lux increases would be expected over that achieved in this work if the 

uni t were operated at a higher tangent ial veloci ty .  Such operat ion was 

not achievable in thi s  part icular instance due to the requ irements for 

f errnenter vessel level control ( excess ive turbulence ) and the damage 

done to cells at higher flowrates due to the pump action . 

The r1i llipore Plate and Frame CFr1 unit  equipped with either a 0 . 5 

m2 CUrapore cassette or 0 . 7 m2 Ultrasart cassette (Section 3 . 7 . 5 . 1 ) ,  was 

unsuitable for the present work . Considerably lower flux values 

( l/m2h ) , despite the higher rrembrane area , were obtained compared with 

the Tubular CFM unit .  Charley et aI , ( 1 983 ) reported that support 

screen blockage resulted in frequent shutdowns . Simi lar observations 

were made in this study , despite the fact that tangent ial flows were 3 

to 4 times higher than that recorrmended by the equipment manufacturer 

a nd used by Charley et a I ,  ( 1 983 ) .  This particular CFM uni t may have 

been severely disadvantaged since backpulse/flushing was not used to 

d is lodge cells or fou lant materials lodged within or on the membrane . 

I n  contrast , this technique was successfully ut i l i zed with the Tubular 

CFM unit  to prolong the filtrate flux . A double retentate screen may 

a lso be used in some ins tances for very viscous material but it is 

doubtful that such a screen would have given rise to sign i ficant 

performance improvements . 

Ant i foam ( Bevaloid 5901 ) was added to the fermenter culture 

( manually or automatically ) in order to suppress excessive foal1i ng and 

a id in the fermenter level control in each of the CFM apparatus tested . 

Antifoams , wh ich are rrostly water-i nsoluble hydrophobic  substances 

( Kroner et aI , 1 9 84 ) , are known to adsorb at the surface of plastic 

polymeric membranes due to the i r  hydrophobic nature , increas ing membrane 

foul ing ( Cabral et a I ,  1 9 8 5 ) and reducing the filtrate flux . This 

foulant effect may be irrevers ible and progressive , and depend on the 

membrane type (surface chemistry ) and the speci f ic ant ifoam used . It is 

possible that the use of th is antifoam ( esteri fied poly 
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( 1 , 2-propaned iol ) ) affected the f i ltrate flux o f  the polymeric membranes 

used in the Plate and Frame CFM uni t .  Howeve r ,  i t  is unl ikely that thi s  

fou lant effect occurred i n  the Tubu lar CFM unit , due to the inert 

s intered alumina rnicrof i lters used in the Ceraflo® cartridge . The use 

of anti foam is described by other workers in this field e. g .  Charley et 

aI , ( 19 83 )  and Schlote & Gottschalk ( 1 986 ) . Afschar et aI , ( 1 986 ) 

s tated that ant i foam add i t ion was unnecessary in the i r  experimental 

apparatus and that foam cou ld be destroyed by the recycled culture be i ng 

sprayed onto the surface of the foam layer. Th is procedure was 

unsuccessful in work described here , with the technique actual ly 

accentuating the problem; hence the culture reci rculat ion loop was 

enclosed within the culture . The foaming problem is case speci f ic and 

depends to some extent on the equi pment used e . g .  pump type . Although 

the leve l control device us�d (Append i x  2 )  funct ioned in the presence of 

foam, it was observed that the foam , i f  unsuppressed , became veri U1ick 

a nd increased the risk of the conduct ivity probe be ing incorrectly set 

to account for such changes , and hence an out�f-control s i tuat ion 

arose . 

The fai lure of the Hol low Fibre CFM unit was surpri s i ng and 

unexp la i ned . Poss ibly some medium components or fermentat ion products 

could have been incompatible wi th the polysulphone membranes . Th is 

explanation appears unl ikely since other workers ( e . g .  Mehaia & Cherya n ,  

1 98 6 )  have successfully used s imi lar units with ac id whey permeate for 

e thanol product ion. Fermentation products of the expected 

concentrat ions i n  this work were not incompatible w i th the uni t  

accord ing to the ITBnufacturers technical informat ion . It is rrore likely 

that pressure fluctuat ions due to peristalt ic pump act ion , or the use of 

a faulty inlet pressure gauge , resu lted in premature membrane fa i lure . 

l'lli ilst only one membrane f i bre ( out of 5 0 )  spl it on each fai lure 

occas ion and could be repa i red by block ing each end of the membrane , 

such an operation was not unde rtaken . It  was discovered only at the end 

of the work that wh ilst the pressure gauge was generally read i ng 

correctly , it  tended to stick when the pressure was increased or 

lowered , over the pressure range that was be i ng used in  th is work . 

Hence , def i n i te conclus ions cannot be drawn from this work regardi ng the 

suitabil ity of this CH1 conf iguration for fermentat ion cel l  recycle 

appl icat ion . 
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The decl ine in filtrate flux wi th time may be attributed not only 
to the rheological properties and concentration polarization effects of 
the culture , but also to the intrins ic ' fouling nature ' of the 
fermentation medium per se due to membrane-solute interactions . The 
presence of minerals ( ionic or colloidal fonn ) in whey permeate wil l  
cause membrane foul ing , the nature and extent of which is most l ikely to 
be case specific .  Calcium complex fonnation with protein fractions and 
other ionic  species is one of the major contributors to ultrafi ltration 
membrane fouling ( Ennis et aI , 1 9 8 1 ) ,  and may also contribute to 
membrane foul ing of microporous rrembranes . The complete remova l of 
calcium and potassiLull ions by sodium for calciLull ion exchange from 
sulphuric ac id case in  whey, gave significant improvements in the flux 
performance of a pi lot-scale batch ultrafi ltrat ion process (Ennis et aI , 
1 98 1 ) . A parallel situation may have occurred in work described here , 
with the possi ble interaction of cheese whey permeate ionic and 
nitrogenous spec ies , and yeast extract components ( e . g .  salts , 
macromolecules , vitami ns ) in the medium, with the microporous rrembrane 
g iving rise to membrane foul ing. An alternat ive and possibly rrore 
l ikely occurrence , is that a rapid accumulation of retained species in 
conjunct ion with pore blockage by cel ls or cel l-medium component 
species , may have fonned a "dynamic "  secondary membrane impedi ng the 
f il trate flow. 

No i n-l ine feed rredium filtering was used to remove col loidal  
mineral precipi tate which occurred as  a result of  steri l i zat ion by 
autoclaving .  Med ium used in this study was turbid and crystal l i ne ( ? )  

particles were observed under the mi croscope . These particles were 
present despite the fact that the bulk of the feed medium precipitate 
settled at the bottom of the feed medium reservoir and the med ium was 
drawn off wel l  above this layer. This problem could be partially 
overcome by rrembrane steril ization of the feed rredium but this was not 
examined due to the unavai lab i l i ty of sui table equipment . Mineral 
precipitat ion would occur however ,  if the fermentation operated in the 
region pH 5 . 4-5. 6 .  

7 . 4 SUMMARY 

The use of external cell  recycle using cross-flow microfi ltration 
for cont inuous solvent product ion from cheese whey permeate rred ium using 
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free cells of  C .  acetobutyl icum P262 has been demonstrated in this 

prel imi nary work . Biomass was cont i nually rerroved from the culture 

( Appendi x  1 )  in an attempt to control the biomass concentration and 

hence obtain  steady-state solvent production ; however,  this  was not 

ach ieved for extended periods ( i .  e .  > 5 res idence t imes ) .  Cont inuous 

cultu res degenerated after 1 00-1 4 0  h fermentation and acid production 

was favoured in fermentations conducted in the region pH 4 . 4 to 5. 6 .  

This i s  attributed to the heterogeneous rorphological nature of stra i n  

P26 2 ,  such that fast-growi ng , acid-produc ing vegetat ive cells were 

preferent ially selected . l-vhilst the biomass bleed rate may effect 

control over the total cel l  populat ion , the interacti ve mechanisms �1at 

control the morphological differentiation rates ( Figure 7 . 9 )  is complex 

and beyond the scope of thi s  work . These experiments confirmed the 

f inding that medium containing glucose is  a preferred substrate for 

solvent production compared with cheese whey permeate ( lactose ) .  

Operation of this fermentation process , even at a laboratory 

s cale , was complex and a large number of process variables were 

i dentif  ied that could control the process . However,  quanti tation of 

the i r  relat ive effect was also beyond the scope of this  work . Su itable 

processes for in-s i tu or in-line biomass measurement need to be 

determined . 

Plate and Frame , Hollow Fibre and TUbular CFM units were examined 

for the ir sui tab i l i ty for such a process . Despi te the fact that these 

CFM units were examined on a laboratory scale under non-optimal 

condi t ions , a number of the techni ca l  advantages and disadvantages of 

each uni t  were determined and are given in Table 7 . 1 (Th is includes 

technical and spe c i ficat ion data suppl ied by the manufacturer) . 

A Tubular CFM uni t  (Ceraflo ) was found to be the most suitable of 

those exa.11ined here . This is  attributed to the use of a rrore open 

channel des ign , the use of high tangential veloci t ies minimizing 

concentrat ion polari zation ,  and the abi l i ty of this  unit to be operated 

for extended periods ass isted by the use of periodic backpulse/flushing . 

Cons iderable further work is requi red to exa.11ine the metabol ism of 

� acetobutyl icum i n  ooncentrate suspens ion ,  and the factors controll i ng 
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solvent product ion .  Predict ive k inetic  models , and CFM unit performance 

data are necessary for scale-up calcu lat ions and economi c assessment . 

The capab i l ities of CFM processes have increased significantly in the 

l ast few years rut the fundamental understandi ng of microbial kinetics 

s ti l l  lags . 



Table 7 . 1 A summary of the advantages/d isadvantages of the various CFM un i ts 

Descript ion of Un it 

Membrane Area/Pore Size 

Membrane Type 

Pressure l imit 

Temperature l imi t 

Rec i rcu lat ion f lowrate 

Membranes Autoclavable 

C leaning Procedure 

Backpulse/f lushi ng 
capaci ty 

Membrane i nspect ion 
capabi l i ty 

Advantages 

M i l l ipore Plate and Fran� Uni t  
Membranes 

Durapore Ultrasart 

0 . 5m2/O . 4 5  urn O . 7m2/O . 2 pm 

unknown olef i n  

unknown 

50°C unknown 

3 1/mi n/m2 unknown 

not recommended yes 

s imple but not unknown 
f lexible 

poss ible possible 

very poor VeDj poor 

Modular des ign. 

Amicon Hol low Fibre Un i t  Norton Ceraflo 
Tubular Un i t  

Diaf lo cartridge ( H lMPOl-43 ) 2 8 x 0 . 2 8cm tubes 
55 x 0 . 0 11 em f ibres 

0 . 03m2/ O . lum 0 . lm2/ 0 .  4 5  )Jffi 

polysulphone s i n tered alumina 

205 kPa 

0 . 6-1 . 8  l/min per cartridge 

yes but not recomme nded 

s imp le but not flexible 

yes 

poor 

Modular design.  

( hydroph i l ic 
rrembranes ) 

1 5 5 0  kPa 

SO l/min (max ) 

yes 

s imple and very 
f lex ible 

yes 

very good 

r-bdular des ign . 
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Di sadvantages 

Smal l  hold-up volume . 

Large ini tial decl ine in 
f lux.  

Large pressure drops due to 
membrane support screen 
b lockage . 

Smal l  hold-up volume . 

l3ackflushi ng capac ity .  

Moderate hold-up 
volume . 

Backf lushing 
capac i ty .  

Chemical ly robust .  
Potential to 
operate at higher 
cel l  densities 
than used in thi s  
work . 

H igher flux is 
pos s ible than obtained 
i n  this work . 

No screens , spacers 
or separators are 
requ i red to mai ntain 
system geometry . 

Long rrembrane 
l i fe expected . 

Large init ial decline i n  f lux.  Expens ive? 

Low pressure and temperature 
operating l imi ts . 

Membranes are frag i le .  



r 

Backf lushing capac ity Only chemical sterilization . 
not demonstrated and l imited 
operating periods 
achievable . 

Antifoam may be deleterious 
to flux performance . 

Membrane l i fe likely to 
be l imited . 

ru1tifoam use may be 
deleterious to f lux 
performance . 

poss ible damage to 
cells from pump 
act ion if operated at 
higher recirculat ion 
veloc i t ies . 



CHAPTER 8 

A CCW'ARISOO OF IMM8BILIZED CEILS WITH CELL RECYCLE 

FOR FERMENTATION INTENSIFICATION 

220 

'The " intensi fied"  fermentation technologies for continuous 
solvents production from whey per1'reate , employing alginate-il11il'Dbi l i zed 
cel ls , IMC , ( Chapter 6 ) , or external cel l-recycle using cross-f low 
microfi ltrat ion , CFM, ( Chapter 7 ) , are phenomenologically the same . The 
objective in both instances , i s  to increase the reactor biomass in order 
to obtain greater product ivit ies during continuous operation for 
extended periods , than i:s ach ievable using convent ional batch 
fermentat ion with free cel ls .  

Although the studies on these technolog ies reported in the present 
work were carried out on a laboratory scale , and are rather preliminary , 
some comparative statements can be made and these are surrrnarized in 
Table 8 . 1 .  The advantages/disadvantages of the processes pertain to 
the observations made when us i ng the part icular apparatus , although same 
statements are of a more general nature . 

The culture characterist ics were di fferent in the cont inuous 
fermentations using algi nate-immobi l i zed cells from in the cell-recycle 
system. In the latter experiments ( Chapter 7 ) , a heterogeneous mixture 
of cel ls and spores were removed so as to control the bia�ass 
concentrat ion in order to facilitate stable solvent product ion (Appendix 
1 ) .  A complex interact ive cycle involving various morphologica l 
different iation rates was operat ive however,  such that steady - state 
solvent production could not be successful ly controlled for extended 
periods . In contrast , in the IMC experiments ( Chapter 6 )  steady- state 
solvent production was obtained . In this instance the biomass removed 
during the fermentations was that grONing ( vegetat ive cel ls ) within  the 
H1C beads and be ing "sloughed-off" , to be removed in the fermentation 
effluent . A heterogeneous cultu re morphology was observed within  the 
a lg inate beads L e .  it  is possible that the same interact ive cycle 
i nvolving morphological dif ferentiat ion rates was occurring , but it was 
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contained within the beads such that a select ive cell morphological type 

was removed as opposed to the non-se lect ive cel l  morphological type 

removal in the cel l-recycle experiments . This apparently permitted a 

more controlled fermentation system. 

In conclusion ,  this study has shoym that continuous solvents 

production from whey permeate can be achieved us ing both IMC and CFM 

" intens i f ied" fermentat ion technolog ies . Stable solvents product ion was 

ach ieved in IMC fermentat ions but not CFM fermentations and this can be 

explained by the different control mechanism exerted over the biomass 

concentration . Summarized i nformation presented i n  Table 8 . 1 shows that 

CFM fermentat ions are intrinsically complex and more difficult to 

operate and control than H1C fermentations . The development of 

" tai lor-made" membranes , and fundamental studies determining the 

morphological behaviour (wh i ch is probably strain  specific ) are two 

important research areas requ iring closer study . 



Table 8 . 1 
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A comparison of cont inuous fennentat ion by 
alg inate-immobi lized cells and external cell  recycle by 
cross-flow microfi ltration for the product ion of solvents 
from whey permeate by � acetobutyl icum P262 

Alg i nate-Dmmobi lized 
Cells ( H1C ) 

Cel l  Recycle by Cross
Flow Microf iltration 

(CFM )  

Factors affect ing 
performance 

1 .  Start-up reg ime . 1 .  Start-up regime . 

Advantages 

2. pH , temperature , mixi ng , 
di lution rate , fraction 

1 .  

of alginate beads in 
reactor , solvents ( butanol ) 
concentrat ion.  

Algi nate immobili zation 
of spores is a simple , 
rel iable , and robust 
method . Immobil i zed 
spores can be eas ily 
s tored for extended 
periods . 

2 .  Overall and biomass 
bleed di lution rates , 
bia�ass growth rate . 

3 .  Complex cyclic  
morpholog ical 
behaviour . 

4 .  Achievable filtrate 
flux . 

5 .  Operat ion of the 
cross-flow 
microfi ltration 
unit for extended 
periods . 

l .  High cell  dens it ies 
can theoretica l ly 
be achieved , the 
upper l imit being 
constra ined by the 
rheological 
propert ies of the 
cu lture , 
pumpabi l ity ,  
polari zation and 
foul ing problems . 

2 .  Cont inuous stable 2 .  In-line products 
solvents production was recovery may be 
achieved . more eas ily 

facil itated since 
cells are not 
present . 

3 .  High biomass load ings 3 .  No gas hold-up 
ach ieved . problems , can eas i ly 

be vented . 



Disadvantages/ 
Constraints 

4. High productivities 
compared with batch 
fermentation. Higher 
d i lution rates can be 
achieved . 

5 .  Pred ict ive kinetic models/ 
reactor des ign/scale-up 
methodologies publ ished . 
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4. Can operate over the 
range pH 4 . 3- 5 . 6 

6 .  Contaminant microorgan isms 
can be removed by operating 
at a dilution rate greater 
than the growth rate of the 
contaminant . Use of 
unsteril i zed feed may be 
possible . 

7 .  Stages-in-series processes 
may be operated with solvents 
removal between stages . 

1 .  Butanol inhibit ion 
determines the extent 
of lactose uti l i zation 
and hence productivity .  
Concentra tion obta i nable 
is approximately half  
that obtained i n  batch 
fermenta tion . 

2 .  Operation at culture pH 
value of 1 pH unit  lower 
than opt imal i n  batch 
culture with free cells , 
means lower growth and 
lactose uptake rates 
( and lower viabi l i ty? ) .  

3 .  In-situ/ln-l ine solvents 
recovery may be more 
d if f i cult due to the 
presence of free cells .  

4 .  Di ffusional restrict ions 
of substrate to , and 
product from, act ive 
cells ; due to alg inate 
carrier and other cells . 

5 .  Loss of act ivity wi th 
t ime. 

I .  Lower solvents 
concentrations 
obtained , accompanied 
by high acids 
concentrat ions . 

2 .  Butanol inhib i tion 
affect , probably as 
for H1C , although 
not quant itated . 

3 .  Cont inuous operation 
of CFH units 
difficu lt ,  as 
prone to fou l i ng ,  
etc . 

4 .  Heat/mass transfer 
may be difficult on 
a large scale . 

5 .  Contaminating 
microorganism can
not be removed , 
plant has to be 



6 .  Gas release may be a 
problem i n  some reactor 
type s .  

shu t down . Long 
term aseptic 
operat ion may be 
d ifficul t .  
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6. Stable solvents 
product ion related 
to complex 
morphological 
behaviour of strain 
P2 6 2 .  Kinetic 
behaviour of this 
s train in 
concentrated 
suspension is 
unk nown . Steady 
state solvent 
production not 
obtained . 

7 .  ' Start-up" condit ions 
determine germination , 
morphological nature of 
immobi l i zed culture and 
operat ional pH. Excess ive 
gas release at higher pH 
values g ives bead fracture. 

7 .  High capital costs : 
- membrane plant 
- control? 

8 .  Biomass 
concentration in 
the fermentat ion 
system is d i fficult 
to measure on-line . 

9 .  Cel l  damage due to 
pumping? 

1 0 .  Fi ltrate flux 
d irectly determines 
achievable system 
d i lut ion rates . 
H igh fluxing , non 
fou l in� membrane 
systems capable of 
be ing c leaned 
during operation 
( backpuls ing ) and 
that can be steam 
s teri l i zed , are 
required. 
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CHAPI'ER 9 

PROoocr RECOVERY OORING SOLVENT PROOOCTION 

9 . 1 INTROOOcrION 

Product inhibition l imits the attainable products concentration i n  

the AB E  fermentation .  Generally , solvents concentrations o f  15-20 gil 

a re obtained with stra i n  P262 during batch fermentat ion of a lTDlasses 

fermentation medilnn , with butanol being the rrost inhibitory product (Van 

der  Hesthui zen et al , 1982 ) . The results obtained in  batch fermentation 

s tud ies using sulphur i c  acid  casei n  whey permeate medium ( Chapter 5 )  

showed that a maximum butanol concentrat ion o f  l 2-l3 gil could be 

obtained after an extended fermentation period ( 7 0- 1 00 h ) . 

Addit ionally , results obtained in continuous fermentat ion studies with 

a lginate-immobi l i zed cells ( Chapter 6 )  using cheese whey permeate 

medium, showed that the inhibitory butanol concentration of 

approximately 5 gil ,  essent ially control led the process .  Moreover ,  Lhis 

i ru'1ibitory concentration was lONer in fermentations ut i l i z ing lactose 

(whey permeate ) than on substrates contai ning glucose . Th is observation 

vIas related to the different sugar uptake mechanisms and the different 

magnitude of effect that butanol exhibits . 

In-si tu or in-l i ne solvents ( butanol ) removal processes ( continuous 

or semi-conti nuous ) with subsequent solvents recovery , may be a means of 

i ncreasing the attainable solvents concentration and productivity as a 

result of increased sugar consumption , during the fermentation of whey 

permeate . These solvent removal processes are briefly reviewed in 

Appendix  6. Three processes ( gas-stripping , an adsorbent res in and a 

molecular sieve ) were examined in the work presented here , in a series 

of preliminary experiments , in order to demonstrate their  eff icacy for 

solvent recovery (or removal )  during the fermentat ion of whey permeate 

med ium. The integration of these processes with batch fermentation 

( sulphuric acid case i n  whey permeate ) and cont inuous fermentation 

( cheese whey permeate ) usi ng cel ls immob i l i zed by adsorption onto 

bonechar ,  was examined . 
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9. 2 IN-SITU GAS-STRIPPING/CONDENSATION FOR SOLVENTS RECOVERY 

9. 2 . 1 Introduction 
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A novel integrated fermentation-product recovery process is the use 

of gas-stripping to cont i nuously remove solvents from the fermentat ion 

broth with solvent recovery from the vapour phase being achieved by 

condensation in a cold trap or by the use of a molecular s ieve . 

The f irst objective of the present work was to calcu late the 

minimum theoret ical gas-stripping usage rate for a given butanol removal 

rate, and to conduct experiments with a iTDdel solvents-water solution i n  

batch mod e  to test the theory and asswnptions . The second objective was 

to demonstrate the efficacy of using gas-stripping , with solvents 

recovery by condensation , for continuous solvents recovery during a 

batch fermentation of sulphuric acid casein whey permeate ( Section 

3 . 7 . 3 ) ,  and for solvents recovery prior to the refermenting of cheese 

whey permeate substrate using a continuous fermenter where the bacterial 

cells were immobi l ized by adsorpt ion onto bonechar .  

9 . 2 . 2  Results and Discuss ion 

A calculation (Appendix  3 )  was undertaken to predict the 

theoretical stripping-gas usage rate for a butanol removal rate , equa l  

t o  its production rate of 0 . 3 0  g/l . h , and a t  a butanol concentrat ion of 

5 g/l . These values are typical of those obtained during a batch 

fermentation at 3 4 °C of sulphuric acid casein whey permeate , as 

described in Chapter 5 ( Run IX ) . The butanol concentration chosen for 

the calcu lat ion is not toxic to cel lular growth of strain P26 2 when 

produc i ng solvents from a molasses fermentat ion medium ( Van der 

I'Jesthui zen et a I ,  1982 ) . Hence , removal of butanol at a rate equal to 

i ts product ion rate should prevent its accumulat ion to a toxic 

concentration . Th is calculat ion predicted a stripping-gas usage rate 

of 1 .  34 l/l . min . This amount of stripping-gas could real istica l ly be 

sparged through a batch fermentation culture . 

An initial series of experiments were conducted at 3 4 °C ,  using a 

model fermentation solution and the experimental apparatus described in 

Section 3 . 7 . 6 ,  to determine the actual stripping-gas usage rate , and to 
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check the gas integrity of the experimental apparatus so that the 

overal l  solvent productivity could be determined for an actual 

fermentation .  The model fermentation solution consisted of 5 gil , 2 gil 

a nd 1 gil of n-butanol , acetone and ethanol respectively ,  prepared using 

d isti lled water .  

A stripping-gas flowrate of 2 . 7 l/l . min  was requi red to ach ieve an 

average butanol removal rate of 0 . 3 0  g/l . h  over a 1 2  h period usi ng the 

e xper imental apparatus described i n  Section 3 . 7 . 6 . Mass balance data 

for this run are given in Table 9 . 1 ,  and agree within experimental 

e rror. These data show that there were minimal solvent losses due to 

n itrogen gas leakage.  

The selectivity of the butanol removal by gas-s tripp ing/ 

condensation was found to be 19 . 3  using the equation proposed by Groot 

et a I ,  ( 1  9 84b ) .  Acetone and ethanol selectivities were cons iderably 

lower .  An increase in the butanol selectivity may be [X)ssible i f  the 

vapours were cooled prior to the condenser.  Water vapour i n  the 

s tripping-gas vapours would be condensed and returned to the fermenter.  

This treatment would also decrease the condenser heat load. In repeat 

experiments of thi s  stripping-gas flowrate , usi ng the model fermentation 

solut ion , butanol recoveries were typica l ly 90-95 %  at an average butanol 

removal rate of 0 . 3 0-0 . 3 5  g/l . h .  

In a further experiment , solvents (at  concentrat ions used i n  the 

model ferme ntation solution ) vlere added d i rectly to an autoclaved 

sulphuric acid casein whey permeate medium (Table 3 . 2 )  containing no 

bacterial cells . A gas-stripping/condensation experiment at a 

s tripping-gas flowrate of 2 . 7  l/l . min was conducted at 34 °C . An average 

butanol removal rate of 0. 4 5  gil . h and a 90% butanol recovery were 

a chieved . 

The higher stripp ing-gas flowrate required in these experiments 

than theoret ical ly predicted (Appendi x  3 ) , was expected , as the 

assumptions that the butanol concentration remai ns constant during 

s tripping , and that the stripping-gas is butanol-free ( ass��tions 5 and 

6 respectively , in Appendix 3 )  were approximat ions only . The butanol 

concentration was not maintained constant , hence the instantaneous 
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Table 9 . 1 Mass balance data from gas-stripping/condensat ion recovery 
of  solvents from a model fermentation solution 

Butanol Acetone Ethanol \tJater 
(grams ) 

I n itial 6 . 1 4  2 . 27  0 . 8 0  1 2 00 

F inal 2 . 8 0  1 .  24  0 . 53 1 1 25 

Condenser 3 . 1 9  0 . 80 0 . 2 9  7 0  

% Recoverj 9 7 . 6 89 . 8  105 . 0 9 9 . 5 

Table 9 . 2 Summary of fermentat ion parameters for a control ( no 
gas-stripp i ng ) al1d gas-stripping/condensat ion solvents 
recovery from a batch fermentat ion usi ng sulphuric acid  
c asei n  whey permeate medium and � acetobutylicum P26 2  

Fermentation t ime , h 
Butanol , gil 
Acetone , gil 
Ethanol , gil 
Lactose uti l i zed , gil 
Yield , g . solvents/g . lactose ut i l i zed 
Overall fermenter productivity ,  

g . solvent/l . h  
r'1aximum observed lactose 

u t i l i zation rate , g/l . h  

a 
b 

Run IX, Chapter 5 
Assumes 100% recovery 

Controla 

50 
8 . 1 
2 . 9  
0 . 3 

29  
0 . 39 

0 . 2 2  

1 . 1 

Gas-Stripping! 
Condensation 

Recoveryb 

52  
1 1 .  0 

3 . 9 
0 . 8 

58. 3 
0 . 27  

0 . 3 1  

2 . 3 



229  

removal rate decreased as  the butanol was removed . Additiona l ly ,  the 

s tripping-gas was recycl ed for purposes of maximi z ing solvents recovery 

and was not solvent-free . 

In summary , these experiments usi ng model fermentation solutions , 

successfully demonstrated the principle of in-s itu gas-stripp i ng for 

select ive butanol removal wi th solvents recovery from the vapour phase 

using a cold trap . 

A batch fermentat ion experiment was conducted us ing SUlphuric acid 

casein whey permeate medilLTTl (Table 3 . 2 )  supplemented wi th 25 gil of 

lactose . The med ilLTTl was adjusted to pH 6 . 5 prior to autoclaving , and 

f ran pH 5 . 4 to pH 6 . 0 after autoclaving , using aqueous a'Tlmoni a .  The 

fermenter was inoculated at 34°C ( 2 %  v/v ) with a highly rrotile culture 

( Section 3 . 7 . 2 ) .  The pH of the culture was controlled at pH 6. 0 � 0 . 1 

using :x1 ammoni a  solution for 9 . 5 h ,  after which time it was not 

control led . After 24  h fermentat ion , the agitat ion ( 50 rpm ) was stopped 

and the gas-stripping/condensat ion was commenced as described in Section 

3 . 7 . 6 .  The butanol concentration after 24 h fermentation was 5 . 1 gil . 

The fermentation profi le for this experiment is given in Figure 9 . l .  

The concentrat ion data shown have been corrected for water removal 

during gas-stripping usi ng the general procedure given in Sect ion 3 . 8 .  

Parameters derived from this experiment are given i n  Table 9 . 2 along 

w i  th correspondi ng data from a batch fermentation ( Run IX, Chapter 5 )  

conducted under s imilar conditions to those reported here , but without 

gas-stripping .  S ignif icantly , marked increases in the observed lactose 

utilization rate and extent of lactose uti l izat ion were found i n  the 

gas-stripp ing exper iment . A higher solvents product ivity was obtained 

by this integrated process due to in-s itu toxic  butanol removal .  An 

i ncrease in cel l  concentrat ion was observed in this experiment but no 

quantitation was attempted . 

A shift to further acid  production occurred after 3 2  h ,  result ing 

f rom a combinati on of high pH value ( 5 . 8 )  and low res idual lactose 

concentration ( 23 gil ) ,  which have been shown to favour acid product ion 

( Chapter 5 ) . Th is result also explains the lower yield obtained 

compared with the control fermentation . Unaccounted solvent losses due 

to vapour losses ( approximately 1 0 % ) vlould also explain the lower yield . 
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This increase in ac id product ion suggests that cont inuous lactose 

feed ing (plus other nutrients? )  during gas-stripping could possibly be 

u sed for extended batch operation. 

A butanol removal rate of 0 . 4 5  g/l . h  and a butanol removal 

selectivity of 23 . 4  were obtained in this  experiment , selectivity being 

comparable to that obtained in an integrated fermentation-pervaporation 

process (Groot et al , 1984a ) .  The higher butanol removal rate obtained 

i n  this instance , also in the model fermentation solution based on whey 

permeate , compared to the model fermentation solution in disti lled water 

may be attributed to the presence of salts in the whey permeate that 

i ncrease the butanol partial pressure ( Butler et al , 1933 ) .  The effect 

of antifoam addition ( a  surfactant ) on the butanol selectivity was not 

determined but in fact may cause a lowering of the butanol selectivity .  

The rise in  the fermentation culture pH a t  the comnencement of 

gas-stripping (Figu re 9 . 1 )  can be attributed to the lowering of 

d issolved fermentation gases concentration (C02+H2 ) In the culture . 

This may be an important consideration since a relationship between the 

d issolved hydrogen gas concentration in the fermentation culture and the 

f inal solvent ( butanol ) concentrat ion has been demonstrated (Doremus et 

aI , 1985 ;  Yerushalmi et a I ,  198 5 ) . �-Jhen the dissolved hydrogen 

concentrat ion is maximi zed ( no agitat ion , hydrogen head-space 

pressurization of the fermenter ) ,  sol vent production is generally 

enhanced due to a redirection in the electron flow favouring butanol 

production (Maddox et aI , 1981 ) .  Conversely , during batch fermentations 

with increased carbon dioxide head-space pressure ( 0-690 kPag ) , lower 

solvent concentrations and substrate utilization rates were observed 

( Klei et aI , 1984 ) . 

The utilization of these gases for methanol synthesis has been 

proposed (/vloreira et a I ,  1982 ) .  Another use may be the ir recovery and 

use for solvent recovery by in-s itu or in-l ine stripping with vapour 

phase solvent recover} .  Walsh et a I ,  ( 1 983 ) proposed the in-s itu use of 

carbon dioxide to continuously strip ethanol from a fermentat ion with 

e thanol recovered on activated carbon and finally cellulose . Further 

investigations are required to determine if such a process option is 

practical  and to examine any effects on the fermentation kinetics . 
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Integrat ion of this recovery process with continuous fermentation 

processes based on irrmobilized cel ls or cell  recycle may give rise to 

higher fermentation productivities . Such processes would require 

in-l ine stripping since large stripping-gas volume usage rates would be 

impractical for in-s itu appl icat ion . such an integrated process for 

ethanol removal ,  involving immobil ized cells of K .  fragi lis NRRL 2415 ,  

has been reported ( Dale et  aI , 1985 ) . 

The integrat ion of the gas-stripping solvents removal process with 

a "stages-in-series " cont inuous fermentat ion process was exaITlined in a 

further set of experiments . The objective was to increase the overall 

solvents concentration and productivity ,  and to maximize the extent of 

lactose ut ilizat ion by removing toxic volatile solvent products using 

gas-stripping , prior to reuti l i z ing this  medium in  a further reactor, 

i . e .  discont inuous fermentation . For the continuous fermentat ions , 

cells of strain P262 were immobili zed by adsorpt ion onto bonechar and 

contained wi thin an upflow j acketed packed bed column reactor . The 

reactor was typically 250 mm x 2 0  mm, and approximately 90% of the 

reactor volume was occupied by the bonechar ( including voidage ) .  The 

adsorption and reactor "start-up" procedure have been described by 

Qureshi & �1addox ( 1 987 ) . Cheese whey permeate medium (Table 3 . 3 , 

without added CaC12 . 2H20 )  was used in the fermentations , conducted at 

3 4 °C .  

In the first experiment (Run I ) ,  effluent was collected from an 

immobi lized cell  reactor ( Stage I )  operating at a di lution rate (Dt , 

based on total reactor volume ) of 0 . 30  h-l , under steady-state solvent 

production .  The effluent (pH 5 . 0 )  was kept at 4-6°C .  Steady-state 

p roduction data for Stage I are g iven in Table 9 . 3 .  

i ncludes other steady-state data for Run I .  

This table also 

Volatile solvent products were removed from the Stage I effluent by 

gas-stripping at 50°C usi ng oxygen-free nitrogen gas . Sol vents were 

vented in the vapour phase i .  e .  no recovery was attempted . Sterile 

d istilled water was used to replace that water removed during 

gas-stripping .  A signif icant reduct ion in the solvents concentrat ion 

was achieved , wi th l ittle change in the acids concentrat ion (Table 9 . 3 )  . 



Table 9 . 3 Steady-state fennentation data for a "stages-i n-series" 
continuous fennentation process with UTImobilized cells , 
using gas-stripping for solvents removal between stages 
( Run I ) ,  and no gas-stripping between stages (Control ) 
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CE CA CB CHB CHA CL �S Y Prod 
( g/l ) ( g/l )  ( g/l ) (g/l ) ( g/l ) ( g/l ) (g/l ) ( g/g ) ( g/ 

l . h ) 

Bulk effluent from 
Stage I 
Dt = 0 . 30 h-l 0 . 48  2 . 0 6 5 . 00  0 . 5 2  0 . 75  26 . 4  27 . 4 0 . 2 9  2 . 26  

Bulk effluent from 
Stage I after gas
stripping i . e .  Feed 
to Stage I I  0 . 20  0 . 0 5  0 . 55 0 . 54 0 . 70 26 . 4 

Effluent from Stage I I  
Dt = 0 . 1 3  h-l 0 . 38 1 . 4 9 3 . 6 8  0 . 75 0 . 99 1 2 . 9 1 3 . 5 0 . 35  0 . 6 2  

Effluent from Stage I I  
Dt = 0 . 2 0  h-l 0 . 39 1 . 0 2 2 . 3 4  0 . 57 1 . 0 8 18 . 7  7 . 7 0 . 38  0 . 59 

Bulk effluent from 
Stage I I  (operating 
at Dt = 0 . 1 3  h-l 
and 0 . 20  h-l ) 0 . 34  1 . 3 9 2 . 2 0  1 . 57 1 . 39 n . a .  

Bulk effluent from 
Stage I I  after 
gas-stripping i . e .  
Feed to Stage I I I  0 . 33 0 . 1 4  0 . 59  1 . 69  1 . 1 0  14 . 4  

Effluent from Stage I I I  
Dt = 0 . 20  h-1 0 . 36 0 . 5 0 1 . 64 2 . 2 1  1 . 4 1 9 . 8 5 4 . 55 0 . 3 2  0 . 29 

Two-stage process , 
Control 
Effluent from Stage I 
Dt = 0 . 30 h-1  0 . 44  2 . 76 5 . 4 5  0 . 4 1  0 . 8 5  28 . 1 24 . 4  0 . 35  2 . 59 

Effluent from Stage I I  
Dt = 0 . 1 3  h-1 0 . 44 3 . 1 9  6 . 2 1  0 . 6 9  1 . 20 23 . 4 3 . 7 0 . 32  0 . 1 5  

n . a .  = not analyzed . 
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This treated effluent ( containing cel l  material from Stage I )  was 

fed to a second column reactor containing bonechar (Stage II ) which had 

been inoculated with fermentation culture from Stage I .  The reactor was 

maintai ned under batch condi tions ( no feed ) for 10  h after which the 

effluent was fed at Dt = 0. 1 3  h- l for 1 4 2  h and then Dt = 0 . 2 0  h- l for 

a further 192  h .  Steady-state solvent production was obtained (Table 

9 . 3 ) . Effluent from Stage I I  was col lected and gas-stripped as 

described previously for Stage I effluent , prior to being fed to the 

establ ished Stage I I  reactor (Stage I I I ) .  Further solvent production 

resulted (Table 9 . 3 ) . 

This  Run demonstrated that fermentat ion eff luent from a continuous 

fermentation using immobili zed cel ls ,  could be treated by gas-stripping 

to remove toxic solvents and further fermented so that an overall 

i ncrease in solvents concentration and productivity ,  and extent of 

lactose uti l i zation occurred , compared to that obtained in a two-stage 

continuous fermentation experiment where no gas-stripping treatrrent of 

Stage I effluent was used , i . e .  control fermentation . Steady-state data 

for this experiment are also given in Table 9 . 3 .  In Run I ,  a total of 

39 . 65  gil lactose was uti l i zed ( 73 . 7% of that ava ilable ) giving a total 

of 1 1 .  9 gil solvents , calcu lated using a val ue of Dt = 0. 20  h- 1  after 

two refermentat ions . This represents a solvent yield of 0 . 30  gig. In 

the control fermentation , a total of 28 . 1 gil lactose was uti l i zed 

( 53 . 5% of that available ) at a total of 9 . 8 gil solvents with a solvent 

y ield of 0 . 3 2  gig. 

The bu i ld-up of reactor biomass and increase in solvent product ion 

i n  the Stage I I  reactor ( f irst re-use of gas-stripped treatment rredium 

from Stage I )  was sl ightly slower than when "starti ng-up" a reactor with 

fresh cheese whey permeate medium e . g .  Stage 1 .  I t  was reasoned that 

some growth factors or nutrients were uti l i zed by the biomass in Stage 

I ,  and that the lower concentrations may have retarded the subsequent 

reactor performance . Consequently ,  two further continuous fermentations 

were conducted , with the objective to exa'Tline the re-use of effluent 

from an initial reactor (Stage I ) ,  operati ng as described for Run I 

(Table 9 . 3 ) , which was then gas-stripped and fed to this same reactor 

having the establ ished biomass ( i .  e .  Stage I I ) .  This treated effluent 

was unsupplemented prior to re-feeding to the Stage I reactor (Run I I ) .  



235 

In a separate instance , treated eff luent was supplemented with 2. 5 
gil yeast extract and fed to a Stage I reactor (Run III ) .  A summary of 

steady-state data for these experiments is given in Table 9. 4 .  

Two separate Stage I reactors were operated i n  paralle l ,  the bulk 

effluent collected and treated by gas-stripping . The Stage I reactor 

for Run II was operat ing at a higher productivity than the Stage I 

reactor for Run III  (Table 9 . 4 ) . A value of Dt = 0 . 40  h- l was used in 

the Stage II  reactor for Run II  ( no supplementation ) . A significant 

i ncrease in the solvents concentration and hence productiv ity was 

obtained compared with Run I (Table 9 . 3 ;  operati ng over two stages ) ,  

demonstrat ing that there were sufficient nutrients for the maintenance 

of solvent production after an init ial fermentat ion , i . e .  lower 

nutrient concentrations are required for continuous solvent production 

corrpared with that required for growth . This suggests that it may be 

possible to operate with a much lower yeast extract concentration in the 

feed medium to continuous fermentat ions us ing immobilized cells or 

external cel l  recycle than used in  Chapters 6 and 7 respectively . The 

possibil ity of referrnent ing the effluent from Stage II  was not exa�i ned 

but could give rise to even higher solvent product ivities and increased 

lactose uti l i zation . 

In Run I I I  ( supplementat ion with 2 . 5 gil yeast extract ) ,  further 

solvent product ion was obtained in the Stage II reactor (Dt = 0. 40  h- l ) ,  

however ,  solvent product ivity was lower than in Run II , (higher than in 

Run I )  and was accorrpanied by increased acid product ion giving a lower 

solvent yield (Table 9 . 4 ) . It is possible that the increased yeast 

extract concentration in the medium favoured ce ll growth at the expense 

of solvent product ion . 

9 . 2 . 3  Conclusions 

A novel process for in-s itu selective butanol recovery from a batch 

fermentation culture has been descri bed in th is prel iminary work . The 

process involves gas-stripping using an inert gas ( e . g .  oxygen-free 

n itrogen gas ) and recovery of solvents from the vapour phase by 

condensat ion us ing a cold trap . The non-ideality of low rrole-fract ion 

butanol solut ions and the selectivity for butanol removal by such an 
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! fermentation data for a two-stage continuous 
\ I irrrrnobi l ized ce lls , using gas-stripping for 

Dval between stages (Runs I I  and I I I ) 

CE CA CB CHB CHA CL LIS  Y Prod 

( g/l ) (g/l ) ( g/l ) (g/l ) (g/l ) ( g/l ) (g/l ) ( g/g ) (g/ 
l . h )  

Run I I  ( no supplementat ion of feed to Stage I I ) 

Effluent from Stage I 
Dt = 0. 30  h-l 0 . 3 2  2 . 52  5 . 1 6  0 . 6 1  1 . 1 3  28 . 6  22 . 6  0 . 3 5  2 . 40  

Bulk effluent from 
Stage I of Runs I I  
and I I I ,  prior to 
gas-stripping 0 . 3 7 1 . 9 7 4 . 1 8  0 . 97 1 . 08 3 1 . 6  

Bulk effluent after 
gas-stripping ; Feed 
to Stage I I  ( for 
Runs I I  and I I I )  0 . 2 9  trace 0 . 9 9  0 . 9 5  1 . 2 3 31 . 6  

Effluent from Stage I I  
Dt = 0. 40 h- 1  0 . 3 2  1 . 54 3 . 0 6  1 . 06 1 . 0 2 2 1 . 1  1 0 . 5  0 . 35  1 . 4 6 

Run I I I  ( supplementation of feed to Stage I I  with 2 . 5 gil 
yeast extract ) 

E f f luent from Stage I 
Dt = 0 . 3 0  h- l 0. 3 3  1 . 4 7 4 . 00 1 . 4 1 1 . 4 5  3 3 . 9  1 7 . 3 0 . 3 4  1 . 74 

E f fluent from Stage I I  
Dt = 0 . 4 0  h- l 0 . 3 6  0 . 57 2 . 88 2 . 74 1 . 4 5 22 . 7 8 . 9  0 . 28  1 . 0 1  
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operation , suggests that butanol has surfactant properties , 

preferentially movi ng across the l iquid-vapour interface . A signif icant 

i ncrease in fermentat ion performance ( e . g .  solvent product ivity ,  lactose 

utilization ) has been demonstrated by the integration of this technique 

w ith a batch fermentat ion using sulphuric acid casein whey permeate 

compared with a control fermentation .  

In a series of experiments , gas-stripping was used to remove 

solvents from the effluent of a cont inuous fermentation us ing cheese 

whey permeate medi um ( St age I )  and cells of strai n  P262 immob i l i zed by 

adsorption onto bonechar . The treated effluent was then fed to a second 

reactor ( Stage I I )  • Increases i n  the solvents concentrat ion, 

productivity and extent of lactose uti lizat ion were demonstrated 

compared with a control two-stage process . This prel iminary \vork 

suggests th�t the appl ication of in-l ine solvents recovery in cont inuous 

solvent fermentat ion processes usi ng immobil ized cells or external cell  

recycle may give even greater productivities than demonstrated in  

Chapters 6 and 7 respect ive ly . 

9 . 3 USE OF AN ADSORBENT RES IN OR MOLECUlAR SIEVE FOR SOLVENTS RECOVERY 

9 . 3 . 1 Introduction 

Another integrated fermentat ion-product recovery process is the use 

of molecular s ieves  or polymeri c  adsorbent res i ns to recover solvents 

f rom the fermentation broth ( in-si tu or in-l ine application ) .  Holecular 

s ieves ( e . g .  s i l ica l i te ) are porous sol id materials that can be used to 

preferentially adsorb alcohol from alcohol-water mixtures , with heat 

being used to regenerate the s ieves for subsequent re-use , with the 

volatilized alcohol condensed and recovered (Milestone & Bibby , 198 1 ;  

Klein & Abraham , 1983 ) .  Solvents adsorption from model butanol-water 

solutions (Mi lestone & Bibby , 1 981 ) and sulphuric acid casei n  whey 

permeate fermentation med ium (�1addox , 1982 ) using s i l icalite has been 

demonstrated. 

adsorption . 

These studies however,  did not include data for acids 

Synthetic polymeric resin adsorbents have been evaluated for 

e thanol recovery from fermentation broths , either in integrated 

processes or during downstream process i ng {Pitt et aI , 1983 ; Lencki i  et 
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a I ,  1983 ) .  Data describing the ir application to the ABE fermentat ion 

are sparse . Thei r  appl icat ion to cont inuous solvents recovery has been 

described for a continuous fermentat ion process using external cell 

recycle by cross-f low microfiltration , but deta i ls are lack ing (Larsson 

et aI ,  1984 ) .  

The objective of the present work was to examine a series of 

polymeric adsorbent resi ns (XAD series ) and the molecular s ieve , 

s i l ical ite , for thei r  adsorption capacity/selectivity of components from 

a series of model fermentat ion solut ions , and to select an adsorbent for 

further work . I n  prel iminary experiments , the appl icat ions of an 

i n-line adsorption process to a batch fermentation process ( sulphuric 

acid casei n  whey permeate med ium ) and continuous fermentat ion process 

( cheese whey permeate medi�m)  using cells immobil ized to bonechar , were 

examined . No recovery of products from che adsorbent resins or 

s i l icalite was attempted . 

9 . 3 . 2  Results and Discussion 

An initial screening experiment was undertaken , at 30°C , usi ng a 

model fermentat ion solution to determine the capacity for component 

removal for each of the 5 adsorbents given in Sect ion 3 . 1 . 3 . The model 

fermentat ion solution consisted of 5 gil , 2 gil , 1 gil , 2 gil and 2 gil 

of n-butanol , acetone , ethanol , butyric ac id and acet ic acid 

respect ively,  in deioni zed water , pH adjusted to pH 5 . 0 usi ng 2£.1 NaOH . 

These product concentrations are typical of those obtained during a 

batch fermentat ion ( 24 h )  of sulphuric acid casei n  whey permeate med ium, 

as described in  Chapter 5 (Run  IX) . 

Adsorbents were preweighed into 100  ml conical flasks and 50 ml of 

model fermentat ion solut ion was added . The flasks were stoppered , 

shaken and then transferred to a Mark line shaker and shaken at 100  �n 
for 90 min at 30°C .  After this treatment , fermentation solution 

containing no adsorbent , also shaken at 30°C ( control ) ,  and solution 

supernatants were analyzed for remaining product concentrat ions . In 

order to express the adsorpt ion data on an equivalent bas is , 

approximately 0 . 5 9 of washed resi n  was dried at 105°C for 36 h to 

determine the resi n  dry weight . 
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Capacity data of the various adsorbents for components in the model 

fermentat ion solution are given in Table 9 . 5 All adsorbents removed 

each of the model solution components to varying extents , with ethanol 

and acetic acid generally being the most poorly adsorbed . The 

preferential adsorption of some components may be related to their  

concentration , hydrophobicity ,  molecular size , and shape of  the 

molecule . 

High butanol and butyric ac id adsorption capacities were obtained 

w i th XAD-4 ,  XAD-1 6 ,  and sil icalite .  Lower rat ios of XAD-4 and XAD- 1 6  : 

model solution ,  were used compared with the s i l icalite , since the 

f i ltered res in after washing contai ned a larger total lTDisture content 

( 50-70% )  than expected . Generally ,  the specific  load ing capacity 

decreased for each model solution component as the ratio of d . w. resi n  

t o  model solution amount was increased . 

Adsorption by silicalite was essentially instantaneous as evidenced 

by air  release from the s il ical ite as soon as it  was added to the 

solution . The XAD resins became buoyant when added to the model 

solut ion . 

On the bas is of this  screening experiment , the adsorbent res ins 

�4 and XAD-1 6  and the molecular sieve sil ical ite ,  were selected for a 

further series of experiments undertaken at 30°C , using various model 

fermentation solutions to examine the effect of fermentat ion medium 

components , v iz  minerals , lactose and yeast extract,  on the adsorption 

of the fermentat ion products . The experimental procedure was the same 

as  described previously . The following model ferrnentat ion solutions 

were used : 

Solut ion I :  

Spray dried sulphuric ac id case in  whey permeate was reconstituted 

a t  55 gil and supplemented with lactose and yeast extract at 1 0  gil 

and 5 gil respect ively . Medium was adjusted to pH 6 . 5 using 

aqueous a�oni a  and autoclaved ( 1 2 1 °C/1 5  min ) .  The hot medium was 

f i ltered through Whatrnan No . 1 filter paper , cooled , and butanol , 

acetone , ethanol , butyric acid and acetic ac id added at 

concentrations of 5 gil , 2 gil , 1 gil ,  2 gil and 2 gil , 
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Table 9 . 5 Adsorption of rrodel fermentation solution components using 
various adsorbents at 30 °C 

Adsorbent mg Res in mg Solute Adsorbed 
Used 9 Adsorbent ( d . w )  

9 Model BuOf-I AC20 EtOH HBu [-IAc BuOH 
Solution 

XAD- 2 5 30 . 0  1 4 . 0 0 1 6 . 0 4 . 0 2 . 9 
2 5  52 . 4  1 9 . 6  1 . 6  1 1 . 6 3 . 6 2 5 . 3 
5 0  39 . 4  5 . 6 0 8 . 2 4 . 0  3 8 . 0 

XAD-4 4 . 6 5 170 178 . 1 25 . 8 36 . 6 0 1 5 . 3 
2 3 . 2 5  1 0 3  1 8 . 5 6 . 4 2 5 . 0 13 . 4 4 6 . 1 
4 6 . 5 73 . 9  1 2 . 2 0 . 4  1 5 . 3 3 . 7  6 6 . 4 

XAD-7 3 . 1 7  63 . 1 4 7 . 3 3 . 2 3 4 . 7 44 . 1 3 . 9 
1 5 . 85  41 .  7 1 4 . 5 0 1 1 .  4 1 4 . 5 1 2 . 7 
3 1 .  70 4 2 . 3 8 . 5 0 . 3 1 1 .  7 2 . 8 25 . 9 

XAD- 1 6  2 . 9 4  1 39 . 5 1 3 . 6 0 57. 8 78. 2 7 . 9  
1 4 . 70 1 32 . 7  2 1 . 1 3 . 4 3 1 .  3 1 5 . 7 37 . 6 
2 9 . 4 0  97 . 6 1 6 . 7 3 . 7 1 9 . 7 10 . 5  55 . 4  

S i l ical i te 9 . 9 1  9 1 . 8  2 3 . 2 7 . 1  4 3 . 3 37 . 3  1 7 . 6 
4 9 . 5 5  7 8 . 1 7 . 3 2 . 0 2 1 . 1 6 . 3 74 . 7  
9 9 . 1 52 . 3 1 7 . 4 4 . 0  1 3 . 7  4 . 7  1 00 . 0 

% Removal 

.AC20 EtOf-I 

3 . 3 0 
2 3 . 3 3 . 8 
1 3 . 3 0 

3 9 . 5 1 1 . 5 
20 . 5 1 4 . 4 
2 7 . 1 1 . 9 

7 . 1 0 . 9 
1 0 . 9 0 
1 2 . 9 0 . 9  

1 . 9  0 
1 4 . 8  4 . 8  
2 3 . 3 1 0 . 6 

1 0 . 9 6 . 7 
1 7 . 1 9 . 6 
8 2 . 4 3 8 . 5 

HBu 

3 . 7 
1 3 . 5 
1 9 . 1 

7 . 9 
2 6 . 9 
3 3 . 0 

5 . 1 
8 . 4 

1 7 . 2 

7 . 9 
2 1 .  4 
2 6 . 9 

2 0 . 0 
4 8 . 8 
6 3 . 3 

HAc 

0 . 9 
4 . 1 
9 . 0 

0 
1 3 . 9 

7 . 7  

6 . 3 
1 0 . 4 

4 . 1 

1 0 . 4 
1 0 . 4 
1 3 . 9  

1 6 . 7 
1 3 . 9 
2 1 .  2 

N 
"'" 
a 
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respect ively . This solution was then adjusted to pH 5 . 2 wit.h 
aqueous ammoni a .  

Solution II : 

This solut ion contained the same product concentrations as in 
Solution I ,  prepared in  de ionized water ,  and was supplemented with 
45  g/l lactose . 

Solut ion II I :  

This solution was the sa'TIe as Solution I I  except that 5 g/l yeast 
extract was used instead of lactose . 

Capaci ty data of the adsotbents for components in the various model 
solutions are given in  Table 9 . 6 .  Similar, although slightly lower,  
adsorption capacities were obtained for the various components in  each 
of the model solut ions ( at equivalent ratios of resin  : model solution ) 
to those in  Table 9 . 5 .  Any differences may be due to experimental 
e rror , but these results demonstrated that no s ignificant reduction in 
specific adsorption was observed that could be attributed to the 
presence of minerals , lactose or yeast extract ( Solut ion I ) ,  lactose 
a lone ( Solution I I ) or yeast extract (Solut ion I I I ) .  These are 
preliminary results hO\vever , 
No measurable adsorption of 
detected ( data not shown ) .  

and further experimentat ion is required . 
lactose by the resi ns or sil icalite was 

Bu l  et al , ( 1 985 ) found no measurable 
adsorption of glucose by sil icalite .  

The adsorption capacity values for butanol by sil ical ite obtained 
i n  all these experiments agree closely at equ ivalent usage rates , with 
va lues g iven by Hi lestone & Bibby ( 1 98 1 )  and Maddox ( 1 982 ) .  Lower 
e thanol adsorption , in the presence of butanol , can be attributed to the 
lower concentrat ion of the former component since higher capacit ies can 
be obtained at higher ethanol concentrat ions in aqueous ethanol 
solut ions ( Klein & Abraham , 1983  i Bul et a l ,  1985 ) . t1 i lestone & Bibby 
( 1 981 ) however ,  found that no ethanol adsorption occurred in 
e thanol/n-butanol mixtures , so the low adsorpt ion capac ity values 
reported in Tables 9 . 5 and 9 . 6 may be due to experimental errors . These 
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Table 9 . 6 Adsorption of components from various model fermentation 
solut ions by Silicalite , XAD-4 and XAD-16 res ins at 30°C 

Med ium Adsorbent rng Adsorbent mg Solute Adsorbed 
g .  Medium 9 Adsorbent (d . w )  
Solution BuOH .�C20 EtOH HBu HAc 

r .  
vJhey permeate Si lical ite 50 77. 6 5 . 8 0 1 6 . 4 1 1 . 8  

100  47 . 7 1 2 . 2 2 . 2 13 . 1  2 . 4  

x...lill-4 47 69. 1 7 . 6 0 l2 . 8  4 . 0 
9 4  43 . 6 8 . 6 2 . 6 6 . 4 2 . 0 

XAD-16 29 . 2 93 . 5 9 . 2 1 . 0  3 1 .  2 1 6 . 4 
5 8 . 4 63 . 0 9 . 5 1 . 4 1 2 . 5 3 . 3 

I I .  
/'>1ode 1  S i lical ite 50 8 1 .  2 7 . 6 3 . 8 2 3 . 6 9 . 4  

solution Xl\D-4 47  74 . 5  1 1 .  7 6 . 6 2 2 . 3 1 0 . 4 
x...lill-16 2 9 . 2 98. 6 1 1 . 6  7. 2 2 5 . 3 1 4 . 7 

I I I .  
�1ode1 S i l icalite 50 75 . 0 3 . 4  2 . 0 2 1 .  0 0 

solution Xl\D-4 47  67. 0 6 . 6 3 . 6 1 5 . 7 2 . 1 
XAD-1 6  24 . 6 91 . 0 1 . 6 1 . 6  1 2 . 6 0 
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workers also found that acetone appeared to hinder the adsorption of 

n-butanol in acetone/n-butanol mixtures . The hydrophobicity of 

s i l icalite (Mi lestone & Bibby , 1981 ; Bul et al , 1985 ) may explain the 

preferential adsorption of butanol over acetone and ethanol , although 

1'1 i lestone & Bibby ( 1 981 ) state that the size and shape of the molecule 

are also �rtant parameters determining adsorption properties . 

Similar adsorption profiles were also obtained for the adsorbent 

XAD resins (Tables 9 . 5 and 9 . 6 )  as for sil icalite . This may be related 

to the hydrophobic adsorption mechanism demonstrated by these resins ,  

the extent of which varies with the actual resin (Lencki i  et �, 1983 ) .  

The effect of the presence of cells on adsorption capacity was not 

determined in this work . The adsorbents l1lC!y be detrimental to cell  

metabolism when used for in-situ applications . Lencki i  et:,. a l ,  ( 1 983 ) 

found that the presence of XJ.I.D-2,  Xi\D-7,  and silical ite were i nhibitory 

to glucose utilization by Saccharomyces cerevisiae NRRL-Y1 3 2 .  These 

workers suggested that this  inhibition by the adsorbent resin could 

arise from the leakage of toxins fran the resin ,  adsorption of growth 

factors and nutrients , or adsorption of cells ;  and the inhibit ion by the 

s i l ical ite could be due to the presence of the alumina binder present 

i n  the s il ica . 

On the basis of the prel iminary screening experiments described in 

this work , the adsorbent resin  XAD-16 was selected for further work , 

although the use of this resin  in this type of applicat ion has not 

previously been reported in the literature . 

The application of in-l ine adsorption of products by XAD-16 to a 

batch fermentation using sulphuric ac id casein whey permeate medium 

(Table 3 . 2 ,  supplemented with 20 gil lactose ) at 34 °C , with pH control 

a t  pH 5 . 4-5 . 6 ,  was exa'11ined . The 7-l itre fermentation apparatus and 

ancillary equipment described in Section 3 . 7 . 3 . 2 were used . The 

fermenter working volume was 5 1 init ially ,  and this was decreased to 

2 1 at the commencement of the in-l ine adsorption treatment . The 

fermenter was coupled to a Plate and Frame cross-flow microfiltration 

(CFM )  unit (Pell icon Cassette System; equipped with the Ultrasart I I  

cassette of 0 . 2 ).lffi pore size , Section 3 . 7 . 5 . 1 ) .  Fermentation culture 
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was circulated , via this CF�1 device , using a Watson-t-1arlow 6031 1  

peristaltic pump (Section 3 . 7 . 5 . 2 ) , and back to the fennenter.  Ce1 1-

free filtrate was passed ( f lowrate approximately 200 rnl/min ) to a glass 

column containing 100 g . d . w. res in,  for a period of 60 min ( 6  

reci rculat ion volumes ) .  Samples were removed from this f iltrate return 

l ine to monitor the extent of product removal . 

The fermentation t ime course profi le for this  run is  given in 

Figure 9. 2 .  The fermentation was operated in batch mode for 30 h, after 

which the in-l ine adsorption process using the CFM unit was used (prior 

to the accu�ulation of products at toxic concentrations ) .  Th is 

t reat.'TIent was repeated after 54 h us ing an equal amount of fresh 

adsorbent res in ,  as used initially .  No attempt was made to regenerate 

the adsorbent resin  for re-use . In a previous experiment (data not 

shown ) i t �as found that cell  removal prior to in-l ine adsorption was 

necessary , due to the retention of cells in the adsorbent column 

( adsorption or physical retention ) with a consequent loss in 

fermentation performance . 

The sharp decrease in the lactose concentration at 30 h ,  and to a 

lesser extent at 54 h ,  was attributed to the dilution of the fennenter 

culture as a result of flushing the CFM device with sterile dist illed 

water in order to return cells back to the ferrnenter.  The adsorption 

t reatment at 30 h and 54 h resulted in an increase in the culture pH 

value by 0. 3 units ; the culture pH value prior to adsorption treatment , 

was restored by pH adjustment us ing 51-1 H2S04 ' 

A total solvent concentration of 1 4 . 1 g/l , representing a yield of 

0 . 28 g/g , was obtained after 70 h fermentation . A mass balance 

calculation was used to correct for di lution effects . These results are 

con1parable with a control fermentation carried out under simi lar culture 

condit ions but without treatment with adsorbent resin ( Chapter 5, Run 

X ) . The yield value obtained may be explained by the butyric acid 

production that occurred immediately after the resin treatment ( Figure 

9 . 2 ) ; the lower butanol concentration possibly favouring cell division 

and acid production by vegetat ive cells . 

The specific adsorption capacity of the resin at 54 h for the 

fermentation products (rrg solute adsorbed/g . d .w . adsorbent ) was 
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approximately 86. 0 ,  1 3 . 3 ,  0 . 7 ,  1 5 . 5 ,  and 5 . 2 for butanol , acetone , 

ethanol , butyric acid and acet ic acid respective ly ,  at a ratio of 51 mg 
adsorbent per gram of fermentat ion solution. This calculat ion has been 

corrected for the dilution effects (determined from the change in the 

lactose concentrat ion , i . e .  it was assumed that there was no adsorption 

of lactose ) arising from flushing the CFM unit to return cells to the 

fermenter . These adsorption capac ity results are comparable with those 

g iven in Tables 9 . 5 and 9 . 6 ,  with the slightly different adsorption 

profi le possibly be i ng due to the presence of different concentrations 

of fermentation products to those in the model fermentation solut ions . 

In su.rnmary , tJ1is  batch fermentat ion experiment demonstrated that 

i n-line solvents removal usi ng an adsorbent res i n ,  is a technically 

feas ible process . Use of a CfI'.1 uni t  prevented direct cel l  contact with 

the XAD-16 res in  and this process was shown not to be detrimental to 

batch fermentat ion performance ( Figure 9 . 2 ) .  In  this  instance , since 

cells were already present and in a non-growing solventogenic state , the 

adsorption of any fermentat ion nutr ients etc , would possibly not have 

the same s ignif icant effect as might be observed in a continuous 

fermentation where the adsorbent when used in  an in-s itu rncxje could by 

i ts act ion , interfere directly with cel l  growth . 

The integration of the XAD-1 6  adsorption res in solvents removal 

process with a two-stage cont inuous fermentat ion process was examined in 

a further experiment . The object ive was to determine if an increase in 

overal l  solvents concentrat ion and productiv ity , plus extent of lactose 

utilization could be achieved . Cells  immobil i zed by adsorption to 

bone char and contained within  an upflow colu.rnn reactor were used , and 

the columns were operated as described in Section 9. 2 . 2 .  Cheese whey 

permeate mediu.m (Table 3 . 3 ,  without added CaCI 2 . 2H 20 )  was used in the 

fermentat ions , conducted at 34°C .  

Effluent was collected from a reactor ( Stage I )  operating at 

steady-state solvent product ion and at a Dt value of 0. 3 h- l , and was 

held at 4-6 °C . The steady- state product ion data for this Stage I ,  plus 

other fermentat ion data pertaining to this experiment , are given in 

Table 9 . 7 .  The eff luent was decanted to remove cells  and was then 

treated by pass ing it through a packed bed containing 77 g . d . w .  of fresh 
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Table 9 . 7 Steady-state fermentation data for a two-stage continuous 
f ermentation process with ilnmobil ized cells , using an 
adsorbent resin XAD-1 6  for solvents removal between 
s tages 

CE CA CB CHB CHA CL liS Y Prod 
( g/l ) (g/l ) ( g/l ) (g/l ) (g/l ) (g/l ) (g/l ) (g/g ) (g/ 

l o h ) 

Bulk effluent from 
Stage I 
Dt = 0. 30 h-l 0 . 76 2 . 8 6  5 . 58  0 . 23  0 . 78 22 . 8  31 . 0 0 . 30  2 . 76 

Bulk effluent from 
Stage I ,  after 
treatment with 
XAD-16 resin  0 . 6 1  1 . 04 0 . 1 8  0 . 1 8  0 . 58 1 8 . 3 

Effluent from Stage I I  
Dt = 0. 1 3  h-l 
( no yeast extract ) 0 . 8 2  1 . 0 5 1 . 77 0 . 6 1  0 . 82  1 3 . 3 5 . 0 0 . 36  0 . 2 4  

Bulk effluent from 
Stage II  1 . 74  1 . 0 6 1 . 74 0 . 59  1 . 24 1 1 . 9  

Effluent from Stage I I  
Dt = 0. 1 3  h-l 1 . 69 1 . 33 3 . 07  1 . 3 9 1 . 3 2 4 . 2  7 . 7 0 . 20  0 . 20 
( 3  g/l yeast extract ) a 

a A steady-state was obtained only for 2 res idence times after which the 
fermentation degenerated with the total produced acids concentration 
reachi ng 1 . 8  gil 
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XAD-16 resin  (previously washed with sterile deionized water ) .  

Approximately 0. 9 1 of effluent was treated and predominantly butanol 

was removed (Table 9 . 7 ) .  The effluent pH increased from pH 5 . 0 to pH 

5 . 3 during treatment . 

This treated effluent was fed to a second col�mn reactor containing 

bonechar (Stage II ) which had been inoculated with fermentation culture 

from Stage 1 .  The reactor was maintained under batch condit ions ( no 

feed ) for 10 h after which the effluent was fed at Dt = 0 . 1 3  h-1 • A 

steady-state was reached after 120  h fermentation , this  time being 

longer than when starting-up a comparable fermentation using cheese whey 

permeate medium. Solvent production (Table 9 . 7 )  was lower than 

expected , hence it was reasoned that the resin  treatment had removed 

medium components ( ? )  or these, had in fact been used by the cells in  

Stage I ,  so that there were insufficient remaining for good growth (slow 

b iomass accumulation ) and solvent production . The former reason is �1e 

most plausible since in  the experiment using gas-stripping ,  the Stage I I  

reactor was readily operated with treated medium with no yeast extract 

supplementat ion . Yeast extract ( 3  gil ) was added to bulk effluent from 

the Stage I I  reactor and further solvent production occurred when fed to 

the Stage I I  reactor. Ac ids production also increased and the 

fermentation degenerated with a decrease in solvents concentration after 

a further 120  h .  Total produced acids were 1 .  8 gil at this time . It is 

possible that this ac idogenic state arose due to the solvents reaching a 

toxic concentration at this d ilution rate and biomass concentration in 

the reactor , or alternatively ,  the increased yeast extract concentration 

promoted cell growth and acids production . 

In a further experiment , s il ical ite was used to treat effluent from 

a Stage I reactor prior to feeding thi s  treated effluent back to the 

reactor ( Stage I I ) .  Steady- state fermentation data are given in Table 

9 . 8 .  Effluent from Stage I had a higher butyric acid concentration (at 

comparable yield and product i  vi  ty ) compared to that observed in other 

fermentations (Tables 9 . 3 ,  9 . 4 ,  9 . 7 )  and is unexplained . Effluent from 

Stage I was centrifuged to remove cells and s il icalite added ( 60 rrg 
adsorbent/ml effluent supernatant ) prior to being removed also by 

centrifugation . The adsorption capaci ty (mg solute/g adsorbent ) was 

7 5 . 0 ,  9 . 8 ,  0 ,  0, and 1 4 . 2 for butanol , acetone , ethanol , butyric acid 
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Table 9 . 8 Steady-state fermentation data for a two-stage continuous 
fermentation process with immobilized cells , using the 
molecular sieve Si l ical ite for solvents removal between 
stages 

CE CA CB CHB CHA CL liS Y Prod 
( g/l ) (g/l ) (g/l ) (g/l ) (g/l ) (g/l ) (g/l ) (g/g ) (g/ 

l . h )  

Bulk effluent from 
Stage I ,  
Dt = 0. 30 h-l 0 . 36  2 . 3 3  5 . 6 1  1 .  59  1 . 1 8 28 . 2  24 . 3a 0 . 34a 2 . 49a 

Bulk effluent after 
treatment with 
Sil icalite 0. 4 1  1 .  7 4  l o l l 1 .  59  0 . 33  27 . 4 

Effluent from Stage II  
Dt = 0. 40 h-1  0 . 4 0  2 . 09 2 . 66  1 .  67 1.  20 1 8 . 1 9 . 3 0 . 20 0. 76 

a parameter:-s determined for overall  Stage I process 
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and acetic acid respectively , and data are comparable to that g iven in 

Table 9 . 6 for a model fermentation solution . The fact that no butyric  

acid adsorption occurred is  unexplained . 

Further solvent production resulted in  the Stage II  reactor, 

however ,  a low solvent yield was obtained even though s igni f icant 

further acid production did not occur . (Table 9 . 8 ) .  A higher solvent 

productivity was obtained compared with the experiment using XAD-1 6  

resin ,  however ,  a direct comparison i s  not possible since in  this 

i nstance a higher dilution rate was used . 

9 . 3 . 3  Conclusions 

The eff icacy of using adsorbent resins and the molecular sieve 

s il ical ite for the removal of components from various model 

fermentation solutions has been demonstrated in  this prel iminary work . 

A preference , in decreasing order ,  for butanol , butyric acid and acetic 

acid was generally obtained for the adsorbents examined , and for the 

model fermentation solutions tested . No measurable adsorption of 

lactose was detected for any of the adsorbents . 

In a batch fermentation of sulphuric acid casein whey permeate 

medium,  us ing a CFM unit for providing cell-free filtrate to in-l ine 

adsorption (�16 res in ) , comparable fermentation performance was 

obtained compared with a control fermentation . 

A two-stage continuous fermentat ion experiment with inter-stage 

t reat,l1ent for sol vents removal using adsorbent resin , (XAD-16 )  or a 

molecular s ieve ( S i l ical ite ) ,  gave an increase in  solvents 

concentration ,  product ivity and lactose uti lization ,  compared with a 

two-stage continuous fermentation with no solvents removal between 

stages ( control fermentation ) . No attempt was made to recover adsorbed 

products from the adsorbent res in ,  or to determine its efficacy for 

adsorption in ongoing treatment cycles ; an important est imation for 

process costing .  These solvents removal processes are disadvantaged by 

the possible adsorption of medium components which affect solvent 

production , and the poorer select iv ity compared with gas-stripping i . e .  

acids are removed which may result in  a lower yield in  some instances . 
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SECONn\RY BATCH FERMENTATION OF WHEY PERMEATE 

FOLLCM:NG THE REOOVAL OF SOLVENTS 

1 0 .  1 INI'ROOOCI'ION 
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Generally , products ( butanol ) inhibit ion l imits the extent of 

lactose uti l ization in  batch fermentat ions ( Chapter 5)  and continuous 

fermentations , us ing immobi l i zed cells ( Chapter 6 )  or external cell 

recycle ( Chapter 7 ) , of whey permeate medi um contai ning lactose ( 50-70 

g/l ) .  Incomplete lactose uti l ization results in a possible loss of 

valuable fermentation medium ,  and increased costs . In Chapter 9, it was 

demonstrateq that in-situ (batch fermentation ) or in-l ine ( cont inuous 

fermentation ) solvents ( bu tanol ) recovery can be used to increase the 

extent of lactose uti l ization , and hence solvents product ivity , compared 

w i th a control fermentation . An alternat ive method for increasing the 

extent of lactose uti l i zat ion is to recycle the fermentat ion broth , after 

downstream product recovery , back to the fermentat ion process . 

The purpose of the work described in this  chapter was to 

i nvestigate the effect of lactose , yeast extract , and butyric/acetic 

acid concentrations , and medium pH , on lactose uti l izat ion and solvents 

production by batch fermentat ion of sulphuric acid casein whey permeate , 

which had been previously fermented and treated by gas-stripping to 

remove volat i le solvent products . Batch fermentat ion experiments were 

conducted at 3 4 °C on a 1 00 ml scale i n  1 20 ml bottles using an anaerobi c  

cab i net ( Sect ion 3 . 4 ) .  Mot i le cells obtai ned as described i n  Sect ion 

3 . 7 . 2  were used as the i noculum ( 5% v/v ) for each fermentation 

experiment . 

10 . 2  RESULTS AND DISCUSSION 

To prepare the med iu.m for the experiments , a batch fermentat ion 

us ing sulphuric acid casein whey permeate medium (Table 3 . 2 ) , 

reconstitu ted in  dist i l led water to a concentrat ion of 60  gil , was 

conducted us i ng the 7-l i tre fermentat ion apparatus described in Section 
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3 . 7 . 3 . 2 ,  and operated as described in Section 3. 7 . 3 . 3 .  The fermentation 

was conducted at 34°C , with no pH control or agitation being used . 

After 90 h fermentation , the culture contained 8. 2 gil , 2 . 5 gil , 0. 3 

gil , 0. 8 gil and 0 . 6 gil , of butanol , acetone , ethanol , butyric acid and 

acetic acid respectively . The res idual lactose was 20 gil . 

The solvents were removed by gas-stripping using oxygen-free 

n itrogen gas . The fermentat ion culture was heated to 60°C to increase 

the solvents removal rate. Distilled water was used to replace that 

water removed during stripping .  The butanol concentration was 0. 6 gil 

after stripping with no detectable acetone or ethanol . The acids 

concentration changed l ittle during the stripping . 

( containing cells ) was then stored at -20°C . 

This  medium 

In the first experiment , the variables , lactose , yeast extract , 

butyric/acetic acid concentrations , and medium pH , were investigated , 

each at two levels ( 24 factorial experiment ) for their effects on the 

batch fermentation characteristics of treated sulphuric acid casein  whey 

permeate medium, prepared as described above . The variables , lactose 

concentration and medium pH , were chosen because batch fermentation 

experiments (Chapter 5 )  had shown the importance of these two parameters 

on solvent production. The effect of yeast extract concentration was 

considered important since it was possible that nitrogen and other 

nutrients taken up by cells in the init ial fermentation may not remain 

at a sufficiently high concentration or in a form readily available to 

the cells for the second fermentation. Butyric and acet ic acid 

concentration ( the ratio of each acid was I :  1 )  was also investigated , 

s ince under some fermentation condit ions strong acid production 

accompanies solvent production . This may be cons idered a worst case 

s ince , for example , in  continuous fermentat ions using immobi lized cells , 

only approximately 1 gil total acids are produced with culture 

conditions favouring solvent production .  

The variables and levels chosen for this experiment are given in 

Table 10 . 1 along with the coded variables used to assist in  the 

statistical analysis  of the data . These codes were used in the 

multivariate linear regression analysis,  using the Minitab package 

( Copyright Pennsy 1 van ia State University )  on the University main 
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Table 10 . 1 Independent variables and levels chosen in  determination 
of various fermentation parameters from the further 
batch fermentation of fermentation effluent treated by 
gas-stripping to remove solvents ( 2 4 experiment )  

Variable Level 
-1 +1 

Lactose concentration ( g/l ) Xl 1 5  30 

Yeast extract concentration (g/l ) X2 0 2 . 5 

Butyric/Acetic acid concentration (g/l ) X3 0 2 . 0 

pH adjustment X4 oa 6 . 5b 

a no adjustment . After autoclaving ,  the medium pH was in the range 
pH 4 . 5-4 . 9 .  

b SM-NaOH used for pH pdjustment . After autoclaving the medium pH 
was in the range pH 5. 55-5. 6 5  

N. B .  The concentrations given in  the Table refer to the arrounts added 
to the previously fermented and gas-stripped treated medium. For 
composition of the latter , see text . 
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computer , to develop regression equat ions for the experimental data . A 

step-wise regression analysis was undertaken. Coeff icients having a 

t-ratio less than that indicating s igni f icance at the 5% level were 

omitted from the model .  

The final total solvent concentrat ion (S ) ,  final acid concentration 

(A ) ,  and substrate uti l i zed (SU) , were determined after 72 h 

fermentation . The solvent productivity ( Prod ) and yield ( Y ) , based on 

solvents produced/lactose ut i l i zed , were calculated at this time . 

Experimental data and the full coded variables for this exper iment are 

g iven in Appendix 4 .  

Table 1 0 . 2 shows the regression equations of models which f itted 

the data . Footnotes are used to indicate the coefficients found to be 

stat istically significant using the t-test .  The coefficient of 

determination ( R2 ) is  g iven as an indication of the accuracy of 

prediction us i ng the equations . A F-ratio test of R2 values showed that 

all the regression models given in Table 10 . 2 are significant at the 5% 

level .  Where no growth occurred in the fermentat ion medium ,  as often 

observed in the region pH 4 . 5-4 . 9 (Appendix 4 ) , an entry of zero was 

used in the data set . Dupl icate experiments were conducted at one set 

of condit ions to allow calculation of a better est imate of experimental 

error . However ,  no growth was recorded under the conditions chosen for 

these repl icates . 

General ly ,  solvent production and lactose uti lization were low ,  

and i n  some instances acid production was favoured (Appendix 4 ) . In 

general ,  added yeast extract favoured growth and production of solvents 

and acids .  In each equat ion given in Table 10 . 2 ,  pH adjustment (X4 ) was 

found to be s ignif icant at the 0 . 1 %  or 0 . 5% level and was also h ighly 

s ignif icant as present in a number of interaction terms . In only two 

instances was growth observed where the pH was unadjusted (Trials No . 9 

and 1 4 ,  Appendix 4 ) , otherwise the low pH in combination with the other 

variables was not conducive to grcwth . Ac id concentration (X3 ) alone 

and in interactive terms was found to be signif icant in all the 

equations . Generally,  solvent product ion (S ) ,  productivity (Prod ) and 

y ield ( Y )  were favoured when no acids were added ; addition of acids 

favoured cont inued acid production .  Lactose concentrat ion (XI ) alone 
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Table 1 0 . 2 Linear regress ion equat ions describing the relationships 
between medium compos it ion and various fermentation 
parameters ( 24 experiment ) 

S = 1 . 53a + 0 . 27  Xld - 0 . 5 2  X3a + 1 . 3 1  X4a - 0. 3 3  X2 * X4b 
- 0 . 29  X3 * X4c 
R2 = 0 . 999 

A = 2 . 62a + 0 . 3 1  Xla + 0 . 74 X3a + 2 . 1 0  X4a - 0 . 2 2  Xl * X3a 
- 0 . 22  Xl * X4a + 1 . 2 6  X3 * X4a + 0. 3 1  Xl * X3 * X4a 
R2 = 0 . 999 

SU = 5 . 54a + 0 . 93  Xla + 0 . 3 8  x2d - 1 . 22  X3a + 4 . 47 X4a 
+ 0 . 3 3  X2 * X4d + 0 . 84  Xl * X3 * X4a 
R2 = 0 . 990 

Prod = 0 . 0213a + 0 . 0 038 X2b 
+ 0 . 0044 X2 * X4b 
R2 = 0 . 962  

0 . 0073 X3a + 0 . 0182  X4b 

Y 
= �2 1 �63 . 759 . 046 X3d + 0 . 1 1 4  X4a 

Statistical signif icance of coeff icients are indicated thus : 

a = 0 . 1 %  level ; b = 0. 5 %  leve l ;  c = 1 %  level ; d = 5%  level . 
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and in interactive terms was found to be significant in equations for 

( 8 ) , (A ) and (8U ) . The best result for solvent production ( 8 )  was 

observed in Run 15  (Appendix 4 )  under fermentation conditions very 

s imi lar to those used in Chapter 5 ( Run II ) .  

In a further experiment , the variables , lactose , yeast extract and 

butyric/acetic acid concentrations , were investigated , each at two 

levels ( 23 factorial experiment ) ,  for their effects on the batch 

fermentation characteristics of treated sulphuric acid casein whey 

permeate , prepared as described previously . The effect of initial 

medium pH was not examined ; all medium pH values were adjusted to be in 

the region pH 6 . 00-6 . 1 5  after autoclaving .  A total of 10 runs 

( i ncluding two duplicates for a better estimate of error ) were 

conducted . Coded variables and levels are given in Table 10. 3 .  The 

concentrations of medium constituents were increased compared to those 

used in the initial experiment (Table 1 0 . 1 ) .  Experimental data for the 

same parameters as described previously , and the full coded variables 

for the experiment are given in Appendix 5. Table 10 . 4 shows the 

regression equations which f itted the data, with each equation being 

determined on data obtained after 7 2  h fermentat ion. Each of the 

coefficients of determinations (R2 ) are signif icant at the 5% level as 

determined by a F-ratio test.  

Growth and solvent product ion were observed in each run , i . e .  

solvent production was possi ble even at high acid concentration at this 

higher medium pH value . Lactose (Xl ) and yeast extract (X2)  

concentrations were found to be significant for equations ( 8 )  and ( Prod ) 

i . e .  the higher the lactose and yeast extract concentrations the higher 

the solvent concentration ( S ) . Ac id concentration (X3 ) alone and in 

i nteractive terms , was found to be significant in equat ions for (A) , 

( SU )  and ( Y ) . Increas ing the init ial acid concentration (X3 ) favoured 

acid production (A )  but decreased the substrate ut ilization ( 8U ) . This 

can be attributed to the increased buffering capacity of medium 

containing acids so that elevated pH values favouring acid production 

resulted . The best result for solvent production ( S ) was observed in 

Run 8 (Appendix 5) at a high level of lactose and yeast extract , and low 

acids concentrations . Good agreement was observed in the dupl icate 

experiments (Runs 2 ,  9 and 1 0 ) . 
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Table 10 . 3 Independent variables and levels chosen in  determination 
of various fermentation parameters from the further 
batch fermentation of fermentation effluent treated by 
gas-stripping to remove solvents ( 2 3 experiment ) 

Variable Level 

Lactose concentration ( g/l ) Xl 

Yeast extract concentration (g/l ) X2 

Butyric/Acetic acid concentration ( g/l ) X3 

NOTE: 

-1  

30  

2 . 5 

2 . 0 

+1 

45 

5 . 0 

4 . 0 

All fermentation media prior to autoclaving was adjusted to pH 7 . 0 using 
5!>1-NaOH . �1ediwn pH after autoclaving was in the region pH 6. 00 - 6. 1 5 .  

The concent�ations given i n  the Table refer to the amounts added to the 
previously fermented and gas-stripped treated medium. For composit ion 
of the latter , see text . 
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Table 1 0 . 4 Linear regression equations describing the relationships 
between medium composition and various fermentation 
para�eters ( 2 3 experiment ) 

S = 3 . 45a + 0. 324 Xld + 0 . 493  X2d 
R2 = 0 . 661  

A = 8 . S6a + 1 .  70 X3a + 0. 184 X2 * X3d + 0. 266 xl * X2 * X3d 
R2 = 0 . 984 

SU = 1 4 . 2a + 1 .  39 X2b 0 . 639 Xl * X2d - 1 . 94 Xl * X3b 
- 2 . 24  Xl * X2 * X3a 
R2 = 0 . 9 66 

Prod = 0 . 048a + 0 . 0045 Xld + 0 . 0068 X2c 
R2 = 0. 662  

Y = 0 . 252a + 0 . 0 346  Xl * X2 * X3d 
R2 = 0. 4 2 1  

Statistical s ignificance of coefficients are a s  indicated for Table 
1 0 . 2 .  
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10. 3 CONCLUSIONS 

This prel iminary work has shown that batch fermentat ion effluent , 

treated by gas-stripping to selectively remove solvents ,  can be 

refermented per se e However solvent production is favoured when the 

lactose and yeast extract concentrations in  the medium are adjusted to 

that s imi larly used init ially ,  suggest ing there is little or no 

advantage in recycling treated effluent to batch fermentation. 

Growth was inhibited at low pH values but favoured at high pH 

values , with solvent production occurring at a high pH value , even at a 

high acid concentration ( 1 0  g/l ) .  Empirical model equations were 

obtained from simple factorial  experiments and are specific to this 

work . 

The res�lts on the refermentat ion of fermentation effluent treated 

by gas-stripping to remove solvents , obtained with an establ ished cell 

populat ion e . g .  immobil ized cells ( Chapter 9 ) , compared with those 

reported in  this Chapter,  may differ ,  since in  this work , if  the 

condi t ions did  not favour growth , then no solvents production occurred. 

Thi s  was not the case when an established cell  population was used since 

i t  was poss ible to obtain solvent production at unfavourable growth 

conditions . Addi tionally , in  thi s  instance , it  appears that no nutrient 

supplement of the treated effluent is necessary . This option , of the 

two studied for the further uti l ization of fermentat ion substrate , 

appears to be the most promising .  
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CHAPrER 1 1  

FINAL DISCUSSION AND CONCLUS IONS 

The aim of this work was to provide information regardi ng the use 

of whey permeate ( lactose ) as a substrate for the ABE fermentation. 

This included a preliminary examinat ion of some process technology 

options for fermentat ion i ntensi ficat ion . Summary or conclusion 

sections have been reported for work described in each Chapter, and this 

information will not be repeated here. 

The profi table use of whey sol ids using a range of processes 

i nclud i ng fermentation , is one aim within the overall object ive of the 

New Zealand IBiry Board to maximi ze the return to the farmers for their 

mi lk . The ABE fermentation is one process option that has been 

considered , however ,  at the canmencement of this study , comparatively 

l ittle infonnation was avai lable from the literature describing its use . 

Feas ibi lity studies based on the published l iterature were likely to 

g ive rise to erroneous conclusions . 

Initially , batch fermentation experiments using an industrial 

strain ,  � acetobutyl icum P26 2 ,  were conducted in order to determine the 

opt imal culture conditions for lactose uti l izat ion and solvent 

production , and this  appears to be the first instance of such a 

systematic study being reported in the literature . vJhilst the batch 

fermentation productivit ies obtained were super ior to those previously 

reported on th is type of substrate , they are lower than those reported 

using other sugars (e . g .  medium containing glucose or sucrose ) .  Th is 

accentuated the need to examine novel intens if ied processes for this 

fennentation using whey permeate med ium. Generally ,  two approaches are 

poss ible for ABE fermentat ion intensif ication , vi z ,  fermentation 

technology and microbial/genetic rrodif icat ion studies . In this work , 

some prel iminary aspects of the former approach were examined . These 

i ncluded continuous fermentat ion processes using immobi l ized cells and 

external cel l  recycle by cross-f low microf iltration (CFM ) . 

Cont inuous stable solvent production was poss ible using 

a lginate-im�bilized cells  of strain  P262 .  Conversely , in stud ies 
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undertaken usi ng external ce1 l  recycle by CFM, steady - state solvent 

product ion was not achieved for significant periods i this breakdown in 

solventogenes i s  was attributed to the complex morphological behaviour of 

this strain , and primarily to the sporulation that occurred during the 

fermentation . This suggests that future studies should not only exa�ine 

dense Ollture fermentat ion k inet ics , bu t  should also attempt to obtai n  

a n  asporogenic s tra i n  that would fac i l i tate extended continuous 

processing .  A technical comparison of these conti nuous processes is 

g iven in Chapter 8 .  

For the conti nuous fermentat ion process using 

relationship between achievable f i ltrate flux for a 

concentrat ion determines the fermentat ion productivity .  

CFM , the 

g iven ce1 l  

The filtrate 

f lux determines the membrane area requirement and hence a signif icant 

proport ion of the cap i tal cos ts . The use of CFM in a fermentation 

process of th is type has yet to be proven on a pi lot-scale. The 

expected high capital costs and the fact that the plant is l i kely to be 

di ff icult to operate for extended periods ( e . g .  maintenance of asepsis ) 

suggests that its implementat ion is unsure or , at best , some time away . 

In both of the continuous fermentat ion processes described in this 

work , the substrate was not completely uti l i zed , and could at least in 

part , be directly attributable to the toxic products ( butanol ) produced . 

The integration of in-s i tu or in-l i ne product recovery processes , 

primarily for butanol recovery , has been shown to improve substrate 

uti l i zation and consequently solvents productiv i ty in both batch and 

continuous Dnmobi l i zed cell  processes . A novel process based on the use 

of a gas to selectively strip volat i le solvents from a vlhey permeate 

fermentation broth , with subsequent recovery usi ng a cold trap , has been 

reported in this work . No attempt has been made however , to opt imi ze 

the process , rather a principle has been demonstrated . Future studies 

need to be undertaken to examine the effects of conti nuous and 

s imultaneous produc t  recovery on fermentat ion k i netics , e . g . , does the 

accLrrnulation (part i al or complete , depending on the selectivity of the 

recovery method ) of fermentat ion intermed iates and/or sa lts become toxic 

to the fermentation? 

Although the present work has not developed an industrial process 

based on whey permeate , the data obtai ned have provided va luable 
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infonnation wh ich wi ll  be useful to future investigators and enable 

preliminary feasibility studies to be conducted , since these are 

undoubtedly case specific.  

In conclusion , on-going research undertaken on a broad fundamental 

and technolo;1ical front rust be maintained if the ABE fermentation is 

to be recommerciali  zed , and this is summarized in Table 1 1 . 1 .  N:>t all 

of the research areas presented in this Table have been examined in this 

work . The table shows the work described here placed in a wider context 

of that work which is on-going and that which remains to be done . It is 

unlikely that any one approach wi ll prove to be the key , rather ,  a 

multi-discipl inary approach must be taken to intensify the process • 
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Table 1 1 . 1 Summary of invest igat ive work for the intensification of 
the ABE fermentation 

ABE Fermentation Intens ification 

Microbiology 

( 1 )  Isolation of intrinsically 
superior strains 

( 2 )  Ongoing taxonomic studies 

( 3 )  Culture maintenance and 
inoculum development studies 

( 4 )  Mechanism of butanol 
i rl."Jibi tion 

�netics 

( 1 )  Strain  selection and mutation 

( 2 )  Development of strains more 
resistant to butanol 

( 3 )  Broaden the substrate range 

Biochemistry 

( 1 )  Regulatory mechanisms controlling 
the fermentation 

( 2 )  Activators/Inhibitors of key 
enzymes 

( 3 )  Correlat ion stud ies relating 
enzymic activity to microbial 
physiology and culture 
conditions 

Product Recovery 

( 1 )  Development of integrated 
fermentation-product recovery 
processes for toxic butanol 
removal 

( 2 )  Stud ies on the long-term 
inhibitory effects of medium 
components and/or fermentation 
intermediates when us ing 
selective solvent removal 
i ntegrated processes 

( 3 )  Ongoing studies for cheaper 
more eff icient solvent recovery 
methods for downstream 
processing 

( 4 )  Generation of suitable product 
recovery data to enable more 
accurate costings for process 
comparisons to be undertaken 

Fennentat ion 

( 1 )  Evaluation and development 
of substrate 

( 3 )  Scale-up of processes based 
on immobi lized cel ls or cel l  
recycle j bioreactor des ign,  
k inetics models  

( 2 )  Optimization of batch 
fermentation for a given 
substrate 

( 4 )  Ongoing studies for the 
profitable use of fermentation 
by-products 
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APPENDIX 1 

A steady-state mass balance was conducted for the continuous 

fennentation with external cell recycle , using cross-f low 

rnicrofiltration (CFM ) ( Chapter 7 ) , in  order to determine those 

parameters that control the process for stable solvents production.  

A schematic diagram of a general i zed continuous ferrrentation -

external cell  recycle apparatus is given below: 

_. 

Fermenter 

V,x2's 
- - - - - - - - - - -- --- / 

/ 

I' 

/ 
/ 

/ 

C FM 

I' 



SYMBOLS 

F = flowrate 

x = biomass concentration 

s = substrate concentration 

V = total system volume ( ferrnenter and cell  recycle device ) 

SUBSCRIPTS 

I = feed medium 

2 = biomass removal 

3 = filtrate from cross-f low microfi ltration 

4 = filtrate exit  fran system 

5 = f iltrate return to the ferrnenter 

6 = concentrate return Ito the ferrnenter 
,; 

7 = culture feed to CFM 

I Volume Balance Equations 

( a )  Over fermenter 

dV 
dt = ( Fl 

+ FS 
+ F6 ) ( F7 - F2 ) 

rate of = flaw IN flow OUT 
volume change 

( b )  OVer system 

dV = FI ( F2 - F4 ) -
dt f low IN f low our 

F7 = F6 + F3 
( volume balance over the CFH device ) 

Substitute equation ( 4 )  into equat ion ( 3 )  

Substitute equation ( 5 )  into equation ( 1 )  

dV = Fl 
+ FS 

+ F6 - ( F6 + F5 
+ F4 ) - F2 

dt 

(CFM )  
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( 1 )  

( 2 )  

( 3 )  

( 4 )  

( 5 )  



Assume the total system has a constant volume : 

dV 
dt = 0 

f low IN = flow our 

I I  Biomass Balance Equations 

Define D = Fl = overall  system volumetric dilution rate 

v 

therefore , from equation ( 7 )  D = F2 + F4 

v 

= 

dt 

- rate of biomass + biomass 
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( 6  ) 

( 7 )  

( 8  ) 

( 9  ) 

rate of biomass = 

accumulation 
rate of biomass 

IN OUT accumulation 
due to growth 

Know that xl = 0 i . e .  no biomass in  the feed 

Assume X3 = 0 i . e .  no cells in the f iltrate from CFM 

Assume F7x2 = F6x6 i . e .  no accumulation of cells in the 
CFM device 

Substitute ( 1 1 )  into ( 9 )  and us ing ( 1 0 ) ,  equation ( 9 )  becomes 

dt 

rate of = biomass accumu lation due - removal of biomass 
b iomass accumulation to growth ( via bleed ) 

( 10 ) 

( 1 1 )  

( 1 2 )  



Divide ( 1 2 )  by V 

= rx 

dt V 

where F2 

V = aD, that is a = fraction of overall di lut ion rate , 
for biomass removal 

At steady state biomass dX2 

dt = 0 

v 
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( 1 3 )  

( 1 4 )  

( 1 5 )  

The biomass growe1 rate = the biomass removal rate at steady state . 

at 
at  

)J 
)J 

< 
> 

aD 
aD 

biomass will washout 
biomass will  accumulate 

� = f (  [substrate] ,  [ i nhibitory products] , pH , T, diffus ivity, shear, 
[nutrients ] ) 

I II Substrate Balance Equations 

+ Vrs ( 1 6 ) 

substrate = rate of substrate rate of substrate + rate of substrate 
utilization IN 
rate 

OUT convers ion to 
biomass and 
products 

Substitute ( 5 )  into ( 1 6 )  and divide by V 

ds = Fl F so - 2 + F4 
----� s + rs 

dt V V ( 1 7 )  



Since Fl = F2 + F4 , ( 1 7 )  becomes 

ds = D ( So - S )  
dt  

Assume at  steady-state ds = 0 
dt 
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D ( so - s )  = -rs ( 1 8 )  

Therefore D( so - s )  = rx 

Yxs 

where Yxs = y ield coefficient , biomass on substrate 

Rearrangi ng ( 1 9 )  

Ysx D( so - s )  = rx 

= ).1x2 

YsxD ( so - 's )  

v 

Rearranging ( 2 0 )  gives 

x2 = YxsD ( so - 5 ) 

v 

Yxs ( so - s )  

a 

( 1 9 )  

( 2 0 )  
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APPENDIX 2 

A novel level control device was used to control the culture leve l 

( volume ) in experiments using cel l  recycle by cross-flow microf iltration 

( Section 3 . 7 . 5 ) .  The level control device was a conduct ivity probe 

i nserted into the ferrrenter vessel via the fermenter head , at the 

commencement of cell  recycle . 

The probe consisted of three insulated stainless steel rods ( 1  mm 

diameter ) contained within an outer stainless steel tube ( 7  rnm 

d iameter ) .  The rods were of different length. The rods exposed at the 

end of the tube came into contact with the culture and were insulated 

for half their exposed length. The longest rod , fully immersed in the 

culture , served as a reference . AC voltage at low current was passed 

through th� fermenter cu lture from this  reference rod , to the other two 
J 

rods designated 'A ' and ' B" . Rod ' A '  was shorter than the reference but 

was also fully immersed ( i nsulated and uninsulated port ion ) in  the 

culture . Rod 'B ' ,  the shortest rod , had only part of the uni nsulated 

portion (end of the rod ) immersed ( 2  mm )  in the culture . 

A schematic  diagram of the level control device circu it is given 

below. The bas ic  circuit  consisted of two AC amplif iers . Amplifier ' A '  

had a fixed gain  wh i lst Ampl ifier ' B '  had an adjustable gain.  Both 

ampl i fiers were resistor coupled through a six-step attenuator (dual 

coupled ) so that the desi red probe current (minimal ) could be set for 

the given culture . 

Amplif iers ' A '  and 'B ' were connected to oppos ite halves of a 

f ixed level canparator.  When amplifier 'B ' was adjusted to equal or 

greater than that of ampli f ier ' A ' , the comparator was activated. A 

s ignal from the canparator was sent to an adjustable timer so that a 

smal l  time constant was added to allow for fluctuat ions in  the culture 

level due to turbulence in  the fermenter vessel . A signal from the 

t imer circuit  controlled an adjustable DC motor controller. A two-mode 

motor controller was provided ; on/off starting ,  or alternat ively , a 

' soft ' start ( ramp i ncrease and decrease in speed to a des ired set 

point ) • 
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Adjustment of amplif ier ' B '  to that of amplifier 'A '  was made when 

the probe was correctly positioned in the fennenter culture and the 

culture level was at the required value . The level was autanatically 

controlled even if the conduct ivity changed ( e . g .  due to microbial 

growth or medium/culture composition ) .  

/lC Amp Level Timer Motor 
Comparatator Control 

� 
AC 

Volts 
Moior 

Probe 

Adj Adj 

VU 
level 

gauge 
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APPENDIX 3 

The r.tinirnum theoret ical stripping-gas usage rate as described in 

Chapter 9 was calculated as follows : 

Raoult ' s  law is given as : 

where 113 = vapour pressure of butanol above a solut ion of mole 

fract ion XB ( kPa )  

xB = mole fract ion of butanol 

PBo = vapour pressure of butanol (kPa )  

If a solution obeys Raoult ' s Law , the partial vapour pressure of 

each cornpon�nt is proportional to the molar fraction and is called an � 

i deal solut ion . If however, the solut ion is non-ideal , Raoult ' s  Law can 

be modi f ied by the use of an activity coeff icient ( D )  

Butler et aI , ( 193 3 )  demonstrated that binary solutions of water 

and alcohol were non-ideal and presented act ivity coefficients to relate 

partial pressures to various alcohol mole fractions , including 

butanol-water solutions at 25 °C .  

The following assumptions were made for the purpose of the calculat ion 

( 1 )  Equilibrium is attained between the stripping gas-bubbles and 

the butanol in solution 

( 2 )  Ideal gas law behav iour 

( 3 )  No effect of medium salts or other solvents on the butanol 

vapour pressure 

( 4 )  Operation is at atmospheric pressure 

( 5 )  The butanol concentrat ion rema i ns constant 



--------------------------

( 6 ) The stripping-gas is butanol-free 

Basis of calculation :  butanol concentration 
butanol removal rate 

• . •  moles butanol in 1 1 solution = 5 

= 5 g/l 
= 0 . 3 g/l . h  

74. 1 2  = 0. 06746 

total no. moles in  solution approximately equal to 
no.  moles water = 1 000 

18 = 55. 6 

thus mole fraction butanol in butanol-water solution = xB = 0 . 06746 
55 . 6 

= 1 .  2 1  x 10-3 

vapour pressure butanol at atmospheric pressure and 34°C = Ps0 
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= 1.  78 x 1 03 Pa 
( Perry & Green, 1984 ) 

Butler et aI , ( 1 933 ) reported an activity coefficient value of 42 . 7 

for a 0. 0 1  mole fraction butanol-water solution at 25°C . This mole 

fraction is two orders of magnitude greater than used in this  work , also 

the temperature is lower than required . Hence , the butanol vapour 

pressure activity coeff icient was calculated by the method of Fieldes 

( 1 976 )  and is shown in the following :  

The Non Random TWo Liquid Equation (NRTL) was used ; the "program 

correlates bi nary isobaric vapour-l iqu id equil ibrium data from an input 

of  experimental liquid mole fraction and bubble point measurements " ,  

Fieldes ( 1 976 ) . The following derived equation was presented by Fieldes 

( 1 976 ) : 

In  0 = X22 { ' 21 G21 2 + ' 12 G12  
} { Xl + X2G21 ) 2 ( x2 + X1G1 2 ) 2 

where ' 12 = ( gl2  92 2 ) /RT 

, 21 = (921  gU )jRT 

G1 2  = exp ( - u12  ' 12 ) 

G21  = exp ( -u12  ' 21 ) 

u12  = 0 . 5 ,  a preset constant 
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91 2 - 92 2 = 839 . 55  

921  - gI l  = 2099 . 67 

adjustable parameters based on 
interaction energies ,  data taken 
from Fig.  11 i n  Fie1des ( 1976 ) -
worst case situation since 
alternative values are �iven wh ich 
give a higher value of 0 . 

R = 1 . 9872 ca1/mo1e OK (universal gas constant ) 

Xl = mole fraction n-butano1 in water = 5 
74. 1 2 

* 

= 0 . 00121  

X2  = 1 .  0 - xl 
= 0 . 9 878 

1 8  
TOo 0 

In 3' = 0. 98782 ( 3 . 442  * b . 1 7892 + 1 . 376  * 0 . 5025 1 Z ( 0 . 0012l + 6. 9878 * 0 . 1 78 9 ) 2 ( 0 . 9878 + 0 . 001 21 * . 0 525 ) 2 J 

� = 59 . 5 

This calculated act ivity coefficient value is of the same order of 

magnitude as that reported by But ler et aI,  ( 1 933 ) . The higher value of 

t obtained in this calculation is expected, s ince the mole fract ion of 

n-butanol in water is much lower in this instance . 

Ps = D XB Ps° 

= 59 . 5 * 1 . 2 1 X 10-3 * 1 . 78  X 103 

= 1 28 . 1 5  

no. moles butanol i n  vapour = YA = PB = 128. 1 5  = 1 . 265  x 10-3 

PT 1 .  013xl05 

total moles gas in 1 litre = n = PV = ( 1 . 0 1 3  x 105 ) ( 1 0-3 ) 
RT ( 8 . 3 1 4 )  ( 3 07 )  

n = 0 . 0397  

moles butanol/I . nitrogen = YAn 

= ( 1 . 265  x 10-3 ) ( 0 . 039 7 )  
= 5 . 022  x 1 0-5 moles/l 
= 3 . 72 x 10-3 g butanol/I . nitrogen 

The amount of nitrogen required to remove 0 . 3 g/l . h  butanol is given 
by : 
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0 . 3 g/l . h  
3 . 72 x 10-3 9 butanol/I . nitrogen 

= 80 . 64  1 .  nitrogen/l . h  

= 1 . 3 4  1 .  nitrogen/I . min 
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APPENDIX 4 

Trial Xl X2 X3 X4 S ( g/l ) A ( g/l ) SU ( g/l ) Prod ( gil . h )  Y(g/g ) 

1 -1  1 1 1 2 . 46 6 . 71 8 . 6 0 . 034 0 . 29  
2 -1 1 -1 -1 0 0 0 0 0 
3 -1 -1 1 -1 0 0 0 0 0 
4 -1 -1 - 1  1 3 . 3 6 2 . 72 10 . 2 0 . 047 0 . 3 3  
5 -1 -1 - 1  -1 0 0 0 0 0 
6 -1 1 1 -1  0 0 0 0 0 
7 -1 -1 1 1 1 .  45  6 . 38 5 . 9  0. 020 0 . 25  
8 -1  1 - 1  1 3 . 79 2 . 70 12 . 2 0 . 053 0 . 3 1  
9 1 -1 -1 -1 l o l l  2 . 1 5  4 . 1 0 . 0 1 5  0 . 27  
1 0  1 1 1 1 2 . 91 7 . 02  10 . 0  0 . 040 0 . 29 
1 1  1 -1  1 -1  0 0 0 0 0 
1 2  1 -1 -1 1 2 . 86 2 . 60 1 1 .  0 0 . 040 0 . 26 
l3 1 -1  1 1 1 .  3 1  6 . 78 10 . 1 0. 018  0 . l 3  
1 4  1 1 - 1  -1 0 . 6 7  2 . 04 4 . 5 0 . 009 0 . 1 5  
1 5  d 1  1 -1  1 4 . 58 2 . 84 1 2 . 1 0. 064 0 . 38 
1 6  1 1 1 -1 0 0 0 0 0 
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APPENDIX 5 

Trial Xl X2 X3 5 ( g/1 ) A ( g/l ) 5U ( g/1 )  Prod (g/l . h )  Y (g/g ) 

1 -1  - 1  1 2 . 70  10 . 5 1 1 .  3 0 . 038 0. 24 
2 -1  1 - 1  3 . 9 7  6 . 74 1 3 . 2 0 . 055 0 . 30  
3 -1  -1  - 1 3 . 02 7 . 08  1 3 . 0 0 . 042 0 . 23 
4 -1 1 1 3 . 4 4 10 . 1 3  20. 2 0. 048 0. 17  
5 1 -1  1 2 . 80  9 . 56  13 . 3 0. 039 0 . 2 1 
6 1 -1 -1 3 . 3 0  6 . 9 3  1 3 . 8 0 . 046 0 . 24  
7 1 1 1 3 . 95  1 0 . 8 3  10 . 7 0 . 055 0. 3 7  
8 1 1 -1 5 . 04  6 . 4 19 . 4  0 . 070 0 . 26 
9 -1 1 -1 3 . 36 7 . 20  1 2 . 0 0 . 047 0 . 28  
10  -1  1 -1  3 . 24 6 . 99 1 1 .  2 0 . 045 0. 29 
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