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Abstract

This work focused on producing Inhaler grade lactose (IGL) directly by crystallization. IGL is a
high purity lactose excipient meeting a range of precise particle size distribution specifications.
The 50 percent particle size (dsg) on a volume basis desired for this work was in the range of 50
to 90 um, and a span less than 1. IGL is commonly used as a drug carrier in dry particle
inhalers. Typical industrial lactose crystallization produces lactose with a ds, greater than 200
um and a span of around 2. The large span has been attributed to successive nucleation events
during the growth phase and growth rate dispersion. Costly additional processing is currently

required to produce IGL, generally in the form of sieving and milling.

Initially the crystallization literature was reviewed with a specific focus on alternative methods
for producing a narrow particle size distribution. From this, three methods were
mathematically modelled for their ability to produce IGL. Crystallization in droplets literature
and model predictions showed great potential for targeting a particle size distribution with a
very low span directly from crystallization; however issues arose with scalability and potential
contamination if not using a lactose or water carrier phase. Subsequent crystallization product
stream processing via a hydrocyclone or inclined settler also showed the ability, in theory, to
produce IGL; however both these methods were deemed as additional processing and a novel
crystallization process was desired. This led to the development of the continuous settling

crystallizer (CSC).

The CSC consists of a vertical column, where a pre-nucleated feed stream enters near the
bottom of the column and flows out the top, all under laminar conditions. Inside the column
only growth occurs as additional nucleation is limited by the chosen column conditions. The
CSC incorporates the key elements revealed from the literature for achieving a narrow span of
a single nucleation event and a method to counteract growth rate dispersion. Slow growing
crystals travel further up the column than fast growing crystals before growing to the terminal
particle settling diameter, opposing flow, and settling out from the column and into the
product stream. For a particular fluid velocity, the crystals settle out into the product stream at
the same final particle size. Under laminar flow conditions a parabolic profile occurs across the
column radius and the CSC theoretical model developed predicted a product dsq of 73 um and

a span of 0.47 for the chosen column conditions.

Lab scale experiments were then carried out for the CSC. The resulting product dsy was in the
desired range of 50 to 90 um, but the span ranged from 1.4 to 1.5. Column channelling, an
area of high flow and subsequent low flow elsewhere, was suspected as the cause of the
experimental deviations. The theoretical model was modified to include channelling and
predictions matched the experimental product results well. Due to the high level of control
required for the CSC it is recommended that a batch process is designed to efficiently produce

IGL; this would incorporate a single nucleation event and a hydrocyclone cut.

iii



v



Acknowledgements

| am a man of few words, so undoubtedly writing my PhD thesis has been one of my most
daunting but worthwhile challenges to date, and as Clive Davies stated to me, | have 40 years
ahead of me to hone my writing skills. The thesis and PhD work overall could not have been

completed without the help of many people. | would like to thank:

My primary supervisor Tony Paterson; thank you for all your help and constant support, and
also for the invites to dinners, play golf, and go fishing; | still haven’t been able to go fishing

with you yet, but hopefully one day!

My secondary supervisors Clive Davies and Gerald Hebbink; thank for your important
contributions and in particular | would like to thank Clive for helping me improve my

understanding of the written language.

DFE Pharma; all this work would not have been able to be carried out if it was not for their
project funding and lactose provided, so | am very grateful. It was also fantastic being able to
present at conferences and travel to The Netherlands to give yearly summaries to Gerald at

DFE Pharma.

Laboratories, workshop and administration; huge thanks goes to all the technicians | hassled
over the years while undertaking my experiments, in particular Anne-Marie Jackson, Bruce
Collins, John Edwards, Anthony Wade, all the office ladies, and of course Clive Bardell, who

adopted the greeting “oh no here’s trouble”.

A special thank you goes to Elyssa Barnaby, who joined me later on in my PhD journey, and has
provided unlimited love and support. | would also like thank Eli who | have been friends with

since undergraduate and also undertook a PhD at the same time as me.
My family; Dad, Mum, and my brother, thank you for all the love and support.

Finally, a thank you goes out to anyone that has helped me over the years but | have not

named directly.



vi



Contents Page

ABSTRACT 11T
ACKNOWLEDGEMENTS \%
LIST OF FIGURES XI
LIST OF EQUATIONS XVII
LIST OF TABLES XXT
CHAPTER 1 - OVERVIEW 1
CHAPTER 2 - LITERATURE REVIEW 3
2.1 LACTOSE BACKGROUND 3
2.1.1 GENERAL INFORMATION ..ottt sttt ettt ettt ettt ettt st 3
2.1.2 LACTOSE PROPERTIES .....ecutiuiiuiiiiiieiintiitt ettt ettt ettt ettt ettt sttt ettt st 3
2.2 DRY PARTICLE INHALERS 5
2.3 LACTOSE CRYSTALLIZATION 8
2.3.1 LACTOSE NUCLEATION ...cutttiitttettteniteatteentteeniteentteesite ettt eteesbeeesteebeeeseeabteenseeenbeeenseesnbseenseesnn 10
2.3. 1.1 Primary NUCIEATION ....cveiiiiie ettt sae e sre e e enee e 11
2.3.1.2 INAUCTION THME ...ttt 12
2.3.1.3 Secondary NUCIEALION ........cceeiiiiece ettt ste e sae e enee e 13
2.3.1.4 EFfECS OF MIXING vttt 13
2.3.2 LACTOSE GROWTH ....utiiiiiiiiiiiiiiie ittt sttt sttt s 14
2.3.2.1 EffeCts Of IMPUITTIES ....viviieiieiiieiee s 16
2.3.3 GROWTH RATE DISPERSION .....ccuiiiiiiiiiiiiiiiiiieieie ittt s 17
2.3.3.1 ComMMON HiSEOIY SEEA .....eoueiiiiieiieieete ettt ettt sttt e e e e 19
2.3.4 CRYSTAL GROWTH MEASUREMENT TECHNIQUES .....ceeiiiiiiiuiiieieeeeeeeieieeeeeeeeeeeaneeeeeeeeeeenaaeneeeeeeens 20
2.3.5 INDUSTRIAL CRYSTALLIZATION ......oiuitiiuieieeutenieiteiesteeteeet ettt eneentestestesue st et essesesaesaesaeeseeneennennens 21
2.4 NARROWING THE PARTICLE SIZE DISTRIBUTION 22
2.4.1 NUCLEATION TECHNIQUES......cccttttttittteeeeeiiiueeeeeeeeeeeetaeeeeeeeeeeeaseseeeeeeeseaaaseeseeseesstaareeseeseensrnnneeeeas 22
2.4.1.1 Single NUCIEALION EVENT.......ciiiiiiiiieiiies e 22
2.4.1.2 SUPEICIILICAl FIUILS .....cviiiiiciiicc s 23
R G T o 11 Vo TSP UPPPI 24
2.4.2 GROWTH TECHNIQUES .....ooetiiiiiiiiiiieieeeeeeeeeeeeeee ettt ettt ettt et e e e e e e e e e e e e e e e e e e e eeeeeeeeeeeeeeenees 25
2.4.2.1 Droplet-Based CryStalliZation ...........cccooioiiiiiiicieee e 25
2.4.2.2 Containerless Protein Crystallization.............cccooveiiiieiiniee i 28
28,23 GRIS ..ttt ne 29
2.4.2.4 Real Time MONITOFING .....cviiieiieie ettt e ste e sbe e b e aneesrsesreanee e 29
2.4.3 MODIFIED INDUSTRY TECHNIQUES ......ccciteiiuterteeeeeeiiittereeeeeeeeeianereeeeeeeenaseseeeeeeeseisssseeeeeeseessnnneeeees 30
2.4.3.1 Gravity SEAIMENTALION ......oviiiiiiiiece et 31
2.4.3.2 INCHNEA SELLIETS ...t 32
2433 FIUIAIZEA BEU ... 33
2.4.3.4 Lamella and TUDE SELIES .......oiiiieiiiiee s 34

vil



2.4.3.5 REFIUX CLASSITIET 1..vviivii ittt ettt et e et s et e e st e s st e e sbb e e sbe e s sbbeesbeeeseeas 34

2.4.3.6 Settler OF ENULITALON .......coiviiiicis e 36
2.4.3.7 HYAFOCYCIONES ... .ottt bbb bbbt 36
2.4.4 SPAN SUMMARY ..ottt ettt ettt sttt s 39
2.5 CONCLUSIONS 40
CHAPTER 3 - POTENTIAL IGL PRODUCTION METHODS 41
3.1 DROPLET GROWTH 41
3.2 INCLINED SETTLER 43
3.3 HYDROCYCLONE 45
3.4 POTENTIAL IGL PRODUCTION METHODS SUMMARY 47
3.5 CONTINUOUS SETTLING CRYSTALLIZER 48
3.6 CONCLUSIONS 48
CHAPTER 4 - LACTOSE STOKES SHAPE FACTOR 49
4.1 INTRODUCTION 49
4.2 EXPERIMENTAL 51
4.2.1 CRYSTAL PREPARATION ....oiutiiiiitatieeiteette et e ettt ette ettt e tte sttt s btesabe e e bee e bt e baesabeeebeeeabeesabeesaneenn 51
4.2.2 TERMINAL VELOCITY ....ctititteteteueetstatattesseetetesesesesesesestasasssssssesesesesasassssssassasssesesesesasesesssssasassnes 51
4.3 RESULTS 53
4.3.1 GEL SELECTION .....utututttrtsteteteteteseststatatsssseesesesesesesesestatassasasesesesesesesesestasasasssesesesesasesessnsassssnes 53
A.3.2 SETTLING ...ttt sttt ettt ettt sttt ettt et et et b e s bt bttt na e b s bt eae bt et et et ene st saeennennen 55
4.3.3 ELONGATION RATIO ..ottt s s 55
4.3.4 STOKES HEIGHT FACTOR .....oiuiiiiiiiiiiiiii ittt 56
4.3.5 STOKES DIAMETER .....ocuiiuiiiiiiiiiiiiiitiitiite ettt sttt st 57
4.4 DISCUSSION 58
4.4.1 PARTICLE SIZE CONVERSION ......cuiiiiiiiiiiiiiiiiiiiiieieite ittt st 58
4.4.2 STOKES SPHERICAL EQUIVALENT VOLUME .....cuuuutiiiiiiiiiiiieieeeeeeeeeeeeeeeeeeeeeaaeeeeeeeeesnaaeeeeeeseennnnes 58
4.4.3 STOKES HEIGHT FACTOR .....oiuiiiiiiiiiiiiiti ettt ettt ettt s sttt 59
4.4.4 ERRORS AND VARIATION .....oouiiiiiiiiiiieniiitteit ettt st ettt et ettt st eae et sa et saesaeene e eanenennes 60
4.5 CONCLUSIONS 61
CHAPTER 5 - CONTINUOUS ORIFICE NUCLEATION 63
5.1 INTRODUCTION 63
5.1.1 PRELIMINARY ORIFICE FLOW EXPERIMENTS .....cciiuitiriitinitieniieeniteeniteeniteeniteeniteesieeesbeeesieeenieeenneeenne 66
5.2 EXPERIMENTAL 67
5.3 RESULTS 69
5.3.1 CRYSTAL NUMBERS ....cecutttittteittteittte ittt eite st e ettt e siteesiteesateesateesbaeeesteesbbeesbteesbbeenbeeesbteesbteesbaeenseeenns 69
5.3.2 PARTICLE SIZE DISTRIBUTION ........coeututututsttteetetesesesasesestnsasasssssesesesesesessssssasasesesesesasasesensssasasasnes 70
5.4 DISCUSSION 73
5.4.1 STEADY STATE ORIFICE FLOW VALUES.......ccciiiiiiiiiiiiiiiiiiiiiiieieceetecic e 73
5.4.2 CRYSTAL NUMBERS .....cotiiiiiiiiitiite ittt ettt st et 73
5.4.3 PARTICLE SIZE DISTRIBUTION ....c.oututttetetsiiatsteseeeetesseesestsssesesesssssnssssssssssesssssassssssssesssssnsnssssssssens 75

viii



5.4.4 ALTERNATIVE CSC SINGLE NUCLEATION METHOD........cceotutiiiieeeeeieeieeeeeeeeeeeiieeeeeeeeeeenieneeeeeeeens 76

5.5 CONCLUSIONS 77
CHAPTER 6 —-CONTINUOUS SETTLING CRYSTALLIZER THEORETICAL MODEL.............. 79
6.1 INTRODUCTION 79
6.2 CSC THEORETICAL MODEL DEVELOPMENT 80
6.2.1 MODEL AIM ...ttt ettt ettt ettt ettt et ettt et eane et e saeesueeaeenaeeanenaeean 80
6.2.2 MODEL ASSUMPTIONS....c.utitteutteuteeiteeiteniresteesteesseesseeseesteesteesseesseessesusesseenteesseenseensesusesueesseenseenseens 81
6.2.3 MODEL FORMULATION ......uttiutttiuttesitteeittesitteeiteesiteesiteesiteesaseesiteesaseesiteesaseesateesaseenateesnseensteessseennnes 82
6.2.4 MODEL SOLUTION .....tuttittittettenttente et stte st e et esae et estesaeesteeteesbeeateestesbaesbeenbeenbeaneesaeesaeenbeenseenneans 86
LT 1T Y= SRR 87
6.2.4.2 PArTICIE MALIIX. .. eeeieeeie ettt ettt e st e s e e e neesreeneeneeneen 88
6.3 THEORETICAL MODEL RESULTS 90
6.3.1 BATCH MODEL RESULTS ....cuttiuttiitieiitiitesite ittt ettt ettt ettt ettt st stee st e bt ete st satesieenbeeneenneenn 90
6.3.2 CSC MODEL RESULTS....c.cttttteutteiteiteeite sttt ettt ettt ettt et ettt sb e sbe et et satesaeesbeenbeenne e 91
6.3.3 CSC THEORETICAL MODEL CHANGING INPUT CONDITIONS .....coiitiiiieniieeniiieniieeniteesieeenineesieee e 95
6.3.3. L PAItICIE SIZE .....eiieiieiiee bbbttt 95
6.3.3.2 Crystal CONCENLTALION .......civieiieeiecie ettt ae e reesreesreaneeenee e 98
B.3.3.3 SPAN 1.ttt bbbt E bt E bt R bt r et ettt e re et neereas 101
6.4 CONCLUSIONS 103
CHAPTER 7 - CONTINUOUS SETTLING CRYSTALLIZER EXPERIMENTAL ....ccccceeeueeecneesnns 105
7.1 INTRODUCTION 105
7.2 TESTING STAGES 106
7.2.1 TEMPERATURE CONTROL ......teutiiiiiiitiniteitetteitt ettt et ettt e st sieeste e eaeesaeesaee st esteeenesenesneennees 106
T 22 FEED ..ttt ettt bt et et st a ettt et naees 107
7.2.2.1.SIngle NUCIEATION BVENT ..ottt 107
A 111 0 I T o oSS 107
7. 2.3 PRODUCT ....ceutteniteuit ettt ettt ettt ettt ettt ettt sh ettt ea e bt e bt et e et ebte s bt e bt et emteeseeebeenbeenseenneas 109
7. 2.4 LAMINAR FLOW......tiiiiiiiiiiiiiiete ettt ettt ettt sttt ettt eeaesbeennees 111
7241 Baffled CSC ..ottt ettt be et a e be e beebe e sbeestaeares 113
7.2.5 MEASUREMENTS ....cuttittitteteeiteeitesttesiee st et eateebteste e bt et esteeesesbeesbeenbeemteeaeesbeesbee bt enteenbeeenesseenaees 114
7.2.6 CONTROL SAMPLE .....coutitieutteiteeitenite sttt ettt ettt e bt et e eateeetesbeesbeesbeeaeebeesbeesbe e bt enteenbesetesbeenaees 115
T.2.T CLEANING .utteritteeitteeitte ettt ettt e eat e bt e e bt e e bt e bt e e bt e e be e e bt e e bt e ea bt e et e e sabeeeabeesabeeeabeesateesaneenans 115
7.3 EXPERIMENTAL 116
7.3.1 FEED PREPARATION. ... .cttiuttiiitieiitteniteeeitte sttt e et e sttt e et e sttt e st e sttt e ssee e bteesbteebbeensteebbeenbteenbbeesnneenne 116
7.3.2 COLUMN OPERATION ....eeiuttiiitieritteniteeeteesiteeeiteestteesateestteesate e sttt esseeesbeeessteenbeeensteenbeeesseeenbteesaeeenne 117
7.3.3 SETTLING AGGLOMERATES .....cueutetiitiietiitistestesessestesesseseesesessesessessesessessesessessesessessessssessessasensens 118
7.4 CSC RESULTS 119
7.4.1 FEED, PRODUCT AND WASTE STREAMS......uuvtiiiieiiiiiiireeeeeeeeeeiiteeeeeeeeeeeitseeeeeeessesissseseeessennsneeees 119
7.4.2 MALVERN MASTERSIZER RESULT VARIATION .....c..eomttiiiiiiniteniienitenieeieenteeiresieesaeenteenreeenesenenanes 122
7.4.3 AGGLOMERATES.....cuttittittetieteetenit st ste et et ettesteeste e bt eatesesests e s bt esbeemteeaeesatesaee bt enneeaneeenesanennees 124

X



7.4.4 PRODUCT STREAM PROCESSING.......uuuuiiiiieiiiiiitieeeeeeeeeeeiieeeeeeeeesesaasseeeeessesaasseesesssesssaseseeessensnnnes 128

3 o |11 o] IO ST RSPRR 128
A 11 =TS 11 o SRRSO 129
TA.4.3 CONIIITUGE ...ttt bbbttt 130
A =] T3 o TSR URURRSRT 130
7445 HYAIOCYCIONE ...ttt bbbt r e 131
7.5 DISCUSSION 133
7.5. 1 LAMINAR FLOW ...ttt ettt et ettt ettt ettt sabeeeabaeennee s 133
7.5.2 GROWTH RATE ..ottt et ettt ettt ettt sb et et s 135
7.5.3 CONTROLLED NUCLEATION EVENT ....ooutiiiiiiiiiiiiiiiieniesteeit ettt st e 136
7.5.4 THEORETICAL MODEL EXPERIMENTAL DEVIATIONS SUMMARY ......ceeitiieiieeiieeieeeireeieeeneneennnens 137
7.5.5 AGGLOMERATION SOLUTIONS ....couttiutiiitinitettetteiteettesttenteesieeteestesseesutenteenteessesenesisesbeenbeensesneenaee 139
7.6 CONCLUSIONS 142
CHAPTER 8 — REVISED CONTINUOUS SETTLING CRYSTALLIZER THEORETICAL
MODEL 143
8.1 INTRODUCTION 143
8.2 CSC AGGLOMERATION TERM 143
8.3 CSC THEORETICAL MODEL FACTOR ANALYSIS 145
8.4 CSC THEORETICAL MODEL FLOW ANALYSIS 146
8.4.1 RANDOM COLUMN PARTICLE ADDITION. .......ccvetetiierieritereeseseseesesseseesesseseesessessesessesessessessesensens 147
8.4.2 FULLY MIXED SECTIONS......eiutittiiteuttaitieitenteetteteeesesisesieesteenteessesseesueenteenteesnesenesasenueenseenseennennne 147
8.4.3 SLOW COLUMN RECYCLE LIOOP......ccuiiiiiiiiiiiiiiieiencst ettt 147
8.4.4 EMPTY COLUMN FILL ..ottt ettt ettt 148
8.4.5 WASTE OUTLET CONE CRYSTAL RECYCLE......c..ceiiiiiiiiiniieniieiieit ettt 148
8.4.6 FASTER AND SLOWER COLUMN FLOW RATES ....cceiiiiiiiiniieniieiieie ettt et 148
8.5 FAST AND SLOW ZONES 148
8.5.1 TWO COLUMN MODEL.....ccutiitiiiieiteitaiteetteeieent et ettt siee et et ettt sbt et e bt esbeeebesseesbeenbeeaeeneeenee 148
8.5.2 COMBINED COLUMN MODEL .....utiuttiutiiiiiniienieettete et st siee st ettt sieesutennee bt estesenesieesbeenbeeaeeneesnee 153
8.5.3 WASTE STREAM ....uutitiiitiiitenttenttett ettt ettt ettt et sh e bt et e et et e bt e sbt e bt et e eateeetesbeenbe e bt enteeaeenaee 160
8.5.4 TRANSITION BACK TO IDEAL FLOW ...ttt e e 161
8.6 CSC VERSUS AN OPTIMISED BATCH CRYSTALLIZER 163
8.6.1 DEVELOPING A NARROW PSD BATCH METHOD ......eccutiiiiiiiiiieiieeiie ettt 166
8.7 CONCLUSIONS 168
CHAPTER 9 - OVERALL CONCLUSIONS AND RECOMMENDATIONS 169
NOMENCLATURE 173
REFERENCES 179
APPENDIX 187




List of Figures

Figure 1 Typical batch lactose crystallization particle size distribution (PSD), span ~2, and this works

desired inhaler grade lactose PSD, span less than 1 ..........ccoceiiiiiiiiiiiiieee e 1
Figure 2 Lactose molecular structure, showing the difference in a (a) and B (b) anomers; redrawn from
DANCET (2000) ..ttt ettt ettt et et e et e e bt e esteeeetee e taeesee e saeesee e baeesae e tbeensaeesbeeaee e baeeneeetaeenee et 3
Figure 3 Lactose tomahawk crystal structure, including the miller indices; redrawn from van Kreveld and
A e s E T (L) PSP 5
Figure 4 Causes of various types of interactions between fines and carrier particles; redrawn from Hickey
BL AL, (2007) 1.ttt ettt ettt ettt ettt ettt et e b e b e ae bt bt ekt e st e s bt et e be st eta st esbestenbeebeeseeseeneetsensansenes 7
Figure 5 Process occurring when aerosol is used, fines are detached once static powder is dilated and
aerosolised; redrawn from Hickey €t @l., (2007) .....ccueiiiriiriiiiiieieiieieiee ettt 7
Figure 6 Lactose solubility curve; using equations from McLeod (2007) .....ccvevvivierrieiieieiierieieeie e 9

Figure 7 Crystal pathways for the classical nucleation model and two-step model: (a) supersaturated
solution, (b) ordered subcritical cluster, (¢) liquid-like cluster, (d) ordered crystalline nuclei, (¢) solid

crystal; redrawn from Erdemir €t al., (2009)........ccooiviiiioriieiieieeieieieeieet ettt 11
Figure 8 Growth of common history seed plotted on a linear scale; redrawn from Butler (1998)............. 20
Figure 9 Generalized industrial lactose crystallization ProCess.........ceevverieriieieerienieeieeeeeeesreeseereseennens 21

Figure 10 Number of crystals formed versus cavitation number for varying office diameters and constant
relative supersaturation; reproduced with permission from McLeod (2007) ....ooovveiieiiieiinieiieieieeeeen 23

Figure 11 Schematic diagram of the ASES process; reproduced with permission (Foster et al., 2003)....24

Figure 12 Single crystal growth within a drop, A: Change in particle size with time for fast and slow
growing crystals, B&C: Rate change of size and concentration with time for fast and slow growing

01741 1 OSSP RPSRPSRRTO 25
Figure 13 Lactose crystals growing within a drop; reproduced with permission (R. D. Dombrowski, et al.,
2007) ettt bbbt b et h e h e bbbt 27
Figure 14 Main industry paths to solid-liquid separation; redrawn from Green and Perry (2008) ............ 30
Figure 15 Zones of batch sedimentation of binary mMiXture..........ccecveoveierieniineninenenneseeeeeee e 32
Figure 16 Inclined settler with overflow; reproduced with permission (Davis & Gecol, 1996) ................ 32
Figure 17 Continuous inclined settler for steady-state particle classification; reproduced with permission
(Davis, BE AL, 1989) ...ttt 33
Figure 18 Semi-batch reflux classifier; reproduced with permission (Laskovski, et al., 2006) ................. 35
Figure 19 Principle parts of cyclone and flow patterns; reproduced with permission (Moir, 1985) .......... 37
Figure 20 Recovery and corrected recovery curves; reproduced with permission (Moir, 1985) ............... 38
Figure 21 Traditional (a) and new-type hydrocyclone (b) with volute chamber; reproduced with
permission (Liu, €t al., 2008) .....c.iiiiiiieiiieee ettt ettt ettt ne st et et et ereene st enteneens 38
Figure 22 Growth time for a crystal to reach a specified diameter within a lactose drop ...........cccceeneenee. 41
Figure 23 Automated drop on demand and imaging deVIiCe..........ccereerirriiriinieniieie e 42

Figure 24 Simplified continuous process flow diagram (PFD) of an inclined settler setup; Appendix A.9

contains the same PFD with stream concentrations for each processing step ..........ccccveveeevvervenieereeneennenne 44
Figure 25 Simulated inclined settler cumulative PSD after 1% 100m CUL...........c.ccovevevererereceereeeeneeeans 44
Figure 26 Simulated inclined settler cumulative PSD after 2" 60[m CUt..............oovveeverrvereeeereeeereneen. 45
Figure 27 Hydrocyclone cumulative PSD with a dsgc 0f 691M..c..ooviiiiiiiiiiiiiiiicieee 47
Figure 28 Diagram of tomahawk shaped alpha-lactose crystal; redrawn from van Kreveld and Michaels
(19605 ettt 49
Figure 29 Initial sedimentation vessel consisting of a 500mL measuring cylinder.............cccccveevrerrrnenen. 52



Figure 30 Gellan gum testing: (a) lactose crystals before gel extraction and (b) after viewed under a

TTUICTOSCOPC .. enttenttenteeeteeitesteesteeteeneeemteeaeeeuee et e et e en st em et es e e eseeeb e e et eab e emeeemeeeeeees e e st embeenbeeseeabeebeenbeenbeeneeeneeenes 53
Figure 31 Low methoxyl pectin testing: (a) lactose crystals before gel extraction and (b) after viewed
UNACT @ IMICTOSCOPE +.vvevveevterienteesteesresetesttesseesseassesssasseesseenseassesssesssessesnsesssesssesseenseansesssesssssssessesssesnsesnsennes 54
Figure 32 k-carrageenan testing: (a) lactose crystals before gel extraction and (b) after viewed under a
TTICTOSCOPEC .. vtenttenteenteestesstenseesseasseassesseesseesseanseessesssanssenseenseesseasseaseeseenseanseesseeseanseenseesseassensaeseeseensennsennns 54
Figure 33 A-carrageenan testing: (a) lactose crystals before gel extraction and (b) after viewed under a
TIHICTOSCOPE ..ttt ettt eut ettt et et etteuteat et et e bt eb bt ea e ea s et et e e bt eh e e bt eh e ee s et et e saeeh e e bt ebeee b emtest et et e nbesbeebeeneenneneen 54
Figure 34 Agar testing: (a) lactose crystals before gel extraction and (b) after .........ccceeevveviieviiiiieeneenne, 55

Figure 35 Elongation ratio values plotted against height for gel and plant grown tomahawk alpha lactose
1010 ] 721 PSSR 56

Figure 36 Stokes settling diameter versus measured height for gel and plant grown tomahawk alpha
JACTOSE CTYSLALS ..ottt ettt ettt ettt ettt et e et e et eeab e e sabeessbeessbeenseeensseesnseesnseeenseesnseeenseean 57

Figure 37 Stokes spherical equivalent volume versus particle equivalent volume from measured mass of
large gel-grown tomahawk alpha 1actose Crystals..........coceviiiririniiiniiieiecccccere e 57

Figure 38 Tomahawk alpha lactose crystals viewed under the microscope: (a) and (b) are gel-grown, and

(S IR I o) 3L e 1 s BTSSR 60
Figure 39 Pressure and velocity profiles through an orifice; reproduced with permission (Yan & Thorpe,
190 .ttt bt bt h e b st b et n bt s b b n bttt b et ne et 64
Figure 40 Flow regions at super cavitation: region A-super cavity; region B-white cloud region; region C-
clear liquid; reproduced with permission (Yan & Thorpe, 1990) .........cccvevvieiieierienieiieiece e 65
Figure 41 Numbers of crystals formed versus Reynolds number for venturi flow of different diameters,
constant relative supersaturation; reproduced with permission (McLeod, et al., 2010) .........c.ccoecveveiennn. 65
Figure 42 Continuous orifice nucleation experimental SELUP .........ceevverrieriiecieeiienierieie e ee e 68

Figure 43 Steady state values for number of crystals per mL for all conditions, Q46 and Q85 corresponds
to the orifice flow rate in mL.min'l, NW=n0 wait and W=wWall............cceevrrriiiiiiiirieeeeeeieeeeeee e 69

Figure 44 Steady state values for number of crystals per mL against absolute alpha lactose supersaturation
for all conditions, Q46 and Q85 corresponds to the orifice flow rate in mL.min"', NW=no wait and

WEWEATE Lttt et et a e b h ettt b sa e bt ettt beeae ettt nea 70
Figure 45 Steady state Malvern MasterSizer d;, size values for all orifice conditions, Q46 and Q85
corresponds to the orifice flow rate in mL.min™", NW=no wait and W=wait .............ccocevrrvrrrrrrrrrrrrrrren. 71
Figure 46 Steady state Malvern MasterSizer ds, size values for all orifice conditions, Q46 and Q85
corresponds to the orifice flow rate in mL.min™', NW=no wait and W=wait ................cccceorrrrrrrrrrrrrerrnre. 71
Figure 47 Steady state Malvern MasterSizer doy size values for all orifice conditions, Q46 and Q85
corresponds to the orifice flow rate in mL.min™", NW=no wait and W=wait ..............ccccocvvrrrrrrrrrrrrrrrrrr.n. 72
Figure 48 Averaged cumulative particle size distributions (volume basis) for all orifice conditions, Q46
and Q85 corresponds to the orifice flow rate in mL.min™, NW=no wait and W=wait................c..c.......... 72
Figure 49 Basic schematic of a continuous settling crystallizer (CSC) ......c.cccevveviiivierienieieiieeeenie e 79
Figure 50 Schematic of theoretical CSC model fluid SECtIONS ......cceevvieriieiieiieiecieieeeee e 88
Figure 51 Schematic of theoretical CSC model individual particle movement .............ccocveeveeeereenneennnnne. 89

Figure 52 Theoretical model particle height within the crystallizer column versus particle size at 16 hours
of simulation time when single column fluid velocity is assumed ...........cccveevieierienieiieiecieee e 91

Figure 53 Model results for particle position within the crystallizer and particle size, crystallizer has a 10°

cone angle starting at 40% of the total crystallizer height (0.35 m).......cocoeviriiiiiiiiiniiiniceee 92
Figure 54 Parabolic velocity profile across a pipe cross section, redrawn from (Cengel & Cimbala, 2006)
.................................................................................................................................................................... 92
Figure 55 Parabolic velocity profile showing fluid velocity against column radius ..........ccoccevveeriencenrne 93

Xii



Figure 56 Theoretical model results showing product crystal size produced against column radius position

.................................................................................................................................................................... 93
Figure 57 CSC theoretical model product particle size versus growth concentration ............ccceceecveneennene. 95
Figure 58 CSC theoretical model waste particle size versus growth concentration ..............ccceevveeveeenennen. 96
Figure 59 CSC theoretical model product particle size versus crystallizer height ..........c.cccooveiieiininnnen. 96
Figure 60 CSC theoretical model waste particle size versus crystallizer height ............cccoeeiviiiiieneennnes. 96
Figure 61 CSC theoretical model product particle size versus crystallizer flow rate .......c..c.ccoceverveeennnee 97
Figure 62 CSC theoretical model waste particle size versus crystallizer flow rate..........cccceceevveriiviencnnenn 97
Figure 63 CSC theoretical model product particle size versus growth rate constant multiplier................. 97
Figure 64 CSC theoretical model waste particle size versus growth rate constant multiplier.................... 98
Figure 65 CSC product model solutions showing crystal size selection with growth concentration ......... 98
Figure 66 CSC theoretical model PW crystal volume ratio versus growth concentration ......................... 99
Figure 67 CSC theoretical model crystal volume concentration versus growth concetration .................... 99
Figure 68 CSC theoretical model PW crystal volume ratio versus crystallizer height............cccccveeveennen. 99
Figure 69 CSC theoretical model crystal volume concentraion versus crystallizer height ..................... 100
Figure 70 CSC theoretical model PW crystal volume ratio versus crystallizer flow rate ........................ 100
Figure 71 CSC theoretical model crystal volume concentration versus crystallizer flow rate ................. 100
Figure 72 CSC theoretical model PW crystal volume ratio versus growth rate constant multiplier ........ 101

Figure 73 CSC theoretical model crystal volume concentration versus growth rate constant multiplier. 101

Figure 74 CSC theoretical model span versus growth concentration ............ccocveveererreieeneene s 102
Figure 75 CSC theoretical model span versus crystallizer height ............cocoooviininiiiiiiiiieee, 102
Figure 76 CSC theoretical model span versus crystallizer flow rate ...........cococerenenerinieniiieieicieeen 102
Figure 77 CSC theoretical model span versus growth rate constant multiplier..........cccceceeeveeienininenenne. 103

Figure 78 CSC lab scale setup located in a 25°C temperature controlled room; starting from the left:
nucleated feed tank, settling column (black insulation), water bath and cooling coil, concentrated hot tank,
and on the right is a schematic representation of the settling column ...........ccccooceiviniininiiiiene 105

Figure 79 Typical experimental temperature probe measurements with time in the 25°C temperature
controlled T00M (RUN 8) .....iiiiiiiiiieit ettt ettt et e et e st esbeesebeesnbeesebeeenseesnsaeenseeas 106

Figure 80 Comparison of temperature measurements for the CSC column, with and without insulation 107

Figure 81 Manifold with 16 outlets flow rate test, nozzles here are positioned downwards so flow can be

collected and COMPATEA.........couieiiiiieiiiitieieete ettt ettt ereebe e s e eseeeseebeenbeesseesseesseenseenneenns 108
Figure 82 Graph of flow percent from the 16 nozzles (100% is the design flow rate)........ccccccecvevennnee. 108
Figure 83 Single inlet designs, (a) vertical and (b) horizontal nozzles; (c) the vertical nozzle is shown
installed in the COIUMI .........ooiiiii ettt 109
Figure 84 Product outlet transition; final design shown on the right............ccocoveiiiiiiiiiiiiie 110

Figure 85 Following the height of dye fed continuously into the column: (a) feed start (product has been
running does not appear to rise),(b) after 10 min, (c) after 22 min, (d) after 70 min laminar top and (e)

AFEET 70 MM A T 1N c1eititiiee ettt bttt et e e bbbt be st e s et e ebe bt ebe e e enbenten 111
Figure 86 CFD model distance to laminar flow predictions for the 16-pipe, vertical and horizontal inlets
.................................................................................................................................................................. 112
Figure 87 Water dye images of (a) 16-pipe, (b) vertical and (c) horizontal inlets ............c.ccoeeverrerirennnne 112

Figure 88 Baffled column designs tested, (a) minimal and (b) maximum before and (c¢) during testing . 114

xiii



Figure 89 Typical Malvern MasterSizer PSD result, volume % versus particle diameter bin size, for a 16

hour bottle TOIl CONLIOL......co.iiiiiiiiiici ettt st 114
Figure 90 CSC Impeller nucleation event, tank and stirrer dimensions...........c.ceeveveeeeierieneneneneneenns 116
Figure 91 CSC feed preparation flow chart; S,=absolute alpha lactose supersaturation (C,-C) ............ 117
Figure 92 CSC COIUMN OPEIATION ...ouvveutieiiieiieeiieitiett et etesite st eteeteesteeteeseesseesaeesaesseeseensesnsesseesseenseenseens 118
Figure 93 Left over nucleation solution crystal mass versus mixed solution RI .........c..cccecviiiininnnnnn 120
Figure 94 Malvern MasterSizer sample PSD change with time ............ccoocevieiieiiiiiiieneec e 122
Figure 95 Malvern MasterSizer sample obscuration and volume concentration change with time.......... 123
Figure 96 Malvern MasterSizer sub-sample PSD variation..........cccccueeeveriieiiienieenie e 123
Figure 97 Malvern MasterSizer sub-sample obscuration and volume concentration variation ................ 124
Figure 98 Typical agglomerates found in the CSC product stream and column ..............ccoecvevvveveeeenenns 125
Figure 99 Impellers tested on product stream, Blade 1, Blade 2 and Flat Blade ............cccecvevieieiinnnene. 125
Figure 100 Time of mixing versus dq particle size, Run 25.16:30-18:30 .......cceevvviervieviiinieeiieciieeieene 126
Figure 101 Time of mixing versus ds, particle size, Run 25.16:30-18:30 ........ccoeoviviieviinienieieeieeeeiens 126
Figure 102 Time of mixing versus dg, particle size, Run 25.16:30-18:30 ........cceevieiiiiiniinieeeeeeeee 127
Figure 103 Time of mixing versus span, Run 25.16:30-18:30 ......c.ccciriiiieiieiee e 127
Figure 104 CSC Product stream PSD change with varying times of ultrasound .............cccccoeirniineinn. 129
Figure 105 CSC Product stream span change with varying times of ultrasound .............ccocceeiiniinnien. 129
Figure 106 Product stream PSD undergone centrifuge concentration .............ceceeeereenieerienienieenieaeeneans 130
Figure 107 Product PSD for filtered and dried crystals ..........ccooieiieiiiienieieeeee e 131
Figure 108 Single pass hydrocyclone product cut selected for an underflow span of 1 ...........ccccoenuenene. 132

Figure 109 Start-up photo from 16-pipe dye tracer test, showing initial dye propagation from nozzles..133
Figure 110 Fully baffled column product stream crystals microscope images (no additional settling)....135

Figure 111 Theoretical CSC product crystal size and corresponding crystal growth rate for 200M-1 and

TGLAT TACLOSE ..ttt et b bbbttt ettt bbbt bt et et et sb e bt bt ettt 136
Figure 112 Potential agglomeration reduction I0CAtIONS .........c.eevuieeiiieeiiieiiiieeieenie et e 140
Figure 113 Potential agglomeration destruction recycle 100p deSign ........cccuvevveeiieeiiieniienieeee e 141
Figure 114 Agglomeration 1 (AGG1) column height and radius Criteria ........c.cccoceevirvierieneenieienieneens 143
Figure 115 Theoretical look into particle interactions (constant fluid velocity), only large settling or rising
particles can interact with smaller riSing PartiCles .........c.oovivviiriiriieiieiiece et 145
Figure 116 Comparison of crystal numbers for various CSC streams, Run 19 ..., 146

Figure 117 Simplistic two column theoretical model schematic, shaded area represents fast velocity
COMUITIN ..ottt ettt st b e sttt et et e e b sae bt et e et e sttt ebe e e et enne e 149

Figure 118 Two column theoretical model product d,, particle size versus mg my is constant at 7 (AGG1

L ET<Te ) USSR USRS 150
Figure 119 Two column theoretical model product ds, particle size versus mg my is constant at 7 (AGG1
USEA) 1ttt ettt ettt ettt e et e et e et e et e e e te e et e e e aeeetbee e beeaabeeebeeatteeaebeeaabeeatbeeaabeeatbeeataeeebaeanbeeentaeenreeeraeenreen 150
Figure 120 Two column theoretical model product dg, particle size versus mg; my is constant at 7 (AGG1
USC) 1uvieiieeiteett ettt ettt et et e et e et et eete et e e st e et b e e ta et e et e e b e en b e eR e e eRe e Rt en st enseeseeeR e et e enbeen b e e seenseenteeneeeseeseenseens 151
Figure 121 Two column theoretical model span versus mg my is constant at 7 (AGGI1 used) ................. 151

Figure 122 Two column theoretical model PW crystal volume ratio versus mg my is constant at 7 (AGG1
LT ) TSP UT U RTRR 152

X1iv



Figure 123 Combined theoretical column model showing fluid velocity against column radius, R=18,
TG0 et e et e ettt e e e tteeeee—eeeeeteeeeetteeeeiaeeeaateeeeateeeeeaaeeeeaiaeeeeaeteaeaaans 153

Figure 124 Fast flow multiplication factor versus slow flow division factor for different radius interface
DOUNAATIES ...ttt ettt ettt ettt ettt ettt ettt e b st eb et ens 155

Figure 125 Combined column theoretical model showing crystal diameter against column radius for

Ll R 35 11131 DO OO UUUP PPN UPPRRUUPPRRRRINt 156
Figure 126 Product crystal diameter versus slow zone division factor for Ri=18 mm........c..ccceceeeenne. 156
Figure 127 Waste crystal diameter versus slow zone division factor for R=18 mm .......ccccoceeeiieiennne, 157
Figure 128 Total crystal volume versus slow zone division factor for R=18 mm.......ccccoceviininnnnn 158
Figure 129 PW crystal volume ratio versus slow zone division factor for R=18 mm.........c.cccoceeneeine 158
Figure 130 Span versus slow zone division factor for Ri=18 mm........cccooeiiiiiiiiiiiniccee, 159
Figure 131 mg and m; height transition, Z=2, mg=37.5¢(-Z*0.84), starting with m=7 ..........cco0erurern..... 162
Figure 132 Generalised CSC setup with @ hydroCyClone ............cccoevieviirieiiieiieieieeeeeee e 164
Figure 133 Generalised agitated batch setup with settling and hydrocyclone..........ccccoevvveeiiiiciienieennnne, 166
Figure 134 Typical industrial batch growth SEtUpP ........cceeiiiiiiiiieeee e 166
Figure 135 Hartel controlled growth crystallization SEtUP ..........ccceeveeeierieiiieieeiereee e 167
Figure 136 Recommended small scale batch crystallization SEtUP..........ccceveeriereerierieieee e 167

XV



Xvi



List of Equations

Equation 1 Lactose B and o equilibrium ratio CONSTANT ........c.eveiiierieriiie e 4
Equation 2 Chemical potential dimensionless form (Myerson, 2002) .........cccoceerirrierieniieneiie e 9
Equation 3 Nucleation driving force equations (Kashchiev & van Rosmalen, 2003; McLeod, 2007,
IMYEISOM, 2002) ...ttt ettt ettt ettt sttt e sttt s e e ek e b e bt et ea bt ea e e et ehe e bt e bt e bt e st e en e eneenneennean 11
Equation 4 Homogeneous primary nucleation equation (Kashchiev, 2000) .........ccccoevvveerieenieenieenieeenenn 12
Equation 5 Heterogeneous primary nucleation equation (Kashchiev, 2000) ...........ccoccvevieiinienieneeenee. 12
Equation 6 Total primary nucleation (Kashchiev, 2000) .........ccccoiriiirininiininieicieccseee e 12
Equation 7 INAUCHION TIME ......cueiiiiiiiitiitiieeti ettt ettt ettt st 12
Equation 8 Critical nucleus size (Kashchiev, 2000).........cccooiiiiiiieiieeee e 13
Equation 9 Spiral growth mMmodel...........cooiiiiiiiiiiie e e 15
Equation 10 Mononuclear growth mMmodel ............ooviiiiiiiiiiieiiiiieieeeeeeeee et sae e e 15
Equation 11 Polynuclear growth model ...........cccveviiiiiiiiiiiiieiieececeeeee et 15
Equation 12 Birth and spread growth model...........cccvieiiiiiiiiiiiiiciccecee e 15
Equation 13 Supersaturation ratio (ViSSer, 1982) ........ccieviiiiiriiiiieiiiieeeesie ettt 16
Equation 14 Relative supersaturation (Zumstein & Rousseau, 1987) .....ccoovvvvierieriiiiiiiieciecieieeveeeeiens 16
Equation 15 Liner growth rate expressed as a power law function of supersaturation .............c.cccceeveveenee. 16
Equation 16 SUPETrSAtUIAION .........coeeiuieiiieieeie ettt ettt ee st ettt eee st e see e et et e eseeeaeesseebeeneeeneeeneesseensean 16
Equation 17 Burton-Cabrera-Frank growth theory ...........ccooiiiiiiiiii e 18
Equation 18 Growth rate pOWer 1aW EXPIreSSION. ......eiuieuieuirieitieitierie et e stee sttt eee ettt esee e e eeeeeeas 18
Equation 19 Mean time averaged crystal @rowth rate ..........cocoooiiieriiiiieiee e 18
Equation 20 Variance of crystal growth rate ............cccooiiiiiiiiiiiiiee e 18
Equation 21 Growth rate related by supersaturation ............c.ccooceeeiierienieieee e 19
Equation 22 Growth rate VATIANCE .........cc.eeiieieriiertieieeteetesttesteesteeaesaessaesseesseessesseesseesseenseesseessesseenseesses 19
Equation 23 Growth rate variance at low SUPEISAtUIAtION.........c.eeverieriierieeieeiieie et eeee e e 19
Equation 24 Coefficient of variation (spread of size diStribution) ...........c.ccceverineninininieninieeereeeee 26
Equation 25 Upward interstitial liquid VEIOCILY .......ccueeivieiiiiieiieiieie e 31
Equation 26 Large particles fall velocity relative to tube wWall..........ccccoceeiiiiiniiiiiiiiiniiiinceeeeee 31
Equation 27 Small particles fall velocity relative to tube Wall...........ccccoeveriinininiinininnceeeeceeeeee 31
Equation 28 Large particle fall VEIOCILY ....ccuvieiiiiiiiieiie ettt s ssee e s 32
Equation 29 Reflux classifier segregation effiCienCy .........cevivviiiierieiieii ettt 34
Equation 30 Sharpness INACX .......cc.eeivieiiiiiiieiieie ettt ettt beesae et teesbeebeessessaessaesseesseeseenseans 36
Equation 31 Maximum crystal size in a drop (R. D. Dombrowski, et al., 2007) .........cccoccevveevieieieiennnn. 41
Equation 32 Normalized probability size density function for the overflow contition 1 ...........cccceeenee. 43
Equation 33 Normalized probability size density function for overflow condition 2 ..........cccccevverrennnee. 43
Equation 34 Normalized probability size density function for underflow ...........cccocevieiiiiiniinenenee, 43
Equation 35 Volumetric inclined Settling rate............ccoooiiiiiieiiiie et 43
Equation 36 Settling velocity related using StOKeS [aW .........ccooieriiiiinieniee e 43
Equation 37 The corrected cut/classification SIZE ...........cocueiierierieriiiie et 45
Equation 38 The classification INAEX .........cccuieiieeiiieiieeiieeiee ettt ettt eesteeaeeesaeeseesbaeenseesnseeenneees 45



Equation 39 The PIeSSUIE AIOP .......oo.eiiiieiieiieieeiieitieste ettt ettt ettt ettt et et e e et e et e e e sbeeaeeneeeneeenee 46

Equation 40 Volumetric flow split (volumetric flow in underflow/volumetric flow in overflow) ............. 46
Equation 41 Classification fUNCHON .........ccueiierieiiiie ettt ettt be e taesbe e seenseenseeneeens 46
Equation 42 Recovery of water t0 UNAeIflOW ........cc.eoiuiiiiiiiiiiieiieiiec et 46
Equation 43 SelectiVity fUNCHION. ........iiiiiieiieieeie ettt ettt be et eesaessaenseenseenseeneeenes 46
Equation 44 Overflow and underflow PSD, O(d) and U(d) respectively ......ccocvrveerienieniireiieeeeseeee 46
Equation 45 Crystal terminal Settling VEIOCILY ........cccveiiiiiiiiiriiiiieriercsrcee e 50
Equation 46 Stokes Shape factor.........coiiiiiiiiiiiii e e 50
Equation 47 Stokes shape factor in terms of particle VOIUME ...........cocoeviiiiiiiiniiiiiiicccce 50
Equation 48 Stokes equivalent spherical VOIUME ..........ccooiiiiiiiiiiiiiieeeeee e 58
Equation 49 Lactose empirical Stokes spherical volume relationship for gel grown crystals .................... 58
Equation 50 Cavitation number (Yan & Thorpe, 1990) .......c.ccoriiiiiiiiiiieieieieerese e 64
Equation 51 Particle growth rate incorporating specific crystal growth rate and fluid section m
COMCEIETATION .ttt ettt ettt ettt ettt e b et et e et e e bt sb e e bt et e e st e bt e sbe e bt et eateebteeb e e s bt e b e enbeembeeneeenteeaee 82
Equation 52 Initial growth rate constant prediction.............c.eeierierieienieeeeee e 82
Equation 53 Alpha lactose concentration of fluid SECHION ......cc.eeeeiiieiiiriiiieiee e 82
Equation 54 Alpha lactose solubility concentration of fluid SECtION .......eecueeiieieiierieiee e 82
Equation 55 Total lactose solubility concentration (McLeod, et al., 2007).......c.ccecveriereneniiieieieieeeae 83
Equation 56 Correction factor for alpha lactose depression ..........c.ceeoeeuerierieniere e 83
Equation 57 Temperature effect of equilibrium CONStant ...........ccoecuerierieiieiiieieseeee e 83
Equation 58 Total [aCtOSe CONCENIIATION .....c..eeviieieieieitierieeieeeeete st et et et eeeeesteebeesbeesaessaesseeseensesnsesnneenns 83
Equation 59 Particle movement, difference in fluid velocity and crystal terminal settling velocity........... 83
Equation 60 Average column fluid VEIOCILY .....eeviiiiiieiiieiiiie et 83
Equation 61 Crystal terminal settling velocity relative to spherical particle diameter.............ccccccevenennene 84
Equation 62 FIUIA AENSItY ....cveoiieiiiriieiieie ettt ettt sttt ettt e e te e s esteenseesaeesaesseenseenseenseensesnes 84
EQuation 63 FIUIA VISCOSILY ...veeiuiiiriiieiiieeiiie et eiie et eite et ettt et eesbeesstaesseesataeenseesssaesnseennseesnseennses 84
Equation 64 Effective VOIUME fraCtion ........cccueiiiiiiiieiie ettt e ae e e ssaee e 84
EQUation 65 SOIVENT VISCOSTEY ..eeutiiiieiiiieeitieiieeeieesieesteesiteessteesteeenseeesbeeesseesnseeeseessseessseessseessseessseessseennses 84
Equation 66 Effective SPeCIfiC VOIUME ........ccuiiiiiiiiieiie ettt et e e e 84
Equation 67 Mass of soluble lactose in fluid SECHON M......ccvivviriiiiiieiieeieciieieeee et 85
Equation 68 Soluble lactose mass used during crystal growth ...........cccccoevvieviiiiinienieieeceeee e 85
Equation 69 Particle volume (includes particle longest length conversion to spherical diameter) ............. 85
Equation 70 Mass of water in fluid SECtION M ....cc.eiiiiiiiiieiiiee ettt 85
Equation 71 Water mass used during crystal @rowWth...........ccooieiiiiiiiienieieeeeeee e 85
Equation 72 Fluid section height MOVEMENL...........cciiiiiieiiit e 86
Equation 73 Vertical length of an individual fluid SECtion m ...........ccceiiiiieiiiiiiieee e 86
Equation 74 Volume of fluid SECHION ......cc.ieiiiiiiieiiieiti ettt 86
Equation 75 Column area for @ CYINAET .........ccuviiiiiiiiiiieii ettt 86
Equation 76 Column area for a cylinder with a cone attached to the top.......cccecvveievierieiiiiicieeee e 86
Equation 77 Water mass for fluid sections entering the CSC cOlUMN ..........ccceevieriiiiiiienieieee e 87

Xviil



Equation 78 Soluble lactose mass for fluid sections entering the CSC column ...........coccoevieiiniinenenen. 87

Equation 79 Solid lactose mass for fluid sections entering the CSC column............ccccoeviniiiiniiniinenen. 87
Equation 80 Parabolic laminar flow radius velocity profile across a cylinder ............ccecevvverienienciennennnn. 92
Equation 81 Agglomeration radius criterion (for both AGG1 and AGG2) .....ccceovvvvevieneeneniecieeieene 144
Equation 82 Agglomeration 1 (AGG1) height CIIterion..........ccvevvieierieriieieeieeeee e 144
Equation 83 Agglomeration 2 (AGG2) modified height criterion ............occoeveeierienieieie e 144
Equation 84 Column tOTal AIEa........c..eeuireeieiiiiienierteste ettt sttt ettt ettt et 149
Equation 85 Column total fIOWIALE ........cceeiiiiriiiiriiiicicete ettt 149
Equation 86 Slow column average fluid VEIOCILY.......c.ocvvviiriiiiiieiicieee e 149
Equation 87 Fast column average fluid VEIOCIY ......couivuiiiiiiiiieiicieceeie e e 149
Equation 88 Slow column laminar fluid profile ...........cccoovierieriiiiiiiiiiice e 149
Equation 89 Fast column laminar fluid profile..........cccceevviioiiiiiiiiiiieiieieccceesee e 150
Equation 90 Combined column model fast Zone VEIOCILY .......cceevuiiiiriiriieiieiecieeee e 153
Equation 91 Combined column model SIow Zone VEIOCILY .......c.ccvevieiieiiiiiiiieiecieeeie e 154
Equation 92 Combined column model fast zone modified outer radius..........cceeveveeiieiienenieieereee, 154
Equation 93 Combined column model fast zone flow rate............ccocerierieiieiiinieieeee e 154
Equation 94 Combined column model slow zone flow 1ate...........ceceeiirieiieiieienieeee e 154
Equation 95 Combined column model slow zone flow factor ............cccovieiieiiiinieniecce e 154
Equation 96 Combined column model fast zone flow factor ...........ccooceeiiiiiiiininieiceeee e 154
Equation 97 Transition flow net Particle radial movement............oocveuiriiiienieieiieeece e 161

XIX



XX



List of Tables

Table 1 Particulate properties and their effects on respiratory drug Delivery; reproduced from Chow,

Tong, Chattopadhay, and SheKunov (2007) .......c.ccooiiiiii e et 6
Table 2 Comparison of different particle formation techniques; reproduced from Chow et al., (2007)...... 6
Table 3 Advantages and disadvantages of hydroCyClones ...........ccccveruieriieiiiiiinieiieneeece e 37
Table 4 Narrow PSD techniques relevance to IGL production ............cccceeviierieeiiiinieeiie e 39
Table 5 Comparison of results for inclined settler and hydrocyclone .............ccooceevieiiiiiinienieieieeee 47
Table 6 Preliminary orifice flow average experimental TeSults.........cccoevieviirininineninininceeeceeeeeenen 66
Table 7 Continuous orifice nucleation experimental SEtUP VAIUES ..........ccoevveriiririninenienineeieeceeeeenen 67

Table 8 Average particle size distribution, d,o, dso, and do results for each orifice condition, NW=no wait

N a1 B A ST 70
Table 9 Initial dilute nucleated stream Malvern MasterSizer Measurements ...........ceeeeeeeeeiereenienueneennes 77
Table 10 Comparison of IGL-1 theoretical batch simulations with experimental batch values................. 90
Table 11 Comparison of 200M-1 theoretical batch simulations with experimental batch values............... 90

Table 12 CSC theoretical model standard conditions using area and volumetric flow based nuclei input
ANA 1O NI TUN TITIE L.ttt sttt b et s e et et et s bttt e bt e et es e et et e sbeebe e st enneneennes 94

Table 13 IGL-1 CSC Experimental results (Run 2,4,5,9,10), product and waste from 16hr of operation119
Table 14 200M-1 CSC Experimental results (Run 11,12,14-22), product and waste from 16hr of operation

.................................................................................................................................................................. 119
Table 15 200M-2 CSC Experimental results (Run 23-25), product and waste from 16hr of operation... 120
Table 16 Nucleation solution, RI and turbidity ........cccooeiiiiiiiiiiii e 120
Table 17 Comparison of RI between batches of lactose controls...........ooveveereiiiiienieneiceeecee 121
Table 18 200M-1 CSC Experimental Septum results (Run 11,12,14-22), from 16hr of operation,
compared with 200M-1 standard theoretical CSC model Values ...........ccveveerienienieiicie e 121
Table 19 200M-2 CSC Experimental septum results (Run 23 & 25 range shown), from 16hr of operation
.................................................................................................................................................................. 122
Table 20 Additional product stream dilution for 19.19:00..........ccevvimrieiiieiiiiieieeee e 128
Table 21 Summary of hydrocyclone ds, cut sizes to achieve a span of 1........ccoccevievieiiiiiiienieeee 132
Table 22 Phosphorus results for the three types of lactose used .........c.ccoceeeririniiiiiiiiiniciincnceee 135
Table 23 Summary of investigation into CSC theoretical model deviations...........cceccvevcveeeieerieeneeennnenn 138
Table 24 Theoretical CSC agglomeration results, AGGO: no agglomeration, AGG1: agglomeration solved
using Equation 82, AGG2 agglomeration solved using Equation 83 ..........ccccocveeiiviiiienieniecie e 144
Table 25 Volumetric flow based nuclei input theoretical model predictions, 200M-1 .............cceevvvenneene. 145
Table 26 Comparison of combined column conditions with (AGG2) and without (AGGO) agglomeration
.................................................................................................................................................................. 159
Table 27 Theoretical combined column with agglomeration transition results............cocceevereierverrennne. 162

xx1



xxii



Chapter 1 - Overview

The pharmaceutical industry and other industries rely on the use of crystallized lactose with a
specific particle size distribution (PSD) for use in various products. Typical lactose
crystallization processes result in a wide PSD, which is undesirable in the pharmaceutical

industry.

A common use for lactose crystals, that requires a narrow PSD, is as a drug carrier in dry
particle inhalers; this grade is termed inhaler grade lactose (IGL). Typical production methods
for IGL involve batch crystallization with subsequent sieving, meeting a range of specific PSD
targets, depending on the end consumer use. With reference to Figure 1 below, the
differences between the PSDs of typical batch crystallized lactose and the desired IGL can be
seen. In addition to the dso (um) lying within the desired particle size range, the span, (dgo-
d10)/dso, of IGL is less (narrow); dsq is the 50% particle size, dgo (Lm) is the 90% particle size, and
dio (um) is the 10% particle size on a volume basis. Due to inefficiencies and the costly nature
of current crystallization processes, new and improved methods to achieve a narrow PSD are

needed.
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Figure 1 Typical batch lactose crystallization particle size distribution (PSD), span ~2, and this works
desired inhaler grade lactose PSD, span less than 1



The primary objective of this study is to develop a reliable process capable of producing IGL
directly by crystallization, ideally without further separation steps, such as sieving. This
involves considering innovative new crystallization processes or modifying existing

crystallization processes. The current desired crystallization target process parameters are:

A narrow PSD, with a dso between 50 to 90 um and a span less than 1; refer to Figure 1

- Reproducible; such that a consistent product can be produced

Very low levels of contaminants; which is required for a pharmaceutical product



Chapter 2 — Literature Review

2.1 Lactose Background

2.1.1 General Information

The study of lactose has not been a recent pursuit and has in fact been occurring for many
centuries. In 1633 Fabricio Bartoletti, a doctor of philosophy and medicine, first discovered the
presence of lactose in milk (Roelfsema, Kuster, Heslinga, Pluim, & Verhage, 2002). Lactose is a
carbohydrate which is primarily found in mammalian milk and has the highest concentration of

all the carbohydrates in milk.

The primary industrial source of lactose is whey, a byproduct from the cheese making process.
Milk is curdled by the addition of acid, resulting in curds and whey; the curds are then used to
make cheese. Of the average 4.6 weight percent lactose contained in cow’s milk,
approximately 95% of this lactose leaves with the whey in cheese making (Butler, 1998). Most

of this lactose can be recovered and utilised in other areas.

Initially, the main uses of lactose have been in the food and fine chemical industries. Although
in recent years, its use and importance in the pharmaceutical industry have been increasing.
This includes the use in drug formulation, and what this thesis is centred on, the use as a drug

carrier in dry particle inhalers.
2.1.2 Lactose Properties

Lactose is a milk sugar, C;,H,,04;, with the scientific name 4-O-B-D-galactopyranosyl-a-D-
glucopyranose (Dincer, 2000). Lactose’s structure is a disaccharide sugar comprised of a

galactose and glucose molecule.

(b)

Figure 2 Lactose molecular structure, showing the difference in a (a) and B (b) anomers; redrawn from
Dincer (2000)

Lactose exists in two main forms (Figure 2); these are the alpha (a) and beta (B) anomers. The
a and B structures differ in the steric configuration of the OH and H group on the glucose

carbon atom (C1). a-Lactose is the least soluble form and will crystallize out in water solutions
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below temperatures of 93.5°C as the hydrated form Cy,H,,04;,-H,0. a-Lactose monohydrate
crystals are desired in the pharmaceutical industry (and other industries) as well as B-lactose.
In commercial products, different anomers change factors such as drug release and flowability.
Aqueous solutions of lactose contain an equilibrium ratio of a-lactose and B-lactose. When
either form of crystallized lactose is dissolved in water a change in form takes place, until
equilibrium is reached. The equilibrium concentrations of a-lactose and B-lactose (g lactose/

100 g water), Cys and Cg respectively, can be represented by the equilibrium constant, K (-).

C
K =-£5

Cas
Equation 1 Lactose B and a equilibrium ratio constant
The effect of temperature on the equilibrium constant in the literature shows contradictions.
One of the more widely accepted results is that K is inversely proportional to increasing
temperature (Roetman & Buma, 1974), agreeing with and backing up earlier work of Gillis
(1920). The studies stating otherwise (Hudson, 1904, 1908; Kendrew & Moelwyn-Hughes,
1940; Nickerson & Moore, 1974) have been shown to be incorrect due to false assumptions
made in the calculation of K. Generally, K decreases from about 1.64 at 0°C to about 1.36 at

100°C (Gillis, 1920; Roetman & Buma, 1974).

The change from a-lactose to B-lactose can be studied through the determination of change in
the optical rotation, known as mutarotation (Roetman & Buma, 1974). A study into the in situ
and quantitative measurements of the mutarotation reaction in solid state lactose (Lefort,
Caron, Willart, & Descamps, 2006), showed there was no transformation when starting from a
crystalline state. For lactose in an amorphous state, mutarotation starts on heating and
reaches an equilibrium slightly above the glass transition state, with a ratio of 1:1 for a and B
anomers. This leads to the conclusion that the solid state energy profile is different than

aqueous solutions.

There are many different forms of lactose, or polymorphs. A polymorph is a material which
exhibits different crystal structures within a solid but has identical characteristics in a solution.
Although there is a lot of debate on the different polymorphs for lactose (Kirk, Dann, &
Blatchford, 2007), it is generally accepted that there are four main forms: a-lactose
monohydrate (single hydrated form), B-lactose (three dehydrated form), stable anhydrous a-
lactose and unstable hygroscopic anhydrous a-lactose. There are also a and B mixed forms
that exist within crystals. Kirk et al, (2007) found that, with no prior knowledge of a lactose

solution composition, it was possible to distinguish between the different polymorphs.



Figure 3 Lactose tomahawk crystal structure, including the miller indices; redrawn from van Kreveld
and Michaels (1965)

The usual crystalline structure of a-lactose monohydrate, crystallized from water solution, has
been found to be a tomahawk shape; as depicted in Figure 3. A table of lactose physical

properties is given in the Appendix A.1.

2.2 Dry Particle Inhalers

The following section focuses on issues related to lactose particles produced for use as carriers
for pulmonary drugs. The main example of this application is the dry particle inhaler (DPI),
which is a commonly used type of asthma inhaler. Changing the particle characteristics can
have a significant effect on drug formulation and Table 1 summarises these effects. Table 2

summarises the main methods used in particle formulation.

During blending of the lactose carrier particles and the required drug, certain interactions can
occur. Figure 4 below illustrates the types of interactions that the active drug particles or fines
can have with the surface of the lactose carrier particle. The fines are generally less than 5um,
whereas the lactose carrier particles are generally greater than 50 um. In DPIs, once the static
lactose carrier powder is aerosolised and dilated the attached fines then become detached, as
illustrated in Figure 5. During the detachment of the fines, the larger lactose carrier particles
hit the back of the throat, while the fine drug particles travel further down into the lower

respiratory tract to be utilised by the body.



Particle Characteristics

Effects on Formulation

Solid state: crystallinity, polymorphism,
hygroscopicity, impurities, solubility,
dissolution rate

Physical and chemical stability, bioavailability,
toxicity

Particle size distribution, shape, porosity or
density

Aerosolisation behaviour, in vitro and in vivo
deposition profiles, bioavailability

Surface morphology, energetic and
electrostatics

Powder handling, inhaler filling, dose
metering, storage stability, shelf-life, dose-
uniformity and consistency

Powder bulk density, agglomeration,
cohesiveness, flow properties

Dose uniformity

Co-formulation or blending; composition or
coating

Modified or extended release, toxicity

Formulation, dispersion media

Type of inhaler
Mode of administration

Table 1 Particulate properties and their effects on respiratory drug Delivery; reproduced from Chow,
Tong, Chattopadhay, and Shekunov (2007)

Method

Typical Products
Formed

Major Advantages and
Disadvantages for
Respiratory Drug Delivery

Challenges

Micronization

Dense, irregularly

Established, proven

Cohesiveness,

and blending shaped, crystalline amorphous domains,
particles poor powder
dispersion due to
electrostatic charges
Spray drying Solid or low-density Developed, simple Thermal degradation,

composite amorphous
particles

protein aggregation,
solid-state
instabilities

Spray freeze

Low-density composite

Processing of heat sensitive

High processing cost,

drying amorphous particles compounds, dissolution rate underdevelopment
with high specific enhancement
surface area
Emulsion Solid composite Production of controlled Manufacturing
based particles, drug particles | release formulations, micro complexity, slow

with narrow size
distribution

and nanosuspensions

production rate,
large waste streams,
residual solvent
removal

Supercritical
antisolvent

Low-powder density
crystalline particles

Pure, stable, non-cohesive
powders

Particle size control,
material specific

Table 2 Comparison of different particle formation techniques; reproduced from Chow et al., (2007)

Typical lactose crystallization (see Section 2.3) from a concentrated whey solution utilizes large

temperature controlled batch crystallizers. Maximising yield is the primary aim, and little span

control occurs. Typical crystallization is unsuitable for direct use in respiratory drug delivery.
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Figure 4 Causes of various types of interactions between fines and carrier particles; redrawn from
Hickey et al., (2007)

@éﬁ

Static Powder Dilated Powder Fine Far;inle Aerosol Generation

Figure 5 Process occurring when aerosol is used, fines are detached once static powder is dilated and
aerosolised; redrawn from Hickey et al., (2007)

The surface energy distribution is an important property of lactose crystals when considering
its use as a drug carrier, as this affects how drugs bind to the crystal and also how it is released
when ingested into the body (Thielmann, Burnett, & Heng, 2007). It was found that milled
lactose crystals have a different energy distribution compared to untreated and recrystallized
lactose, and this was attributed to amorphous regions on the surface caused by the milling
process (Thielmann, et al., 2007). Sieved lactose is generally used for DPIs; which can be
understood when looking at scanning electron microscope (SEM) images of sieved and milled

lactose particles.
SEM imaging of sieved lactose revealed (Hickey et al., 2007):

- Auniform particle shape distribution
- Few particle aggregates

- Arelatively narrow size distribution
- Few single particles under 10 um

- Smooth irregularly shaped asymmetric cubic morphology with some nanocrevices



While SEM imaging of milled lactose revealed (Hickey, et al., 2007):

- A non-uniform particle shape distribution

- Significantly more particle aggregates than sieved

- Arelatively wide particle size distribution compared to sieved

- Many particles under 10 um

- lrregular morphology, increased surface roughness compared to sieved, nanocrevices

and surface fines

Sieving results in a uniform and narrow distribution of lactose crystals with fewer fines, which
is a desired characteristic for DPIs, and why it is commonly used for producing inhaler grade
lactose (IGL). A recent review article into IGL lactose characteristics and aerosol generation by
Pilcer, Wauthoz, & Amighi (2012) covers the discussed aspects in this section in detail, and is

useful additional reading.

2.3 Lactose Crystallization

Crystallization is a very important process to many industries, including the chemical,
pharmaceutical and electronic industries. Lactose crystallization is especially important for use
in food (infant milk powders) and drug formulation (dry particle inhalers). Understanding the
crystallization process is important when trying to develop methods to produce a product with
a narrow particle size distribution (PSD). There are aspects of the crystallization process which
can cause a widening of the PSD, and these include: successive nucleation events under batch
conditions, and differential growth rates of these nuclei. These factors are counteractive in

achieving the narrow PSD generally required for IGL and need to be controlled.

Crystallization from solution is carried out to purify and separate a substance of high value
from an impure solution. Early lactose studies (Herrington, 1934) looked into preventing
crystallization in various processes, such as in ice cream (which gave a salty texture) or in spray
dried milk powder (to avoid caking). When considering a whey solution, lactose crystallization
can be seen as the removal of lactose from impurities present in the whey solution such as

salts, proteins and fats.

Crystallization is a rate process, time is required for crystal growth, and supersaturation is the
fundamental driving force. Supersaturation can be understood when referring to Figure 6
below. Starting in the unsaturated zone, where the solute is fully soluble, then cooling the
solution and moving to the labile zone, the Solubility Limit (C;) is passed, and a supersaturated
solution is achieved. Thus, a supersaturated solution is a solution with solute concentration

higher than equilibrium or saturation solute concentration for a given temperature. When
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passing the solubility limit there is also a metastable zone where crystallization occurs, but this
is very slow (days). The further the solution is cooled past the metastable zone, the faster
crystallization is likely to occur (hours) (Myerson, 2002). Other methods to produce a
supersaturated solution can be to evaporate excess water, or to add a substance to lower the

solubility limit such as ethanol, which is common in anti-solvent crystallization.

Using chemical potential, supersaturation can be represented in the following dimensionless

form:

Equation 2 Chemical potential dimensionless form (Myerson, 2002)
where p (J.gmol™) is the chemical potential, ¢ (g solute/100 g solvent) is the concentration, a
(-) is lactose activity, y (-) is an activity coefficient, R (J.gmol™".K™) is the universal gas constant,

T (K) is temperature and * represents the property at saturation.

200

180

metastable zone

160 spontaneous nucleation line

-/
\ / /
o labile zone \ / / /{\\

100
) ¥ solubility
/ / limit (C,)

\
\

Concentration (g lactose/100 g water)

g\g
\
\

unsaturated zone

o

0 10 20 30 40 50 60 70 80 90 100

Temperature (°C)

Figure 6 Lactose solubility curve; using equations from McLeod (2007)

As will be discussed in the following sections, crystallization is a two-step process (Myerson,

2002):

- Separation or birth of new crystals (nucleation)

- Growth of new crystals



2.3.1 Lactose Nucleation

Nucleation is the spontaneous formation of crystals under the condition of a supersaturated

solution. Myerson (2002) listed the following mechanisms for nucleation:

Primary Secondary
Homogeneous Initial Breeding
Heterogeneous Polycrystalline Breeding

Macroabrasion

Dendritic

Fluid Shear

Contact
Primary homogeneous nucleation occurs under the condition of a pure solution; water and
only the product to be crystallized. Primary heterogeneous nucleation occurs when there are
foreign particles in the solution, and is discussed further in Section 2.3.1.1. Secondary
nucleation is known to occur when there are crystals of the same species present in the

supersaturated solution, and is discussed further in Section 2.3.1.3.

Different rates of nucleation will occur depending on the location of the system with regards
to the solubility limit (Figure 6). When passing across the solubility limit from the unsaturated
region, the supersaturated zone can be further divided into two regions, “metastable” and
“labile” (Herrington, 1934; Ting & McCabe, 1934). Originally the metastable region was defined
as the zone where inoculation (of seed crystals) was necessary for the crystallization process to
occur, and crystal growth developed from the seed crystals only. The metastable zone was
later altered to the region where the probability of nucleation occurring was very small (~0),
and thus crystallization was slow and difficult. Alternatively, the labile region is where
spontaneous nucleation occurs, or later defined as the region where crystallization probability
is high and thus fast and easy. There is a broad transition region between the metastable and
labile regions. It has been shown that it is possible to move from the metastable region to the
labile region with no crystallization occurring by carefully controlling and eliminating
mechanical shock (Ting & McCabe, 1934). It was also found that the weight and size of the

seed crystals, and stirring speed has an effect on nucleation.

Erdemir, Lee, and Myerson (2009) developed a two-step model to describe the nucleation of
crystals from solution and compared their results to the classical one step model. The classical

model states organized clusters group together to form nuclei; however the two-step model
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suggests a more complicated route of a significantly sized cluster forming first, followed by a

reorganization of that cluster into an ordered structure; depicted in Figure 7.

Two-step
Mucleation Model

(a) — (e)
O O O

50 O 0 © LY
So© O > o| —

's] o

O Classical o O
MNucleation Model

Figure 7 Crystal pathways for the classical nucleation model and two-step model: (a) supersaturated
solution, (b) ordered subcritical cluster, (c) liquid-like cluster, (d) ordered crystalline nuclei, (e) solid
crystal; redrawn from Erdemir et al., (2009)

Erdemir et al., (2009) has asserted that classical nucleation theory is based on many flawed

assumptions:

- Clusters are modelled as spherical drops, having uniform interior densities and sharp
interfaces; leads to assumption that nuclei embryos have the same molecular
arrangement as that in a large crystal

- Curvature dependence of surface tension is neglected

- Growth of clusters takes place one monomer at a time; also pre-existing cluster
interactions and breakages are ignored

- Nucleation rate is time-independent; process is considered in terms of steady state

- Clusters are incompressible and the vapour surrounding them is an ideal gas, thus

formation of clusters does not change the vapour state

2.3.1.1 Primary Nucleation

Supersaturation, Equation 3, is the main driving force for primary nucleation and can be

represented as the difference in chemical potential between crystal phase and solution phase.
Ap = pu—u* = kTilnSg

Equation 3 Nucleation driving force equations (Kashchiev & van Rosmalen, 2003; McLeod, 2007;
Myerson, 2002)

where k (J.K'") is the Boltzmann constant, Ty (K) is the absolute temperature of the solution, S,

is the supersaturation ratio (C/C*), and C (#.m™) is concentration of crystals in solution.

Classical nucleation theory describes the variables that affect the rate of primary nucleation.
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The homogeneous primary nucleation rate, Jyom (#.m'3.s'1), Equation 4, is derived from the

Arrhenius reaction velocity equation. The # symbol is used henceforward to signify number.

16mo;3V,2 )

]Hom = a,exp (3(kTK)3(lTLSR)2

Equation 4 Homogeneous primary nucleation equation (Kashchiev, 2000)
where a; (#.m>s™) is the pre exponential factor, g; (J.m?) is the interfacial energy and V,

(m?) is the molecular volume.

Heterogeneous primary nucleation rate, Jy.¢ (#.m>.s"), Equation 5, occurs via a surface and
includes a factor, q; (-), which compensates for the reduced energy barrier to be overcome,

caused by the surface.

16m0;°Via (41) )

]Het = a;exp (S(kTK)3(lnSR)Z

Equation 5 Heterogeneous primary nucleation equation (Kashchiev, 2000)

Total primary nucleation, Jr (#.m3s?), Equation 6, is a combination of homogeneous and
heterogeneous nucleation; however heterogeneous nucleation will dominate due to the lower

energy barrier.

Jr = JHom F JHet

Equation 6 Total primary nucleation (Kashchiev, 2000)

2.3.1.2 Induction Time

Induction time is the period of time before an observable number of nuclei can be seen
following the initiation of supersaturation. Induction time therefore relates the ability of the
system to stay in metastable equilibrium and is useful when studying primary nucleation.
Following theoretical consideration, induction time is generally split into three time periods:
the relaxation time, the nucleation time and the growth time. Relaxation time refers to the
time for cluster distributions to react to imposed supersaturation, nucleation time refers to the
time to produce stable nuclei (Equation 8), and growth time refers to the time to observe
nuclei. The time it takes to detect an evident number of nuclei, ty (s), can be seen through the
relationship of nuclei number per volume, NN(#.m'3), and J;, Equation 7.
Ny Ny

ty = — =
N _ 16n0VE )
3(kT )3 (InSp)*

T ajexp (

Equation 7 Induction time
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The critical nucleus size, n. (#), number of molecules making up a particle which does not

dissolve back into solution, can be predicted by Equation 8 (Kashchiev, 2000).

_ 32nVio?
— 3(kTx)3(InSg)3

ne

Equation 8 Critical nucleus size (Kashchiev, 2000)

2.3.1.3 Secondary Nucleation

Secondary nucleation occurs in the presence of other materials, and a common instance is
from crystal seeding. Secondary nucleation is the dominant nucleation mechanism in the
metastable region (Figure 6) and in industrial crystallizers because a lower energy barrier is
required to be overcome. Collision, attrition and contact, and shear nucleation are the
dominant secondary nucleation mechanisms in industrial processes (Agrawal, 2012). Attrition
is the breakage of crystal into smaller pieces, contact refers to crystal impact with a surface
(e.g. impeller), and shear refers to the movement of fluid past a crystal. It is theorised via these
mechanisms that pre-critical clusters are removed from the crystal surface and grow into new
nuclei. In a sucrose crystallization experiment (Srisa-nga, Flood, & White, 2006), it was found
that the secondary nucleation threshold (SNT) decreased as the induction time increased, and
was independent of temperature when absolute supersaturation was used for the driving

force. The SNT is the lower limit of the metastable zone, in which secondary nucleation occurs.

2.3.1.4 Effects of Mixing

Nucleation of a-lactose monohydrate is greatly affected by mixing (Raghavan, Ristic, Sheen, &
Sherwood, 2001; Shi, Liang, & Hartel, 1990; Vallevega & Nickerson, 1977), even though
fundamental nucleation equations do not incorporate a mixing term. It is therefore important
to consider the different types of mixing and mixing effects in any crystallization process. Some
of the mixing techniques below are covered in more detail in section 2.4.1 Nucleation

Techniques.

2.3.1.4.1 Ultrasound and Orifice Flow

McLeod (2007) undertook a review on the previous research articles that used ultrasound for
nucleation and growth in crystallization, for which there were many. Ultrasound is used to
enhance nucleation because it causes cavitation. Orifices apply a restriction in the flow,
causing cavitation as well. Newly formed cavitation sites act as nucleation sites. The effect of
cavitation sites forming and collapsing is reported to: increase mass transfer, improve the

diffusion process, and decrease induction time.
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A study into rapid lactose recovery (Bund & Pandit, 2007b) from paneer using
sonocrystallization found that seeding and pH levels were the most influential parameters for
maximizing lactose recovery and purity. A lactose recovery of more than 90% and purity of 97
to 99% can be obtained with paneer whey with 1 hour stirring time and effective ethanol
concentration of 85% v/v (Bund & Pandit, 2007a). The roundness and elongation of the crystals
obtained were found to be comparable to commercial analytical grade lactose. McLeod (2007)
experiments investigating venturi flow found that varying the orifice diameter affected the
nucleation rate, but remained constant once a critical supersaturation was reached.
Application of ultrasound and orifice flow studies shows the possibility for producing a desired

number of nuclei.

2.3.1.4.2 Agitation

Agitation or mixing is generally used to combine two different materials. However in the case
of primary nucleation of crystals, there is only one phase. The effects of mixing can be
summarized as follows: increasing the amount of agitation increases the amount of nucleation
and decreases the induction time; however the overall particle size is decreased with

increasing agitation (McLeod, 2007).

McLeod (2007) carried out experiments to investigate the effects of mixing on nucleation,
which included: agitation, shear and flow through a venturi. Overall, it was concluded agitation
increases nucleation rate which is in agreement with other studies. Mechanical mixing, with a
Rushton turbine, was found to increase nucleation with increasing turbine speed, explained by

the Strouhal relationship.

2.3.1.4.3 Shear Flow

The crystallization literature has shown consistently that for the crystallization of polymers,
increasing the shear effect also increases nucleation. However, it is less definitive for colloidal
suspensions; shear has been reported to decrease and enhance nucleation rate (McLeod,
2007). Above a certain shear rate it has been found that no changes in nucleation rates occur

(Agrawal, 2012).
2.3.2 Lactose Growth

Crystals from the nucleation phase of crystallization are formed at the smallest size possible
for the particular imposed conditions (Equation 8). The crystals subsequently grow due to the

surrounding supersaturated condition and solute molecules will add to the nuclei; this is
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known as crystal growth. Crystal growth can be considered to follow these steps (Farhadi &

Babaheidary, 2002):

- Bulk diffusion of growth units through the diffusion boundary layer
- Surface diffusion of growth units through the adsorption layer

- Integration of growth units into the crystals

From analysis of these three steps it can be seen that the slowest step will be the limiting or
controlling factor for crystal growth, and different growth patterns would be exhibited

depending on the limiting step.

The growth of crystals is often defined in terms of a change in a particle dimension with time,
known as linear growth rate, but can also be related to a particular face such as the second
largest face of the crystal (Myerson, 2002). The majority of lactose crystal growth was found to
occur in one direction of its principle axis (Dincer, Parkinson, Rohl, & Ogden, 1999; van Kreveld
& Michaels, 1965) giving rise to the typical tomahawk shape of lactose; as shown in Figure 3. It
has been found that the growth rate of a broken crystal is faster until the damage area is
restored, but if the top of crystal is broken off, it does not grow back (van Kreveld & Michaels,

1965).

Crystal growth is considered to occur via two mechanisms, spiral and two-dimensional growth.
In a recent article (Dincer, Ogden, & Parkinson, 2009a) it has been confirmed that spiral
growth occurs on the (010) face of the a-lactose monohydrate crystal. The following four
models, spiral growth G (pm.min'l), mononuclear growth G,, (pm.min"l), polynuclear growth
Gp (um.min™) and birth and spread growth Gz (um.min™), were used in looking at growth on

the (010) face of the a-lactose monohydrate crystal by Dincer et al., (2009a):
2
o 01
Gs =F a—tanh? and o, = 9.5y;a,/ekTx,
1

Equation 9 Spiral growth model

)
G = kgs3(lns)1/ze 3(kT)?In(s)

Equation 10 Mononuclear growth model
3s3 2/3(kT)%1
Gp = k(s — 1)3s3(Ins)Y/6e~¥i"/3(T)*In(s)

Equation 11 Polynuclear growth model

GB = kg (S — 1)5/6e_YeZthsn/3(kT)2(S_1)

Equation 12 Birth and spread growth model
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Cr
S =
(s — f1K(Cr = Cs)

Equation 13 Supersaturation ratio (Visser, 1982)
o= (Cr—Cs)/Cs
Equation 14 Relative supersaturation (Zumstein & Rousseau, 1987)
where C, (g lactose/100 g water) is the equilibrium solubility of lactose, Cr (g lactose/100 g
water) is the supersaturated bulk concentration, o (-) is the relative supersaturation, g; (-) and
F, (um.min") are BCF model constants, y; (J) is the edge free energy of a growth unit at the
edge of a step, ¥, (J.m?) is the edge free energy, a; (m) is the distance between incorporated
growth units, & (#) is the number of incorporating spirals, x; (m) is the mean distance
travelled by an absorbed molecule before it desorbs, kg (um.min™) is the growth rate
constant, hg (m) is the step height, @, (J) is the bond energy, s (-) is the supersaturation ratio
and f; (-) is the temperature dependent factor for the depression of solubility of a-lactose by

B-lactose.

The linear growth rate of lactose is commonly expressed as power law function of

supersaturation (Butler, 1998):
G = kgsAC™

Equation 15 Liner growth rate expressed as a power law function of supersaturation
AC = Cr — Cs
Equation 16 Supersaturation
where G (um.min’l) is the linear growth rate, kgs (um.min'1.100 g water/g lactose) is the linear

growth rate constant, n; (-) is the exponent for crystal growth, and AC (g lactose/100 g water)

is the supersaturation.

The effects of supersaturation and temperature are known to alter crystal growth behaviour
and many articles result in contradictory information. Calculations by Butler (1998) using kg
incorporated a relationship for changing temperature; however McLeod (2007) found when
using absolute alpha supersaturation, temperature was independent and a constant value for

kg could be used.

2.3.2.1 Effects of Impurities

Understanding the effect of impurities is important as they can cause changes in the growth
rate. Many impurities act as a growth inhibitor for lactose crystallization. This can be seen with

slower growth rates for pharmaceutical grade lactose compared to non-ionic lactose, where
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the growth inhibitor lactose phosphate has been removed (Dincer, et al., 2009a). Different
salts can positively or negatively affect lactose crystallization; Butler (1998) has reviewed the
literature on the effects of different salts on lactose crystallization and her findings are

summarised as follows:

- Increase or decrease the growth rate depending of the type and concentration of salts

- Decrease lactose solubility

The morphology of the crystal can also be altered by impurities; for example as B-lactose
concentration is increased there is an increase in growth in the a and b direction for a-lactose
monohydrate crystals (Dincer, et al., 1999). In general, the effects of impurities can be

summarised as follows (Roetman, 1972):

- Shield the crystal surface preventing molecules from becoming incorporated into the
crystal lattice

- Change the supersaturation and thus change lactose solubility

- Change the viscosity and diffusivity and effective diffusivity of the solution

- Change the rate of mutarotation and a-lactose availability
2.3.3 Growth Rate Dispersion

Growth rate dispersion (GRD) causes a widening of the PSD. GRD is known to occur even when
crystals are growing under identical conditions, such as temperature, supersaturation, and
time. Understanding GRD is important when developing methods for producing IGL with a

narrow PSD.

Growth rate dispersion is manifested in crystallizing lactose solutions as a range of growth
rates in seed populations (Jelen & Coulter, 1973; Liang, Hartel, & Berglund, 1987). This gives
rise to different sized crystals. Shi, Hartel and Liang (1989) carried out experiments looking at
the growth of single crystals under identical conditions. They found that each crystal had a
different but constant growth rate; known as the constant crystal growth (CCG) model. The
current view of growth rate dispersion is a deviation on McCabe’s AL law (McCabe, 1929)
which proposed that all crystals grow with the same linear growth rate when subjected to
identical growing conditions. Another difference is that the crystal growth rate is not affected
by crystal size, and in fact no correlation can be found between growth rate of individual
lactose crystals and their particle size (Shi, et al., 1989; Zumstein & Rousseau, 1987). It has
been proposed by Zumstein and Rousseau (1987), that the cause of growth rate dispersion is a
result of dislocation of the networks of individual crystals, and that the effects of growth rate

dispersion will vary because dislocation networks will vary between seed crystals and larger
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developed crystals. It has also been proposed that the variation in number and location of
spirals (growing on crystal faces) could be a cause of growth rate dispersion (Dincer, et al.,

2009a).

The dependence of the crystal growth rate, G, on relative supersaturation, g, is given by the

Burton-Cabrera-Frank (BCF) growth theory below (Zumstein & Rousseau, 1987):

ea? oy
G = a,—tanh—
o €0

Equation 17 Burton-Cabrera-Frank growth theory

where € (-) is the screw dislocation activity and a, (um.min™) is a constant.
Growth rate can also be approximated by a power law expression:
G =kgo™

Equation 18 Growth rate power law expression

where kg and n; are found by fitting to growth kinetic data.

The distribution parameters, k; (um.min™) and ity (Lm>.min’), are related to the mean, G

(um.min™) and variance of the distribution of crystal growth rates ol (um?.min’) by:

E = EGO-nl

Equation 19 Mean time averaged crystal growth rate

0f = of 0%™m

Equation 20 Variance of crystal growth rate
B-Lactose has been found to change the morphology of a-lactose monohydrate crystal (Dincer,
et al., 1999). Dincer, Ogden, and Parkinson (2009a, 2009b) confirmed that a-lactose
monohydrate crystals display different growth rates for the particular faces when considering
the tomahawk structure (Figure 3). Varying growth rates have been attributed as a cause for
growth rate dispersion. For example the (011) face grows the fastest when B-lactose
concentrations are low. However, since B-lactose has the same galactose moiety as the a-
lactose, B-lactose joins to the glucose molecule on the (010) and the (011) face. The result of
an increase in B-lactose concentration is that the once fast growing (011) face is now slow

growing because of the growth inhibition effect of the integrated B-lactose.

Growth rate and growth rate dispersion are similar for the (010), (110) and (100) faces, where
the overall growth rate of the lactose crystal is similar to the (100) face. The variance in growth

rate dispersion for the (010) face is twice that of the (110) and (100) faces and 10 times that of
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the (011) for the same temperatures and supersaturation (Dincer, Ogden, & Parkinson,

2009b).

Growth rate, G, is related to supersaturation, s, by the equation given by Dincer et al., (2009b):

_ Ea n
G = koexp(—ﬁ)(s —1Hn

Equation 21 Growth rate related by supersaturation

where k, (um?®.min?) is the frequency factor and E, (kcal.mol™) is the activation energy.

The variances for growth rate, o2 (um®.min?), can be found from the following equations
where variance increases exponentially with temperature and supersaturation (Dincer, et al.,

2009b; Shi, et al., 1989):

0F = ar(s — DPrexp(— o

Equation 22 Growth rate variance

where the constants a; and b, (-) are developed from non-linear regression.

However, experimental data has shown at low relative supersaturation below 0.6 the previous

equation does not hold, and the following equation was developed (Dincer, et al., 2009b):

oé = ajexp(by(s — 1))9XP(—R_;~

Equation 23 Growth rate variance at low supersaturation

2.3.3.1 Common History Seed

The use of common history seed crystals (Butler, 1998) is a particularly useful method for
modelling the growth rate dispersion of lactose crystallization in a batch setup. Common
history seed crystals are defined to all have had the same growth conditions (temperature,
supersaturation and time) and to have been nucleated at the same time. Sizes of common
history seed crystals are directly proportional to the growth rate multiplied by growth time,

and each crystal has an inherent growth rate which leads to growth rate distribution (Figure 8).
The use of common history seed crystals is underpinned by three assumptions:

1. Each crystal has a constant relative growth
2. No further nucleation occurs after the initial nucleation event

3. No breakage or agglomeration occurs during growth
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Figure 8 Growth of common history seed plotted on a linear scale; redrawn from Butler (1998)

2.3.4 Crystal Growth Measurement Techniques

There has been a great deal of research into various techniques for measuring crystal growth,

and the following list summarizes these with correlating articles.

Comparative techniques:

Comparing the rate of concentration change (Haase & Nickerson, 1966; Twieg &
Nickerson, 1968; Whittier & Gould, 1931)

Comparing the size of individual crystals (Michaels & van Krevald, 1966; van Kreveld &
Michaels, 1965)

Clusters of crystals (Nickerson & Moore, 1974)

Quantitative measurements:

Increase in weight (Bhargava & Jelen, 1996; Jelen & Coulter, 1973)
Increase in weight of seed crystals (Thurlby, 1976)

Equivalent circular diameter (Shi, et al., 1989)

Equilibrium crystal size (Shi, et al., 1990)

Heat of crystallization (Darcy & Buckton, 1998; Darcy & Wiencek, 1998)
Weight (Achilles, 1997)

Concentration (Loffelmann & Mersmann, 2002)

Water activity:

It is possible to determine the amount of a-lactose monohydrate from the water activity, thus

not being affected by coloured solution if using typical refractive techniques. The following
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linear relationships were experimentally developed for lactose with a mean absolute error of

0.037% (Bhandari & Burel, 2007):
Pure lactose solution, AL, = 1874.4Aa,, and whey solution, AL,, = 1155.2Aa,,

where AL,, (g lactose/100 g water) is amount of a-lactose monohydrate crystals and Aa,, (-) is

the difference in water activity after and prior to crystallization.
Raman spectroscopy:

Raman spectroscopy has successfully been used to distinguish between samples containing a-
lactose monohydrate and amorphous lactose (Murphy, Prescott, & Larson, 2005). X-ray
powder diffraction is commonly widely used but requires advanced hardware and thermal
analytical techniques and is also used for semi-quantitative determination of crystallinity of

lactose samples with amorphous regions.

Refractometry and laser light scattering have been used to measure lactose growth kinetics
such as growth rate constant and overall crystal size respectively (Mimouni, Schuck, &

Bouhallab, 2005).
2.3.5 Industrial Crystallization

Industrial lactose crystallization processes use concentrated whey permeates as feed stocks
(Figure 9). In addition to this, there is a preference for using sweet whey over acid whey. Sweet
whey with a pH of 5.9-6.3 is considered better then acid whey with a pH of 4.4-4.6 because of
the extra problems created from the high mineral concentration. Protein is removed to give a
whey protein concentrate stream, the concentrated lactose permeate is then crystallized in
large temperature-controlled batch crystallizers. The crystal slurry is put through a separation
stage of washing and drying to obtain final dried crystals. Butler (1998) investigated industrial
crystallized lactose characteristics, such as growth rates, solubility, mutarotation kinetics and
equilibrium alpha lactose ratio in permeate, concluding simulated whey ultra-filtrate

embodied these factors well.

Whey or . N
Concentration At .
Whey Permeate > j‘> Crystallization ) Separation

Figure 9 Generalized industrial lactose crystallization process

Typically the industry ds, crystal size is large, generally ranging from 200 to 500 um, with a
span in the range of 2 to 2.5 (Werner, Tretiakov, Paterson, & MclLeod, 2002). The industrial

focus is to maximise yield and therefore maximise the ds, particle size; span is usually an
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afterthought. Typical IGL has a smaller dsg and a narrower span; modified or alternative

production processes are required.

2.4 Narrowing the Particle Size Distribution

Many processes require particles with a small distribution of particle sizes, however the
lactose industry typically uses stirred batch crystallization processes and a wide distribution
band of particles is produced. New methods targeting nucleation and growth aspects have to
be designed to produce the narrow and consistent PSD that is required for IGL. Modifications

to existing commonly used industry techniques may also be appropriate.

2.4.1 Nucleation Techniques

2.4.1.1 Single Nucleation Event

Primary and secondary nucleation is a major factor contributing to the widening of the PSD. If
the crystallization process can be limited to a single nucleation event, then variation in the PSD
will be due to differential growth rates alone. New techniques to achieve this are being
developed, such as the application of ultrasound energy or orifice flow to supersaturated
lactose. Through the use of ultrasonic assisted crystallization, factors such as size, shape,
surface and PSD can be controlled. The application of ultrasound causes cavitation, which
causes a sudden increase in supersaturation, and thus nucleation is also increased.
Experiments showed that the best results for ultrasonication and controlling the PSD of lactose
came when glycerin was also added to the solution (Dhumal, Biradar, Paradkar, & York, 2008).
Approximately 50% of particles were found in the desired size range of 63 to 90 um compared
to approximately 30% under normal batch crystallization. A similar study on salbutamol
sulphate crystallization for pulmonary delivery found sonocrystallization produced fine
elongated crystals, in addition higher ultrasound amplitudes and lower temperatures produced

smaller crystals with a narrower PSD (Dhumal, Biradar, Paradkar, & York, 2009).

Flow through an orifice is another technique which could be used to produce a single
nucleation event. Orifice flow causes cavitation, which some attribute to temporary increases
in supersaturation, similar to ultrasonic energy. MclLeod (2007) concluded using flow through
venturi increased nucleation and was related to the orifice dissipating energy. This study also
showed the possibility for a single nucleation event to produce a desired and known number
of nuclei; Figure 10 shows a strong negative linear trend for crystals numbers formed and

Cavitation number. Continuous orifice nucleation is discussed further in Chapter 5. Use of this
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technique in combination with limitation of further primary and secondary nucleation, could

prove to be a successful way to produce a narrow PSD.
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Figure 10 Number of crystals formed versus cavitation number for varying office diameters and
constant relative supersaturation; reproduced with permission from McLeod (2007)

2.4.1.2 Supercritical Fluids

The use of dense gases or supercritical fluids for processing pharmaceutical compounds has
been discussed in detail by Foster et al., (2003) in a review article. A promising supercritical
fluid technique reviewed was the Aerosol Solvent Extraction System (ASES); see Figure 11. An
organic solvent is mixed with a dense gas antisolvent, and sprayed into a vessel. The solute is
precipitated and extracted from the solvent because supersaturation occurs. Small and
uniform particles can be generated from a high supersaturation. Rapid expansion of
supercritical solutions (RESS) offers fine particles with a narrow PSD, if a compound is soluble
in the supercritical solvent (Jarzebski & Malinowski, 1995). Gas-antisolvent crystallization (GAS)
is where a compound is first dissolved in a liquid, which has a greater solubility than in the

super critical antisolvent.

Research into the use of solution enhanced dispersion by supercritical fluids (SEDS) on lactose
(Palakodaty, York, & Pritchard, 1998), found that the rate of crystallization could be altered by
changing the carbon dioxide flow rate. The morphology of the resulting crystals was also
affected and the mean particle size was between 5 and 31 microns. Though not relevant to

lactose crystallization due to small particle sizes produced, SEDS has been shown to be
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successful in producing lactose blends with certain drugs for inhaler devices (Schiavone,

Palakodaty, Clark, York, & Tzannis, 2004).

Solute dissolved in Dense gas
organic solvent anti-solvent

Nozzle
High pressure
precipitation Dense gas
chamber anti-solvent

Solvent and
dense gas
anti-solvent

Figure 11 Schematic diagram of the ASES process; reproduced with permission (Foster et al., 2003)

2.4.1.3 Seeding

Seeding is widely used to control the PSD. By limiting primary nucleation, seeding can be used
to produce the desired secondary nucleation. In an ammonium sulphate crystallization seeding
experiment (Kalbasenka, Spierings, Huesman, & Kramer, 2007), it was found that the seeded
batch experiments produced a median crystal size with a lower spread than that of an un-
seeded crystallization, and hence a lower PSD. Approximately 100 um sieved seeds were used,
because below this size the seeds would dissolve in the initial solution. It was found that there
was initially negative growth as fines dissolved, followed by positive growth. In a similar
manner, a bisulfate salt was crystallized with a lower PSD (Kim et al., 2005). Although this work
focused on the acid base reaction for the salt produced, it was found that the seeds acted as
nuclei for growth. Also, by keeping the working level of supersaturation low, the secondary

nucleation rate can be limited and thus the PSD narrowed.

In a seeding study involving potassium alum (Doki, Kubota, Sato, & Yokota, 2001; Kubota, Doki,
Yokota, & Sato, 2001), it was found that a unimodal crystal product distribution could be
obtained once the critical seed concentration was reached. This occurred regardless of the
cooling mode used. Secondary nucleation is known to occur at high supersaturation
concentrations. Higher seed loading produced lower supersaturation peaks compared to lower

seed loading; thus secondary nucleation is decreased at higher seed loading.
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2.4.2 Growth Techniques

2.4.2.1 Droplet-Based Crystallization

Monodisperse emulsions are gaining interest as a method for controlling the PSD. Emulsions
consist of a dispersed and continuous phase, both of which are liquid. Using techniques to
control the size of the dispersed phase droplets, it is possible to control the upper size limit of
a crystal growing within a droplet. This is because the aqueous dispersed droplet is a reservoir
with a defined amount of solute. Slow and fast growing crystals are controlled to reach the

same final particle size after excess time; see Figure 12.
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Figure 12 Single crystal growth within a drop, A: Change in particle size with time for fast and slow
growing crystals, B&C: Rate change of size and concentration with time for fast and slow growing
crystals

The fast growing crystal will utilise all solute and stop growing, whereas the slow growing
crystal will take a longer time to use all the solute, but both crystals will reach the same final
particle size (R. D. Dombrowski, Litster, Wagner, & He, 2007). This method effectively
counteracts growth rate dispersion. A potential problem with this technique occurs in
microemulsions where the solute is able to transfer between droplets in the dispersed phase

leading to uncontrolled conditions (Elwell, Roberts, & Coupland, 2004).

Monodisperse emulsions must have a CV, Equation 24, of less than 10%, and different
methods are capable of achieving this. A technique which achieved a droplet CV of less than
10% was straight through microchannel emulsification (Kobayashi, Mukataka, & Nakajima,
2005). This technique pushes the dispersed phase up through a microchannel plate containing
small oblong gaps of known dimensions into the continuous phase flowing past. This particular
technique was also shown to have a relatively high throughput.
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SD
CV=—
X
Equation 24 Coefficient of variation (spread of size distribution)
where CV (-) is the coefficient of variation and SD (-) and X (-) are the number-based standard

deviation and mean of measured drop or crystal size.

Reversed micelles can be defined as emulsions of water in oil (Yano, Furedi-Milhofer, Wachtel,
& Garti, 2000), where water droplets are dispersed via a surfactant. It is possible to control and

study crystal growth when nucleating within reversed micelles.

By controlling the conditions for the emulsions it is also possible to change the properties of
the crystals formed. In the crystallization of glycine it was found that B and p polymorphic
forms were found in the emulsions where normally only the a polymorph is found from bulk
solution crystallization (Allen et al., 2002). It was also found that while macroemulsions, drop
diameter greater than 0.1 um, can control crystal size, microemulsions cannot as there is
material transfer between droplet boundaries (micellar domains) and crystals grow

significantly larger than the original microemulsion domain size.

Choice and mode of action for the emulsifier is essential when using emulsions as a means of
controlling size and morphology of crystals (Davey, Hilton, & Garside, 1996). Emulsions are
greatly affected by the dispersion phase hydrophobicity and mixed surfactant concentration,
and by controlling these, droplet size and PSD is altered (Yuyama, Watanabe, Ma, Nagai, &
Omi, 2000). The smaller the droplet, in microemulsions for example, the greater the
undercooling required for crystallization (Montenegro, Antonietti, Mastai, & Landfester, 2003).
An increase in undercooling is attributed to the suppression of heterogeneous nucleation and

the associated increase in the size of the metastable region (Montenegro, et al., 2003).

The use of emulsions is one method for creating a drop-based environment for crystallization.
It is also possible to create droplets within a carrier fluid spatially confined by external
equipment. R. D. Dombrowski et al., (2007) created lactose droplets of a known volume into a
carrier fluid which was subsequently held in capillary tubing, with a diameter close to the
droplet diameter. This technique was highly effective for narrowing the PSD, the crystal CV was
as low as 7% (span much less than 1), when considering drops with only one nucleated crystal.
However, a problem common to drop-based crystallization techniques is zero or multiple
crystals nucleating within a single drop; as shown in Figure 13. This leads to a wider PSD and
increases the crystal CV to 16%, which is still better than the typical bulk crystallization CV of

40% (span less than 1 and approximately 2 respectively).
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Figure 13 Lactose crystals growing within a drop; reproduced with permission (R. D. Dombrowski, et
al., 2007)

Another common issue to drop-based crystallization is ensuring the correct volume of the
droplets. This can be overcome using capillary techniques. Capillary flow experiments (Barrero
& Loscertales, 2007) have shown it is possible to control droplets down to the nano-meter
range. Using this technique there is also control of particle mean size and distribution. Many
other similar techniques also exist for achieving the desired result. Most common

methodologies for microsphere production (Berkland, Kim, & Pack, 2001) are:

- Precipitation
- Spraying
- Phase separation

- Emulsion techniques

Poly(p,.-lactide-co-glycolide) (PLG) microspheres have been fabricated via spraying through a
nozzle with acoustic excitation and an annular, non-solvent carrier stream (Berkland, et al.,
2001). The acoustic method produced droplets down to 30 um with a very narrow size
distribution, greater than 95% were within 1 to 1.5 um, whereas the carrier stream method

produced droplets down to 1 um but had a wider size distribution.

A microfluidic flow-focusing device was created to generate mono-dispersed droplets of
controlled shape and size, 10 to 1000 um, and then solidified in situ (Xu et al., 2005). Along
with a narrow size range and a controlled shape of particles, it was found that this technique
could be used with a range of materials and also has scale up potential, to produce a large
number of particles. Microfluidic crystallizations offer a unique way to control kinetic pathways
through the phase diagram and to gain a better understanding of nucleation and growth.
Droplet-based microfluidics is usually performed by creating a nano-sized droplet in an inert

carrier oil stream. In a recent critical review on microfluidic crystallization (Leng & Salmon,
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2009), this technique is becoming increasingly important for studying crystallization; features

of this technology are:

- High throughput experiments with low volume (~1 nL) can be achieved

- Exceptional control of mass and heat transfer allow precise kinetic routes to be
designed

- New experimental conditions can be created because of less turbulence and gravity

effects, confinement and large surface volume ratio
Types of data acquisition for microfluidic crystallization include:

- On-chip solubility measurements
- Probing polymorphism
- Nucleation kinetics (nL scale)

- Confined space nucleation and growth

Ju, Zeng, Zhang, and Xu (2006) used a microchannel reactor to crystallize zeolite NaA (a
mixture of silicate and aluminate). The microchannel reactor was essentially stainless steel
capillary tubing immersed in an oil bath. Although the aim of this experiment was to create a
fast continuous crystallization method, it was also found that the resulting crystals had a

narrow PSD compared to typical batch produced crystals.

2.4.2.2 Containerless Protein Crystallization

In typical batch crystallization, the nuclei in the supersaturated solution tend to attach to
various surfaces, such as walls, other particles, and the surface in contact with air; as a result
this effects the crystal morphology and requires a lower driving force than homogeneous
systems (Lorber & Giege, 1995). Lorber and Giege (1995) investigated a novel technique for
containerless crystallization in which a crystallization solution was placed at the interface
between two silicon fluids, essentially making them floating drops. It was found the behaviour
of these crystals was similar to crystals grown in sealed glass tubes, and heterogeneous

crystallization was minimized.

In a similar experiment to create containerless conditions and to study nucleation kinetics and
induction time, a levitated droplet system was used (Knezic, Zaccaro, & Myerson, 2004). This
Electrodynamic Levitation Trap allowed the suspension of a charged microdroplet inside an
electric field, where dust and environmental conditions are controlled. Induction times and
nucleation of droplets were found to be random, and were in accord with other experimental

values in the crystallization literature.
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Frontana-Uribe and Moreno (2008) have reviewed and discussed the use of internal and
external electric fields in protein crystallization. The use of electric fields is seen as a way to
counteract convective mass transport, caused by gravity, and it is believed a crystal with better

mechanical and optical properties can be obtained.

2.4.2.3 Gels

Typical batch crystallization requires heavy mixing to suspend the crystals, which avoids caking
and undesired aggregates. The main consequence of this is the widening of the PSD due to
increased secondary nucleation from particle interactions and heterogeneous growth from
random distribution of concentrations. The addition of a gel changes the viscosity of the
solution and suspends the crystals without agitation. This creates a homogeneous
concentration for growth and reduces the effects of secondary nucleation (Zeng, Martin,
Marriott, & Pritchard, 2000); these factors combine to narrow the PSD. A particular type of gel
that can be used for this purpose is a Carbopol® (The Lubrizol Corporation, Ohio, USA) gel. A
Carbopol® gel is a group of polyacrylic acid polymers cross-linked with either allylsucrose or
allyl ethers of pentaerythritol. Results using Carbopol® gels (Zeng, et al., 2000) enabled 73% of
the lactose crystals to be grown within the desired inhalation grade lactose particle size range
of 60 to 90 um (span much less than 1). However, relating back to IGL production objectives of

the current work, potential purity issues was a barrier to using this technique.

2.4.2.4 Real Time Monitoring

It is important to mention that through the precise control of the crystallization process, it may
be possible to adequately control the PSD to within the desired conditions. Antisolvent such as
ethanol, can be added, which increases nucleation, and solvent (water) is added to dissolve
fines and drives the process into the under-saturated zone; this is the principle behind direct
nucleation control (DNC) of crystallization, in combination with heating or cooling (Abu Bakar,
Nagy, Saleemi, & Rielly, 2009). In DNC a Lasentec® (Lasentec Corporation, Washington, USA)
focused beam reflectance measurement (FBRM) is used to count newly formed particles. The
main results from this are that larger (>250 um) particles are maximized where smaller (<22

um) particles are dissolved and kept to a minimum, thus narrowing the PSD.

Liotta and Sabesan (2004) also demonstrated the use of real time feedback to control
crystallization, and produce a narrow PSD. Their experiment combined in situ laser
backscattering with in situ total reflectance Fourier transform infrared (ATR-FTIR)
spectroscopy. The feedback mechanism controlled supersaturation by adjusting the
temperature level, corresponding to a previously experimentally determined metastable
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curve. This system again promotes growth, and limits nucleation rate. More recent results
using the ATR-FTIR technique (Yu, Chow, & Tan, 2006) also support the idea of being able to
control PSD. Seeding control, through size distribution and loading, was found to be important.
Paracetamol with crystal sizes above 400 um was crystallized with CV’s as low as 23%. This
type of control is known as closed loop supersaturation control or S-control. However, typical
industrial practice is to use temperature cooling profiles or T-control. Interestingly in a
crystallization experiment with glycine, S-control did not appear to improve crystal quality
significantly over T-control (Chew, Black, Chow, & Tan, 2007). This was attributed to the fast
growth characteristics of glycine, but a significant improvement was found between seeded

and un-seeded solutions for both T-control and S-control.
2.4.3 Modified Industry Techniques

With modified use of existing crystallization technologies the possibility exists to directly
produce inhalation grade lactose with the desired narrowed PSD online with the crystallization
process. The existing industry crystallization production focus needs to be changed from purely
maximising yield, which generally means larger particles and a wide PSD, to producing the
desired narrow and constant PSD of crystals. This is an aspect seemingly missing in detail in the
literature, and warrants further investigation. Figure 14 below shows the main industry paths

to solid liquid separation which could be used for obtaining a narrow PSD

By gravity _| In classifiers
Settling By centrifugal force In thickeners
By heavy media
By flotation

By magnetic force By gravity
By pressure

Separation by On screens By vacuum

On filters Tubular membranes
Filtration Crossflow units Flat sheet membranes

Rotating filter elements
Batch presses Screw presses
) Rolls

Expression Continuous presses Relt nresses

Figure 14 Main industry paths to solid-liquid separation; redrawn from Green and Perry (2008)

The rest of this section looks into the settling options, ignoring the filtration and expression

techniques due to likely surface crystal growth, blockages and contamination issues. Industrial

30



techniques of milling and sieving are already used for obtaining narrow PSDs and have been

discussed previously in Section 2.2 Dry Particle Inhalers.

2.4.3.1 Gravity Sedimentation
Clarifiers or settlers are affected by the following feed characteristics (Green & Perry, 2008):

- General chemical makeup of the solids and liquor phases
- Feed solids concentration

- Particle size distribution

- Particle specific gravity

- Liquid specific gravity

- Liquid-phase dissolved materials concentration

- Temperature

- pH

For sedimentation of different binary sized particles it has been found that the total hold up,
ap (-), is an important characteristic for the particles to settle without particle interaction
(Lockett & Al-Habbooby, 1973). Each particle falling through liquid has an upward interstitial
velocity, u; (m.s™) with respect to walls of the tube:

Q

YT A A —ap

Equation 25 Upward interstitial liquid velocity
where Q (m®s™) is the upward volumetric flow rate and A, (m?) is the tube cross sectional

area.

The particle fall velocity, v, (m.s™) and vg (m.s™), of large and small particles with respect to

the walls of the tube:

ahLAc

%7

Equation 26 Large particles fall velocity relative to tube wall

Ss
US =
ahSAc

Equation 27 Small particles fall velocity relative to tube wall
where §; (m*.s™) and S (m*.s™) refers to volumetric down flow of large and small particles,

and ay, (-) and ays (-) are the large and small particle total hold up.
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Particle slip velocity is calculated by summing the upward interstitial liquid velocity and the
particle fall velocity. When «a, is less then 0.4 it can be assumed particle interactions do not
occur (Lockett & Al-Habbooby, 1973), and the Richardson and Zaki equations (Richardson &

Zaki, 1997) apply for particle fall velocities, for example large particle:

— TlL—l
w + v, = Veo(1 — ap, — Aps)

Equation 28 Large particle fall velocity
where v, (m.s™) is the terminal fall velocity of a single isolated particle and n; (-) is an

exponent constant.

Figure 15 Zones of batch sedimentation of binary mixture
There are distinct zones in batch sedimentation of binary mixtures (Lockett & Al-Habbooby,
1973), as can be seen in Figure 15. Starting from the top there is the clear liquid zone (no
particles), first zone (only small particles present), and second zone (small and large particles

present).

2.4.3.2 Inclined Settlers

A continuous inclined settler is capable of separating particles on the basis of size and density
(Figure 16), and Davis & Gecol (1996) have developed a model to predict this. Faster settling

particles separate on the inclined surface where they primarily make up the coarse underflow.

clear fluid
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Figure 16 Inclined settler with overflow; reproduced with permission (Davis & Gecol, 1996)
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Davis, Zhang, and Agarwala (1989) have formulated a model which predicts the PSDs obtained
in the overflow and underflow of a continuous inclined settler, shown schematically in Figure
17. By changing the value of the correction factor for settling velocity, k; (-), the theory can be
extended to concentrated solutions, where hindered settling effects become more important.
A consequence of increased hindered settling, particle concentrations greater than 10%, is that
a higher amount of slower settling, smaller particles are present in the overflow (Davis &
Gecol, 1996). If the goal is to remove smaller particles, increasing feed concentration improves

efficiency.

Q

Overflow

Figure 17 Continuous inclined settler for steady-state particle classification; reproduced with
permission (Davis, et al., 1989)

It was found by both theory and experiment (Davis, et al., 1989) that a single batch inclined
settler was rather inefficient, with the coarse fraction containing particles of all sizes.
Improvements on this model and experiments were carried out with an underflow-product
recycle stream for single and multiple inclined settlers (Zhang & Davis, 2002). Low recycle rates
improve efficiency, with greater amounts of fines in the overflow and a coarser underflow, but

higher recycle rates cause instabilities in the settler and thus efficiency is decreased.

2.4.3.3 Fluidized Bed

Inclined plates increase efficiency of liquidized fluidized bed segregation rates (Doroodchi,
Fletcher, & Galvin, 2004). Doroodchi et al.,, (2004) improved on a previously developed
kinematic model (Galvin & Nguyentranlam, 2002) where the suspension concentrations and

length of suspension along an inclined channel were reported against fluidization velocity. The

33



model was found to give an accurate description for the batch system and could be modified
to predict results for a continuous system. A computational fluid dynamics model study
(Doroodchi, Galvin, & Fletcher, 2005) has been carried out giving similar results to a kinematic
model in predicting the expansion behaviour. This model is not recommended for use due to
its complexity but does provide information regarding the flow behaviour of the system. More
recently a generalized segregation and dispersion model has been developed (B. K. Patel,
Ramirez, & Galvin, 2008), using a shell balance approach, and validated against binary system

experimental data.

2.4.3.4 Lamella and Tube Settlers

Lamella settlers are essentially inclined channels stacked together to form channels. Slurry is
fed in near the middle to the top of the lamella, and particles are removed via gravity
separation. Co-current flow occurs with the slurry flow and “sludge” that settles out on the
lamella plates, where an upward flow of the effluent is induced. Typical lamella plate angles

are between 45 and 60° (Leung & Probstein, 1983).

In tube settlers the slurry flows up an angled tube and sludge settles out in a counter current
manner. A higher settling angle is required to settle the same amount of sludge since
gravitational forces are opposed in counter current flow (Leung & Probstein, 1983). Both

lamella and tube settlers are efficient at removing fine particles.

2.4.3.5 Reflux Classifier

A reflux classifier, seen in Figure 18, is a combination of a traditional fluidized bed and inclined
lamella settler, which enables a higher system throughput (Laskovski, Duncan, Stevenson,
Zhou, & Galvin, 2006). Reflux classifiers can include multiple inclined plate sets to remove
different fractions from the feed (Nguyentranlam & Galvin, 2001; Zhang & Davis, 2002).
Laskovski, et al., (2006) worked out an empirical relationship for segregation efficiency, which
is related to throughput. The product of the Reynolds number and aspect ratio of the inclined
channels accounted for loss in segregation efficiency. The general segregation efficiency, n (-),

equation obtained was:

1
n = 1/3
1+ 0.133 cos 8 Re,’*(L/w,)

Equation 29 Reflux classifier segregation efficiency
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where 6 (°) is the channel angle of inclination, Re,, (-) is the particle Reynolds number based
on terminal velocity, L (m) is the channel length and w,, (m) is the perpendicular distance of

the channel.

At high enough Reynolds numbers, settling is no longer affected by particle size and particle
density becomes the main factor. Also, a higher channel aspect ratio increases particle re-
suspension and moves towards density based separation (Zhou, Walton, Laskovski, Duncan, &

Galvin, 2006).

It is possible to determine, with some accuracy, the operational cut point and throughput
factor of a particular reflux classifier system through kinematic analysis. Nguyentranlam and
Galvin (2001) predicted a cut-point within 9% using the operating parameters and geometry of

the inclined channel.
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Figure 18 Semi-batch reflux classifier; reproduced with permission (Laskovski, et al., 2006)
Doroodchi, Zhou, Fletcher and Galvin (2006) carried out research into a modified reflux
classifier, which showed improved classification and higher throughputs. In this work a reflux
classifier was essentially split fed fluidizing water, so only a small fraction of feed water was
introduced at the base and rest was introduced in the side of classifier higher up. Laminar

conditions were able to be achieved at the base because of lower fluidizing velocities and thus
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improved separation occurred in the underflow. A sharpness index, S/ (-), shown in Equation

30, as high as 0.91 was reached for the separation, from an initial SI of approximately 0.67.

das

Sl =
dzs

Equation 30 Sharpness Index
where d,s (um) and d,s (um) are the sizes of a particle having a 25% and 75% probability

respectively of reporting in the underflow.

2.4.3.6 Settler or Elutriator

An elutriator can be considered as a very simple, but useful separating device. A vertical tube
elutriator basically consists of upward flow of water in a tube, with a solids feed point
generally around the middle of the tube (Biddulph, 1986). Particles with a terminal settling
velocity lower than the water velocity will be carried into the overflow and particles with a
greater terminal settling velocity than the water velocity will appear in the underflow. Due to
turbulence from high water flows the separation process does not occur at 100% efficiency,

with small particles in the underflow and large particles in the overflow (Biddulph, 1986).

In a vertical tube elutriator the use of baffles is needed to reduce small particles in the product
under flow. This is because without baffles, the velocity is highest in the middle of the tube
and near zero at the walls. A downward particle flux then occurs at low velocity near the walls
where smaller particles can travel downwards (Biddulph, 1983). Pressure drop in elutriators
can be decreased with correctly spaced wall baffles (Davies & Graham, 1988; Davies &

O'Hagan, 1988).

2.4.3.7 Hydrocyclones

The hydrocyclone can be compared to an enhanced sedimentation process under higher forces
of gravity (Moir, 1985). Heavier and larger particles are thrown towards the outer walls of the
cyclone and move downwards and out through the underflow, while smaller particles remain
in the centre and move up through an air core in a spiral pattern into the overflow.
Hydrocyclones can be designed to remove particles down to a size of 44 um (Lakos separator).

Figure 19 illustrates the principle parts and flow patterns occurring in a hydrocyclone.
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Figure 19 Principle parts of cyclone and flow patterns; reproduced with permission (Moir, 1985)

Table 3 below summarises the advantages and disadvantages of using a hydrocyclone.

Advantages Disadvantages
Simple Must be feed at a constant volume and solids
concentration for successful operation
Compact Require careful protection from oversized
feed
No moving parts High power consumption
Inexpensive High wear

Minimum feed hold up

Cut size related to throughput

Short residence time

Able to make separations at finer sizes than
mechanical classifiers

Table 3 Advantages and disadvantages of hydrocyclones

Many hydrocyclones exhibit an unexpected increase in the separation curve in the fine particle

range; see Figure 20. This increase is known as the fish-hook effect and has been observed and

studied by many researchers (Gerhart, 2001; Kerkhoff, 1997; Kraipech, Chen, Parma, &

Dyakowski, 2002; Neesse, Dueck, & Minkov, 2003; Plitt, 1971; Roldanvillasana, Williams, &

Dyakowski, 1993). This effect is where certain particles appear to settle faster than the velocity

described by Stokes law. If the desired ds, particle range is 50 to 90 um, this effect is not

expected to be a problem.
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Figure 20 Recovery and corrected recovery curves; reproduced with permission (Moir, 1985)
Liu, Chu, Wang, and Yul, (2008) have shown that pre-settling particles before entering the
hydrocyclone increases the particle classification efficiency. Seen in Figure 21 below, the

traditional hydrocyclone has been modified with a volute chamber which arranges the

particles to enable greater separation, giving a coarser underflow and a finer overflow.
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Figure 21 Traditional (a) and new-type hydrocyclone (b) with volute chamber; reproduced with
permission (Liu, et al., 2008)

In another attempt to increase particle separation of hydrocyclones, two 10 mm

hydrocyclones were connected in series (Hwang, Lyu, & Nagase, 2009). It was found that the
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dso value can be decreased significantly but the dio cannot. Ultimately the particle

classification sharpness cannot be improved, which was attributed to the fish-hook effect. In

addition to these results it was found that when Stokes number exceeds a critical value it can

accurately describe the efficiency of the hydrocyclone. Separation efficiency is also affected by

temperature conditions. In experiments using 10 mm hydrocyclones (Cilliers, Diaz-Anadon, &

Wee, 2004), when increasing from 10°C to 60°C, there was increased dewatering due to a

higher bypass which also caused a lower cut size, but classification efficiency decreased.

The air core in a hydrocyclone produces a vortex, causing radial and axial turbulence just under

the vortex finder (Chu, Yu, Wang, Zhou, Chen, & Dai, 2004). Chu et al., (2004) carried out

experimental work which showed the replacement of this air core with a solid core could

increase the separation efficiency. A higher separation sharpness and lower corrected cut size

was found, although when the cone shape was changed from parabola type to hyperbola type,

separation performance improved dramatically.

2.4.4 Span Summary

Summarised in Table 1 are the narrow PSD methods discussed and the dso, span and impurity

relevance to the desired IGL production objectives. Droplet based crystallization, settling and

hydrocyclone classification appear most promising as they satisfy the dso, span and impurity

objectives.
Method Usable Summary
Typical industrial batch No dso generally >>90 um, span>1
Sieving and milling Yes Current IGL post crystallization processing
methods
Single nucleation event Yes Successive nucleation acts to increase span
Supercritical fluid No dso generally <<50 um, span<1, potential
contamination issues
Droplet based Yes dso control to 50-90 um, span<1, limited to drops
on a surface due to contamination criterion
Gels No dso control to 50-90 um, span<1, contamination
issues
Real time monitoring and No Fines removal via supersaturation control,
antisolvent contamination issue
Seeding Maybe Doesn’t reduce span, controls nucleation event
Settling Yes dso control to 50-90 um, span<1, no contaminants
Hydrocyclone Yes dso control to 50-90 um, span<1, no contaminants

Table 4 Narrow PSD techniques relevance to IGL production
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2.5 Conclusions

Inhaler grade lactose is most commonly used as a drug carrier in asthma inhalers and the
desired properties for this work are a ds, of 50 to 90 pum, span less than 1 and no
contaminants. Due to growth rate dispersion, typical industrial crystallization processes
produce lactose crystals with a wide particle size distribution and a span of around 2.
Crystallized pharmaceutical grade lactose commonly undergoes additional processing in the
form of milling and sieving to achieve the consistent properties required for inhaler grade

lactose.

The literature review investigated factors relevant to lactose crystallization with a focus on
methods to produce a narrow particle size distribution. Successive nucleation events increase
the particle size distribution and the use of a single nucleation event with subsequent

controlled growth conditions will be core to any new crystallizer design.

Three potential methods for producing a narrow particle size distribution were proposed for
further investigation: droplet growth (crystallization), hydrocyclone (separation) and inclined

settler (separation). The next chapter assesses these techniques.
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Chapter 3 — Potential IGL Production Methods
The use of droplet growth, settling, or a hydrocyclone were found in Section 2.4 to be
prospective methods to achieve the desired IGL production objectives. A more in-depth look

into the theoretical span predictions for each method is presented below.

3.1 Droplet Growth

One of the techniques found important from the literature for narrowing the PSD, was growing
a lactose crystal within a drop. A theoretical model was developed which shows particle
diameter increase with time for a single lactose nucleus within a lactose solution drop; refer to
Appendix A.9 for the assumptions and Matlab code. This model utilized the maximum size a
crystal can grow to in a drop (Equation 31), crystal growth (Equation 15), and changing
supersaturation with time. Diffusion was estimated to be faster than particle growth and
therefore was ignored. The initial lactose droplet concentration is specified, which determines
the droplet volume needed for a desired crystal size. The simulation for a maximum crystal size
of 80 um can be seen in Figure 22 below. The initial growth to 70 um is fast, but as the lactose

concentration in the drop depletes, the growth of the crystal slows down.

Bmax

_ (Vaps((€r/(100 + Cp) — €,/(100 + C)\
B < 0-95anlc )

Equation 31 Maximum crystal size in a drop (R. D. Dombrowski, et al., 2007)
where By, 4, (M) is the largest dimension (height) of the tomahawk crystal, ay (-) is the shape
factor (estimated to be 1/12), total volume of the tomahawk is therefore equal to B3 ay, Vg4
(m?) is the droplet volume, Pr (kg.m™) is the fluid density, and p;. (kg.m™) is the lactose crystal

density.

The shape factor is equivalent to a conversion factor, where ay, for a sphere would be /6.

Diam eteripm)

Figure 22 Growth time for a crystal to reach a specified diameter within a lactose drop
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By controlling the droplet size and concentration, and assuming one nucleus per drop, growth
rate dispersion can be counteracted to produce a very narrow crystal span. From the results of
the theoretical model, a plan was put in place to design and build a device which could place
lactose drops of a desired volume onto a surface and automatically take images, as depicted in

Figure 23.

Motorised stage

Drop Surface

Figure 23 Automated drop on demand and imaging device

The device built was modified from an automated pollen image analyser (Pollen Research
Team, Massey University), to include a lactose dropper, but was only partially completed. A
plain surface, with no additional carrier medium such as oil, was utilized for growing the
lactose due to the specifications of high lactose purity required for IGL. The second function of
this device was to have the capability of monitoring the change in each crystal size with time
via image capture. The main task left for completing this device was the installation of a
piezoelectric droplet device, required to create one off lactose droplets of a desired volume on
demand. Due to the time consuming nature and potential scalability issues, the development

of this method was abandoned.
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3.2 Inclined Settler

Crystallization using the external separation technique of continuous inclined settlers is an
existing technology with the potential to obtain a narrow PSD. Theoretical inclined settler
equations from the literature were solved to determine product PSD and potential yield. For
an inclined settler, the normalized probability size density function, on a volume basis, P(v)
(s.m™), is given by the following equations, where subscripts o,u and f corresponds to

overflow, underflow and feed respectively (Davis, et al., 1989):

(Q0 — S0P, ()
I = Tu
W= 170, — 5B v

whenu < u,

Equation 32 Normalized probability size density function for the overflow contition 1

P,(v) = 0whenu > u,

Equation 33 Normalized probability size density function for overflow condition 2

QsPr(v) — P, (v) f;‘C(Qo — S(v))Pr(v)dv
Qr — [ (Qo — S@))Pr(w)dv

IACE

Equation 34 Normalized probability size density function for underflow

Volumetric inclined settling rate, S(v) (m>.s™), is given by:
S(v) = uw(Lsin6 + w, cos 6)

Equation 35 Volumetric inclined settling rate

Settling velocity, u (m.s™), is given by:

_ kyd*(ps = pr)g
- 184,

Equation 36 Settling velocity related using Stokes law

where is Q (m*.s™) is volumetric flow rate, w (m) is channel width, k; (-) is the correction factor
for settling velocity, d (m) is particle diameter, pg (kg.m™) is solid density, g (m.s?) is gravity, p,

(Pa.s) is viscosity of the fluid, and u. (m.s™) is the cut off settling velocity for the overflow.

The equations were solved such that feed with a starting span of 1.08, was continuously
passed through Settler 1 with a 100 um cut, and the overflow was then processed by Settler 2
with a 60 um cut. The overall process is depicted in Figure 24, although not modelled it is

assumed crystals coming from settler 2 would undergo a centrifuge step remove excess liquid.
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Figure 24 Simplified continuous process flow diagram (PFD) of an inclined settler setup; Appendix A.9
contains the same PFD with stream concentrations for each processing step

Theoretical results using a single 100 um inclined settler cut reduces the initial PSD span from
1.08 to 0.66 (Figure 25). The subsequent 60 um cut further reduces the span to 0.57 (Figure
26). The starting dso changed from 93 to 62 um with the first cut, and then to 65 pm with the

second cut. An overall yield of 20% was predicted.
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Figure 25 Simulated inclined settler cumulative PSD after 1% 100um cut
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Figure 26 Simulated inclined settler cumulative PSD after 2" 60pm cut
The simulation predictions for two inclined settler cuts satisfy the desired IGL production

objectives for span and ds,.

3.3 Hydrocyclone

In a similar manner to the inclined settler, hydrocyclone equations were solved with a starting

feed span of 1.08 undergoing one hydrocyclone cut. Flintoff, Plitt and Turak, (1987) have given

following equations for hydrocyclone performance, which were used for determining the

effectiveness of a hydrocyclone as a classification method for lactose crystals:
39.7D9.46Di0.6D3.21‘uv0.560.0636{;

dSOC = Fl 0 1 ko
0.71150.3870.45 [Ps —
D7 ho38Q0s [P

Equation 37 The corrected cut/classification size

Dczh 0.15 (—1.585)
m, = F,1.94 0 e\ 1+§

Equation 38 The classification index
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where dso. (M) is the corrected cut size, m. (-) is the classification index, AP (Pa) is the
pressure drop, S (-) is the volumetric flow split, C(d) (-) is the classification function, Rf (-) is
the recovery of water to the underflow, S(d) (-) is the selectivity function, D, (m) diameter of
cyclone, D, (m) diameter of vortex finder, D,, (m) diameter of spigot, D; (m) diameter of inlet,
h (m) free vortex height, P. (Pa) is the cyclone inlet pressure, C"; (%) is the percent solids in
feed by volume, d (m) size of particle, p, (kg.m?) density of feed pulp, F;,F,, F3,F, (-) are

calibration parameters and k,, (-) is an exponent for the effect of solids density, and F(d) (-) is

1.88Q1.860.0055C5
Dg'37Di0'94h0'28(D5 + Dg)0.87

AP = F;

Equation 39 The pressure drop

18.62pg'24(Du/D0)3'31h°'54(D5 + D§)0.3seo.005465’
= f pliip 024
c [

Equation 40 Volumetric flow split (volumetric flow in underflow/volumetric flow in overflow)

C(d) =1—exp[—0.693(d/dsp.)™]

Equation 41 Classification function

Equation 42 Recovery of water to underflow

S(d) = C(d) + Re(1 — C(d))

Equation 43 Selectivity function

0(d) = F(d)(1-5(d))
U(d) = F(d)S(d)

Equation 44 Overflow and underflow PSD, O(d) and U(d) respectively

the feed PSD.

The result of a single hydrocyclone cut with a dso.=60 um (Figure 27), achieved a span of 0.66,

dso of 56 um and overall yield of 17%. The use of a hydrocyclone cut also satisfied the desired

IGL production objectives for span and ds.
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Figure 27 Hydrocyclone cumulative PSD with a ds,. of 69um

3.4 Potential IGL Production Methods Summary

The droplet method has great promise to produce a tailored narrow PSD, but was rejected due
to scalability issues. Theoretical calculations were carried out for an inclined settler and
hydrocyclone using a feed with an 80 um log mean normal distribution. Two cuts were made
with the inclined settlers, where performance was not affected by which way around cuts
occurred (Figure 25 and Figure 26). Only one pass was made for the hydrocyclone feed (Figure
27), because attrition and yield problems are expected with more passes. A summary of the
results can be seen in Table 5 below. Section 7.4.4.5 also shows that a hydrocyclone cut can

still achieve a final span of less than 1 when the input span is higher (spans of 1.4-1.8).

Inclined Settler Hydrocyclone
Span =0.57 Span =0.66
Overall Yield = 20% Overall Yield =17%
Little to no attrition Attrition problems expected
Dilution hassles Theoretically can handle concentrated
Relatively slow, but good separation results suspensions
Best Option Fast, but average separation results

Table 5 Comparison of results for inclined settler and hydrocyclone
It was established in theory that inclined settlers and a hydrocyclone cut would work to obtain
the desired IGL dsq and span, with the inclined settler chosen as the best option. However both
these methods are external separation techniques with low vyields. It is desired to obtain a

narrow PSD directly from the crystallization process.
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3.5 Continuous Settling Crystallizer

Instead of externally processing a crystallization stream with an inclined settler, a
crystallization step incorporating settling, termed the continuous settling crystallizer (CSC) is
proposed for theoretical development and is discussed in detail in Chapter 6. The basis for the
CSC involves feeding a pre-nucleated stream into the bottom of a vertical column which flows
up to the top under laminar conditions. Growth of the nuclei and settling of large crystals
occurs inside the column. Once the nuclei have grown to a large enough size, where the
terminal particle settling velocity opposes the fluid velocity, they will settle out from the
column. An inherently slow growing crystal will travel further up the column before growing to
the terminal particle diameter compared to an inherently fast growing crystal. Different
growth rate crystals settle out from the column at the same final particle size, counteracting

growth rate dispersion.

3.6 Conclusions

Three potential methods for producing a narrow particle size distribution were studied in
detail: droplet growth (crystallization), hydrocyclone (separation) and inclined settler
(separation). Droplet growth counteracts growth rate dispersion by controlling the maximum
size a crystal within the drop can reach. This process is ideal for tailoring a narrow particle size
distribution; however issues occur with scalability and producing drops without contamination.
A hydrocyclone separates fines from large particles using centrifugal force, while an inclined
settler uses gravitational force. Both methods, in theory, are capable of processing a post-
crystallized lactose stream to a span less than one, with the inclined settler being slightly more
efficient. These methods were considered to be additional processing steps; therefore the
novel method of combining a single nucleation event and incorporating laminar settling into a
continuous crystallizer, termed the continuous settling crystallizer, was proposed for further

development.
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Chapter 4 — Lactose Stokes Shape Factor
Parts of this chapter have been published in a paper titled “Stokes Shape Factor for Lactose

Crystals” (Shaffer, Paterson, Davies, & Hebbink, 2011).

4.1 Introduction

The previous chapter into potential new crystallizer designs for producing inhaler grade lactose
(IGL) concluded that a crystallizer which incorporates settling would be a worthwhile
development. Gravity settlers and classifiers used in the production of particles of a specific
size range require knowledge of the particle settling parameters. Settling parameters can be
readily predicted for spherical particles using established relationships for drag coefficients
widely available in the literature and standard texts. Lactose crystals, however, are not
spherical and while there are several approaches to estimating the settling velocity of a non-
spherical particle, these all require information on particle shape. Generally, lactose crystals
conform to a well-defined geometry, exhibiting a tomahawk shape (van Kreveld & Michaels,
1965; Walstra, Jenness, & Badings, 1984) as depicted in Figure 28. The two principal
dimensions, as can be measured when the crystal is lying on a flat surface in its most stable
position, are its height, B, and its width, A. But, despite their importance industrially, there is
little definitive information on shape that can be used with confidence to predict their terminal

settling velocity.

&
h 4

Figure 28 Diagram of tomahawk shaped alpha-lactose crystal; redrawn from van Kreveld and Michaels
(1965)

Factors for characterizing particle shape are used in widely differing contexts, and are defined

in many different ways. For example researchers (Bouwman, Bosma, Vonk, Wesselingh, &
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Frijlink, 2004) were interested in quantifying the shape and roughness of granulated
pharmaceutical powders and considered eight different shape factors. Their work concluded
the combination of a roughness factor and a new projection shape factor gave a good
indication of granule shape and roughness. Stokes shape factor has also been related to

sphericity of non-spherical agricultural particles for flowability (Xie & Zhang, 2001).

In this work, interest resides in particle descriptors that enable the estimation of terminal
settling velocity, u, (m.s™), at very low particle Reynolds numbers, Re, (-), and attention has

been confined to the Stokes shape factor, k; (-).

For Re, <~1, Stokes law applies well, and the terminal velocity of a spherical particle is explicitly
related to particle density, p, (kg.m™), fluid density, pf(kg.m's), fluid viscosity, u,, (Pa.s), particle
diameter, d (m), and acceleration due to gravity, g (m.s), by the expression given in Equation
45; see for example, Rhodes, (2008):
_d*(ps—pr)g
‘ 18,
Equation 45 Crystal terminal settling velocity
The utility of using k;, defined in Equation 46, in calculations with non-spherical particles was

demonstrated by Pettyjohn and Christiansen, (1948):

Ut
ks = —
tv

Equation 46 Stokes shape factor
where u;, is the actual terminal settling velocity of a particle; u,, (m.s™) is the terminal settling
velocity of a spherical particle having the same density and volume as the particle volume, V,

(m®); the equivalent volume diameter of the particle, d, (m), used in the calculation of uy, is

6. 13
thus [— Vp]

i
Using Equation 45, writing u; in terms of a Stokes diameter, ds; (m), defined as the diameter of
a spherical particle of the same density and the same terminal velocity, writing u,, in terms of

d, and then substituting into Equation 46, it follows that:

_ dgt?
@_EM%

Equation 47 Stokes shape factor in terms of particle volume
Thus if V,, can be measured or estimated, and an appropriate value of k;; is known, the terminal

settling velocity of a non-spherical lactose crystal can be calculated. The work described here
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was undertaken to directly measure ks; for lactose crystals and to investigate the relationship

between sedimentation characteristics and crystal geometry.

4.2 Experimental

4.2.1 Crystal Preparation

Measurements were made on crystals sampled from populations grown in quite different
environments. Lactose crystals were obtained from a process line before milling and rinsed
with distilled water. However, typical stirred vessel crystallization methods cause damage to
the lactose crystal morphology. To assess the effect of this crystal damage, large undamaged

tomahawk shaped lactose crystals were grown in a supersaturated lactose agar gel.

Forty grams of pharmaceutical grade alpha lactose monohydrate (DMV-Fonterra-Excipients,
New Zealand) were dissolved in 100 grams of distilled water in a beaker by heating the
solution to 80°C. Agar-agar was added (1 g), mixed and dissolved. The solution was then
poured into two 200 mL test tubes, which were then placed in a 25°C water bath to cool.
Before the solution had gelled - agar gels at ~38°C - approximately 0.1 g 300 micron lactose
seed crystals (pharmaceutical grade alpha lactose monohydrate, DMV-Fonterra-Excipients,
New Zealand) were dropped into the tubes. All tubes were then kept in the water bath at 25°C.
After 48 hours the test tubes were examined for crystals. To recover grown crystals, the test
tubes were heated slightly to 40°C, softening the agar gel. To fully dissolve the agar gel would
have required heating to at least 85°C, which was not desirable as this would have also
dissolved the lactose crystals. Most of the agar was dissolved by lowering the pH of the
solution to pH=0 by adding 36% HCI. Undissolved gel lumps were removed by a coarse filter
under vacuum while desired crystal size was retained. The crystals were washed with lactose
solution, filtered again and rinsed with distilled water and then dried in an oven at 80°C for 2

hours.
4.2.2 Terminal Velocity

The principal dimensions, A and B, of individual crystals were measured under a microscope;
see Figure 28. The crystal weight for the first 9 gel-grown crystals was also measured using

high precision scales (Sartorius M2P), to an accuracy of 1ug.

Settling experiments were carried out by dropping single crystals into a transparent
sedimentation vessel so that they fell along its longitudinal axis. They were allowed to fall
through 50 mm to reach terminal velocity, then the time taken to travel a known distance was

measured using a stopwatch; the process was repeated five times. For the first 9 gel-grown
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crystals, the sedimentation vessel was a 500 mL measuring cylinder and the distance traversed
was 100 mm; and the crystals were collected for recycling using a stainless steel cup positioned
below the traverse zone (Figure 29). For all the other crystals, both the remaining gel-grown
crystals and the plant-grown crystals, the sedimentation vessel was a 1 L beaker and the
traverse distance was 60 mm; instead of collecting the crystals in a cup, they were allowed to

fall to the bottom of the beaker and were removed and recycled using a pipette.

oM % o Mo®
Traverse Zone

Figure 29 Initial sedimentation vessel consisting of a 500mL measuring cylinder

The sedimentation vessel contained fluid consisting of glycerol and supersaturated lactose
solution (30 grams of lactose per 100 grams of water). Glycerol was used to control the
viscosity of the lactose solution so that Re, <~1 and Stokes law was applicable. The settling
fluid temperature was equilibrated with the surrounding air temperature, which varied
between 20-25°C. The settling fluid viscosity for the temperature range was measured using a
RHEOPLUS/32 V2.81 rheometer. The glass sphere method was also used for comparison. In the
glass sphere method, a spherical glass bead of measured density and diameter is dropped into
the fluid, and its terminal velocity measured; viscosity is calculated using Equation 45. New
settling fluid solutions were prepared and viscosity altered appropriately for each crystal size.
The viscosities ranged from 0.005 to 0.111 Pa.s. The density of fluid in the measuring cylinder
ranged from 1128 to 1227 kg.m™.
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4.3 Results
4.3.1 Gel Selection

Before large undamaged alpha-lactose monohydrate crystals were grown for settling
experiments, tests were carried out to determine the best gel to grow lactose crystals. The
specifications for the gel required were to be able to grow single large crystals, to be a gel in
room temperature, and be easy to extract the lactose with minimal processing after growth.
The gels available for testing were: alginate, xanthan gum, gellatin, gellan gum, pectins, k and A

carrageens, and agar. Williams and Phillips (2000) cover the gel information discussed below.

Alginates are thermally irreversible and were not considered for crystal growth, due to the
difficulty of crystal extraction. Xanthan gum is resistant to degradation by acids and bases, high
temperatures, freezing and thawing, enzymes and prolonged mixing, and was also not
considered due to the difficulty of crystal extraction. Gellatin is thermo-reversible and was
tested for crystal growth, but didn’t produce lactose crystals. Gellan gum solid transition
occurs at about 50°C depending on the concentration and a thermo-reversible gel forms on
cooling in the presence of cations, and was considered for crystal growth. Gellan gum formed
lactose crystal clusters making it unsuitable; Figure 30 shows these crystals before and after

gel extraction.

Figure 30 Gellan gum testing: (a) lactose crystals before gel extraction and (b) after viewed under a
microscope

High methoxyl pectins require 55-85% sugar and a pH of between 2.5 and 3.8 in order to set,
and were not considered for growing lactose crystals. Low methoxyl pectins are not as stable
to heat as alginates, and were considered for crystal growth. Small (<50 um) lactose crystals
formed when using low methoxyl pectin and also did not form a strong enough gel to suspend
the crystals; one side of the crystal would have been growth limited and this gel was dismissed.

Figure 31 shows low methoxyl pectin grown crystals before and after gel extraction.
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Figure 31 Low methoxyl pectin testing: (a) lactose crystals before gel extraction and (b) after viewed
under a microscope

k and A-carrageenan form thermo-reversible gels on cooling in the presence of appropriate
counter ions, and were considered for crystal growth. k-carrageenan formed tomahawked
shaped lactose crystals but also did not form a stable gel to suspend the crystals, so this gel
was dismissed. A-carrageenan suspended the crystals but formed clusters and this gel was
dismissed. Figure 32 and Figure 33 shows k and A-carrageenan grown crystals before and after

gel extraction.

Figure 32 k-carrageenan testing: (a) lactose crystals before gel extraction and (b) after viewed under a
microscope

Figure 33 A-carrageenan testing: (a) lactose crystals before gel extraction and (b) after viewed under a
microscope
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Agar is thermally reversible - melts above 85°C - and is sensitive to acids, and was considered
for crystal growth. Agar gel suspended the crystals and formed single tomahawked shaped
crystals, and this gel was selected for crystal growth. Figure 34 shows agar grown crystals

before and after gel extraction.

Figure 34 Agar testing: (a) lactose crystals before gel extraction and (b) after

4.3.2 Settling

Lactose gel-grown crystals traversing the sedimentation vessel were visually tracked with the
aid of a video camera for the first 9 gel-grown crystals. The video camera enabled the general
orientation of the falling lactose crystals to be compared. The lactose crystals settled with the
large tomahawk base positioned downwards and the Apex tip positioned upwards. This also
occurred for crystals that were initially dropped into the fluid with a different orientation, the

crystal changed to the specified orientation while settling.

4.3.3 Elongation Ratio

Elongation ratio, E (-), was calculated for each crystal; E is defined as the ratio of crystal height
to crystal width, i.e. with reference to Figure 28, the ratio [B/A]. For the gel-grown crystals, for
which 0.34 mm < B < 1.70 mm, the mean value for the 35 crystals measured was 1.44+0.07
at the 95% level of confidence. The mean value for the 21 plant-grown crystals, 0.30 mm <
B < 1.69 mm, was 1.370.07 at the 95% level of confidence. Figure 35 shows E plotted as a
function of crystal height, B, for both crystal populations; while there is some scatter, there is

no apparent trend with crystal height.
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Figure 35 Elongation ratio values plotted against height for gel and plant grown tomahawk alpha
lactose crystals

4.3.4 Stokes Height Factor

Plots of Stokes diameter, d,; versus crystal height, B, for both the gel-grown and the plant-
grown crystals suggest a strong linear correlation between these parameters as can be seen in
Figure 36; R?>0.96 for both populations. The ratio [d/B] has been termed the Stokes height
factor, Bs; (-), and can be obtained for each population from the slope of the trend line fitted to
the experimental data; the fitted lines have been forced through the origin to be consistent
with the definition of Bg;, though for very small particles, Stokes law is not expected to apply
(Mazo, 2002). The Stokes height factor, B, for which 0.30 mm < B < 1.70 mm, was
calculated to be 0.595+0.007 and 0.643+0.008 for gel-grown and plant-grown lactose crystals

respectively at the 95% level of confidence, which is significantly different.

56



¢ Gel mPlant

1200
g 1000
g
£ 800
k]
[a]
[=T+]
£ 600
=
(]
(7]
8 400
o
&
£ 200
e

0 T T T 1
0 500 1000 1500 2000
B - Height (um)

Figure 36 Stokes settling diameter versus measured height for gel and plant grown tomahawk alpha
lactose crystals

4.3.5 Stokes Diameter
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Figure 37 Stokes spherical equivalent volume versus particle equivalent volume from measured mass
of large gel-grown tomahawk alpha lactose crystals

Figure 37 is a plot of Stokes equivalent spherical volume, Vs (m?), defined in Equation 48,

against particle volume, V,, for the 9 gel-grown crystals which were weighed (repeat settling
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measurements included). Crystal height was between 0.88 mm and 1.65 mm; V, was

calculated using a particle density of 1540 kg.m™ (Roelfsema, et al., 2002).

3
dg;

Ve, =
St 6

Equation 48 Stokes equivalent spherical volume

It is evident that there is a strong linear relationship between Vg and V,, with the data in

Figure 37 well correlated by Equation 49 (including the 95% level of confidence):
Vs = (0.98 £ 0.03)V;,

Equation 49 Lactose empirical Stokes spherical volume relationship for gel grown crystals

The Stokes diameter is thus virtually the same as the equivalent volume diameter. Using this

relationship in Equation 48, the Stokes shape factor, Equation 47, is 0.99.

4.4 Discussion

4.4.1 Particle Size Conversion

Lactose crystal height was used as the description of particle size. Converting from other
commonly accepted industrial definitions of particle size involves a simple conversion factor
depending on the definition used. If using a particle size based on a sieve analysis, which in
principle obtains the particle width, the sieve particle size will be multiplied by the elongation
ratio. The elongation ratio is the ratio of the height, B, to the width, A. The elongation ratio
was found to be 1.44+0.07 and 1.37+0.06 for gel-grown and plant-grown lactose crystals
respectively (95% Cl), which falls within the range of 1.4-1.7 previously found for commercial
grade lactose (Bund & Pandit, 2007a; Dhumal, et al., 2008; Larhrib, Martin, Marriott, & Prime,
2003). The converted lactose crystal height can then be multiplied by the Stokes height factor

to obtain the Stokes settling diameter.
4.4.2 Stokes Spherical Equivalent Volume

The crystal weight was measured for the first 9 gel-grown crystal measurements. Figure 37
shows the relationship between the Stokes spherical equivalent volume and the particle
equivalent volume. The particle volume was calculated from the measured mass of the
corresponding lactose crystals and crystal density. Volume calculated from mass (and crystal

density) can be considered as the true particle volume, as this volume excludes any pores or
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voids. A strong linear relationship exists between the Stokes spherical equivalent volume and
particle equivalent volume, Equation 49. The Stokes diameter is the spherical diameter (of
same density) which gives the same settling velocity for the crystal; however these results
show that the Stokes settling diameter for lactose crystals is virtually the same as the particle
spherical volume equivalent diameter. Typical particle sizing instruments calculate particle
diameters using light scattering techniques. These light scattering techniques commonly
calculate the particle spherical volume equivalent diameter. If it is desired to correlate
diameters obtained from light scattering instrument to Stokes settling diameter, then these
results imply no conversion is required. This is due to the 1:1 relationship with Stokes spherical

equivalent settling diameter.

4.4.3 Stokes Height Factor

The plant-grown lactose crystals were obtained from a crystallization process line before
milling. The reason the plant-grown lactose crystal Bg; is different from the value for gel-grown
crystals is attributed to damage sustained during the crystallization and recovery stages. Under
normal crystallization conditions highly concentrated mixed slurries are used, leading to
particle-particle and particle-wall interaction. Similar interactions will also be occurring during
the drying stages. The damage causes the plant-grown lactose crystals to be more spherical
than the gel-grown crystals, and have a Bs; relationship closer to 1. This is because the Bs;
relationship is based on particle height and Stokes spherical diameter, as a crystal is damaged
the height becomes closer to the Stokes spherical diameter. This damage can be studied by
comparing the gel-grown and plant-grown crystal microscope images, see Figure 38; the
highlighted edges show the irregularity in the plant-grown crystal (c) compared to the smooth
gel-grown crystals (a and b). To confirm if the B, values for gel-grown and plant-grown crystals
were significantly different a statistical analysis was carried out. A T-test resulted in a P-value
that was much less than 0.05 and it is concluded that the B values for gel-grown and plant-
grown lactose crystals are significantly different. The Bs; value can be used in settling equations
which require the settling diameter of crystals. In an online crystallization process where
invasive sampling techniques aren’t viable, Bs; information could be used with images of the

growing crystals to calculate Stokes diameter.
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Figure 38 Tomahawk alpha lactose crystals viewed under the microscope: (a) and (b) are gel-grown,
and (c) is plant-grown

If settling is combined with the crystallization nucleation and growth process it is assumed the
tomahawk shape would be undamaged and represented well by the gel grown crystals.
Assuming the geometrical proportions of lactose crystals are the same at different crystal
sizes, the Stokes height factor can also be used for lactose crystals outside of the particle size

range tested. IGL crystals desired dsg is in the range of 50 to 90 um.
4.4.4 Errors and Variation

The simplicity of measuring terminal crystal settling velocity and using the corresponding
Stokes law equations is an effective method for formulating a Stokes height factor for the
irregularly (tomahawk) shaped lactose crystal. The scatter seen in the results of Figure 35 to
Figure 37 can be attributed in part to experimental errors. Although the settling experiments
are relatively simple to carry out, many factors need to be controlled and kept constant to
ensure reliability. Temperature changes can affect the fluid properties of solubility, density and
viscosity. This affects the settling time of the falling crystal. The sedimentation vessel was
equilibrated with ambient temperature. The measuring cylinder fluid temperature would have
been better controlled if placed in a temperature controlled room. Bouwman et al., (2004) also
commented on the temperature dependency and time consuming nature for Stokes shape
factor determination. Another deviation in results could have arisen from foreign matter
attached to the lactose crystals. This may have occurred when the lactose crystals were grown
in the lactose agar gel (to ensure large undamaged tomahawk shaped crystals) and some
remaining gel may have been present even after washing and drying. This was visually noticed
for some of the crystals grown, and therefore these crystals were not used in the settling
experiments. Foreign matter may have also been introduced when measuring the dimensions
of the lactose crystals. Careful handling of the small crystals was also needed to avoid crystal
surface damage (altering morphology) and lost crystal mass. Glycerol was used to alter the
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lactose solution viscosity so the crystal was settling in the Stokes region. If the homogeneity of
the glycerol and lactose solution was not 100%, this would have led to periods of increased or

decreased settling rates for the crystals, leading to variation.

Data variation could also arise from differences in the crystal faces due to growth rate
dispersion. Growth rate dispersion happens when different growth rates occur, even when
crystals are subjected to identical growth conditions. This gives rise to variation in morphology
of the lactose crystal. The Stokes height factor multiplied by the lactose crystals height gives
the Stokes settling diameter. This assumes that the ratio of height to other dimensions of
crystal remains the same. For instance the elongation ratio was 1.44+0.07 and 1.37+0.06 for
gel-grown and plant-grown lactose crystals respectively. There was some difficulty in
accurately measuring the width of the lactose crystal, due to the tomahawked shaped lactose
crystal not lying flat on the surface. These results still indicate, that even for crystals growing
under identical conditions, the different faces of lactose crystals grow faster or slower leading
to slight variation of geometrical proportions. This will ultimately cause variation in the results,

regardless of how precisely the experiment was carried out.

4.5 Conclusions

Experiments have been conducted with tomahawk shaped alpha-lactose crystals to measure
their physical characteristics and settling parameters. A Stokes height factor, B, defined as the
ratio of the Stokes settling diameter of a crystal to its height, has been determined and was
0.595+0.007 and 0.643+0.008 for gel-grown and plant-grown crystals respectively. Elongation
ratios, height, B, divided by width, A, for the gel-grown crystals were 1.44+0.07 and for plant
grown crystals, 1.37+0.06 where 0.3 mm < B < 1.7 mm. The Stokes shape factor was measured
for gel-grown crystals and was 0.99. Settling velocity can thus be estimated directly from

knowledge of crystal height, crystal width, or crystal volume.

The gel grown lactose crystals measurements would best represent lactose crystals before the
extraction and drying stage of industrial crystallization. The calculated sedimentation factors
could be used in a lactose crystallization that incorporates laminar settling, such as the
continuous settling crystallizer. The next chapter investigates a controlled single nucleation
method, which can be used in producing a pre-nucleated feed stream to be fed into the

continuous settling crystallizer.
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Chapter 5 — Continuous Orifice Nucleation

5.1 Introduction

The lactose crystal properties investigated in the previous chapter provide reliable settling
information for use in the development of the continuous settling crystallizer (CSC). The
second aspect of the CSC, states that crystals grow within a settling column and limited
nucleation occurs. A single nucleation point prior to the column growth stage, producing a

constant feed stream with a desired number of nuclei, is required.

Fundamental nucleation equations suggest supersaturation level is the primary factor for
controlling nucleation. However, the application of energy to a supersaturated solution, via
mixing or turbulence, is a well-established method for increasing primary nucleation and
achieving the crystal counts required in industrial crystallization processes. The three principle
factors affecting primary nucleation are supersaturation level, supersaturation time, and level
of mixing. For primary spontaneous homogeneous nucleation to occur, the supersaturation

level of the solution should be in the labile zone — refer to Figure 6.

The supersaturation time includes time to reach supersaturation and subsequent time at
supersaturation before the nucleation event occurs. The majority of literature experimental
investigations into lactose nucleation prepare supersaturated solutions via a slow cool
method. A lack of fundamental understanding seems to exist on the cooling time length to

reach a final supersaturation and its effect on nucleation once mixing is introduced.

The level of mixing, subsequent to supersaturation being reached, affects the nucleation rate.
McLeod, Paterson, Bronlund and Jones (2010), Raghaven et al., (2001), and Shi et al., (1990),
have clearly shown increasing mixing increases nucleation by reducing the induction period,
and increasing the total number of nuclei produced. The induction period is the time before a

measurable amount of crystal appears.

Reviewing potential nucleation mixing events from the literature (Section 2.4.1) revealed
orifice flow is a viable technique. Batch orifice nucleation involves slowly cooling a solution to
supersaturation and passing the fluid through an orifice restriction causing cavitation and
turbulence. Cavitation is typically defined as the formation of a vapour phase in a liquid (Arndt,
1981). Orifices are widely used for creating cavitation in flowing liquids, because they create a
drop in static pressure (Yan & Thorpe, 1990). The lowering of the hydrodynamic pressure is
responsible for cavitation, which is caused by the reduction in pressure in a flowing liquid or in

an acoustical field. Cavities will collapse once pressure increases or flow velocity decreases.

63



Figure 39 depicts flow through an orifice and the degree to which cavitation occurs can be

described by the dimensionless cavitation number, g, (#):

o = P; —P,
“TT
7 Pwlo

Equation 50 Cavitation number (Yan & Thorpe, 1990)

where P; (Pa) is the downstream pressure, P, (Pa) is the water vapour pressure, p,, (kg.m?) is

the water density and u, (m.s™) is the average liquid velocity at the orifice.
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Figure 39 Pressure and velocity profiles through an orifice; reproduced with permission (Yan &
Thorpe, 1990)
From in situ imaging, it can be seen with increasing flow conditions through the orifice, choking
can occur, which is when there is a transition from bubbly flow to angular jet flow, and finally

leads to supercavitation. Supercavitation has the following effects on downstream flow (Figure
40):
- Region A —a single cavity with a liquid jet in the middle of a vapour pocket

- Region B — white clouds where the big cavity breaks into smaller cavities which

collapse (short 3-5cm in length)

- Region C — a clear liquid region where all the cavities have collapsed (Yan & Thorpe,
1990)
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Figure 40 Flow regions at super cavitation: region A-super cavity; region B-white cloud region; region
C-clear liquid; reproduced with permission (Yan & Thorpe, 1990)

Batch venturi nucleation experiments carried out by MclLeod et al., (2010) proved successful in
producing a controlled nucleation event. Batch nucleation consisted of slowly cooling the
solution and then passing through a venturi and into a dilution tank. Growth occurred in an
impeller-stirred vessel. It was reported that Cavitation number and Reynolds number were
found to give good predictions of nuclei amount expected and they concluded that Strouhal
number (frequency of vortex shedding multiplied by orifice diameter divided by orifice
velocity) gave the best mechanism for describing results across all venturi orifice diameters
tested. The batch orifice trials of MclLeod et al., (2010) also showed a trend for increasing
number of crystal per mL with Reynolds number above a critical supersaturation. Crystal
numbers were counted under a microscope in a Neubauer chamber. MclLeod et al., (2010)
showed approximately 50,000 crystals per mL formed at Cavitation numbers of 1-1.5, Strouhal
numbers of 5,000-9,000, and Reynolds numbers of 1,500-10,000 (Figure 41). A lactose
concentration of 90.48 g/100 g was used, giving an absolute alpha lactose supersaturation of

24.10 g/100 g or relative alpha lactose supersaturation of 3.09 at 40°C.
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Figure 41 Numbers of crystals formed versus Reynolds number for venturi flow of different diameters,
constant relative supersaturation; reproduced with permission (McLeod, et al., 2010)
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5.1.1 Preliminary Orifice Flow Experiments

Preliminary orifice flow experiments were carried with the initial aim to be able to produce a
known number of crystals per mL on a continuous basis that could be used as the feed stream
for the CSC. In comparison to the batch-cooled high orifice flow rate experiments by McLeod
et al., (2010), the experiments reported here were designed with lower flow rates and to be
carried out on a continuous basis. Three factors at 2 levels were investigated on the orifice
flow stream: rate of cooling to final supersaturation (0 to 30 min and 60 to 90 min), time at
supersaturation before orifice flow (0 min and 30 min), and whether an orifice was present. To
achieve this, an 80°C saturated lactose solution (64.5 g lactose/100 g water) was cooled to
supersaturation by immersing a beaker in a water bath set at different temperatures to reach
a final temperature of 25°C (absolute alpha supersaturation, S,=17.4 g/100 g). A wait time of 0
or 30 min was applied. The solution was then pumped, using a Masterflex L/S peristaltic pump,
through a 0.15 mm orifice at 13 mL.min™ (Re=485 and 0,.=0.46), and combined with a slightly
supersaturated lactose stream (S,=1 g/100 g at 25°C) at 20 mL.min". The combined stream
had a flow rate of 33 mL.min™" and S,=4.2 g/100 g at 25°C. Samples were collected and grown
in an impeller-stirred (300 rpm) 250 mL beaker for 4 and 24 hours. After the growth period six
10 pL sub-samples were measured in the Neubauer counting chamber to obtain a crystal

concentration; averaged results are summarised in Table 6.

Cool Rate | Wait Time | Orifice Flow | 4 Hour Growth | 24 Hour Growth

(#.mL™) (#.mL?)
slow yes yes 3.3E+03 1.9E+04
slow no no 6.5E+02 1.8E+04
slow no yes 3.6E+03 3.5E+04
slow yes no 5.2E+03 1.5E+04
fast yes yes 1.2E+04 1.0E+05
fast no no 2.3E+03 2.8E+04
fast no yes 5.5E+03 5.1E+04
fast yes no 8.2E+03 1.5E+04

Table 6 Preliminary orifice flow average experimental results

These preliminary experiments highlighted a number of areas of concern:

1. An indication that a significant amount of nucleation was occurring from evaporative
based and impeller contact nucleation as crystal numbers increased with growth time

2. The peristaltic pump used pressure rating was too low, <2 bar, and could not handle
the high pressure drop through the orifice

3. The Neubauer counting chamber accuracy was considered poor for the number range

of crystals being counted; 1 crystal counted represented 500 crystals per mL
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4. No clear trends using two-factor analysis of variance without replication test

The main difference between these results and those by McLeod, et al., (2010), was that the
supersaturated stream was prepared by rapid cooling with no significant wait time. A revised
experimental procedure was developed, Section 5.2, with the objective to investigate the
factors believed to be important for a controlled continuous nucleation event. The following

factors were investigated:

- Orifice flow rate (Reynolds number)
- Wait (residence) time subsequent to rapid cool down before orifice flow

- Orifice flow time

5.2 Experimental

Unless otherwise stated concentration values are reported in grams of total lactose/100 grams
water. The general procedure consists of producing a nucleated highly supersaturated,
concentrated, stream and combining with a slightly supersaturated, dilute, stream at a set

ratio, producing a slightly supersaturated growth stream.

Orifice “Concentrated” Solution “Dilute” Solution
Reynolds 83.13g/100¢g 2298 g/100 g
Number | Flow Rate a-Lactose Water Flow Rate a-Lactose Water
(mL.min™) (kg) (kg) | (mLmin™) (kg) (kg)
500 42.6 3.724 4.070 69.7 0.548 2.238
1000 85.2 5.698 6.226 139.5 0.607 2.479

Table 7 Continuous orifice nucleation experimental setup values
Table 7 represents experimental conditions and solution amounts prepared by adding alpha
lactose monohydrate (Wynhale™ Inhalation lactose, DFE Pharma) to reverse osmosis water
into an adequately sized vessel, 20 L and 5 L for the concentrated and dilute solution
respectively, using an overhead stirrer with open turbine type impeller for mixing. The
concentrated solution was heated to and maintained at 80°C (undersaturated). The
temperature was controlled via a Pl controller linked with the tank’s heating element and a
temperature probe in the solution. The dilute solution was prepared in a similar manner to the
concentrated solution, but the vessel was cooled to 25°C by placing it in a 25°C water bath,
measured with a digital thermometer. The dilute solution prepared corresponded to an

absolute alpha lactose supersaturation of 0.4 g/100 g water.

The continuous orifice nucleation process starts with the concentrated solution pumped
through a pipe heat exchanger and rapidly cooled to 25°C, using a 24°C water bath. The pipe

heat exchanger had an internal diameter of 4 mm and total length was adjusted with flow rate,
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such that the rate of cooling was consistent in all the experiments. The concentrated stream at
25°C corresponded to an absolute alpha lactose supersaturation of 25 g/100 g, placing it in the
labile or spontaneous nucleation region. A wait time post-cooling was achieved with a one
hour average residence chamber. The concentrated stream was then pumped through a 0.31
mm orifice using a high-pressure peristaltic pump head and tubing with a 6 bar pressure rating.
The flow rate of the concentrated stream through the orifice was altered to achieve two
Reynolds numbers, 500 and 1000, at the orifice, approximately 1.5 and 3.1 bar pressure drop
respectively. After passing through the orifice, the highly supersaturated stream was diluted to
the growth concentration, 42 g/100 g, which corresponded to an absolute alpha lactose
supersaturation of 8.2 g/100 g, in the upper end of the metastable region. This limited further
primary and secondary nucleation, but allowed crystal growth. Three control samples with no
orifice flow and 12 orifice flow samples were collected 2 minutes apart in 100 mL test tubes.
The test tubes were sealed and placed horizontally in a custom built mixer, capable of holding
15 100 mL test tubes, and controlled with a variable speed motor to move the test tubes
through approximately 5 revolutions per minute. The custom built test tube roller was used to
suspend crystals for the growth time, but limit additional nucleation from evaporation and

mixing which predominantly occurs via impeller mixing.
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Dilute Pump
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!

High Pressure
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Figure 42 Continuous orifice nucleation experimental setup
Figure 42 is a schematic diagram of the continuous orifice nucleation process. After six hours
of growth time the samples were analysed in a Malvern MasterSizer 2000, by adding a known
volume to slightly supersaturated lactose background solution. The volumetric results were
then converted to crystal numbers per mL. At least 3 repeats for each orifice Reynolds and

wait time condition were carried out; all values are presented in the Results Section.
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5.3 Results
5.3.1 Crystal Numbers

From here on Reynolds 500 and Reynolds 1000 refers to orifice Reynolds numbers equal to
500 and 1000 respectively. Each Reynolds condition can be further separated into orifice flow
with no wait time (NW) or with a wait time (W). This graph labelling in this section defines
orifice flow rate, orifice Reynolds number and wait condition; for example Q46.Re500 NW
defines an orifice flow rate of 46 mL.min™, orifice Reynolds number of 500, and no wait time
before orifice flow. The different orifice flow conditions tested all exhibited a similar trend of
increasing crystal numbers with time, which can be seen in Figure 43. After approximately 15
minutes of orifice flow the system appears to reach steady state and these values were used
for calculating averages and statistical comparison. The averaged crystal numbers for each
condition were: Reynolds 500 NW =1.06+0.07x10° #.mL", Reynolds 500 W =1.00+0.06x10°
#.mL™, Reynolds 1000 NW =1.23+0.11x10° #.mL™, and Reynolds 1000 W =0.51+0.16x10° #.mL™
at the 95% level of confidence. The control samples, flow did not pass through an orifice,
crystal numbers were all significantly less than the orifice flow conditions at the 95% level of
confidence. T-tests carried out found no significant difference between combined Reynolds
numbers conditions and Reynolds 500 no wait and wait conditions. Reynolds 1000 no wait and

wait numbers were found to be significantly different.
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Figure 43 Steady state values for number of crystals per mL for all conditions, Q46 and Q85
corresponds to the orifice flow rate in mL.min'l, NW=no wait and W=wait
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The number of crystals formed versus final growth concentration, converted from refractive
index measurements using a developed equation contained in Appendix A.9, is shown in Figure
44 (log scale). There is a significant positive trend for the combined data with the slope
different from zero at the 95% level of confidence. This means an increase in the final numbers
of crystals in a growth sample can be partly attributed to an increased final growth
concentration, which is made up from the combination of the concentrated and dilute

streams.
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Figure 44 Steady state values for number of crystals per mL against absolute alpha lactose
supersaturation for all conditions, Q46 and Q85 corresponds to the orifice flow rate in mL.min'l,
NW=no wait and W=wait

5.3.2 Particle Size Distribution

The steady state particle size distribution (PSD) dio, dso and dgy values are plotted against
orifice flow time for the different conditions tested (Figure 45, Figure 46 and Figure 47),
including run replicates. No apparent trend in steady state particle size with orifice flow time
can be seen for all conditions tested. For each of the conditions tested the dig, dsg and dgg

values were averaged and 95% level of confidence calculated presented in below:

Condition dio (um) dso (um) dgo (um)
Reynolds 500 NW 1.27+0.1 5.6610.1 13.9+0.3
Reynolds 500 W 1.6210.1 6.51+0.2 15.2+0.7
Reynolds 1000 NW 2.10+0.2 8.9310.3 21.0£0.8
Reynolds 1000 W 3.20+£0.1 10.1+0.3 23.8£1.0

Table 8 Average particle size distribution, dy,, dso, and dg, results for each orifice condition, NW=no
wait and W=wait
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Figure 45 Steady state Malvern MasterSizer d, size values for all orifice conditions, Q46 and Q85
corresponds to the orifice flow rate in mL.min™*, NW=no wait and W=wait
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Figure 46 Steady state Malvern MasterSizer ds size values for all orifice conditions, Q46 and Q85
corresponds to the orifice flow rate in mL.min™*, NW=no wait and W=wait
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Figure 47 Steady state Malvern MasterSizer do, size values for all orifice conditions, Q46 and Q85
corresponds to the orifice flow rate in mL.min*, NW=no wait and W=wait

A t-test was performed and at the 95% level of confidence for the dyg, dso and dgg values. The
Reynolds 1000 W and NW conditions were significantly larger than the Reynolds 500 W and
NW conditions. Additionally, for each Reynolds 500 and 1000 condition, the wait condition had

a significantly larger particle size compared to no wait condition.
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Figure 48 Averaged cumulative particle size distributions (volume basis) for all orifice conditions, Q46
and Q85 corresponds to the orifice flow rate in mL.min™, NW=no wait and W=wait

Cumulative particle size distributions were averaged and plotted for all the conditions tested

(Figure 48). The trend of increasing particle size between no wait and wait, and Reynolds 500
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and Reynolds 1000, can be seen with the curves moving right on the size axis. Spans were
averaged for the different conditions tested: Reynolds 500 no wait 2.22+0.04, Reynolds 500
wait 2.07+0.04, Reynolds 1000 no wait 2.11£0.03, Reynolds 1000 wait 2.03+0.04 at the 95%
level of confidence. Span decreases with a wait time for each Reynolds number condition, and
the combined Reynolds 1000 conditions have a lower span than Reynolds 500 conditions (t-

tests show there is a significant difference at 95% level of confidence).

5.4 Discussion

5.4.1 Steady State Orifice Flow Values

Once flow through the orifice was started, all experiments showed increasing crystal numbers
(Figure 2) and decreasing particle size with time, until steady state values were reached. This
happened after approximately 15 minutes and may have been due to the replacement of
residual wash water within the orifice pump and pipe system by the nucleation solution. These
equilibrium values were used for analysis because they enabled steady state comparison

between the conditions tested.
5.4.2 Crystal Numbers

Two levels of orifice Reynolds numbers, 500 and 1000 were used, a cavitation number of 1.85
and 0.46 respectively, but no significance difference in crystal numbers was found between
the conditions. From the results of McLeod et al., (2010), it is expected that there would be an
increase in crystal numbers at higher Reynolds numbers or lower Cavitation numbers. Figure
41 shows the Reynolds numbers tested by McLeod et al., (2010) ranging from 200 to 20,000
and there is a positive trend for Reynolds numbers above 1000 with increasing crystal
numbers; however in the Reynolds number range from 500 to 1000 there is no clear indication
for an increase in crystals numbers. This would suggest larger Reynolds numbers are required
in the current experiment to show the trend for increasing crystal numbers. A similar result
occurs for the cavitation numbers which ranged from 0.01 to 100. The ratio of velocity at
orifice and orifice diameter is 30,000 to 60,000; this is at the high end of McLeod et al., (2010)
results, which ranged from 1,000 to 100,000.

To confirm the trend shown by McLeod et al., (2010), that increased Reynolds numbers, above
1000, would result in increased crystal numbers, additional higher continuous orifice flow rate
experiments were carried out. Lactose solution, at a flowrate of 144 mL.min™, was passed
through a 0.31 mm orifice (Re=1700, 0.=0.16 and AP=7.1 bar). However pressure limitations

were reached with the high pressure peristaltic pump setup used. The pump head and tubing
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were pressure limited to 6 bar, and orifice flow generally dropped to around 128mL.min™
(Re=1500, 0,=0.21 and AP=5.8 bar) with time. This meant the final growth concentration was
less than the previous Reynolds 500 and 1000 conditions. With reference to Figure 44, the high
orifice flow runs, final absolute alpha supersaturation was measured to be within 7.7-7.75
g/100 g. The higher flow rate tests were also limited by the increased amount of lactose
required (>10 kg needed for a 30 min run). When the orifice pressure drop was close to the
maximum pump operating pressure, blockages occurred much more easily. Two no wait runs
where the orifice did not block were carried out, with Reynolds numbers ranging from 1500 to
1700, and the average steady state crystal numbers measured was 1.65+0.39x10° #.mL™. This

is higher than the Reynolds 500 and 1000 conditions.

Within each flow condition, orifice flow was tested with and without a wait time. A t-test
carried out showed the Reynolds 500 wait time condition gives lower crystal numbers with a
79% level of confidence, considered not significant at the 95% level of confidence. The
Reynolds 1000 condition t-test shows wait time results have significantly lower crystal
numbers. However, on analysing the initial growth concentration for the Reynolds 1000 no-
wait time results, the concentration was found to be significantly higher than the Reynolds
1000 wait-time results. When combining all experimental results it was found, using linear
regression, that crystal numbers increased with growth concentration (Figure 44). Although
the same initial solution concentrations were prepared for each run, pump flow rate variation
caused the final growth concentrations to vary. A higher final growth concentration indicates a
higher ratio from the concentrated orifice nucleated stream, and therefore an increase in
crystal numbers occurs. This could explain why there is a significant difference between
Reynolds 1000 wait time crystal numbers and Reynolds 1000 no wait time crystal numbers.
When comparing crystal number results from the combined Reynolds 500 conditions with the
Reynolds 1000 conditions, the Reynolds 1000 conditions were found to be less with a 67%

confidence, and not considered significant.

Overall, for all conditions tested, the crystal numbers in this work, ~1x10° #.mL™, were higher
than those measured by McLeod et al., (2010), which were of the order of 1x10° #.mL™. This is
explainable as crystal sizes were analysed via the Malvern MasterSizer and subsequently
converted to a number per mL, whereas MclLeod et al., (2010) used a microscope counting
method. The small crystal sizes measured by the Malvern MasterSizer are significant when
considered on a number basis. It is likely that most crystals below 5 um were uncountable

using a standard microscope, and in these experiments greater than 99% of the crystals were
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below 5 um. This is reinforced by the preliminary results which were counted under a

microscope and were similar in magnitude as MclLeod et al., (2010).

The crystal numbers per mL for the two conditions tested would be too high for the CSC. The
crystal volume percent resulting in the column would start to cause hindered settling. In
addition, orifice blockages did happen on at least one occasion after time. This was likely due
to crystal or foreign particle becoming trapped in the orifice. Therefore due to potential orifice
blockages when operating on a longer 16+ hour basis, a different, more robust single

nucleation event experimental setup needs to be developed; see Section 5.4.4.
5.4.3 Particle Size Distribution

The Malvern MasterSizer was used to obtain reliable information on PSD at the different
orifice flow conditions tested. The Reynolds 500 condition showed that a wait time gave
significantly larger crystals for the dip, dso and dgg particle sizes. This was also true for the
Reynolds 1000 condition. When comparing particle sizes from all results between lower and
higher Reynolds numbers, it was also found the d,q, dsg and dgy were significantly larger for the
higher Reynolds number conditions. These results suggest the addition of a wait time or higher
Reynolds numbers leads to faster growing crystals when total numbers are considered to not
differ significantly, which was found to hold for the low Reynolds number condition, but not
the higher. However an argument for significant number difference has been proposed earlier.
Alternatively less “smaller” crystals could result in a larger volumetric PSD. This would be
plausible if numbers dropped significantly between having a wait time or a Reynolds condition,
which was not found to be the case. Research has shown that large particle sizes can increase
due to agglomerates (A. M. Williams, Jones, Paterson, & Pearce, 2009). But because crystal
numbers stayed the same, this is only plausible if numbers increased and resulting crystals
agglomerated, the net effect being the same number of crystals. Growth conditions were
selected to be the same between experiments, so this is unlikely to have occurred. The growth
concentration measurements were compared against particle size and no apparent trends

were seen for the conditions tested.

Averaged cumulative volume distribution plots of the steady state values for each condition
show the difference in PSD. No wait time and lower Reynolds number conditions have smaller
particles. In the case for the CSC the primary interest resided with crystal numbers, even
though the final span did decrease slightly with the addition of a wait time and at the higher
Reynolds number. Longer growth times were not tested and it is unknown if the span would

change with longer growth times. Assuming common history seed proposed by Butler (1998)
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holds true, this would suggest growth rate dispersion would be relative with growth time and

the span would remain unchanged.
5.4.4 Alternative CSC Single Nucleation Method

A new method was developed to produce a nucleated feed stream, which could be fed into
the CSC. For reliability, mechanical mixing (stirring) was chosen for the nucleation step. Simply
replacing the orifice with a mixed vessel sounds viable in theory, but a number of problems are
encountered when operating on a continuous basis with low flow rates. Firstly, it becomes
difficult to assume a “single” nucleation point, as fluid will experience an average amount of
mixing with time, with the potential for crystal build up. Additionally a sealed nucleation vessel
capable of handling the CSC column head pressures would be required. To ensure all fluid
experienced the same nucleation conditions, a batch nucleation mixing step with subsequent

dilution to just above supersaturation was developed.

The batch nucleation step involved preparing a hot saturated lactose solution and cooling it
overnight to the controlled ambient air temperature of 25°C with no mixing, resulting in a
highly supersaturated solution. Intense impeller mixing was then applied inducing primary
nucleation (and some secondary nucleation due to crystals already formed). The nucleated
solution was then diluted to a concentration just above supersaturation. The resulting slightly
supersaturated solution contained nuclei, but no further nucleation would occur and very
minimal growth due to the low supersaturation. When starting the CSC column, the dilute
nucleated stream was re-concentrated to the desired growth concentration on a continuous
basis and fed into the CSC column. This occurred by combining the dilute nucleated stream
with a hot saturated lactose stream and rapidly cooling down to the room temperature (25°C).
The order of these steps for the concentration process was found to be important, such that
additional nucleation and growth did not occur in the pipes prior to column entry. The detailed
procedure for preparing the nucleated CSC feed stream is given in Section 7.3.1. The initial
dilute nucleated stream Malvern MasterSizer measurements are shown in Table 9 for the
different types of lactose used; as expected crystal volume concentration is low leading to
potential measurement errors, typical Malvern MasterSizer sampling procedure requires
higher obscuration levels. Table 10 and Table 11 in Section 6.3.1 show the results of 100 mL
bottle roll controls prepared utilising this batch impeller mixing technique. The bottle roll
method was similar to the custom built test tube mixer, used to gently mix the solution and
suspend crystals without the need for impeller mixing. The final PSD produced after a
controlled growth period was very consistent for the different runs, indicating the reliability of
the method.
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Type Concentration d1o (um) dso (um) dgo (Lm) Span
(Volume %)
IGL-1 0.0014+0.0018 2.4+0.2 6.3+1.0 27.0%£16.2 3.56x1.94
200M-1 | 0.0009+0.0003 2.910.2 7.2+£0.3 25.516.6 3.13+0.87
200M-2 | 0.0003+0.0002 2.910.3 6.311.3 14.749.0 1.77+1.04

Table 9 Initial dilute nucleated stream Malvern MasterSizer measurements
Two methods of ultrasonic mixing were tested in early attempts to increase the nucleation
number in the feed stream. A 60 W ultrasonic bath and a 60 W ultrasonic transducer were
attached to the outside of the cooling pipe containing concentrated lactose solution.
Ultrasound was applied to the concentrated stream, both during and after cooling, and prior to
dilution to the final feed concentration for growth. No significant increases in the final crystal
concentration were detected. It is speculated that the level of ultrasound intensity or lactose
supersaturation was not high enough; typically acetone is also used with ultrasonic mixing to
lower the nucleation energy barrier to be overcome (Bund & Pandit, 2007c; Kougoulos,

Marziano, & Miller, 2010; S. R. Patel & Murthy, 2009, 2011).

5.5 Conclusions

Continuous orifice nucleation experiments were carried out to assess the effect on crystal
numbers and the particle size distribution. The factors altered were orifice Reynolds numbers,
500 and 1000, and whether a wait time prior to orifice flow occurred. An apparent effect on
crystal numbers was not observed for the wait time and Reynolds number conditions tested.
However, a wait time and increased orifice Reynolds number lead to an increased particle size
for the continuous orifice nucleation of lactose, suggesting that these conditions produced
faster growing crystals. Resulting spans obtained were significantly lower for higher Reynolds
orifice flow and with the addition of a wait time. The current low flow rate and small orifice
diameter setup is deemed unreliable to operate on a continuous (16+hour) basis due to the
high pressures and possibility of blockages occurring. Without better equipment, a robust
alternative single nucleation event utilising impeller mixing was developed for use with the
continuous settling crystallizer setup. In the next chapter, a theoretical model for the
continuous settling crystallizer is developed, which will be used to assess the theoretical

particle size distribution and span.
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Chapter 6 —Continuous Settling Crystallizer Theoretical Model

6.1 Introduction

In the two previous chapters, lactose crystal settling properties and single nucleation
techniques were studied providing background information for a continuous settling
crystallizer (CSC) theoretical model to be developed. The aim of the CSC was to continuously
produce inhaler grade lactose (IGL), conforming to the desired particle size distribution (PSD)

targets set out in Chapter 1.

A

Waste or Overflow

el 3500 mm
<50um T
Feed
(with nuclei)
>50um

Product or Underflow

Figure 49 Basic schematic of a continuous settling crystallizer (CSC)
A literature investigation found particle settling post crystallization was a viable technique for
meeting the stated IGL production objectives. However, carrying out settling post
crystallization was viewed as an additional processing step and a single-step novel
crystallization process to produce IGL was desired. Incorporating settling based size
classification into a functioning crystallizer led to the CSC concept. The main component in the
CSC is one vertical cylindrical column. A pre-nucleated supersaturated lactose stream is fed in
near the bottom of the column and flows up the column until exiting into the overflow stream.
The generalised concept for the CSC is depicted in Figure 49. The pre-nucleation occurs via

mechanical mixing of a highly supersaturated solution, which is subsequently diluted to a
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growth concentration. The nuclei entering with the feed stream grow inside the column and
settle out into the product stream. The conditions inside the column are such that the growing
crystals settle under gravity according to Stokes Law. Stokes law describes the settling of

spherical particles well when the particle Reynolds number is less than 1 (Equation 45).

Common seed history, as discussed in Section 2.3.3, confirms that fast and slow growing
crystals arise from a single nucleation event. Growth rate dispersion from the fast and slow
growing crystals leads to unwanted particle spans under normal growth conditions. The CSC
column allows a significant proportion of slow growing crystals to reach the terminal settling
crystal diameter due to the column height, and subsequently settle from the column into the
product stream. In contrast the fast growing crystals do not travel as high up the column
before growing to their terminal settling crystal diameter. A trade off in height exists between
minimising slow growing crystals reaching the overflow stream and maximising yield. By
altering the net upwards column fluid velocity, the crystal terminal settling diameter changes
and particle size selection can occur. The potential for scalability exists through increasing the
column radius or adding additional columns. Net flow rates, growth concentration and height

would be kept constant to produce the same PSD product as a smaller radius column.

6.2 CSC Theoretical Model Development
6.2.1 Model Aim

Under normal operating conditions, lactose nuclei and fluid will enter the CSC column at a
constant rate. The aim of the CSC theoretical model is to follow individual lactose crystals
position, movement, and growth after entering the CSC column. Growth rate dispersion will be
taken into account by assigning different but constant growth rates to the individual crystals
entering the column. Parallel to modelling crystal development, the lactose fluid position,
movement and concentration will also be monitored, enabling a correlation with the lactose
crystals to calculate settling and growth rates. In a similar manner to the lactose crystals,
lactose fluid will be split up in to individual fluid sections of a known volume. Lactose crystals
that have grown large enough, opposed the fluid flow, and settled out from the column into

the product stream will enable the dsy and span to be calculated.
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6.2.2 Model Assumptions
The following assumptions were made in developing the theoretical CSC model:

- No vertical diffusion of water or soluble lactose between fluid sections.

- Crystals move vertically only. Pressure differential calculations on particles show
minimal radial movement occurs (Appendix A.2).

- Crystals are assigned a longest length dimension, which is converted to a spherical
diameter for settling calculations. Previous settling studies showed single crystals
terminal settling orientation occurs with large base first.

- Constant feed properties. The feed entering the crystallizer has the same nuclei
number, fluid lactose concentration and flow rate with time.

- No nucleation occurs within the crystallizer. The supersaturation growth rate is chosen
to maximise growth but limit nucleation.

- Constant fluid temperature and no heat losses, therefore no convection effects at the
fluid boundaries.

- Initially for simplicity a constant fluid velocity across the pipe radius was assumed, in
order to test the idea that a narrow particle size would be obtained.

- Operated at low particle loading and laminar fluid flow, therefore eddies, mixing, and
particle-particle interaction are ignored.

- Individual fluid sections are assumed to have a constant cross-sectional cylinder area
with height. Cross-sectional area can change between fluid sections depending on
crystallizer geometry chosen.

- The model currently does not allow for overflow crystals to be recycled to the feed.
However the crystallizer will be operated such that approximately 0% of crystals reach
the overflow stream. In theory this stream can be concentrated and recycled back into
the feed to increase the yield.

- The product stream is not modelled. Once crystals settle below the height at which
they enter, they are assumed to be product crystals. There is also no net downwards

movement of fluid, and therefore the product stream is crystal only.
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6.2.3 Model Formulation

The model formulation can be split into five key equations, 1-rate of individual crystal
diameter increase, 2-rate of individual crystal movement, 3-rate of fluid section lactose

depletion, 4-rate of fluid section water depletion and 5-rate of fluid section movement.

1) Rate of individual crystal diameter increase = Constant growth rate by supersaturation

Particle growth rate, G, (um.min’l), is a function of the unique growth rate constant, kgs,n,

multiplied by the fluid section supersaturation, as shown in Equation 51:

d(Gy)
d—tn = [kgs,n (Ca,m - Cas,m)al]/ Ay

Equation 51 Particle growth rate incorporating specific crystal growth rate and fluid section m
concentration

where Cy ,, (g lactose/100 g water) is the a-lactose concentration of the fluid section, Cys 1, (8
lactose/100 g water) is the a-lactose solubility concentration of the fluid section, @, (-) is an

exponential growth factor=1.31, and «a;, (-) lactose tomahawk shape factor=0.60.

Individual particle growth rate was initially predicted using Equation 52, but the growth rate

distribution was later matched to experimental batch grown controls.
kgsn = 0.0165(abs(exp(randn(i)ai+b1)y)

Equation 52 Initial growth rate constant prediction

where randn was a random number, and a;(-) and b4 (-) were system specific constants.
Alpha lactose concentration of the fluid section used in calculating growth rate:
Com = lspy/(100wy,)

Equation 53 Alpha lactose concentration of fluid section
where [s,, (kg) is the fluid section soluble lactose mass and w,, (kg) is the fluid section water

mass.
Alpha lactose solubility concentration of the fluid section used in calculating growth rate:
Casm = [Cs — RpKs(Cr — Cs)]/(l + Ks)

Equation 54 Alpha lactose solubility concentration of fluid section
where C; (g lactose/100 g water) is the soluble lactose concentration, Rj, (-) is the correction
factor for a-lactose depression, Ks (-) is the solubility effect constant, and Cr (g lactose/100 g

water) is the total lactose concentration.
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Soluble lactose concentration used in calculating a-lactose solubility:

Cs = 10.9109exp(0-02804T¢)

Equation 55 Total lactose solubility concentration (McLeod, et al., 2007)

where Tc (°C) is the solution temperature.
Correction factor for alpha lactose depression used in calculating a-lactose solubility:

R, = 0.0187exp(0-0236T¢)

Equation 56 Correction factor for alpha lactose depression

Solubility temperature effect constant used in calculating a-lactose solubility:

K¢ = 0.0024Tc + 1.6353

Equation 57 Temperature effect of equilibrium constant

Total lactose concentration used in calculating a-lactose solubility:
Cr=C,(1+Ks)

Equation 58 Total lactose concentration

where C, (g lactose/100 g water) is the alpha lactose concentration.

2) Rate of individual crystal movement = Fluid section velocity — crystal terminal settling

velocity

Change in Individual crystal position, z, (m), can be found from the difference in fluid section

velocity, us; m (m.s™), and crystal terminal settling velocity, Upn (m.s™):

) _
dt flom tn

Equation 59 Particle movement, difference in fluid velocity and crystal terminal settling velocity

The fluid section velocity used in particle movement was based on the change in fluid section
position with time. When negligible lactose and water are consumed during the time step and
the column geometry remains the same with height, fluid velocity is constant and can be

described by Equation 60.

us = Qs /Am

Equation 60 Average column fluid velocity
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Crystal terminal settling velocity used in calculating change in crystal position:

u _ (avdn)z(plc - pf).g
tn 18“17

Equation 61 Crystal terminal settling velocity relative to spherical particle diameter

where d,, (m) is the particle longest length, p;. (kg.m™) is the lactose density, Pr (kg.m?) is the

fluid density, and p,, (Pa.s) is the fluid viscosity.

Fluid density used in calculating crystal terminal settling velocity :

_ Cn(Cr)
pr = pw/[l— 1+CT]

Equation 62 Fluid density
where C,, (-) is a temperature related constant for calculating density.

Fluid viscosity used in calculating crystal terminal settling velocity:

(1+050)
Uy = (1 _ @)2 Uo

Equation 63 Fluid viscosity

where @ (-) is the effective volume fraction and p, (Pa.s) is the solvent viscosity.
Effective volume fraction used in calculating fluid viscosity:
D = Fpsle

Equation 64 Effective volume fraction

where E, is the mass fraction and V, (m>.kg™) is the effective specific volume.
Solvent viscosity used in calculating fluid viscosity:

Uo = 0.033336xp470'5/(118'2+TC)

Equation 65 Solvent viscosity

Effective specific volume used in calculating fluid viscosity:

V, = 0.00135 — 8.9x107°T¢ + 5.5x1078T¢c?

Equation 66 Effective specific volume
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3) Rate of fluid section lactose depletion = Lactose mass used by individual crystals during

growth

Change in initial fluid section soluble lactose mass, ls,, (kg), is calculated via the change in the

sum of individual particle growth lactose component used during that time period, Als,, (kg):

d(lsy) _ d(zblsy)
dt — dt

Equation 67 Mass of soluble lactose in fluid section m
Individual crystal lactose mass used during growth, Als,, (kg), is found by the change in particle

volume, Vp , (m®) multiplied by lactose density:
Als, = 0.95AVp 0

Equation 68 Soluble lactose mass used during crystal growth
The factor of 0.95 in the above equation is due to a-lactose monohydrate crystal incorporating

approximately 5% water during growth.
Particle volume used in calculating crystal lactose mass used during growth:
VP,n = (avdn)3n/6

Equation 69 Particle volume (includes particle longest length conversion to spherical diameter)

4) Rate of fluid section water depletion = Water mass used by individual crystals during

growth
Change in initial fluid section water mass, w,,, (kg), is calculated via the change in the sum of

individual particle growth water component used during that time period, Alwc,, (kg):

d(wp)  d(ZAlwcy)
dt —  dt

Equation 70 Mass of water in fluid section m

Individual crystal water mass used during growth:
Alwc,, = 0.05AVp 1

Equation 71 Water mass used during crystal growth
Again, the factor of 0.05 is due to a-lactose monohydrate crystal incorporating approximately

5% water during growth
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5) Rate of fluid section movement = New fluid position — old fluid position

After each time step, the initial fluid section moves to a new position above the newly inputted
constant fluid section, and the position of subsequent fluid sections are found from the
addition of each identical fluid section volume in the crystallizer. When column geometry is

constant, vertical fluid section movement is based on the fluid section velocity:

d(zm) _
g Wim

Equation 72 Fluid section height movement
The vertical length component of an individual fluid section, z; ;,(m), can be calculated as

follows, assuming constant column geometry:

Zim = Vf,m/Am

Equation 73 Vertical length of an individual fluid section m

where Vs, (m?), is the volume of the fluid section and An (m?) is the column cross-sectional

area.

The volume of each fluid section currently excludes the crystal component, lc,, (kg), but this

was kept below 1% of fluid section mass and can be assumed negligible:

w,, + ls slc

Pr Pic

Equation 74 Volume of fluid section
The equations below are for determining the crystallizer cross sectional area with crystallizer

height; constant for a cylinder, but changes with height if a cone is attached to the cylinder:
If0<z<(B2) A4, = TR (cylinder)

Equation 75 Column area for a cylinder

where B is the solid cylinder height fraction, and R (m) is the column radius.

z—0.2Z

If (BZ) 22<(2) Ay, = TR + 2 [—tan(go_e)

] (cone present at cylinder height BZ)

Equation 76 Column area for a cylinder with a cone attached to the top

6.2.4 Model Solution

The theoretical model simulated the movement and depletion of supersaturated lactose fluid
sections as well as movement and growth of individual lactose crystals within a crystallizer of a

defined height, Z (m). Fluid sections and crystals were related through their common property
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of crystallizer height, z,, and z,. The equations developed for the fluid sections and particles
were solved via a three dimensional matrix. Three-dimensional matrices were used to
incorporate a time step, At (s), for particle growth and movement, and fluid section lactose
and water depletion and movement. The model was solved for a specified number of constant
time steps. Appendix A.9 contains the Matlab CSC theoretical model simulation files. For the
fluid and particle matrix, the columns of the matrix contained the functions and the rows
contained the individual fluid sections or particles; after each time step, calculations were

made and a new matrix was generated (in the third dimension).

6.2.4.1 Fluid Matrix

Fluid section water, soluble lactose and crystal mass entering the column was calculated using
the chosen time step multiplied by the flow rate of each component (Equation 77, Equation 78
and Equation 79). The chosen time step alters the individual fluid section volume, and
consequently the total number of fluid sections within the column. Flow rate was constant
with time; therefore the initial fluid section entering the bottom of the column was also

constant with time.
Wm'o - WFAt = (WOT + Wpr)At

Equation 77 Water mass for fluid sections entering the CSC column

Ispmo = LspAt = (Lsg, + Lsgy)At

Equation 78 Soluble lactose mass for fluid sections entering the CSC column

lcmlo = LCFAt = (LCOT + LCFT)At

Equation 79 Solid lactose mass for fluid sections entering the CSC column
where W; (kg.s™) is the water mass flow rate, Ls; (kg.s™") soluble lactose flow rate, Lc; (kg.s™) is
the solid crystal component for total feed, overflow-recycled component and non-recycled

feed component (subscripts F, Or and Fr respectively), and At (s) is the simulation time step.

Each individual fluid section has a soluble lactose (Equation 67) and water (Equation 77)
component which changes with time depending on the crystal growth that occurs in a time
step. Individual particles are matched to a section of fluid by searching the Particle Matrix,
through the correlation of particle and fluid section height. This calculates the amount of
lactose (Equation 68) and water (Equation 71) consumed by the particles and thus the amount
to be removed from the fluid section. Fluid concentration (Equation 53), density (Equation 62)
and viscosity (Equation 63) were recalculated after each time step. These changed the

individual fluid sections volume (Equation 74) and vertical length within the crystallizer.
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The CSC column individual fluid sections distribution and movement can be visualised in Figure
50. Starting from the bottom of the column at z,,=0 and Z=0. With each time step the fluid
section moves to a new height position until z,,=m at Z=Z. The properties of each individual

fluid section are recalculated with every time step.
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Product (crystals only)

Figure 50 Schematic of theoretical CSC model fluid sections

6.2.4.2 Particle Matrix

Individual particles are monitored and a specified number of individual particles enter the
column with each newly inputted fluid section at height Z=0 m. From particle height, the Fluid
Matrix was searched, and the new fluid section which the particle resides in was found for
each time step. The selected fluid section provided information for fluid concentration
(Equation 53 and Equation 54), velocity (Equation 60), density (Equation 62), and viscosity
(Equation 63). This information was used in particle growth (Equation 51) and vertical
movement calculations (Equation 59 and Equation 61). Particles will stop growing and moving
in the column once height is less than Z=0 m (product) or greater than Z=Z (overflow).
Modelling individual particles, with a search function matching a fluid section with particles,
results in long simulation times. To reduce computer processing time but to obtain a certain

particle or nuclei loading, model calculations for defined individual particle water and lactose
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consumption are multiplied by a multiplication factor. The multiplied amount of particles will

therefore have the same properties, and not change the span calculations.

Individual particles entering the column at height Z=0 m movement can be visualised in Figure
51. Crystal movement occurs in the positive Z direction while crystal terminal settling velocity,
Urn (m.s), is less than average fluid velocity Us; (m.s™), and growth occurs while particle
column height position z,, (m) is greater than Z=0 m and less than Z=Z. The properties of

individual crystals are recalculated with each time step.
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Figure 51 Schematic of theoretical CSC model individual particle movement
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6.3 Theoretical Model Results
6.3.1 Batch Model Results

An appropriate growth rate distribution prediction model was needed for the theoretical CSC
simulations to be carried out. The constant crystal growth (CCG) rate data used was from 6 hr
batch grown control experiments (sampled from nucleated feed described in Section 5.4.4) for
two types of lactose with statistically different inherent growth rates. For each type of lactose
the experimental growth conditions were the same as well as the theoretical model simulation
conditions. The growth rate distribution arises from converting Malvern MasterSizer volume
distribution into a number weighted table of k, bins (assuming CCG), and within each k, bin a
random k, is generated; the particle model randomly selects a k; value from this table. The
results for the IGL-1 and 200M-1 batch data are shown in Table 10 and Table 11; an averaged
result with the standard deviation is shown. The model was run three times, as each run was

unique giving slightly different results due to the random allocation of growth rates to each

crystal.
Condition dio (Lm) dso (Lm) doo (LmM) Span
Batch Growth Theoretical Model Predictions
4hr Growth 15.2£0.2 | 34.7t0.4 71.9+0.3 1.64+0.02
6hr Growth 22.5+0.5 53.9+1.7 116.4+11.2 1.74+0.15
16hr Growth 58.2+0.7 | 142.5+3.8 | 300.2+16.9 1.70£0.08
Batch Growth Experimental Results
4hr Growth 15.4+1.04 | 36.0+2.1 71.5+5.4 1.56+0.09
6hr Growth 21.2+¢1.5 53.7+3.7 114.9+11.2 1.74+0.14
16hr Growth 47.1+¢8.5 | 158.8432.4 | 333.2+64.4 1.81+0.28

Table 10 Comparison of IGL-1 theoretical batch simulations with experimental batch values

Condition dyo (LmM) dso (Lm) dgo (LM) Span
Batch Growth Theoretical Model Predictions
4hr Growth 7.320.3 24.5+1.2 48.1+5.8 1.66+0.15
6hr Growth 12.8+1.0 37.2+1.7 78.7+11.4 1.77+0.25
16hr Growth 42.5+1.4 | 95.1+4.6 189.7+18.1 1.54+0.10
Batch Growth Experimental Results
4hr Growth 10.3+0.3 20.7+0.5 36.6+1.6 1.27+0.06
6hr Growth 14.3+0.5 32.0+1.8 62.1+5.7 1.49+0.09
16hr Growth 43.7+2.3 | 113.0£7.0 | 208.7+10.0 1.46+0.04

Table 11 Comparison of 200M-1 theoretical batch simulations with experimental batch values

90




The generated growth rate distributions allowed for the preliminary investigations into
theoretical CSC model predictions to be carried out. The batch model code (Appendix A.9) was
a simplified version of CSC theoretical model matrices code. Only one fluid section was
specified with no movement, and the volume was specified to give a certain nuclei or crystal
loading achieved in practice. Concentration change of the fluid section utilised Equation 53,
Equation 67 and Equation 70. Individual nuclei were inputted at time zero (total number to
give desired nuclei loading), with no movement function. The change in crystal size utilised
Equation 51 to Equation 58, and correlating with the (single) fluid section. Fluid and particle

properties were solved for each time step.
6.3.2 CSC Model Results

The CSC theoretical model used the starting assumption of a single fluid velocity throughout
the column. When CCG kinetics are assumed, fast and slow growing crystals can be seen
following the path in the constant radius column crystallizer shown in Figure 52. A slow
growing crystal travels higher up the column than a fast growing crystal before growing to the
terminal settling diameter, opposing the fluid flow, and settling out into the product stream.
Using a single fluid velocity resulted in a narrow product PSD, approximately 61 um crystals,
when constant column geometry was assumed. Additional column geometries consisting of a
cone section and constant radius section were also tested (Figure 53). The effect of the cone
section changed the fluid velocities that the fast and slow growing crystals encountered with

height, leading to a larger product span and these designs were dismissed.
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Figure 52 Theoretical model particle height within the crystallizer column versus particle size at 16
hours of simulation time when single column fluid velocity is assumed
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Figure 53 Model results for particle position within the crystallizer and particle size, crystallizer has a
10° cone angle starting at 40% of the total crystallizer height (0.35 m)

Column flow with a single velocity predicts a product span of ~0, which was a promising start
for the CSC concept. The assumption of single fluid velocity, us, however does not hold for low
Reynolds systems. When operating at fluid Reynolds numbers less than 2000, a laminar flow
profile occurs. Laminar fluid flow across the pipes radius, r (m), can be approximated by the

parabolic velocity profile, u, (m.s™), Equation 80 and seen in Figure 54.
u, = 2us(1 —12/Rp%)

Equation 80 Parabolic laminar flow radius velocity profile across a cylinder

uf

—

e s

Figure 54 Parabolic velocity profile across a pipe cross section, redrawn from (Cengel & Cimbala, 2006)
CSC particle movement, shown in Equation 59, is determined relative to the fluid velocity.
When a laminar fluid profile is assumed, radial position of the nuclei entering the column
becomes important. A nucleus positioned in the centre of the column will experience a faster

fluid velocity compared to near the column wall (Figure 55). The CSC theoretical model was
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therefore modified to randomly assign a column radius position to nuclei entering the column.

The new product crystal with column radius predictions can be seen in Figure 56, and as

expected show a strong correlation. For simplicity the plug flow movement of the fluid

sections were maintained, but depending on the particle radius position, the observed fluid

velocity was altered for the settling particle according to Equation 80.

Column Fluid Velocity (mm.s)

Centre Wall
0.25
" \
0.15 \
0.1 \
0.05
0 T T T 1
0 10 20 30 40

Column Radius Position (mm)

Figure 55 Parabolic velocity profile showing fluid velocity against column radius
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Figure 56 Theoretical model results showing product crystal size produced against column radius

position
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The CSC model with single fluid velocity required no particle column radius position allocation,

but with laminar fluid flow particles were assigned a column radius position. The radius

assignment was simplified to a random cross sectional area prediction, r = \/W.
This was later deemed inaccurate due to the parabolic effect on flow rates with radius position
not being taken into account. Nuclei radius input predictions were changed to be volumetric
flow based with radial position. Volumetric flow based predictions resulted in an increased
amount of particles entering near the centre of column, where the velocity is higher (Figure 55
and Figure 56). The PSD is increased but not the maximum size of particles obtained from any
radial position. Experiments and theoretical predictions found that the column fluid
concentration did not change significantly with time. To reduce the theoretical model
simulation time, constant fluid properties (concentration, density, viscosity) were
subsequently assumed. This removed the cumbersome model search function which matched
individual particles and fluid sections. All theoretical CSC results shown below were solved with
constant fluid properties. Starting conditions for the CSC predictions were: volumetric feed
flow rate, Q=28 mL.min™, C;=42 g/100 g (S,=8.2 g/100 g), Z=3.5 m, At=5 s, and 10 unique
particles, Py (#), entering per At. From here on the underflow stream will be referred to as the
product stream, and likewise the overflow stream will be referred to as waste stream. Table 12
shows averaged product and waste stream results with the associated standard deviation. The
model was run three times, as each run was unique giving slightly different results due to the

random allocation of growth rates and radius position to each crystal.

Condition dio (nm) dso (M) doo (1m) Span

Area Based Nuclei Input Theoretical Model Predictions using 200M-1

Product Stream 39.1+0.4 | 66.3+0.8 83.9+0.5 | 0.68+0.01

Waste Stream 6.6+0.1 21.5+0.8 36.8¢1.0 | 1.40+0.02

Volumetric Flow Based Nuclei Input Theoretical Model Predictions using 200M-1

Product Stream 51.2+0.4 | 73.2+0.9 85.9+0.9 | 0.47+0.01

Waste Stream 6.7+0.0 22.5+0.1 36.71£0.3 1.33+0.02

Table 12 CSC theoretical model standard conditions using area and volumetric flow based nuclei input
and 16 hr run time

From Table 12, after 16 hours of crystallizer run time for the correct volumetric flow based
nuclei input, the theoretical prediction for the product span is 0.47+0.01 with a dso of 73.2+0.9
um. These theoretical results satisfy the IGL production objectives of a ds, between 50 to 90
um and span less than 1. Additionally, the CSC process utilises pharmaceutical grade lactose

and water only, meaning there are no introduced chemicals or contaminants.
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6.3.3 CSC Theoretical Model Changing Input Conditions

High and low base theoretical model conditions for growth concentration, crystallizer height,
flow rate and crystal growth rate constant were investigated to assess their effect on particle

size, crystal concentration and span. A simulation time of 16 hours was used.

6.3.3.1 Particle Size

Increasing growth concentration, Figure 57 and Figure 58, and flow rate, Figure 61 and Figure
62, were found to have the largest effect on increasing product and waste particle size.
Increasing growth concentration, increases fluid viscosity and density, and according to
Equation 61, particle terminal settling velocity decreases, but growth rate, Equation 51,
increases. The net result is a larger equivalent product crystal diameter at a particular column
radius position as shown in Figure 65. Increasing growth concentration also affects the
nucleation rate, however this was not modelled as the growth concentration was assumed to
reside within the metastable region where nucleation is limited. Increasing the flow rate
increases the equivalent column radius fluid velocity, and thus corresponding product particle
diameter is also increased, as seen in Figure 55 and Figure 56. Alterations to crystallizer height,
Figure 59 and Figure 60, and growth rate constant, Figure 63 and Figure 64, caused

insignificant changes to the particle size.
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Figure 57 CSC theoretical model product particle size versus growth concentration
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Figure 58 CSC theoretical model waste particle size versus growth concentration
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Figure 61 CSC theoretical model product particle size versus crystallizer flow rate
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Figure 62 CSC theoretical model waste particle size versus crystallizer flow rate
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97



__50
£
=40
2 4 ‘ .
'ﬁ 30
Q2 ¢ d10
£ 20 = = N
© mds0
P 10
[}
% P * ¢ A d90
3 0 T T T T 1

0 0.5 1 1.5 2 2.5

Growth Rate Constant Multiplier

M

igure 64 CSC theoretical model waste particle size versus growth rate constant multiplier

100
90
80
70
60
50
40
30
20
10

0 T T T 1
0 10 20 30 40

Column Radius (mm)

* 42g/100g
= 47g/100g
» 37g/100g

Product Crystal Diameter (um)

Figure 65 CSC product model solutions showing crystal size selection with growth concentration

6.3.3.2 Crystal Concentration

Increasing growth concentration, Figure 66 and Figure 67, and growth rate constant, Figure 72
and Figure 73, have large effects on increasing the product to waste (PW) crystal volume ratio,
total product crystal volume divided by total waste crystal volume, through increasing the
product stream crystal concentration. Increasing crystallizer height, Figure 68 and Figure 69,
causes negligible increases in product crystal concentration. The main effect of increasing the
growth concentration and rate constant is to reduce the number of slow growing crystals
reaching the top of the crystallizer to exit into the waste stream, and instead these settle into
the product stream. Increasing the flow rate, Figure 70 and Figure 71, decreases the PW crystal
volume ratio and product concentration. Increasing flow rate increases the terminal settling

diameter needed to be reached and thus more crystals end up in the waste stream.
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Figure 73 CSC theoretical model crystal volume concentration versus growth rate constant multiplier

6.3.3.3 Span

The change in CSC conditions, Figure 74, Figure 75, Figure 76 and Figure 77, tested had very
marginal changes to span for both product and waste streams, where the span stayed at or
below 0.5 for the product stream. This is because the product and waste PSD is relative to the
velocity profile, which can be seen when the incorrect area nuclei input method was used

(Table 12).
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6.4 Conclusions

The flow condition for the initial continuous settling crystallizer theoretical model changed
from a single velocity profile to a parabolic velocity profile. Using a parabolic velocity profile
increased the product span from near 0 to 0.47+0.01. This meets the desired inhaler grade
lactose crystallizer design criterion of a span less than 1. Changing the base model conditions
had minor effects on span. The base model conditions also resulted in a dsy of 73.2£0.9 um
which resides in the desired inhaler grade lactose product ds, size range of 50 to 90 um.
Changing crystallizer concentration and flow rate had the greatest effect on product particle
size. Product crystal concentration was shown to increase with growth concentration and
crystal growth rates. Finally the concentration of contaminants for the continuous settling
crystallizer process will be low due to only pharmaceutical grade lactose and water being used.
From the theoretical model investigation into the continuous settling crystallizer it was
recommended to continue with the build and development of an experimental lab scale setup,

discussed in the following chapter.
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Chapter 7 — Continuous Settling Crystallizer Experimental

7.1 Introduction

The continuous settling crystallizer (CSC) theoretical model predictions concluded that
experimental development and testing was worthwhile. The CSC is designed to allow, in
principle, a pre-nucleated feed stream flowing upwards to settle out 50 to 90 um crystals after
growth has occurred. The product crystal size obtained is directly related to the fluid velocity in
the column. The column allows both fast and slow growing crystals to grow and settle out into
the product stream at the same final particle size, thus achieving a narrow particle size
distribution (PSD) in accordance with the primary objectives. The CSC setup can be seen in
Figure 78, Section 7.2 discusses the testing stages prior to reaching this, and Section 7.3
contains the experimental procedure. Insulated 50 L tanks were used for holding dilute
nucleated and concentrated hot solution. Peristaltic pumps (Watson-Marlow 120S) combine
the nucleated and concentrated stream, passing through a cooling coil submerged in a water
bath, and fed into a 3.5 m high (74 mm internal diameter) insulated column. The product
stream is pumped from the column, with on-line dilution, to a sink where samples are

collected. Likewise the overflow stream is gravity fed via a pipe to the sink.

A 4

Overflow
Stream (waste)

A
Nucleated
R Feed Stream
Ay
Product Stream
| (with crystals)

Figure 78 CSC lab scale setup located in a 25°C temperature controlled room; starting from the left:
nucleated feed tank, settling column (black insulation), water bath and cooling coil, concentrated hot
tank, and on the right is a schematic representation of the settling column
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7.2 Testing Stages

Before reliable experimental CSC runs could be carried out, testing and development of
equipment ensued. The purpose was to check that what was occurring in practice upheld the
associated theoretical model assumptions. Testing stages can be generalised into the following

areas of temperature, feed, product and laminar flow control.
7.2.1 Temperature Control

The height of the CSC setup reaches almost 4 m with additional fittings and an adequately

sized room was required to house the equipment:

1) Initially it was installed in the only room with high enough ceilings; however after
investigation, it was found the room temperature varied by at least 14°C in a 24 hour
period, unacceptable for controlling the column and other tank temperatures.

2) The equipment was shifted to a smaller 25°C temperature controlled room; a hole was
installed into the ceiling with an insulated box built in the area above to maintain the
temperature from inside the room.

3) Temperature measured in the 25°C room varied by around 3°C, with hot-cold peaks 15
minutes apart; this was not ideal and additional fans and temperature controlled

heaters were added to the room to improve this control.

Figure 79 shows all the temperature probe measurements during a typical experimental
CSC run. Air temperature (105-108) varies within 2°C measured at 2 minute intervals,
uncontrolled stream temperatures (102 and 109-113) and the PID controlled 75°C hot tank

(103-104) varies within 0.3°C.
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Figure 79 Typical experimental temperature probe measurements with time in the 25°C temperature
controlled room (Run 8)
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Column insulation was later added to ensure any convection-based temperature fluctuations
were limited, see Appendix A.3 for calculations. This reduced column side temperature

fluctuations to approximately 0.1°C, as seen in Figure 80 (note the expanded temperature

axis).
. = |nsulated Column Side (110) = (ld Column Side (110)
25.6
25.5
8 25.4
g 253 ., ‘m\‘y'"'v'vn'wv"“ ii -
: ‘ Rl 1 il
o 25.1 KSRl ([ 7
§ 25 M |
[t
24.9
24.8
24-7 T T T T T T 1
0 100 200 300 400 500 600 700
Time (min)

Figure 80 Comparison of temperature measurements for the CSC column, with and without insulation

7.2.2 Feed

7.2.2.1 Single nucleation event

A single nucleation event is required for the CSC to produce a feed stream with the desired
nuclei amount. The initial method proposed for achieving this was orifice nucleation, but due
to reliability issues, such as blockages, it was changed to a mechanical mixing; see Chapter 5

for details.

7.2.2.2 Inlet Design

The desired flow conditions inside the CSC column are laminar; thus low Reynolds numbers are
required. The feed inlet needed to meet two criteria: injecting feed at low Reynolds numbers
and minimal cross-sectional column obstruction. By minimising Reynolds numbers at the feed
inlet, a faster transition to laminar flow is expected. Minimal cross-sectional area interference

allows for more crystal to settle from the column and into the product stream.

The first inlet feed design comprised of feed solution entering a manifold and split to 16 inlet
nozzles sticking into the side of the column wall positioned upwards; see Figure 81. The
pressure drop across the manifold and individual pipes was calculated to attain even flow split
to all 16 pipes. Based on Q=48 mL.min™, p=1127 kg.m'3 and p,=2.8 mPa.s, the average velocity

coming from each nozzle is 15.9 mm.s™, and Re=12.8, compared to the net column velocity of
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0.11 mm.s?, and Re=3.2. This initial design met the criteria for a low Reynolds number and
cross-sectional column area intrusion. Experiments were carried out to test whether an even
flow rate occurred from each nozzle and showed nozzle flow to be within £10% of the design

flow; see Figure 82.

Figure 81 Manifold with 16 outlets flow rate test, nozzles here are positioned downwards so flow can
be collected and compared
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Figure 82 Graph of flow percent from the 16 nozzles (100% is the design flow rate)
Additional feed inlet designs were subsequently investigated because of the possibility for the
16-pipe design smaller tubes blocking from an experimental run with lactose as well as the
difficulty of cleaning them. The new key design criterion was a single inlet with changeable
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heads, to control the flow distribution. The single inlet designs also incorporated lower
Reynolds numbers for each head in an attempt to assist the transition to laminar flow in the
column. Two heads were designed, one having vertical flow outlets and the other horizontal
flow outlets; see Figure 83. The vertical flow outlet design had 93x1.5 mm holes with an
average velocity of 4.9 mm.s™ and Reynolds number of 2.9 at each hole. The horizontal flow
design consisted of 3 layers of 24x1.1, 20x1.2, and 14x1.8 mm holes with horizontal velocities
of 11.7, 11.8, and 7.5 mm.s™* and Reynolds numbers of 5.2, 5.7 and 5.4 (using Q=48 mL.min™,
p=1127 kg.m'3 and p,=2.8 mPa.s). The different sized holes in the horizontal design were to
account for the pressure drop due to gravity exceeding friction, AP=22 Pa per 2 mm height
increase and 1.1 mm holes=64 Pa, 1.2 mm holes=59 Pa and 1.8 mm holes=25 Pa. From the
laminar flow analysis in Section 7.2.4, the horizontal nozzle was chosen for the experimental

work that follows.

Figure 83 Single inlet designs, (a) vertical and (b) horizontal nozzles; (c) the vertical nozzle is shown
installed in the column

7.2.3 Product

The product stream withdrawn from the bottom of the column removes settled column
crystals. The product stream initially utilized the same design as the 16-pipe feed inlet, and had
16 nozzles directly below the feed nozzles but positioned in the opposite (downwards)
direction. Dilute lactose solution was initially used for the product stream, but resulted in
column fluid mixing. It was noticed that liquid was rising from the product outlet, even though
they were pointing downwards. This was because the product stream density was lower than
the feed stream density present in the column. This meant the product stream rose under

109



normal operations (Appendix A.4). Dye tests were initially used with water in the column to
observe the feed and product flow profiles. However, the dye tests did not show any
significant product stream mixing and rising, because water was used for both the feed and
product stream; hence both streams had very similar densities. Using a fraction of the feed
stream for the product stream helped ensure density and temperature consistency and
prevent mixing. When the column is completely full, due to the pressure head, it was
measured that an additional 1.3 mL.min™ exits from column into the product stream that is
pumped from the column; this loss can be accounted for by increasing the feed stream flow

rate.

When changing to the single feed horizontal and vertical inlet designs, different product outlet
designs were also investigated; such as having a single product pipe inlet. The continued
difficulty with the product stream interfering with column flow resulted in the design seen in
Figure 84. All product inlets and online dilution were removed from column and settled crystal
removal was assisted by using a fraction of the feed stream (feed stream flow rate was
increased). The effect of using feed for the product stream will cause additional growth and
contain un-grown nuclei. After the product stream was pumped from the column, dilution to a
lower supersaturation occurred to limit any further growth before PSD measurements were

made.

Pvlous
‘prod inlet

Dil Prod Inlet, pipe
extends into horizontal

pipe region Prod

Outlet JPump

Figure 84 Product outlet transition; final design shown on the right
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7.2.4 Laminar Flow

The column material chosen was clear Perspex, allowing easy viewing of the column flow and
crystal settling; this later changed with the addition of insulation, although viewing windows
were installed. To test whether a laminar profile was achieved in the un-insulated column, dye
(food colouring) as previously mentioned, was inserted into the 16-pipe feed stream pumping
water into the column, no lactose, and recorded via a video camera. At the column average
flow rate of 33 mL.min™, the 3.5 m column fills in 7 hr 48 min. Assuming a parabolic laminar
flow curve with max velocity equal to twice the average velocity, the shortest fluid residence

time in the column would be 3 hr 54 min.

Figure 85 Following the height of dye fed continuously into the column: (a) feed start (product has
been running does not appear to rise),(b) after 10 min, (c) after 22 min, (d) after 70 min laminar top
and (e) after 70 minat 1 m

Figure 85 shows an un-insulated water dye test for the 16-pipe inlet with the product stream
operating at the same time as the feed; pictures show the feed inlet at the start time, 0.2 m
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above the feed point @ 10 min, 0.4 m @ 22 min, and 1.35 m @ 71 min. A parabolic profile had
developed by 0.5 m and the dye reaches the top of the column in 2 to 3 hr. Although hard to
see in the pictures, it is noticed that the dye seems to diffuse or mix ahead of the main dye
front; the dye becomes fainter in colour. At 70 min assuming laminar flow the dye front should
be at around 1.05, not 1.35 m, and this was attributed to the initial inlet velocity, density
differences in the water and dye mixture and minor temperature differences. The measured

density for the red food colouring dye used was ~1.04 g.mL™.

Computer fluid dynamic (CFD) modelling was carried out by an undergraduate student,
Poochet Horkanya, into the three different proposed feed designs; 16-pipe, vertical inlet, and
horizontal inlet (Figure 86). Distances to laminar flow of 80, 102 and 110 mm were predicted
for the 16-pipe, vertical and horizontal inlets respectively; much shorter than what was found
in practice with dye tests. Figure 87 are the corresponding dye tests carried out for comparison

with the CFD predictions.

T y y ,T N
N y
102 mm 110 mm
80 mm
120 mm 160 mm 161 mm
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i | 58 mm F I T
51 mm N ]
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|

Figure 87 Water dye images of (a) 16-pipe, (b) vertical and (c) horizontal inlets
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From the CFD simulation, the 16-pipe inlet design had the least distance transition to laminar
flow, although the single pipe designs had negligible difference when taking into consideration
the total column height. The horizontal inlet had the lowest vertical peaks in velocity occurring.
In practice the 16-pipe and horizontal inlet gave the best results, with an inlet u; equal to 10
mm.s™ and less than 0.8 mm.s™ after 0.25 m of column height. When taking into account the

ease of use and cleaning, the horizontal inlet was selected for use in the CSC column.

Initially when the column had no insulation, convection currents were observed in one of the
full scale lactose CSC experiments; on one column side fluid containing crystal appeared to be
moving up and on the other side was moving down. After column insulation was installed
these currents were not observed, although with the smaller viewing windows a full
observation of the column could not occur. After the column was insulated, no change in

experimental product PSD measurements occurred.

7.2.4.1 Baffled CSC

When plug fluid flow was assumed in the column, a single fluid velocity acts on the growing
crystals and a uniform product particle size is produced — refer to Figure 52. However, the
parabolic laminar fluid flow profile in the CSC changes the settling times across the column
radius and thus increases the particle size range and span coming from the column. A column
with sections of baffles was proposed to even out the settling velocities experienced by the
particles across the radius of the column (Section 2.4.3.6 Settler or Elutriator), where Biddulph
(1983), observed a downward flux of small particles at the wall. The inherent downside to

baffling in a crystallization process is the added surface area for crystal to attach to and grow.

Two baffled column designs were tested, as shown in Figure 88; one with minimal baffles and
one with maximum baffles. Firstly a column with two 200 mm long flat vertical baffles spaced
200 mm apart up the entire column was built. Unfortunately this design did not affect the
laminar flow and the PSD was unchanged. Pressure drop calculations showed approximately
no change for the minimal baffle design (Appendix A.5), which would explain these results. A
second column design packed with 200 mm long, 12 mm diameter plastic straws was built.
Testing of this column revealed a product stream with a very low crystal volume. The fully
packed straw column with approximately 40 straws across the column cross-sectional area has

a considerably increased internal surface area for more crystal to attach to.
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Figure 88 Baffled column designs tested, (a) minimal and (b) maximum before and (c) during testing

7.2.5 Measurements

The Malvern MasterSizer was used to measure the PSD for the product, waste, dilute stream
and controls, and Figure 89 is representative of a typical PSD graphical output of a bottle roll
control that had been growing for 16 hours. Room air and stream temperatures were recorded
into a computer via a data logger. Refractive index measurements were carried out for the
feed, product, waste and controls. Turbidity was measured for the nucleated solution. Feed
flow rate was initially calibrated using a measuring cylinder and stop watch, and the product

and waste streams flow rates were recorded with time.
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Figure 89 Typical Malvern MasterSizer PSD result, volume % versus particle diameter bin size, for a 16
hour bottle roll control
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7.2.6 Control Sample

The initial control growth method used a beaker mixed with a turbine style impeller operated
at approximately 300 rpm. The stirred beaker was loosely covered with tin foil, although there
were gaps around the stirring rod. The control sample was found not to be a fair
representation of the nucleation that had occurred in the feed stream entering into the
column. This was attributed to additional nucleation occurring via the impeller mixing, such as
contact and shear nucleation. Impeller impact has been identified as the main source of
secondary nucleation (Agrawal, 2012; Bennett, Fiedelma.H, & Randolph, 1973; Synowiec,
Jones, & Shamlou, 1993). The column growth concentration is above the secondary nucleation
threshold and right on the expected limits for reduced secondary nucleation. A sealed vessel
(100 mL Duran bottle) with slow rolling was set up to grow crystals and compared with the
initial impeller-mixed beaker method. The slowly rolled vessel eliminated evaporation, which
can cause nucleation through localized increases in supersaturation, and reduced particle-wall
and particle-particle interactions. The resulting crystal concentrations in the rolled bottle were
significantly lower than the stirred beaker method, subjected to the same initial conditions and
growth time; after 24 hours of growth time for the stirred beaker the Malvern MasterSizer
measured a 12.8% obscuration level compared to only 1.7% for the rolled bottle, 0.097% and
0.016% volume concentration, respectively. The conclusion was that the stirred beaker had
undergone additional nucleation during the growth period, attributed to impeller contact and

evaporation.
7.2.7 Cleaning

CSC cleaning occurred at the end of each 16 to 20 hour lactose experimental run. Cleaning
utilises hot water, which was alternatively pumped through a connection in the product cone
and the waste cone. At the top of the column, the waste outlet stream was fitted with a T-
Junction, one direction of which is permanently open to the atmosphere. This allows rapid
filling from the product cone without pressure build up, and safety during normal operation. A
removable pressure plug in the waste outlet cone was also installed, so the waste stream pipe
can be utilised for cleaning without building up pressure and causing backflow out of the T-

junction.
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7.3 Experimental

7.3.1 Feed Preparation

Unless otherwise stated values reported are in grams of total lactose/100 grams water. A
concentrated lactose solution, 83.13 g/100 g of water, was prepared by adding 7.562 kg of
alpha lactose monohydrate (Wynhale™ Inhalation lactose, DFE Pharma) and 8.263 kg reverse
osmosis water to a 50 L covered stainless steel tank, stirred and heated to 80°C. Once the
solution was transparent, an additional 5 min of heating occurred to ensure remaining nuclei
were dissolved. The solution was then emptied into a plastic 20 L pail, covered and left to cool
for 25 hours with no mixing, reaching equilibrium with the room temperature of 25°C. The
concentrated lactose solution prepared corresponded to absolute alpha lactose

supersaturation (S,) of 23 g/100 g.
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Figure 90 CSC Impeller nucleation event, tank and stirrer dimensions
Before the concentrated lactose solution impeller nucleation event occurred, an
undersaturated lactose solution, 5 g/100 g water, was prepared by adding 1.373 kg of alpha
lactose monohydrate (Wynhale™ Inhalation lactose, DFE Pharma) to 26.001 kg reverse
osmosis water at 25°C. Stirring was then applied to the concentrated lactose solution for 5 min
with the overhead mixer set at 600 rpm, inducing nucleation. The nucleation stirring setup is
illustrated in Figure 90; single flat bladed impeller was used. Turbidity, refractive index and
temperature measurements were made at all stages. The nucleated solution was poured back
into a larger 50 L stirred tank and diluted with the undersaturated lactose solution, to just
above supersaturation, so additional nucleation was limited. The nucleated dilute solution

corresponded to a concentration of 24.45 g/100 g (Stream 1), with a S, of 1 g/100 g at 25°C.
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This solution was then pumped into a second holding tank and coarsely filtered to remove any
crystals larger than 100 um. A second concentrated lactose solution, 64.04 g/100 g (Stream 2),
was prepared by adding 19.814 kg of alpha lactose monohydrate (Wynhale™ Inhalation
lactose, DFE Pharma) to 28.403 kg reverse osmosis water into a 50 L heated mixed covered
stainless steel tank. The solution was heated to and held at 75°C, where the temperature was
controlled via a Pl controller linked with the heating element. The column feed stream was
prepared by combining 24.4 mL.min™ of Stream 1 with 23.6 mL.min™ of Stream 2 and rapidly
cooled through a pipe heat exchanger, internal diameter of 4 mm, submerged in a water bath
to 25°C at a total flow rate of 48 mL.min". Flow rates were calibrated via a measuring cylinder
and stop watch. The final nucleated feed stream had a concentration of 42 g/100 g,

corresponding to a S, of 8.2 g/100 g of water. The CSC feed preparation process is summarised

in Figure 91.
Concentrated Batch 1 Concentrated Batch 2
83.13 g/100 g, 80°C, 15.4 L 64.04 g/100 g, 75°C, 42 L
(below saturation) (below saturation)
25hr Cooli, Stream 2, ~71°C
P
Cooled Conc. Batch 1 23.6 mL.min
83.13g/100 g, 25°C, 15.4 L
S,=25g/100 g >
Stirring 5 min@600 rpm \1, V
Nucleated Conc. Batch 1 )
83.13 g/100 g, 25°C, 15.4 L Combined Nucleated Strea.m_1
Dilution S.=25g/100 g 42¢/ 10(;%_'5 Y /Ci;: mL.min
Solution a=>-% 8 g
5g/100 g —)1'
25°C2461 || Nucleated Diluted Batch 1 Heat Exchanger, 25°C
S.=1g/100 g Stream 1
24.4 mL.min™ Nucleated Feed Stream

42 g/100 g, 25°C, 48 mL.min™"
S,=8.2g/100 g

Figure 91 CSC feed preparation flow chart; S,=absolute alpha lactose supersaturation (C,-C,s)

7.3.2 Column Operation

After the nucleated feed stream flow rate had been calibrated and running for 5 minutes,
three control samples were collected in 100 mL Duran bottles, sealed and placed on a custom
built bottle roller, controlled by a peristaltic pump motor to achieve approximately 5 bottle
revolutions per minute. The bottle roller crystal suspension method was used in an attempt to

avoid secondary nucleation which is known to predominantly occur via contact impeller mixing
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(Agrawal, 2012). The initial dilute nucleated stream sample was collected and later analysed in

the Malvern MasterSizer.

Waste <

28 mL.min™
| :
v |

Samples ! Controls, t=0
A i A
i i Feed
: ' 48 mL.min™
Product P 20 mL.min™
33 mL.min™

Dilution (13 mL.min™)

Figure 92 CSC column operation
The nucleated feed solution was then fed into the CSC column at 48 mL.min™. The product
stream pump was set at a removal flow rate of 20 mL.min™"; thereby an average flow rate of 28
mL.min™ occurred vertically in the column. The product stream was diluted with a water
stream, at 13 mL.min® to a concentration of 24.45 g/100 g, absolute alpha lactose
supersaturation of 1 g/100 g (Figure 92). After 2, 4, 6 and 16 to 20 hours of operation samples
were collected from the product and waste streams of the column and analysed in the
Malvern MasterSizer for PSD measurements. Additional PSD measurements were also
obtained for the three controls after 4, 6 and 16 hours of growth time. Slightly supersaturated
lactose solution of 24.45 g/100 g was prepared for use as background measurements in the

Malvern MasterSizer.
7.3.3 Settling Agglomerates

To see if agglomerates or clusters were present in the column, the following procedure was
developed to concentrate large crystals from an initially low crystal content stream, and so
they could be viewed and imaged under a microscope. A 2.5 L volume of the 33 mL.min™
product stream was collected. The collection vessel was agitated, and then the solution was
poured into a 2 L measuring cylinder up to a fluid height of 0.45 m. The solution was left for 21
min, to allow crystals above 50 um to settle out over this fluid height, based on Stokes law,

Equation 36. The supernatant was then removed with a peristaltic pump so approximately 200
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mL remained. The leftover crystal rich solution was remixed and transferred to a smaller
container. A 40 pL sample was pipetted into a Neubauer chamber and imaged under a
microscope. The settling vessel was later changed to a 10 mm diameter Perspex tube of the
same height and settling time; a smaller number of crystals settled, however only a very small

number was required for imaging.

7.4 CSC Results

7.4.1 Feed, Product and Waste Streams

The Malvern MasterSizer CSC results for the three types of lactose used (IGL-1, 200M-1 and
200M-2) are summarised with 95% Cl in Table 13, Table 14 and Table 15; product and waste
averages were calculated using samples collected after 16 hours of operation. Refer to
Appendix A.8 for details of the experimental run # and the different types of pharmaceutical
grade lactose used. Particular results discussed below have a key to indicate experimental run
# and sample collection time, for example “17.16:30” refers to run 17, column total run time of
16 hour and 30 minutes. The product ds, is within the desired objective of 50 to 90 um,
whereas the product span is significantly greater than the desired objective span of 1, for all
types of lactose used. The 200M-1 lactose experimental di; and dsq of 22.5+0.6 um and
53.8+1.6 um is significantly less than the theoretical predictions of 51.2+0.4 um and 73.2+0.9
um, whereas the dgy of 98.2£3.0 um is significantly larger than the predicted 85.9£0.9 um. The
200M-1 experimental span of 1.41+0.02 is approximately three times the theoretical
prediction of 0.47£0.01. The model predictions are not in accord with the experimental results
and there are unaccounted experimental deviations, which require further investigation;

Section 7.5.4 summarises this discussion.

Volume (%) dyo (um) dso (km) dgo (km) Span
Product 0.0765+0.0151 | 29.3+1.6 69.1+2.4 132.0+4.3 1.49+0.04
Waste 0.0037+0.0034 | 25.9+10.2 48.4+12.0 84.1+15.1 1.23+0.22
Control 4hr | 0.0215+0.0162 | 15.4+1.3 36+2.7 71.5+6.8 1.56+0.11
Control 6hr | 0.0519+0.0380 | 21.2+1.9 53.7+4.7 114.9+14.2 1.74+0.17
Control 16hr | 0.1815+0.1171 | 47.1+10.8 158.8+41.0 | 333.2+81.6 1.81+0.35

Table 13 IGL-1 CSC Experimental results (Run 2,4,5,9,10), product and waste from 16hr of operation
Volume (%) dyo (km) dso (um) dgo (km) Span

Product 0.0270+0.0024 22.510.6 53.8+1.6 98.2+3.0 1.41+0.02

Waste 0.0024+0.0007 10.7£1.0 23.0£1.5 46.613.4 1.56+0.12

Control 4hr | 0.014540.0042 10.3+0.3 20.7£0.5 36.6x1.7 1.27+0.07

Control 6hr | 0.0334+0.0109 14.3+0.6 31.9+2.0 62.1+6.2 1.49+0.10

Control 16hr | 0.190740.0363 43.7+2.4 113.0t7.6 208.7+10.8 1.46+0.04

Table 14 200M-1 CSC Experimental results (Run 11,12,14-22), product and waste from 16hr of
operation
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Volume (%) dyo (um) dso (um) dgo (km) Span
Product | 0.01578+0.0051 | 30.6+1.1 78.242.9 151+6.9 1.54+0.02
Waste 0.0008+0.0015 13.346.8 28.4+9.5 57.1+13.3 1.56+0.36
Control 4hr | 0.0186+0.0219 13.3+1.3 33.546.5 69.2+18.6 1.66+0.21
Control 6hr | 0.0454+0.0431 19.3+2.5 54.6+13.2 112.1+21.8 1.70+0.09
Control 16hr | 0.2310+0.0734 69.3+2.8 174.846.2 314.9+21.0 1.41+0.07

Table 15 200M-2 CSC Experimental results (Run 23-25), product and waste from 16hr of operation
The CSC product ds, produced when using different types of lactose used is also significantly
different; with IGL-1 and 200M-2 lactose producing a similar but larger product ds, compared
to 200M-1 lactose. This is also seen in the 4, 6, and 16 hour bottle roll controls. Because the
same nucleation and experimental run conditions were used each time, this variation is
attributed to inherently different growth rates for the different types of lactose used. As
reviewed in the literature (Dincer, et al., 2009a and Butler 1998), growth rate suppression can
arise from various impurities present, such as salts, being incorporated into the crystal during

the crystallization process.

Batch Before Mixing After Mixing After Dilution
RI Turbidity RI Turbidity RI Turbidity
IGL-1 | 1.4116+0.0013 | 1.440.3 | 1.4121+0.0008 | 84.7+29.2 | 1.3631+0.0004 | 11.6+18.2
200M- | 1.4129+0.0004 | 6.6+12.5 | 1.4129+0.0002 | 63.7+8.5 | 1.3637+0.0001 | 4.6%1.6
1
200M- | 1.4128+0.0006 | 1.1+0.9 | 1.4132+0.0005 | 48.3+33.4 | 1.3638+0.0001 | 2.4+1.3
2
Table 16 Nucleation solution, Rl and turbidity
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Figure 93 Left over nucleation solution crystal mass versus mixed solution RI
The dilute nucleated feed stream underwent the same preparation and 25 hour ambient cool
to 25°C, at which time nucleation mixing and dilution occurred. The turbidity and Refractive
Index (RI) measurements, before mixing, after mixing and after dilution can be seen in Table

16. Turbidity measurements indicate the amount of crystal and nuclei present in the solution.
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Solution concentration can be directly correlated with RI measurements. After mixing there is
a general trend for an increased R, indicating a slightly inhomogeneous solution concentration
from the cool down phase. IGL-1 shows the lowest concentration and highest turbidity after
mixing compared to 200M-1 and 200M-2. More crystal in the nucleation tank corresponds to a
lower solution concentration, which can be seen in Figure 93. Although not entirely apparent
why, more crystallization has occurred during the cool down phase for IGL-1. The different

lactose solutions all had the same temperature profiles when cooled at ambient conditions.

Table 17 details the final feed stream RI values for the different batches of lactose, as well as
the control measurements. Although the same preparation method was used, IGL-1 has a
significantly lower feed growth concentration compared to 200M-1 and 200M-2 (t-test at 95%

level of confidence), because of the lower nucleation solution concentration (Table 16).

Batch Feed RI 4 hr Control Rl | 6 hr Control Rl | 16 hr Control RI
IGL-1 1.3814+0.0004 | 1.3814+0.0002 | 1.3814+0.0003 | 1.3808%0.0006
200M-1 1.3818+0.0001 | 1.3817+0.0001 | 1.3817+0.0001 | 1.3815+0.0001
200M-2 1.3818+0.0002 | 1.3818+0.0004 | 1.3817+0.0004 | 1.3815+0.0013

Table 17 Comparison of Rl between batches of lactose controls
Septum points were installed into the column, and samples collected at the end of normal CSC
runs. 200M-1 lactose results can be seen in Table 18; Height 1, 2 and 3 corresponded to a
height of 0.4, 1.4 and 2.8 m respectively. Although the particle size did not match, both
experimental and theoretical values show the general trend for decreasing dio, dso and dgo With
height, and an increased span from product stream values. Two septum CSC run results were
collected for the 200M-2 lactose, presented in Table 19. Again a decreasing dio, dsg and dgg
with height, and an increased span from product stream values were observed. Smaller
particle size with height occurs because the larger (faster growing) crystals have opposed the

fluid flow and settled, while the decreasing d;oand dsy acts to increase the span.

Height (m) ‘ Volume Ratio ‘ dio (um) ‘ dso (um) ‘ doo (Lm) ‘ Span
CSC Experimental Results
Height 1 0.74+0.28 14.8+1.8 47.2+2.6 92.6+3.9 1.65+0.09
Height 2 1.00£0.13 13.5+0.7 36.0+1.3 78.0£5.3 1.79+0.11
Height 3 0.95+0.80 14.2+1.3 33.9+1.9 69.216.4 1.63+0.18
CSC Theoretical Predictions
0.40£0.01 1.00+0.26 29.8+7.4 56.1+5.6 66.914.3 0.67+0.17
1.40+0.01 1.00£0.84 19.3+10.1 51.6+£11.3 62.2+12.0 0.8510.18
2.80+0.01 0.86%0.15 16.0+2.5 41.9145.9 51.4+£10.9 0.83+0.10

Table 18 200M-1 CSC Experimental Septum results (Run 11,12,14-22), from 16hr of operation,
compared with 200M-1 standard theoretical CSC model values
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Height Volume (%) ‘ dyo (um) ‘ dso (Lm) | dgo (Lm) | Span

CSC Experimental Results

Height 1 0.0033-0.0052 15.5-17.1 57.0-58.9 124.5-124.8 1.83-1.91
Height 2 0.0077-0.0086 15.0-15.8 40.9-42.5 91.6-94.3 1.78-1.94
Height 3 0.0045-0.0054 16.5-16.9 39.3-39.7 79.7-81.4 1.61-1.62

Table 19 200M-2 CSC Experimental septum results (Run 23 & 25 range shown), from 16hr of operation

7.4.2 Malvern MasterSizer Result Variation

Solution temperature inside the Malvern MasterSizer small volume sampling unit and PSD
were measured over a 10 minute time period. Starting at 25°C, temperature increased at
approximately 0.1°C per minute. Depending on solution concentration, if the solution
temperature becomes too high, the saturation point may be reached and crystal will start to
dissolve. With the normal measurement procedure lasting less than 2 minutes, a significant
temperature increase is not expected to be a problem. PSD in the sampling unit was also
measured with time; shown in Figure 94. An initial rapid decrease in the PSD occurs after 2min,
which subsequently evens out with a maximum change in the dgg of 10%. This decrease in size

has been attributed to the breakdown of agglomerates; refer to Section 7.4.3 for more detail.
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Figure 94 Malvern MasterSizer sample PSD change with time
Product sample obscuration and volume concentration change over a 10 minute time period
measured inside the Malvern MasterSizer sampling unit for 2 runs are shown in Figure 95. Run
19 shows during the first 2 minutes there was a slight drop in obscuration and volume
concentration, which then increased and levelled out after 6 minutes (max change of 8%). A
similar trend initially appears for run 20 but at 8 minutes an unexpected drop occurs.

Increasing obscuration is explained by an increased amount of smaller particles.
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Figure 95 Malvern MasterSizer sample obscuration and volume concentration change with time
A 1 L CSC product sample was collected after 17 hours of operation and sub-samples were
measured in the Malvern MasterSizer; PSD results shown in Figure 96, and obscuration and
volume concentration measurements are shown in Figure 97. Typical measurement procedure
involves cleaning between samples, however only sample unit emptying and refilling with sub-
sample occurred for these measurements to assess the effect on initial PSD and crystal build
up. Apart from a very minor decrease in all particle sizes with the second sub-sample, no
apparent trends in PSD can be seen, which remains constant. This confirms the reliability of

the Malvern MasterSizer for obtaining a PSD representative of the original sample.
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Figure 96 Malvern MasterSizer sub-sample PSD variation
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Analysing the Malvern MasterSizer obscuration and volume concentration results, with no
cleaning occurring between the sub-samples, Figure 97, it appears some crystal remained from
each sub-sample, resulting in an overall 13% increase in the volume concentration. Sample
unit cleaning is required to give reliable concentration results between samples, which was

why sample unit cleaning was included in the normal measurement procedure.
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Figure 97 Malvern MasterSizer sub-sample obscuration and volume concentration variation

7.4.3 Agglomerates

The measured CSC product stream PSD revealed a particle size larger than the maximum dg
size predicted by the theoretical model, as well as a smaller d,, particle size, leading to a span
greater than 1. An initial thought was that agglomerates and clusters could have led to larger
crystals and also settle out smaller crystals which would otherwise have been lost to the waste
stream. The settling method of large crystals, Section 7.3.3, was carried out to confirm if large

agglomerates and clusters were present or whether there were just large crystals present.

The microscope images of large crystals settled from the product stream and column septum
samples confirmed the presence of agglomerates; see Figure 98. “Agglomerates” are
considered to be a random assortment of crystals joined together, whereas “clusters” are
joined together at the apex of the tomahawk. Typically large agglomerates were found from
the settling tests, with a very minor percent of clusters. The settling experiment was
undertaken to find out if agglomerates were present, but was not able to provide quantitative
information on the product stream. From qualitative observations of the settled crystals

images, it is suggested that 30 to 60% agglomerates are present in the various samples.
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Figure 98 Typical agglomerates found in the CSC product stream and column

After confirming the presence of agglomerates, various impeller based methods were
investigated for their ability to break agglomerates. The idea was that the larger agglomerates
could be broken down into individual crystals, reducing the dqo, while maintaining or increasing
the dyp and dsg, and thus reducing the span. If the product span was still greater than 1 for the
successfully broken agglomerates, the breakdown methods had the capability of being
implemented in a column recycle loop; see Section 7.5.5 Agglomeration Solutions for more
detail. Due to the potential use in a column recycle loop, impeller turbulence, which could
cause the introduction of bubbles into the CSC column, was limited for the breakdown
methods chosen. Three impellers controlled by an overhead stirrer were tested, as shown in
Figure 99 and were: Blade 1 (2000 rpm), Blade 2 (2000 rpm) and Flat Blade (500 rpm). Blade 1
was similar to the mixing blade inside the Malvern MasterSizer small volume dispersion unit,
Blade 2 caused the lowest fluid turbulence and the Flat Blade had the maximum energy
transfer. All three impellers were tested in a baffled 400 mL covered vessel containing sub-
samples of product lactose solution, collected from a larger volume, and operated for 10

minutes at the specified rpm speed.

Flat Blade :

Figure 99 Impellers tested on product stream, Blade 1, Blade 2 and Flat Blade
An additional breakdown method consisting of a small 50 mL enclosed vessel containing a 25
mm magnetic flea (operated at 1500 rpm) with 200 mL.min™ fluid recycle through the vessel
was also tested.
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Figure 100 shows the change in the di, with mixing time, which started at 30 to 31 um. After
10 minutes of mixing time, Blade 2 had the greatest effect on decreasing the d,, particle size,
by approximately 3 to 4 microns. Blade 1 and the Flat Blade had similar reductions to the

Malvern MasterSizer of approximately 2 to 3 microns, whereas the flea mixing had a very

minor reduction of less than 2 microns.
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Figure 100 Time of mixing versus d, particle size, Run 25.16:30-18:30
Figure 101 shows the change in the dso with mixing time, which started at 76 to 78 um. After
10 minutes of mixing time, Blade 2 had the greatest effect on decreasing the ds, particle size,
with similar reductions to the Malvern MasterSizer of approximately 7 to 8 microns. Blade 1
and the Flat Blade reduced the particle size by approximately 4 to 5 microns, whereas the flea

mixing had a very minor reduction of less than 2 microns.
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Figure 101 Time of mixing versus ds, particle size, Run 25.16:30-18:30
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Figure 102 shows the change in the dgy with mixing time, which started at 147 to 150 um. After
10 minutes of mixing time, the Malvern MasterSizer had the greatest effect on decreasing the
dgo particle size, by approximately 20 microns. Blade 1 and 2 reduced the particle size by

approximately 5 microns, whereas the flea mixing and the Flat Blade had little effect.
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Figure 102 Time of mixing versus dq, particle size, Run 25.16:30-18:30
Figure 103 shows the change in span with mixing time, which started at 1.52. After 10 minutes
of mixing time, the Malvern MasterSizer had the greatest effect on decreasing the span, by
approximately 0.1. Blade 1, Blade 2, and the flea mixing had little effect, whereas the Flat
Blade increased the span. No breakdown technique reduces the product span to less than 1
(desired), as although the dq, decreased, the d,, and ds, also reduced. The Malvern
MasterSizer proved to give best breakdown results, and this type of mixing setup would be

recommended for implementation into an agglomerate breakdown recycle loop.
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Figure 103 Time of mixing versus span, Run 25.16:30-18:30
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7.4.4 Product Stream Processing

A range of post CSC product stream processing tests were carried out. The aims were to assess
how the product span and PSD changed and whether improvements could occur on the

standalone product stream to achieve the desired span of less than 1.

7.4.4.1 Dilution

The CSC product stream setup was designed with online dilution, which occurred after being
pumped from the column, to lower the supersaturation so very limited growth occurred during
the PSD measurements. On the basis of Oswald ripening, where small crystals are
preferentially dissolved over large crystals, altering the dilution level to just below the
saturation limit to dissolve out a certain percentage of crystal (ideally fines), was proposed.
However, the crystal concentration of the undiluted product stream was too low to accurately
control the dilution process and target the dissolution of a desired crystal percentage
(Appendix A.6). Table 20 below shows the effect of an increase in the product stream dilution
but remaining above the supersaturation solubility limit (Figure 6). It was found that increasing
the product dilution, by increasing the amount of water being added to the product stream
coming from the column, decreased the di, dso and dgg. Even when staying above the
saturation limit, targeting the dissolution of fines (an increase in the di;) and a decrease in
span did not occur. If the product stream crystal volume concentration was higher, then

targeting the dissolution of fines might be achievable.

Concentration Volume (%) dio (um) dso (um) dgo (Lm) Span

Normal Product Stream

0.79 g/100 g, 25°C 0.0270 22.8 56.7 103.3 1.42
Product Stream with Additional Dilution

0.26 g/100 g, 25°C 0.0247 20.9 53.2 98.2 1.45

After 2hr Sitting 0.0253 204 52.7 95.4 1.45

0.22 g/100 g, 25°C

Table 20 Additional product stream dilution for 19.19:00
The solution temperature becomes important as the CSC product stream concentration is
lowered closer to the solubility limit. The solubility limit is also affected by temperature and if
it increases significantly this will result in the dissolution of crystal. Solutions with an absolute
alpha lactose supersaturation of 0.26 g/100 g at 25°C were measured to be further diluted
from residual water and lactose background solution leftover in the Malvern MasterSizer

sampling unit to 0.18 g/100 g at 25°C. A solution temperature above 25.8°C would now drop

128



the solution concentration to below the solubility limit, which is possible depending on the

uncontrolled ambient temperature in the room housing the Malvern MasterSizer.

7.4.4.2 Ultrasound

Ultrasound has been shown to reduce particle size and agglomerates (Kougoulos, et al., 2010).
Varying lengths of exposure to ultrasound were tested for effectiveness in reducing large
agglomerates and thus reducing the dg. The test setup was an ultrasonic 1 kW probe,
operated at 20% power, inserted in a 250 mL beaker containing 175 mL of well mixed product
solution. It can be seen in Figure 104, after 2 seconds of ultrasound application, the reduction
in dip and ds, starts to level out, but the dg is still decreasing. A similar trend can be seen for

the span shown in Figure 105.
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Figure 104 CSC Product stream PSD change with varying times of ultrasound
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Figure 105 CSC Product stream span change with varying times of ultrasound
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Agglomerates at all size ranges are detached, resulting overall in smaller crystals. After 10 s of
ultrasound application, span had dropped by 13%, d., by 22%, dsq by 29% and dgy by 35%. The
variation in the measured crystal volume concentration for the different ultrasound sub-
samples shown in Figure 104 and Figure 105 was within 7%, therefore crystal dissolution from

the ultrasound process was not considered to be occurring.

7.4.4.3 Centrifuge

A centrifuge was tested as a method for concentrating the product stream and the resulting
PSD was compared with the original CSC product stream. A centrifuge was used to concentrate

approximately 2.4 L of product stream to 70 mL.
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Figure 106 Product stream PSD undergone centrifuge concentration
The two centrifuge results in Figure 106 show that the normal untreated product particle size
is reduced, when operated at 10,000 rpm, to a similar magnitude to a product stream exposed
to 2 s of ultrasound. The span decreases by less than 0.2 which was not enough to reach the

desired span of less than 1.

7.4.4.4 Filtering

An appreciable amount of crystal was collected via filtering a large volume of product crystals,
and subsequently dried in an oven. Figure 107 shows the PSD results for two runs of filtered
product crystal after being added to slightly supersaturated lactose background solution. The

filtered crystal PSD measurement method was adapted to utilise a double background solution
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rinse in the Malvern MasterSizer sampling unit. It was found the residual cleaning water was
dropping the background solution supersaturation to near the solubility limit, causing crystal
dissolution. The lactose background solution with an absolute alpha supersaturation of 0.52
g/100 g at 25°C was diluted from residual cleaning water, once in the sampling unit, to 0.11
g/100 g at 25°C. A double rinse of background solution, filling the sampling unit, emptying and
refilling before adding crystal, minimised the dilution from residual water. The filtered crystals
underwent a reduction in the dig, dsq and dg, indicating that the filtering, drying and addition
of crystals to background solution for measurement has separated agglomerates. The effect on

span for filtered crystals was marginal and varied between runs.
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Figure 107 Product PSD for filtered and dried crystals

7.4.4.5 Hydrocyclone

A hydrocyclone can act in two ways: by concentrating the product stream, and separating
unwanted fines. Although an experimental hydrocyclone was not available for testing,
theoretical calculations (Appendix A.9) have shown it would be possible to achieve a product
span of 1 with a single hydrocyclone cut on the exiting CSC product stream; see Figure 108.
The calculations do not take into account the effect of initial crystal concentration on the
separation performance. Additional predictions, Table 21, show it is possible to carry out a
single hydrocyclone cut on the batch grown controls; the consequence is more crystal is lost as

the starting PSD has a higher span.
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Figure 108 Single pass hydrocyclone product cut selected for an underflow span of 1

dsoc dio dso doo Crystal
Condition (um) (um) (um) (um) Span Vol %
200M-1 Product
(16.17:30) 46.0 23.4 56.0 101.9 1.40 100.0
underflow 43.0 69.2 112.2 1.00 66.8
overflow 11.8 31.6 51.4 1.25 33.2
200M-1 Ultrasonic 2s
(20.17:30) 38.2 18.8 47.6 86.8 1.43 100.0
underflow 36.4 58.8 95.2 1.00 67.5
overflow 7.6 25.6 42.3 1.35 32.5
200M-1 Ultrasonic 5s
(20.17:30) 29.7 18.0 43.1 75.7 1.34 100.0
underflow 30.7 50.4 81.1 1.00 75.4
overflow 5.7 21.0 34.0 1.35 24.6
IGL-1 6hr batch
control (9.00) 68.4 21.4 53.3 109.2 1.65 100.0
underflow 50.8 83.8 134.6 1.00 41.4
overflow 17.1 37.7 65.0 1.27 58.6
IGL-1 6hr batch
control(10.00) 80.0 20.6 54.9 117.6 1.77 100.0
underflow 57.0 94.8 151.9 1.00 35.6
overflow 16.8 40.0 73.1 1.41 64.4
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7.5 Discussion

7.5.1 Laminar Flow

The un-insulated column dye tests showed dye reached the top of the column in around 2
hours. If an ideal laminar profile was present, the time should be closer to the theoretical
estimate of 3 hr 54 min. Dye tracer tests from the literature for low flow rate systems show the
propagation of the dye due to the density difference with water is likely to be partly
responsible for this. The laminar jet nozzle inlets are also causing mixing affects. Literature has
shown for laminar fluid jets, with Reynolds numbers around 10, some propagation occurs
before dissipation and laminar flow, and Reynolds numbers near 1 have a very small entry
length before dissipation occurs (N. Dombrowski, Foumeny, Ookawara, & Riza, 1993;
Friedman, Gillis, & Liron, 1968). This propagation can be seen from the 16-pipe feed nozzles in
the dye tracer tests which have Reynolds numbers around 13; see Figure 109. The single inlet
feed design with a horizontal flow nozzle lowered the Reynolds number, shortening the
transition to laminar column fluid flow, and therefore this design was selected for use in the

CSC experiments; refer to Section 7.2.2.2 for more detail.

Figure 109 Start-up photo from 16-pipe dye tracer test, showing initial dye propagation from nozzles
Column temperature related convection effects were initially identified to be occurring; the
room temperature fluctuated by +1.5°C, and the air felt turbulent at some points in the room.

Near the ceiling, and through the roof hole, temperatures were lower on average by around
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1°C than the centre of the room. Additional insulation and heating in the roof gap overhead

box was added to counteract this.

A problem was exposed when the concentrated stream blocked in one of the initial full scale
runs, and the dilute nucleated stream continued to be pumped into the column full of the final
feed solution. It was noticed that a fast rolling and random motion of crystals and fluid was
occurring in the column, even after all flows were switched off; the mixing effects were greater
than the dye water tests. Mixing here has been attributed to the density and temperature
differences between the column fluid and the dilute only stream. This follows convection
theory, that a hotter solution will have a lower density and rise, and the dilute stream has a
lower density and will also rise. Maintaining the consistency of the feed stream with time is

therefore crucial to avoid unwanted column mixing effects.

Column baffling, as discussed in the Section 7.2.4.1, was investigated for the effect on the
product stream crystals. The aim was to even out the flow experienced by crystals. Two
designs of baffling were tested. The first design had minimal baffles, and no change to the
product and waste stream PSD occurred. The second design had a maximum amount of
baffles, and did affect the product and waste streams. Crystals attached to the baffles, and due
to the increased internal column surface area from the baffles, a very low product stream
crystal concentration resulted. The nucleation rate from the impeller mixing stage was
increased (nucleation mixing time increased from 5 to 10 minutes), so a high enough product
crystal concentration could be produced and measured accurately in the Malvern MasterSizer.
The product stream PSD result for the increased nucleation fully baffled 200M-2 lactose test
was d1p=18 um, dsp=56 um, dgy=118 um and span=1.8. The product span had increased and ds,
decreased from the normal CSC column 200M-2 product stream results (Table 15). Crystals
sampled from the unsettled product stream were viewed under a microscope and qualitatively
showed a large number of agglomerates, Figure 110, which was at the high end observed for
non-baffled runs. This is likely from the increased crystal concentration causing hindered
settling and from crystal building up on the added internal surface with subsequent
detachment. Any potential flow improving effects from the baffling are outweighed by the
increased surface area and hindered settling; therefore the use of a fully baffled column is not

recommended.
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Figure 110 Fully baffled column product stream crystals microscope images (no additional settling)

7.5.2 Growth Rate

Growth rates for the 6 hour batch bottle roll controls are different for the batches of lactose
used (Table 13, Table 14 and Table 15), with IGL-1 and 200M-2 having similar but faster growth
compared to 200M-1. The explanation for lactose batch PSD variation is not entirely apparent
as all batches are particle size fractions of pharmaceutical grade lactose, which are
subsequently dissolved in water to the same experimental concentration (Table 17). It is
speculated that the different batches may have varying levels of impurities. Total phosphorous
in the three types of lactose used was measured by Hills Laboratories (Hamilton, NZ), as an
indicator for lactose phosphate, a known lactose growth inhibitor. However, no significant
difference was measured between the samples and the average total phosphorus amount

measured was 30 parts per million (ppm).

Sample ID | Phosphorus (ppm) Type
1 30 200M-1
5 30 200M-1
7 30 200M-1
3 40 200M-2
6 30 200M-2
8 30 200M-2
2 30 IGL-1
4 30 IGL-1
9 40 IGL-1

Table 22 Phosphorus results for the three types of lactose used
The 6 hour batch control growth rate distribution data was used in the theoretical model
predictions and if the growth rate distribution of feed crystals is changed, the final product
model PSD predictions differ. Figure 111 shows the theoretical CSC product crystal diameter
plotted versus growth rate constant for 200M-1 (smaller ko on average) and IGL-1 (larger kg
on average). As kg is decreased, more crystals reach the height limitation line, based on the

height of the column=3.5 m; crystal is lost to the waste stream if they move past this line. The
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net result is a size limitation is imposed on the crystals within the height limitation zone.
Significantly decreasing feed nuclei k,; values mean a greater proportion of product crystals are
obtained from the height limited area of the graph. This will give a smaller range of crystal

sizes that can enter the product stream, and decrease the dg, dsp and dgo.
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Figure 111 Theoretical CSC product crystal size and corresponding crystal growth rate for 200M-1 and
IGL-1 lactose

7.5.3 Controlled Nucleation Event

The precursor to the successfulness of the CSC, and other potential inhaler grade lactose (IGL)
production methods, is a controlled nucleation event. The controlled nucleation event for the
CSC was required to produce nuclei for the feed stream. A sufficient feed nuclei concentration
was desired to produce measurable amounts of crystal and obtain product PSD results,
measured in the Malvern MasterSizer, and investigate the effectiveness of the CSC method. As
discussed in Section 5.4.4, once the batch impeller nucleation event had occurred, the
supersaturation was lowered to just above the supersaturation limit so no further nucleation
or growth would occur (very limited). The slightly supersaturated nucleated solution was then
continuously concentrated to the growth concentration and fed into the CSC column. Ideally
these two steps could be replaced with continuously nucleating a smaller volume of the highly
supersaturated stream and diluting to the growth concentration. Adequately controlling the
supersaturation growth concentration limits additional nucleation, which reduces the span.

The batch impeller nucleation method developed was successful for reliably producing a
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nucleated feed stream; shown by the consistent PSD measurements in the CSC results and

bottle roll controls (Table 13, Table 14 and Table 15). If the feed nuclei concentration was too

low, increasing the nucleation mixing time and speed prior to quenching would increase the

number of nuclei formed.

7.5.4 Theoretical Model Experimental Deviations Summary

The experimental CSC product span for the different types of lactose used is approximately 3

times the theoretical span predictions obtained using the CSC model described in Chapter 6.

An analysis was carried out into what could be causing the product span deviations as well as

potential solutions; this is summarised in Table 23.

Issue/Model deviation

Effect relative to theoretical CSC model product predictions

Nuclei bypass with the
feed into product
stream

Lowers the dig. However, feed stream crystal concentration is low
relative to the product stream, much less than 10%, which is
considered relatively insignificant.

Pump flow rate
changed with time and
tubing broke

Higher quality tubing was installed which can be successfully used
for multiple runs. The flow appears to remain constant once the
column is full. The product stream increases in flow by ~10%
during filling. The feed stream appears to remain relatively
constant. Changing feed concentration would cause density
variation, and minor density variation, according to Stokes law,
would cause significant flow velocity change relative to the overall
assumed laminar column flow.

Laminar flow
development around
the feed nozzle

Feed region laminar development was split into two scenarios:
1) Plug flow regime was assumed for a small distance; calculated to
cause a very minor increase in the dsg, and span stays
approximately the same.

2) Fully mixed region of fluid; such as in the product cone itself,
would cause minor increases in span. Radial particle redistribution
could occur here. However previous dye tracer studies do not
indicate any significant mixing is occurring.

Radial column particle
movement caused by
the laminar profile

Calculations into pressure differential acting across a spherical
particle under laminar conditions show radial movement inside the
column when rising or settling to be insignificant.
Convection currents appeared to be occurring and insulation was
installed after linking these effects. From 3 observation points
radial movement no longer appeared to be occurring, but the
product PSD remained the same.

PSD of input nuclei

PSD of nucleated feed stream remains relatively constant with
time, but the concentration decreases with time, a lower
concentration reduces particle-particle interactions in column. The
theoretical CSC model solved with and without feed nuclei
diameter input did not alter the product PSD and span significantly.

Starting with an empty
column

Span likely to increase due to empty column affecting flow
patterns. However at steady state it is assumed the residual effects
shouldn’t be significant.
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Surface crystal
formation

Only minor surface crystal formation is evident, therefore not
considered a major problem source. A vibrator was installed onto
the product cone, which did not affect span but assisted in
reduction of crystal surface build up.

Additional nucleation Nucleation above the feed point could end up with larger particles;
growth conditions used, absolute supersaturation of 8.2 g alpha
lactose/100 g water, are in the upper metastable region, but below

the spontaneous nucleation region. Additionally fluid is only
experiencing very low Reynolds numbers; nucleation associated
with mixing will be negligible.
Ambient temperature The column was insulated, so the net effect on the column was
fluctuations decreased. Any significant column fluctuations will likely be coming
from the feed stream temperature and flow variation.

Low nuclei number Nuclei input are generally sufficient to get reliable 16 hour results.
input into the column Too high and it is assumed hindered settling, column crystal
volume concentration greater than 10%, and agglomeration will

cause the span to increase.
Growth equation The literature supported constant crystal growth equation with
incorporated growth rate dispersion fits 6 hour batch data well

(Table 10 and Table 11). An empirical relationship for a size-
dependent growth rate was tested (Aamir, Nagy, & Rielly, 2010),
G=kg,S.*'(1+g,d)¥’, where G (um.min) is rate of crystal growth, S, (g

lactose/100 g water) is absolute alpha lactose supersaturation, d
(m) is particle diameter and kg (1tm.min.100 g water/g lac),g: (-),82

(m™),and g; (-) are growth parameters. This expression was put
into the batch model and values changed to match 6 hour control
values. When solved for the CSC model, it over estimated the dy,
and dsp, but more accurately predicted the dgy. A combination of
growth rate dispersion and size-dependent growth mechanisms

could be occurring.
Hindered Settling and Particles settling may have the following interactions with rising
Agglomeration particles:

move column radius position

shadow, form agglomerates or clusters

A video of the column operation shows vertical settling and rising

of crystals as expected, however with the occasional rapidly falling
large particle; likely to be a agglomerate or cluster. Sampling at

different heights along with the product stream was carried out,

and microscope images showed a strong presence of
agglomerates, and to a lesser extent clusters.

Table 23 Summary of investigation into CSC theoretical model deviations

The investigation into theoretical CSC model deviations found that agglomeration was
occurring in the column, which appeared to be a likely explanation for the increased span.
Agglomeration occurs when individual crystals interact and subsequently grow together.

Under normal batch crystallization processes agglomeration is reduced through the mixing of
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the solution at much higher Reynolds numbers. Agglomerates are believed to cause an

increase in the span through the following scenarios:

dgo increase, to above theoretically possible crystal sizes, by combing crystals grown to
maximum size resulting in a “single” larger particle measured by the Malvern
MasterSizer

dyo reduction, agglomerates are not limited to large crystals, smaller crystals which
would otherwise be lost can combine and settle out in the low flow region of the
column. Settling agglomerates can collect smaller crystals which will not necessarily

join to the agglomerate

On a number basis, calculations revealed a very small number (~0.5%) of large crystals can

double a volumetric span (Appendix A.7). Agglomerates are considered undesirable and the

possibilities of removing them were investigated:

stopping them from developing in the column would be the ultimate solution, having
internal mixing sections or periodic exposure to ultrasound could assist in reducing
aggregate formation

post column product stream processing options such as breakage or removal are also

available

7.5.5 Agglomeration Solutions

Under normal settling conditions, agglomerates were found at all measuring positions within

the CSC column. Stopping agglomeration from occurring while maintaining laminar conditions

is difficult, but separating agglomerates once formed is feasible.

The following column locations, as depicted in Figure 112, could incorporate a method to

break agglomerates into individual crystals:

Below the feed, this could include the product stream itself, previous tests with
product stream ultrasound show the span was reduced from 1.4 to 1.3, but it also
reduced all particle sizes.

Above the feed, agglomerates would break into small and large crystals, smaller
crystals would be reincorporated into the upwards fluid flow, remaining single crystals
that are large enough to oppose upwards fluid flow, will settle into the product

stream, as per normal.
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3. Middle of the column, this provides similar processing to location 2, but not all crystals
reach this height, furthermore the settling distance below this point would allow for
agglomerates to reform.

4. Top of the Column, similar processing to location 3, except the majority of crystals do

not reach this height.
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Figure 112 Potential agglomeration reduction locations

Location two is considered the best position to target the separation of agglomerates, and

potential span improvement.

Ultrasound application to the product stream was shown to separate some of the
agglomerates into individual crystals, therefore the application of ultrasound at Position 2
would be a potential agglomerate reduction solution, providing the column conditions above

this point are not significantly changed.
Ultrasound Effect on Column Temperature:

Experimental tests carried out with a 1 kW ultrasonic probe operated at 20%, and inserted
approximately 1 mm into 200 mL of water contained in a 250 mL beaker (placed on
polystyrene) resulted in a heat transfer rate of 60 W. Stokes law shows minor temperature
variations can cause density changes promoting unwanted mixing in a laminar setup; any

temperature change above 0.2°C will be considered significant. A simplistic approach shown

140



below was taken to roughly estimate the heat transfer that could potentially occur if the
ultrasonic probe was operated inside the column. Using column conditions of Q=30 mL.min™,
p=1127 kg.m™ and neglecting heat transfer from the heated fluid, the temperature increase,

AT (°C), in fluid flowing past a continuously operating ultrasonic probe can be estimated:

q= meCpAT

q 0.06kW

AT = =
mq,.Cp  0.00056 kg.s71%3.32 kJ].kg='°C

= 32°C

where q (kW) is energy, my, (kg.s™) is the feed mass flow rate and Cp (k).kg™*°C) is the fluid

specific heat capacity.

Temperature change by continuous ultrasound is significant, much greater than 0.2°C, and not

acceptable for direct column use.

The probe could potentially be setup to act periodically on a zone of fluid. If the probe was
operated for 1 s every 320 s, this would cause a 0.1°C increase. In 320 s approximately 160 mL
of fluid would have passed. In a 75 mm diameter column this corresponds to a height of 36
mm (the probe tip diameter was 24 mm). Although all column fluid could potentially be
treated, settling crystals above 55 pum in size would be missed. A 55 um crystal settling velocity
of 0.23 mm.s™ less the average upwards fluid velocity of 0.11 mm.s™ equals 0.12 mm.s™. This
corresponds to an average distance moved of 36.4 mm in 320 s. A 100 um crystal would move
203.9 mm in this time. The ultrasonic power level tested also caused mixing and cavitation,

and it would be difficult to prevent these affecting the laminar flow profile in the column.
An alternative method for online agglomerate destruction was proposed; see Figure 113.

Waste .
28 mL.min™"

Expanded View of
Feed Region

Above Feed
Feed
48 mL.min™"

Intense
Mixing

20+X mL.min"

Product
20 mL.min™"

Figure 113 Potential agglomeration destruction recycle loop design
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This method processes flow coming from the product stream and recycles it back into the
column just above the feed. The recirculation loop velocity will be high preventing crystals
from settling out. This effectively means the entire section of fluid below the insertion point
will become a fully mixed vessel, where crystals exit after a known residence time. Crystals exit
at 20 mL.min™* through the product stream, or are re-inserted into the column at 28 mL.min™,
whereby small crystals will rise and grow, and the larger crystals will settle back into the
recirculation loop. Before implementation of the recycle loop is carried out, the CSC
theoretical model needs to be revised to assess the effect of agglomeration and any

subsequent reduction.

7.6 Conclusions

A reliable continuous settling crystallizer setup was developed. Different batches of lactose
were used in the continuous settling crystallizer experiments and found to have statistically
different inherent growth rates, calculated through the bottle roll controls. For the continuous
settling crystallizer run conditions of a net 28 mL.min™ vertical column flow and absolute alpha
supersaturation of 8.2 g/100 g, IGL-1 had a product span of 1.49+0.04 and dso of 69.1+£2.4 um,
200M-1 had a product span of 1.41+0.02 and ds, of 53.8+1.6 um, and 200M-2 had a product
span of 1.54+0.02 and ds, of 78.2£2.9 um.

The continuous settling crystallizer product stream crystal concentration was very low, at less
than 0.1%; however the aim was not maximisation of yield, but proof of concept. Maximising
yield is expected to cause hindered settling and an increase of the span. Agglomeration was
proposed as the main point of difference with the theoretical continuous settling crystallizer
model; potentially causing the increased product span. An agglomeration term needs to be
added to the continuous settling crystallizer model to access whether implementing a

agglomeration destruction recycle loop is worthwhile for improving the span.
The original crystallizer process aims were:

- Adsy between 50 to 90 um
- Spanlessthan1
- Bereproducible

- Have very low levels of contaminants (required for a pharmaceutical product)

All aims had been met except for the second, a narrow PSD, where the span is 1.4 to 1.5; this
compares to a typical industrial crystallizer span of 2 to 2.5. Additional product stream

processing, such as a hydrocyclone cut, is currently required to produce a span less than 1.
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Chapter 8 — Revised Continuous Settling Crystallizer Theoretical Model

8.1 Introduction

The continuous settling crystallizer (CSC) experimental product results were found to have a
significantly larger dgy and smaller dig and dso than the CSC theoretical model predictions.
Consequently the experimental product span was approximately 3 times the theoretical
predictions and greater than the objective span of 1. An investigation was carried out into the
experimental effects which could be causing the span deviation from the ideal model
conditions, and a summary can be found in Section 7.5. The key model discrepancy revealed
from the investigation showed that crystal agglomeration was occurring inside the column.
Initial explanations were based around the ability for agglomeration to produce larger crystals,
increasing the dg, and settling out smaller crystals, decreasing the d;o. In this section, a range
of agglomeration conditions were theoretically modelled first to test this hypothesis before
any modifications to the experimental CSC to include an agglomeration destruction recycle

loop were carried out.

8.2 CSC Agglomeration Term

The agglomeration criteria developed represents the condition where crystals of all sizes can
agglomerate. The particle column radius position interaction criterion, Equation 81, states that
the particles column radius position must reside within 20% (assumption) of the first crystal’s
diameter. Under normal model simulations, individual particles column radius position does
not change with time. The initial height interaction criterion (AGG1) was solved at each time
step, Equation 82, assessing if particles were touching based on particle height position and

diameter; as depicted in Figure 114.

Zr M
% d,
% ds
rA T S R
———"

ri—0.2d;<r,<r;+0.2d;

Figure 114 Agglomeration 1 (AGG1) column height and radius criteria
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r—0.2d; <r, <r +0.2d;

Equation 81 Agglomeration radius criterion (for both AGG1 and AGG2)
z1 +0.5d; =z, — 0.5d,
Equation 82 Agglomeration 1 (AGG1) height criterion
Using AGG1 height interaction criterion potentially meant crystals could come in and out of
contact during the time step movement and not be counted. The AGG1 height interaction
criterion was then altered to assess if contact occurred during the time step particle
movement, Agglomeration 2 (AGG2) height interaction criterion, Equation 83. Once the two
particles interact, for simplicity their masses are combined and the same shape factor is
assumed. The agglomeration predictions can be seen in Table 24; where Py (#) is the individual

particle input per time step and PW (-) is the product to waste crystal volume ratio.
USlTlg Zl,tl and Zz,tl: Zl,tZ > ZZ,tZ

Equation 83 Agglomeration 2 (AGG2) modified height criterion

Condition | dio (M) | dso (um) | dgo (1m) ‘ Span | AGG (%) | PW
Q=28 mL.min", C;=42 g/100 g, 200M-1, t=16 hr, At=5 s, Py=10

Product, AGGO | 51.2+0.4 | 73.2+0.9 | 85.9+0.9 | 0.47+0.01 0 3.1

Waste, AGGO 6.710.0 22.5+0.1 | 36.7+0.3 1.331£0.02 0 10.2

Product, AGG1 | 48.2+1.1 70.1+1.6 | 85.4+1.1 0.53+0.04 55.7+0.1 2.0
Waste, AGG1 6.840.1 22.7+0.3 36.9+0.5 1.32+0.02 2.2+0.1 0.1
Product, AGG2 | 50.8+1.6 | 73.3+1.4 | 85.5+0.9 0.47+0.03 38.8+2.7 2.3
Waste, AGG2 6.8+0.0 23.0+0.4 | 37.4+0.3 1.33+0.03 2.4+0.1 0.2

Table 24 Theoretical CSC agglomeration results, AGGO: no agglomeration, AGG1: agglomeration
solved using Equation 82, AGG2 agglomeration solved using Equation 83

The agglomeration model particle size distribution (PSD) predictions did not differ significantly
from normal model predictions. AGG1 criteria produced a larger number percent of product
agglomerates than AGG2 criteria. The experimental product agglomerate percentage is not
guantitatively known; however qualitative agglomerate estimates of the settled large product
crystals imaged (Section 7.4) range from 30 to 60%, comparing well with predictions. After
adding agglomeration conditions to the theoretical CSC model, larger particles can be
produced, but agglomerates are removed from the column faster resulting in no significant
increase in the dgo. It is possible the agglomerate settling rates are different due to a change in

shape factor, but this has been ignored.

Different scenarios in which particles could interact to form agglomerates and whether it
would be possible in the CSC column based on their settling rates can be seen in Figure 115. A
downwards arrow represents falling and an upwards arrow represents rising (crystals are still
growing). The largest crystals (high flow region) do not interact with each other to produce the
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larger crystal sizes measured in practice. Slow growing small crystals in the low flow rate zones

can agglomerate and settle out which would otherwise be lost to the waste stream. Overall

the CSC theoretical model with agglomeration does not show a significant PSD effect than

normal theoretical model conditions, but the agglomeration term is retained in the model

because agglomeration does occur in reality. Further CSC theoretical model analysis is required

to explain the decrease in diy and dso, and increase in dgy, giving rise to the increased CSC

product span.

d1>d2

No

d =d

2

No

Figure 115 Theoretical look into particle interactions (constant fluid velocity), only large settling or
rising particles can interact with smaller rising particles

8.3 CSC Theoretical Model Factor Analysis

Before making further modifications to the standard theoretical CSC model, it is important to

discuss the results of the CSC theoretical model factor analysis. Table 25 summarises

Stream | dio (M) | dso (um) | dgo (M) | Span | AGG% | PW
CSC Experimental values 200M-1, t=16-18 hr
Product 22.5+t0.6 | 53.8+1.6 | 98.2+3.0 | 1.41%0.02 - 11.3+4.3
Waste 10.7#1.0 | 23.0¢1.5 | 46.6+3.4 | 1.56+0.12 -
AGG2, t=16 hr, At=5 s,P\=10, d;, “Normal model conditions”
Product 50.8+1.6 | 73.3+1.4 | 85.5+0.9 | 0.47+0.03 | 38.8%2.7 2.310.2
Waste 6.810.0 23.0+0.4 | 37.4+0.3 | 1.33+0.03 | 2.4%0.1
AGG2, t=24 hr, At=5 s, Py=10, d;
Product 50.6+0.4 | 70.2+0.5 | 85.1+0.3 | 0.49+0.00 | 48.3+0.6 3.540.1
Waste 7.1+0.0 22.7+0.1 | 37.4+0.2 | 1.34+0.01 | 2.8%0.0
AGG2, t=16 hr, At=10s, P\=10, d;
Product 51.9+1.1 | 73.7#1.2 | 86.1+1.1 | 0.46%0.01 | 22.1+2.6 2.610.2
Waste 6.910.1 22.9+0.6 | 38.1+0.9 | 1.37+0.03 | 1.3%0.1
AGG2, t=16 hr, At=5 s, Py=20, d;
Product 49.9+1.0 | 73.1+1.0 | 85.7+1.0 | 0.49+0.03 | 42.0+1.7 2.240.1
Waste 6.840.1 22.6+0.5 | 37.3+0.7 | 1.35+0.02 | 3.8%+3.7
AGG2, t=16 hr, At=5 s, Py=10, d;=0
Product 51.8+1.0 | 73.4+0.9 | 86.5+1.3 | 0.47+0.03 | 32.2+2.5 3.3#0.2
Waste 10.3+0.1 | 25.1+0.3 | 38.2#0.3 | 1.11+0.01 | 1.0#0.1

Table 25 Volumetric flow based nuclei input theoretical model predictions, 200M-1
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solutions for longer time, decreased time steps and increased individual particle input. These

were carried to assess any sensitivity issues which may be compromising predictions.

CSC theoretical model factor variations did not show significant changes to the product PSD.
However, it is important to note that having no nuclei input diameter, di=0 m, better matches
the experimental waste stream predictions and increases the PW crystal volume ratio. The
input nuclei diameter was based on Malvern MasterSizer crystal volume measurements for the
experimental nuclei feed stream at 0 hours of growth converted to a number distribution. This
gives an inaccurate nuclei number distribution for feed particle size because a significant
amount of un-measurable nuclei have yet to grow. This can be seen in Figure 116 when the

crystal numbers for the feed at 0 hours of growth and the 4 and 6 hour controls are compared.

1E+16

1E+15

1E+14

1E+13 -

1E+12 -

1E+11 -

1E+10 - T T T T T

Ohr Dilute 19hr Dilute 17.3hr 17.3hr  4hr Control 6hr Control
Feed Feed Product Waste

Particle Numbers (#.mL?) - log axis

Figure 116 Comparison of crystal numbers for various CSC streams, Run 19
The reason why the theoretical model waste crystal PSD increases by removing the input
nuclei diameter is as follows: Although the PW crystal volume ratio increases, the product by
waste crystal number ratio decreases from 8.1+0.6x10° to 7.0+0.1°. Without the starting
diameter more small crystals enter the waste stream, as they have not grown large enough to
oppose the column flow. The average waste crystal size decreased from 5.70£0.2 um to
3.57201 um. Smaller crystals have a lower PSD effect on a volume basis; the dyg and ds,

effectively increases.

8.4 CSC Theoretical Model Flow Analysis
A theoretical investigation was carried out into what internal flow conditions occurring in the
column could be causing both small and large particles. A significant number percent of small

crystals is required to lower the d,o, whereas only a small number percent of large crystals is
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required to increase the dqy. Alterations were made to the core CSC theoretical model to test
different flow condition hypotheses, and a significant difference was considered when the new
theoretical product PSD predictions differed by at least 10%. Sections 8.4.1 to 8.4.6 summarise
these results. To completely validate theoretical flow assessments, particle image velocity (PIV)
should be carried out on the CSC experimental setup, however as explained in the previous

chapter, the measurement apparatus was not available.
8.4.1 Random Column Particle Addition

Particle height criterion for new nuclei entering in the column, normally set at Z=0 m, was
modified to allow a small percent of nuclei particles to be inserted at random column heights.

This theory can be split into two areas:

- hypothesis that nucleation is occurring because growth conditions are in the upper
metastable region; no significant difference was found in predictions

- hypothesis that crystals attach to surfaces, grow, and are subsequently incorporated
back into the settling region of the column; potentially occurring as crystal was seen to
form on column surfaces, but this is a model fitting exercise to obtain the larger crystal
sizes needed in the correct quantity. Detached surface crystals also do not explain the

increased number of small crystals
8.4.2 Fully Mixed Sections

Theoretical batch results coincide reasonably well with experimental CSC results, therefore it is
hypothesized a batch mixing zone combined with a subsequent laminar settling zone may be
occurring. The theoretical model was altered to have random particle movement within
specific column height zones. The result of this causes an increase across all the particle size
ranges. However, a fully mixed column is not observed in practice and this hypothesis is
unlikely. The feed region is a potential mixing zone from the feed inlet, but this has been

previously shown to only cause minor increases in the overall product PSD.
8.4.3 Slow Column Recycle Loop

A fully mixed zone is unlikely, but it’s hypothesized that a slowly mixed zone in the form of a
recycle loop is plausible. An unbalanced slow and fast side in the column could be occurring as
there is some evidence in practice for this with dye tests just above the feed region. The
theoretical model was set up with a slow column side (0.5u) and a fast column side (2us). This
setup is very complicated with many independent factors to take into account such as correct

particle radial input within a side, assessing which particles recycle, and maintaining total flow
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rates. Simplified predictions did not show a significant change in product PSD; however

improved model fitting may alter these results.
8.4.4 Empty Column Fill

In practice, the experimental column starts from empty, and no terms in the theoretical model
account for this. It's hypothesized that laminar flow starts to occur once the column is full and
mixing occurs during the fill stage. The theoretical model was altered to have random particle
movement during the first 6 hours of column “filling” (~3/4 full), with subsequent laminar
conditions. The predictions did not show a significant difference in the product PSD. In reality,

the product stream should return to steady state equilibrium with time.
8.4.5 Waste Outlet Cone Crystal Recycle

The waste cone area (with uneven surfaces) at the top of the column has the potential to be a
mixed region, settling particles back into the column. The theoretical model was altered to
recycle 80% of waste particles back into the column. No significant difference in product PSD

occurred.
8.4.6 Faster and Slower Column Flow rates

Normal fluid flow movement occurs according to Equation 80; particle net velocity equals fluid
velocity (ug) less terminal settling velocity (u;). An initial assumption was that a faster or slower
flow causes larger or smaller crystals. Model predictions carried out with faster flow rates
achieved significantly larger particle sizes; increases in the product ds; and dgy occurred. It is
noted that the CSC is height and growth limited and at faster flow rates more crystals are lost
from the column into the waste stream. Model predictions carried out with slower flow rates
achieved significantly smaller particle sizes; decreases in the product dy,, dso and dgy occurred.
A combination of fast and slow flow rates could lead to the experimentally measured span

deviations.

8.5 Fast and Slow Zones
8.5.1 Two Column Model

A CSC column with a lower flow rate produces smaller crystals and likewise a faster flow rate
produces larger crystals, but a link between the two is required. It is hypothesized that
channelling explains how a simultaneous decrease in the dig and increase in the dgg can occur.
A high velocity or channelling section in the column could be due to feed stream temperature

or concentration change. Section 7.2.2 illustrated how minor changes in the fluid density
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caused a dramatic increase in velocity relative to the average column fluid velocity. The net
effect of channelling results in slower velocities elsewhere because the average fluid velocity
must be maintained. The high velocity region will produce a larger sized crystal population and
the slower velocity region will produce a smaller sized crystal population. To demonstrate the
channelling idea, a simplistic two column model was developed. The fast and slow zones were
separated into individual columns and product streams combined to predict a span; see Figure

117.

Ar

“1 column” “2 column”

Figure 117 Simplistic two column theoretical model schematic, shaded area represents fast velocity
column

The individual slow and fast column areas, A, (m?) and As (m?), must equal the initial laminar
flow column total area, Ar (m?), Equation 84. Each column flow profile is still represented by
the standard laminar fluid profile, Equation 88 and Equation 89. The average fluid velocities of
each column, ug; (m.s™) and ug (m.s™), are altered in ratio to maintain total flow rate, Qr
(m3.s'1), Equation 85. The slow column uy is divided by the slow column flow factor, m,,
Equation 86, and the fast column us is multiplied by the fast column flow factor, m;, Equation

87.
As+ Af = Ag
Equation 84 Column total area
ufSAS + uffAf =Qr
Equation 85 Column total flowrate
Ufrs = uf/ms
Equation 86 Slow column average fluid velocity
Urr = Myl
Equation 87 Fast column average fluid velocity
Uy siow = Zufs(1 - TZ/RTZ)

Equation 88 Slow column laminar fluid profile
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Uy fast = zuff(1 - rZ/RTZ)

Equation 89 Fast column laminar fluid profile

A range of two column simulations were carried out using the 200M-1 growth rate data and

Figure 118, Figure 119, Figure 120 and Figure 121 show the trends for changing m; with a

constant mg;

PSD value.

a dashed lined is plotted to show the corresponding averaged CSC experimental

60

w1
o
4

o

¢ d10

e m e m e m e S e e e 05 Exp. A,

* Py

Particle Size (um)
N w H
o o

[EEN
o

o

1.5 2 2.5 3 3.5 4 4.5
m; - Fast flow u; multiplication factor

Figure 118 Two column theoretical model product d,, particle size versus mg mq is constant at 7 (AGG1

used)

Increasing ms from 1 to 4 with constant mg causes the product d,q to decrease, with a total

reduction in

particle size of ~25 um; see Figure 118. The two column product d;o prediction

matching the CSC experimental product results occurs around m=4.
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Figure 119 Two column theoretical model product ds, particle size versus mg; m, is constant at 7 (AGG1
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Increasing m; from 1 to 4 with constant m, causes the product ds, to initially increase up to

m=1.5 which subsequently decreases, with a total reduction in particle size of ~40 um; see

Figure 119. The two column product ds, prediction matching the CSC experimental product

results occurs around m¢=3.5.
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Figure 120 Two column theoretical model product dg, particle size versus mg; m; is constant at 7 (AGG1

used)

Increasing m; from 1 to 4 with constant m, causes an initial product dgq increase up to m=1.5

which subsequently decreases, with a total reduction in particle size of ~15 um; see Figure 120.

The two column product dgy prediction matching the CSC experimental product results occurs

around mg=1.5.
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Figure 121 Two column theoretical model span versus mg m, is constant at 7 (AGG1 used)
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Increasing ms from 1 to 4 with constant m, causes the product span to increase; see Figure 121.
The two column product span prediction matching the CSC experimental product results

occurs around m=3.5.
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Figure 122 Two column theoretical model PW crystal volume ratio versus m¢; mg is constant at 7
(AGG1 used)

Increasing m; from 1 to 4 with constant m, decreases the PW crystal volume ratio; see Figure
122. No two-column theoretical condition matched the experimental PW crystal volume ratio.
Increasing m; will decrease the fast column contribution because of washout, the viable area
to settle crystals decreases, and therefore the chance of large crystals being formed decreases,
and the dig, dso and dgy all decrease. Span increases but reaches a maximum once the slow
column product crystals start to dominate. Above a fluid velocity equal to approximately
0.3mm.s™ no product crystals will be produced, unless there is an increase in crystal growth

rate or column height.

A maximum value for mg exists below which the d;; PSD is dominated by the fast column
crystals and exceeds the experimental CSC product dy, value. Increasing m, from this value will
decrease the PSD but will also decrease the slow column contribution due to the lower flow
rate, meaning a very narrow range exists for producing small crystals in a high enough volume

percent to contribute to the product span.

When m,=7 and m{=3.5 the model particle size predictions are similar to the experimental
results except for the dgg. The experimental PW crystal volume ratio was unable to be met at
any of the model conditions tested; however these conditions provide a starting point for

further column flow modifications.
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8.5.2 Combined Column Model

The simple two column model revealed how the d;, can be reduced with the slow column and
the dgg increased with the fast column. In reality a fusion of the two would occur, leading to
the combined column model. Without advanced flow analysis measurements, such as particle
image velocimetry (PIV), which was not available, the exact flow conditions of the
experimental CSC column for a given height and radius position cannot be explicitly modelled;
only approximated with justified reasoning. To simplify modelling calculations, symmetry in
the combined column was assumed. The fast zone was assigned to the centre of the column
with a slow outer zone; as shown in Figure 123. The fast zone could in fact occur anywhere in
the column, and there was some evidence from the dye tests that a fast zone exists off centre.
The location of the fast zone should not significantly affect the theoretical results because total

area and flow rate conditions are maintained.
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Figure 123 Combined theoretical column model showing fluid velocity against column radius, R=18,
ms=6

The fast zone velocity, u.¢ (m.s™), Equation 90, has a modified outer radius, R¢ (m), Equation

92, to allow for interaction at the fast and slow zone boundary, R, (m).
from 0 —Ry; u, = 2ugmp(1 — 12 /Rgp?)

Equation 90 Combined column model fast zone velocity
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The slow zone velocity, u, (m.s™), Equation 91, is equivalent to the two column slow column

velocity solved from R-Ry.
fromR; — Ry;uy s = 2uf/rns(l - TZ/RTZ)

Equation 91 Combined column model slow zone velocity

Through a rearrangement of Equation 90 and Equation 91 solved at R,, Rr can be expressed.

mgmsR?
Rp = > (solved at Ry)
mgmy — 1 — Ry /Ry

Equation 92 Combined column model fast zone modified outer radius
Fast zone flow rate, Qr (m>.s™), Equation 93, and slow zone flow rate, Qs (m>.s™"), Equation 94,

can be calculated through the integration of Equation 90 and Equation 91.
Q A2 =)
=urm ——
BT R2m

Equation 93 Combined column model fast zone flow rate

urAr(2Rr*m — Ar) — upA; (2R — A;)
S —

mSRTzn

Equation 94 Combined column model slow zone flow rate

where 4; (m?) is the column area at the fast and slow interaction boundary.

Finally the slow zone division factor, m (Equation 95), and the fast zone multiplication factor,
m; (Equation 96), can be expressed through the rearrangement of their flow rate equations

(Equation 93 and Equation 94).

_ urAr(2Ry*m — Ar) — upA; (2R — A;)
Qr — QF)RT27T

S

Equation 95 Combined column model slow zone flow factor

i msR?nQr — usA}(1+ R?/R7%)
! wrmgA; (2R — Ay)

Equation 96 Combined column model fast zone flow factor

154



In the combined column theoretical model, specifying m, or setting m, to change with height,
enables the calculation of Qs, which can then be used to calculate m;. Q; can then be
calculated using m; and m;. The fast and slow zone boundary can be altered which increases or
decreases the flow rate in the corresponding zones; see Figure 124. The trend for increasing R,
towards R=R;, while maintaining mg, will result in a decreased m;. Maintaining m; will result in
an increased m,. The boundary can also be maintained and flow rates increased or decreased

within each zone. If m; is increased, m; must also increase.
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Figure 124 Fast flow multiplication factor versus slow flow division factor for different radius interface
boundaries

Increasing m¢ and m; when R, is constant has two main effects on the product crystals; see
Figure 125. Firstly, the viable area for crystals to settle in the fast zone is reduced due to larger
fluid velocities occurring up to R. The contribution from the fast zone large crystals is reduced,
and the d;g and ds, will decrease in a similar manner to the two column model. A continued
increase in maximum crystal size does not occur because column height and growth rate
limitation is already in effect. Secondly with m increasing, the slow zone flow velocities
decrease, producing smaller crystals and reducing the PSD. For the particular column model

conditions, above m=4, all slow zone crystals settle out into the product stream.
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Figure 125 Combined column theoretical model showing crystal diameter against column radius for
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Figure 126 Product crystal diameter versus slow zone division factor for R=18 mm
Increasing m; and m; when R, is constant beyond m¢=3, results in an increased product dsg; see
Figure 126. This can be understood when readdressing how a volumetric span is calculated;
larger particles have the greatest influence. Although the slow zone particles are decreasing in
size, their contribution to the volumetric span also decreases and a levelling off in the dio
occurs. The dso and dgy stay approximately the same, because although the fast zone velocity is
increasing, no increase in particle size occurs. Fast zone product crystal contribution decreases
with the PSD remaining approximately the same. The product particle size variation seen is due
to the random functions built into the theoretical model, previously discussed in Chapter 6,
and the chance of fast growers placed in a fast zone radius position. The averaged CSC
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experimental value for the di, dsg and dgy are also plotted as a dashed lined with colour
corresponding to the particle size. The experimental product d;y, dsq and dgy appear to be

closely matched to the combined column predictions around m=5.5.

Increasing m; and m; when R, is constant for the waste crystals, Figure 127, causes a small
decrease in the diy and dso, and a small increase in the dgg. Crystals present in the waste
stream primarily come from the fast zone. As flow rate increases, the crystals have less time
for growth before reaching the waste stream, resulting in a smaller crystal size. The dgg
variation again is due to the chance of fast growing crystals being randomly placed in the fast
flow column radius positions. Overall the combined column waste stream crystal sizes are
smaller than experimental CSC waste results. Normal parabolic flow rate model conditions,
m.=1, predict experimental results well for the waste stream d,; and ds, although the dq is

lower.
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Figure 127 Waste crystal diameter versus slow zone division factor for R=18 mm
Increasing m; and m; when R, is constant decreases the PW crystal volume ratio (Figure 128
and Figure 129). An increased m; results in smaller crystals entering the waste stream from the
fast zone, while an increased m; results in smaller slow zone product crystals. Decreasing m;
and mq increases the viable area for the fast zone crystals to settle, and the contribution of
large crystals increases until the fast zone velocity is sufficiently small, equal or lower than the
slow zone velocity, meaning the larger crystals will no longer be produced. No combined
column condition matches experimental PW crystal volume ratio. The combined column model
PW crystal volume ratio is less than the normal column parabolic flow model, which is also less

than experimental results.
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Figure 129 PW crystal volume ratio versus slow zone division factor for R=18 mm
Increasing m; and m; when R, is constant increases the product and waste span; as shown in
Figure 130. This is due to the decreasing diy and dso, and increasing dgg. When the ds, starts to
increase again the span starts to decrease. The experimental product span is matched at
around m,=5.5 and the waste span at around m=6. All model predictions are based on the
span for crystals collected over the entire model solution time of 16 hours, and it could be
argued that only product crystals within the last hour of model solution should be used
because experimental results presented are from this time. While this may be achievable with
the waste stream, the span calculations for the product stream are based on a fewer number
of particles than the waste stream, and there is a random element to encountering large

product particles due to the model conditions previously discussed. A large product crystal
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sample size from the entire simulation time better represents model predictions. This is a
limitation to monitoring individual particles; the correct particle amount to what occurs in

practice cannot be monitored without very long simulation times.

The theoretical model results of a combined column with m=5.5 and R=18 mm closely
represent the experimental CSC product results. The waste stream PSD and PW crystal volume

ratio conditions are not met.
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Figure 130 Span versus slow zone division factor for R=18 mm
The agglomeration term is a limiting factor. Column agglomeration mechanisms are unknown,
and an approximate approach was taken (Section 8.2); if the two particles met the height and
radius interaction criteria, they will agglomerate. This does not take into account interaction
kinetics. Removing the agglomeration term will modify the results, as can be seen Table 26

with agglomeration criteria 2 (AGG2) and without agglomeration (AGGO).

Stream ‘ dio (M) ‘ dso (uLm) ‘ dgo (1m) ‘ Span ‘ AGG% ‘ PW
AGG2, t=16 hr, At=5 s,P\=10, 18R, 5m;,
Product 25.9+0.6 | 65.0+6.8 | 95.5+9.4 | 1.07+0.06 | 56.1+2.4 1.7+0.2
Waste 7.310.1 19.6+0.3 | 37.0+0.9 | 1.51+0.07 | 0.1+0.0
AGG2, t=16 hr, At=5 s,P\=10, 18R, 7m;,
Product 23.620.1 | 67.6%2.3 | 92.0+3.0 | 1.07+0.06 | 57.7+3.2 1.3+0.1
Waste 7.310.1 20.1+0.6 | 38.3+2.9 | 1.55+0.11 | 0.1+0.0
AGGO, t=16 hr, At=5 s,P\=10, 18R, 5m;,
Product 27.7+0.7 | 57.3t14.3 | 87.9£10.8 | 1.07+0.10 - 2.6+0.5
Waste 7.4£0.1 19.9+0.9 | 37.5+#3.8 | 1.52+0.24 -
AGGO, t=16 hr, At=5 s,P\=10, 18R, 7m;,
Product 24.9+1.5 | 66.1+11.0 | 90.2+5.5 | 1.00+0.12 - 2.1+0.8
Waste 7.310.3 20.9+1.3 | 39.842.9 | 1.55+0.03 -

Table 26 Comparison of combined column conditions with (AGG2) and without (AGG0) agglomeration
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The most noticeable effect of removing the agglomeration term for the combined column
model is to increase the PW crystal volume ratio, and increase the dqg product particle size.
The other particle sizes and spans remain approximately the same when taking into account
the standard error. The effect of an agglomeration term acts to join crystals and settle them
from the column faster than what would happen if allowed to individually grow normally to
their terminal settling diameter. At R,=18 mm and m,=5 with no agglomeration, the number of
product crystals was 40517, whereas with agglomeration it was 310+£15; this explains the drop

in the theoretical model product d,, with agglomeration.
8.5.3 Waste Stream

The experimental CSC waste stream has a larger PSD and lower volume percent than the
theoretical combined column predictions; potential explanations for these differences are

discussed below:

- Fewer small particles reaching the top of the column may have been due to Oswald
ripening, which reduces small particles. However, this is unlikely to occur in the
column because the supersaturation is high. There is the potential for Oswald ripening
to occur in the pre-nucleated dilute feed stream, as this is held at a low
supersaturation; although, any reduction in the number of feed nuclei will affect the
product and waste crystal concentrations equally.

- Random mixing on filling could be causing larger particles to reach the top, but as
laminar column flow prevails, laminar particle settling should occur with run time.

- ltis possible there was unaccounted agglomeration of small crystals or surface crystal
attachment.

- Due to the uneven surface of the waste cone there may be column re-entrainment of
waste-stream particles, column radius position rearrangement, longer growth time,
more agglomerates, and larger particles exiting with the waste stream. However
laminar flow conditions should mean eddies do not occur, and the comments in the
previous statement would be unlikely.

- The Malvern MasterSizer measurements may have been inaccurate due to the very
low waste stream crystal volume concentration. Consequently particles sizes less than
a few microns may have been omitted from measurements and the Malvern
MasterSizer reported a larger particle size than what was occurring in practice.

- Experimental CSC waste PSD was best predicted by normal parabolic column flow,
indicating a transition from combined column channelled flow back to ideal laminar
flow occurs; this is discussed in the next section.
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8.5.4 Transition Back to Ideal Flow

The combined column model flow pattern was applied to the entire column height, which is
unlikely to occur in practice. Feed concentration and temperature differences, attributed to
channelling, will even out and decrease with height. There will be a gradual transformation to
true laminar flow conditions, which may or may not be reached by the top of the column. The
theoretical models tested predict a waste stream with smaller particle sizes as well as a larger
volume percent than what occurs in practice. The initial laminar flow theoretical CSC column
model waste stream results differed by less than 5 microns at the dgg, and the d;g and ds, were
within the error bounds. The combined column CSC model waste stream results have a smaller
dip and dso. This is further evidence that a constant combined column profile is unlikely to

occur all the way up the CSC column, and a transition to ideal laminar flow occurs.

The experimental CSC PW crystal volume ratio ranges from 7 to 15, theoretical CSC laminar
flow model PW is 3.3 (product PSD doesn’t match), and theoretical CSC combined column
model when m¢=5 to 7 PW is 1.3 to 1.7 (waste d;o lower). Any combined column model flow
transition will alter predictions closer to the laminar flow CSC theoretical model PW crystal
volume ratio prediction of 3.3. PW crystal volume ratio was found to increase by changing the
following model factors: Increasing column height (Z>10% and PW>5%), increasing growth rate
constant (kg>10% and PW>20%), decreasing flow rate (Q<10% and PW>25%), and removing

agglomeration.

In the transition to ideal laminar flow, the potential for radial particle movement occurs. The
fast zone velocity decreases with height and the slow zone velocity increases. There will be a
net radial velocity component from the difference in velocities with height, which will cause

radial particle movement; as calculated by Equation 97.
Ar = (usp — up )AL

Equation 97 Transition flow net Particle radial movement
If the combined column channelling flow transitions back to laminar conditions, there will be
an increased chance for the fast zone crystals to grow larger and oppose the flow before
exiting into the waste stream. There will always be a high velocity to overcome to enter the
product stream, so the same sized crystals will be present in the product stream at any given
fast zone radius. Overall, it is expected an increased number of large crystals will occur in the
product and waste streams. The slow zone will produce larger crystals for the product stream
as the terminal settling velocity to overcome increases with height. Consequently, the PSD is

expected to increase, and the experimental product dy, target will be hard to meet. To allow
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for this, the slow and fast zones can be assumed relatively constant for a certain height; after
this constant height zone the majority of slow zone particles will have settled. In the slow zone
at ms=5, no particles pass a column height of 2 m, therefore all particles in this zone settle out.
After the constant flow zone, a transition to laminar flow can occur which affects only the fast
zone, with the chance of producing larger waste particles. Table 27 shows predictions for the
CSC combined column model with transition to laminar flow and for comparison a combined
column solved with 50% faster growth rates (1.5K;). Figure 131 shows the column height
transition relationship used for ms and m;, starting at a column transition height, Z, (m), equal
to 2 m, where m¢=37.5e(-2*0.84); the equation is fitted to give m,=7 at Z; and decrease to ms=2

at Z=3.5 m, m=1 would be ideal laminar flow, m; was calculated using Equation 96.
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Figure 131 mg and m; height transition, Z,=2, m,=37.5e(-Z*0.84), starting with m =7
Stream ‘ dio (um) ‘ dso (um) ‘ dgo (Lm) ‘ Span \ AGG% PW
CSC Experimental values 200M-1, t=16-18 hr
Product 22.510.6 53.8+1.6 98.2+3.0 | 1.41+0.02 - 11.3+4.3

Waste 10.7£1.0 | 23.0+1.5 | 46.6+3.4 | 1.56+0.12 -
AGG2, t=16 hr, At=5 s, Py=10, Ckg.CR, 18R, 7m;,
Product 23.6x0.1 | 67.6x2.3 | 92.0+3.0 | 1.07+0.06 | 57.7+3.2 1.3+0.1
Waste 7.310.1 20.1+0.6 | 38.3x2.9 | 1.55+0.11 | 0.1+0.0
AGG2, t=16 hr, At=5 s, P\=10, 1.5k,, 18R, 7m,,
Product 26.7+1.2 | 80.8+3.7 | 109.3+3.8 | 1.02+0.05 | 54.0+1.2 1.8+0.4
Waste 9.5+0.4 24.9+1.1 | 43.843.3 | 1.38+0.06 | 0.2+0.0
AGG2, t=16 hr, At=5 s, P\=10, 18R,, 7m,, Z,=0.5 m, m;=8.6e(-2*0.42)

Product 24.0£0.8 | 67.7+2.2 | 89.6+7.1 | 0.97+0.06 | 58.8+2.9 1.2+0.2
Waste 7.7+0.1 20.2+#1.0 | 38.4+3.3 | 1.52+0.11 | 0.1+0.0
AGG2, t=16 hr, At=5 s, P\=10, 18R,, 7m,, Z,=2 m, m=37.5e(-2*0.84)
Product 25.4+0.7 | 79.6%9.2 | 103.9+7.1 | 1.00+0.17 | 57.6+1.1 1.9+0.5
Waste 7.5+0.2 20.0+£1.4 | 36.2+3.1 | 1.43+0.07 | 0.1+0.0

Table 27 Theoretical combined column with agglomeration transition results
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The flow conditions incorporating a transition back to laminar flow show minor increases in
waste dqg and no effect on dsp and dgg particle size. The Z,=2 m transitioned flow also increases
the PSD of the product stream, such that the dsy is larger than what is experimentally
measured. The PW crystal volume ratio increased for Z=2 m, although still less than normal
CSC parabolic flow model predictions and experimental CSC results. Radial movement was
predicted to be small, for a Z=0.5 m transition, maximum 0.33 mm movement occurred with a
column average less than 0.01 mm. These predictions suggest a more complex transition flow

pattern may exist than what is currently modelled.

8.6 CSC versus an Optimised Batch Crystallizer

There are marginal span improvements using the CSC than using the batch bottle roll control,
resulting in a higher span than what was initially predicted which has been attributed to
channelling. The batch bottle roll controls were 100 mL Duran bottle samples of the CSC feed
stream collected at the beginning of the run, and rolled at approximately 5 rpom for a pre-
specified growth time. The CSC experiments using IGL-1 lactose had a 6 hr batch bottle roll
control span and dsq of 1.74+0.17 and 53.7+4.7 um, with a CSC product span and ds, of
1.49+0.04 and 69.1+2.4 um. The 200M-1 lactose had a 6 hr batch bottle roll control span and
dsp of 1.49+0.10 and 31.9+2.0 um, with a CSC product span and ds, of 1.41+0.02 and 53.8+1.6
pum. Although span initially increases with time for the 4 to 6 hour bottle roll controls, a
stabilisation or relative growth appears to occur for the 6 to 16 hour bottle roll controls (Table
10 and Table 11), conforming with the Common Seed History concept proposed by Butler

(1998).

Microscope images of the bottle roll controls after 6 hours of growth showed that they also
contained agglomerates. This is not surprising since the low Reynolds suspension method used
was designed to represent the growth conditions occurring in the CSC without settling.
Through intensive mixing agglomerates could be reduced during growth (7.4.3 Agglomerates),
but potentially at the expense of additional secondary nucleation. Reduction of agglomerates
was shown not to significantly decrease the span; although a reduced number of agglomerates

will likely be important for inhaler grade lactose particle characteristics, such as flowability.

The investigation into an online product stream hydrocyclone (Section 7.4), demonstrates it
would be theoretically possible to concentrate the batch bottle roll controls along with the CSC
product stream to a span of 1. It is important to note that less product crystal is retained when

carrying out a hydrocyclone cut on a stream with a higher starting span than a lower starting
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span; so the lowest possible starting span is desired when carrying out a hydrocyclone cut. A

potential hydrocyclone CSC column setup is shown in Figure 132.

Overflow M)
Waste or Recycle
Column (16 L)
§ 8 g/100 g, 25°C
v
= Single Nucleation Step —/
Conc Solution, 80°c ~ 259/100 g, 25°C Nucleated
: 0.5 g/100 g, 25°C Product, 20 mL.min"
(Span=1.4)
B Overflow
Waste or Recycle
‘_
Underflow or Product ydrocyclone

(Span=1)

Figure 132 Generalised CSC setup with a hydrocyclone

The CSC setup which produced the bottle roll controls contained these key elements:

- single nucleation step; solution cooled to supersaturation, nucleation initiated and
subsequently quenched
- Concentration step; concentrating nuclei stream to growth concentration

- Growth and settling; to obtain a desired ds

The settling in the column was designed to achieve a single or narrow PSD, and in addition to
the single nucleation step, the final growth concentration was chosen to reduce fines and
secondary nucleation. However, as previously explained, these span improving aspects were

counteracted by the proposed channelling occurring in the column.

If precise feed concentration and temperature control cannot be achieved to maintain laminar

CSC conditions, it is proposed a fully mixed tank setup be used instead, with a subsequent
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hydrocyclone step to remove fines. If a semi-continuous batch setup can be designed to
produce crystals with a span of 1.4 or less, this would allow for smaller and faster setup times
compared to the CSC column, while achieving similar or better yields, assuming most CSC

overflow waste is recycled.

If the 3.5 m high 16 L CSC ran for 24 hours with a 20 mL.min™ product stream, and it takes
approximately 10 hours for the column to fill and reach steady state, then 14 hours of
production would correspond to 17 L of product. The relative efficiency of the CSC column

could be improved by the following:

- decreasing the height; a fraction of slow growers would be lost, but a trade-off point
would be reached
- increasing nuclei being fed into the column; hindered settling and agglomeration

issues would likely increase

Alternatively, if an equivalent 16 L agitated batch vessel was set up to match the CSC span, it is
predicted 12 hours would be needed to grow to a ds, size of 60 um, based on a 200M-1 6 hr
bottle roll control dsy size of 30 um (time depends on inherent crystal growth rate). Two
batches could be grown in 24 hours which corresponds to 32 L of product. If additional
nucleation can be prevented in the batch case via correct growth concentration and
agglomeration reduced via mixing, it may be possible to reliably produce a product stream
with a similar PSD to the CSC. The advantage of the batch case, beyond additional yield, would
be “easier” control conditions. The CSC is based on laminar settling so temperatures, flow
rates and stream concentrations need precision control otherwise disruption to the column
occurs, which also makes stream recycle difficult. In a mixed vessel these tight control

conditions would not be a significant problem.

The concept for the CSC was developed from the ability of vertical inclined settlers processing
batch grown stream to achieve a span less than 1. However, the agglomeration and crystal
attaching to surfaces, seen in practice with the CSC, will likely increase this span. A well-mixed
batch or continuously grown solution is possibly unavoidable, but exiting streams could
undergo settling to remove very large particles and be passed through a hydrocyclone to
separate smaller particles, see Figure 133. The focus would then be on optimising batch

growth.
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Figure 133 Generalised agitated batch setup with settling and hydrocyclone

8.6.1 Developing a Narrow PSD Batch Method

For a typical industry batch crystallization method, solution is concentrated in a vacuum
evaporator over a period of hours while being transferred to a growth vessel, seeds are added
and a vessel cooling profile applied, as shown in Figure 134. Nucleation and growth occur
during this cooling time. Because the product has a large span, additional washing and
centrifuging is needed to remove entrained mother liquor.

Mixed Growth Vessel
Seeding, Cooled Crystallization; 80 to 25°C, 12 hrs

T
N
hours /\| —— Product
Washing & Centrifuge
~— Hydrocyclone
Evaporator ~_

60% Solids, 80°C

Figure 134 Typical industrial batch growth setup
Interpretation of Hartel’s Patent (Application number: 11/284,531, Publication number: US
2006/0128953 A1, Filing date: Nov 21, 2005) controlled batch crystallization method is

presented in Figure 135; developed to produce large crystals with the majority above 250 um.
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The nucleation step is distinctly separate from the growth stage, and therefore any secondary
nucleation is said to be limited. Looking at the claims given, it is estimated spans in the region
of 0.57 (450 um - 250 pm / 350um) can be achieved from this method. Product crystals are
said to be more easily recovered as less mother liquor is trapped amongst large non-
aggregated crystals. It is predicted a small span can be easily achieved for large crystal
populations, due to a large dsq influence on span calculations, for example a dso of 350 um to a
achieve a span of one can have a dyp and dgg variation of £175 um, whereas a ds, of 60 um can

only have dig and dgy variation of £30 um.
Mixed Growth Vessel, Bulk Solution

Isothermal growth; 50°C, 1 hr
Cooled Growth; 50 to 25°C, 1 to 2 hrs
T

TN TN
30s
Heat Exchanger
~— 80 to 50°C ~—
Evaporator 30 min Nucleator ~_ .
60% Solids, 80°C 40 to 55°C, 10 s Contact hvdrauliclsettling zone

Seeding 0.027 g/100 g Sol Y 9
Product Hydrocyclone

Figure 135 Hartel controlled growth crystallization setup
A recommended batch experimental test method is shown in Figure 136. Bulk solution growth
concentration and time needs to be altered to grow to the desired ds, size range of 50 to 90
um. A product span of 1.4 or less is desired, with yield significantly greater than the CSC;
subsequent to which it would be assumed a hydrocyclone cut could be used to achieve a span
of 1, and recycle waste stream back to the start.
Stirred Beaker Bulk Solution

Isothermal growth; 50°C, 1 hr
Cooled growth; 50 to 25°C, 1 to 2 hrs
R

30s
—- =) () - Product

Heat Exchanger

N 800 50°C, 30 min  ~___“
Beaker and Hot Plate Nucleator,50°C ~_
60% Solids, 80°C Intense Beaker Mix

Seeding 0.027 g/100 g Sol
10 s Contact

Figure 136 Recommended small scale batch crystallization setup
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8.7 Conclusions

An agglomeration term was added to the standard laminar flow continuous settling crystallizer
theoretical model. The agglomerates formed still conform to fluid velocities acting across the
column radius, resulting in no significant PSD prediction changes. The agglomeration term was

retained because agglomeration did occur in practice.

The laminar flow theoretical continuous settling crystallizer model, over predicted product
particle dip and dso and under predicted span. Analysing potential flow conditions, it was
determined that channelling, a region of high flow and a subsequent area of low flow,
explained the dsq and span deviation well. Experimental continuous settling crystallizer waste
stream crystals are predicted well using the initial laminar flow model, so a column transition

from channelling back to ideal laminar flow is likely.

Due to the difficult continuous settling crystallizer control conditions, it is recommended a
single nucleation semi-continuous batch method be developed with a subsequent
hydrocyclone cut. It was predicted that the highest inhaler grade lactose yields could be

achieved through this process.
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Chapter 9 — Overall Conclusions and Recommendations

This work investigated processes to produce inhaler grade lactose (IGL) directly by
crystallization. The key objectives to be met were a dsy particle size in the range of 50 to 90
pum, a span less than 1 and no contaminants. Due to growth rate dispersion, typical industrial
crystallization processes produce lactose crystals with wide particle size distributions, ds
ranging from 200 to 500 um, and a span from 2 to 2.5. Crystallized pharmaceutical grade
lactose commonly undergoes additional processing in the form of milling and sieving to
achieve the properties required for IGL. Successive nucleation events increase the particle size
distribution and the use of a single nucleation event with subsequent controlled growth

conditions will be core to any new narrow particle size crystallizer design.

Three potential methods for producing a narrow particle size distribution were studied in
detail: droplet growth (crystallization), hydrocyclone (separation) and inclined settler
(separation). Droplet growth counteracts growth rate dispersion by controlling the maximum
size a crystal within the drop can reach. This process is ideal for tailoring a narrow particle size

distribution; however issues arise with scalability and producing drops without contamination.

A hydrocyclone separates fines from large particles via centrifugal force, while an inclined
settler uses gravitational force. Both methods, in theory, are capable of processing a post-
crystallized lactose stream to a span less than one, with the inclined settler predicted to be

slightly more efficient.

These methods were considered to be additional processing steps; therefore the novel method
of a continuous settling crystallizer (CSC) was proposed. The CSC process involves feeding a
pre-nucleated stream, from a single nucleation event, near the bottom of a vertical column
under laminar conditions. Growth of the nuclei and settling of large crystals occur inside the
column. The column has an average fluid velocity and once the nuclei have grown to a large
enough crystal size, where the terminal particle settling velocity opposes the fluid velocity, it
will settle out from the column. An inherently slow growing crystal travels further up the
column before growing to the terminal particle diameter than an inherently fast growing
crystal. Crystals with different inherent growth rates settle out from the column at the same

final particle size, counteracting growth rate dispersion.

Experiments were conducted with tomahawk shaped alpha-lactose crystals to measure their
physical characteristics and settling parameters for use in the theoretical development of the
CSC. A Stokes height factor, Bs;, defined as the ratio of the Stokes settling diameter of a crystal
to its height, was determined to be 0.595+0.007 and 0.643+0.008 for gel-grown and plant-

169



grown crystals respectively. Elongation ratios, height B divided by width A, for the gel-grown
crystals were 1.44+0.07 and for plant grown crystals 1.3740.06 where 0.3 mm < B < 1.7 mm.
The Stokes shape factor was measured for gel-grown crystals to be 0.99. Lactose crystal
settling velocity can thus be estimated directly from knowledge of crystal height, crystal width,

or crystal volume.

Controlled single nucleation methods that could be used in producing a pre-nucleated feed
stream for the CSC were investigated. The first technique was continuous orifice nucleation,
where orifice Reynolds number and supersaturation wait time prior to the orifice was altered.
An apparent effect on crystal numbers was not observed for the wait time and Reynolds
number conditions tested. But a wait time and increased orifice Reynolds number lead to an
increased particle size for the continuous orifice nucleation of lactose, suggesting that these
conditions produced faster growing crystals. Resulting spans obtained were significantly lower
for higher Reynolds orifice flow and with the addition of a wait time. The current CSC low feed
flow rate, less than 50 mL.min™, and hence small orifice setup, was found to be unreliable to
operate on a continuous (16+hour) basis due to pressure limitations and blockages occurring.
Without better equipment, a robust alternative single nucleation event utilising impeller

mixing followed by dilution and storage was developed for use with the CSC setup.

A theoretical model for the CSC, predicting the theoretical particle size distribution and span
from the process was developed. The initial CSC theoretical model used a plug flow profile,
which was later modified to a more realistic parabolic velocity profile. Using a parabolic profile
increased the product span from near 0 to 0.47+0.01. This meets the crystallizer design
criterion of a span less than 1. Changing the base model conditions, crystallizer growth
concentration, height and flow rate, had minor effects on the span. The base model conditions
also resulted in a dsg of 73.2+0.9 um which is within the crystallizer design objective product
dso size of 50 to 90 um. Changing the theoretical crystallizer concentration and flow rate had
the greatest effect on product particle size. Product crystal concentration was shown to

increase with growth concentration and crystal growth rates.

The theoretical model investigation into the CSC led to the development of a reliable CSC lab
scale setup; consisting of 3.5 m high column, 74 mm internal diameter and a net vertical flow
rate of around 30 mL.min™. Only lactose and water were used, complying with the low
contaminants criterion. Different batches of lactose (IGL-1, 200M-1 and 200M-2) were used in
the CSC experiments and found to have statistically different inherent growth rates, calculated
through the bottle roll controls. For the CSC run conditions of a net 28 mL.min™ column flow

and absolute alpha supersaturation of 8.2 g/100 g, IGL-1 had a product span of 1.49+0.04 and
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dso of 69.142.4 um, 200M-1 had a product span of 1.41+0.02 and dsq of 53.841.6 um, and
200M-2 had a product span of 1.54+0.02 and dsy of 78.2+2.9 um. The desired IGL production

objectives were not met as the span was greater than 1.

The standard CSC theoretical model, over predicted product particle dig and ds, and under
predicted span when compared to the experimental results. Agglomeration was proposed as
the main point of difference with the theoretical model; potentially causing the increased
product span and an agglomeration term was added to the standard CSC theoretical model.
The agglomerates formed still conformed to the fluid velocities acting across the column
radius, resulting in no significant PSD prediction changes. The agglomeration term was

retained because agglomeration was found to occur in practice.

Analysing potential flow conditions, it was determined channelling, a region of high flow and a
subsequent area of low flow, explained the ds, and span deviation well. The CSC theoretical
model was modified to include a channelling effect and, depending on the model condition,
predicted theoretical product spans from 0.5 to 2; encompassing the experimental product
span result. Theoretical CSC waste stream crystals were predicted well using ideal laminar

flow, so a column transition back to laminar flow was also deemed likely to be occurring.

Due to the difficult CSC control conditions, unlikely to be achieved at an industrial scale, it is
recommended a single nucleation semi-continuous batch method be developed with a
subsequent hydrocyclone cut. It was predicted by mathematical modelling that the highest IGL
yields could be achieved through such a process, but this has not been confirmed by

experiment.
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Nomenclature

Abbreviations

BCF Burton-Cabrera-Frank
CCG Constant crystal growth
CSC Continuous settling crystallizer
IGL Inhaler grade lactose
RI Refractive index
PSD Particle size distribution
Symbol | Description Unit
* At equilibrium or saturation -
a Activity constant -
a, Exponential factor/constant #.m3st
a, Constant -
Aa,, Differential water activity after and prior to crystallization -
A Tomahawk crystal width m
A, Tube cross sectional area m’
Af Fast zone column cross-sectional area m?
A; Column area at fast/slow interaction boundary m’
A Cross-sectional area of crystallizer relative to Z=0 m’
A Slow zone column cross-sectional area m’
Ar Total column cross-sectional area m’
by Pre-exponential factor/constant -
B Tomahawk crystal height m
Bg; Stokes height factor -
c Concentration g solute/100 g solvent
C Concentration of crystals in solution #.m>
AC Supersaturation or concentration driving force g lactose/100 g water
C, Alpha lactose concentration g lactose/100 g water
Cys Solubility (equilibrium) alpha lactose concentration g lactose/100 g water
Cp Beta lactose concentration g lactose/100 g water
Cps Solubility (equilibrium) beta lactose concentration g lactose/100 g water
C(d) | Classification function -
Cm Alpha lactose concentration of fluid section m g lactose/100 g water
Cn Temperature related constant for calculating density -
Cy Fluid specific heat capacity kJ.kg™°C
Cs Solubility (equilibrium) lactose concentration g lactose/100 g water
Cr Total (bulk) lactose concentration g lactose/100 g water
cl Percent solids feed by volume %
cv Coefficient of variation -
d Particle diameter m
d; Theoretical model particle diameter input m
dy Lactose tomahawk crystal diameter based on longest length | pm
d, Equivalent volume diameter m
dg; Stokes diameter m
d10,50,90 | On a cumulative (volume basis) is the particle size at 10%, um

50%, and 90% respectively
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d,s75 | Size of particle having a 25% and 75% probability reporting pm
in the underflow
dcoc Corrected cut/classification size m
D, Cyclone diameter m
D¢ Growth rate diffusivity parameter pmz.min'1
D; Diameter of cyclone inlet m
D, Diameter of cyclone vortex finder m
D, Diameter of cyclone spigot m
E Elongation ratio -
E, Activation energy kcal.mol™
fi Temperature dependent factor for the solubility depression | -
of a-lactose by B-lactose
F Feed stream -
F(d) | FeedPSD -
E. Mass fraction -
F; BCF model constant um.min™
F, — F, | Calibration parameters -
g Gravity m.s>
g1 Growth parameter for size dependent growth -
9> Growth parameter for size dependent growth m™*
g3 Growth parameter for size dependent growth -
G Growth rate of a-lactose monohydrate crystals, related by pm.min™
supersaturation
G Mean time averaged crystal growth rate pm.min™
Gg Birth and spread growth pm.min™
G, Mononuclear growth pm.min™
Gy, Growth rate of a-lactose monohydrate crystals in terms of pm.min™
longest length, related by supersaturation
G, Polynuclear growth pm.min™
G, Spiral growth pm.min™
h Cyclone free vortex height m
hg Birth and spread model step height m
JHet Heterogeneous nucleation rate #.m>s!
JHom Homogenous nucleation rate #.m>s!
Jr Total nucleation rate #.m>s?
k Boltzmann constant JK*!
kq Correction factor for settling velocity -
k, Exponent for the effect of solids density on the corrected -
cut size
kg Growth rate constant (crystal specific) pm.min™
kgs Growth rate constant using supersaturation um.min"1.100 g water/g
lactose
ko Frequency factor pum?.min
kgt Stokes shape factor -
K Equilibrium ratio of B-lactose to a-lactose -
kp System specific parameter pum?.min™
ko Mean growth kinetic constant pm.min™
K Solubility temperature effect constant -
le, Crystal mass in section m kg
lc, Individual crystal mass kg




s, Soluble lactose in section m kg
Als, Soluble lactose used by crystal growth kg
lwc,, Individual crystal water mass kg
Alwc,, | Water used by crystal growth kg
L Channel height/length m
AL Increase in crystal size (McCabe’s Law) m
AL, Amount of a-lactose monohydrate crystal g lactose/100 g water
Leg Total feed solid crystal (lactose) flow rate kg.s™*
Lcg, Feed solid crystal non-recycled component kg.s™*
Leoy Feed solid crystal recycled from overflow component kg.s™
Lsg Total feed soluble lactose flow rate kg.s™
Lsp, Feed soluble lactose non-recycled component kg.s™
Lsp, Feed soluble lactose recycled from overflow component kg.s™
m As a subscript: fluid section number in crystallizer -
m. Classification index -
ms Fast zone multiplication factor -
mg Slow zone division factor -
mo, Feed mass flow rate kg.s™*
ne Number of molecules in a critical nucleus #
ny System specific parameter -
n Exponent in Richardson and Zaki equation -
Ny Number of particles per unit volume #.m>
NwW No wait time; prior to orifice flow -
0 Overflow stream -
0(d) | Overflow PSD -
P Crystal Product stream -
PW Product by waste, crystal volume ratio -
Ps Downstream pressure Pa
P, Cyclone inlet pressure Pa
Pr(v) | Feed normalised probability size density function s.m™
P; Individual particle properties -
Py Number of unique particles inputted per At #
P,(v) | Overflow normalised probability size density function s.m™
AP Pressure drop Pa
P,(v) | Underflow normalised probability size density function s.m™
B, Water vapour pressure Pa
q1 Factor to account for interfacial energy reduction -
q Energy kw
Q Volumetric flow rate m®.s™
Qf Feed volumetric flow rate m’s?t
Qr Fast column volumetric flow rate m’.s™
Q, Overflow volumetric flow rate m’.s?
Qu Underflow volumetric flow rate m’.s?
Qs Slow column volumetric flow rate m’.s?
Qr Combined fast and slow zone flow rate m’s’
r Column radius position relative to R=0 m
R Universal gas constant J.gmol™. K™
Rp Correction factor for alpha lactose depression -
Re Reynolds number -
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Particle Reynolds number

R Recovery of water to underflow -
Ry Combined column modified outer radius m
R; Combined column fast/slow zone boundary radius m
R; Mass growth rate g.umZmin™
Ry Column radius m
S Supersaturation ratio — see Equation 13 -
S Volumetric flow split (U/O) -
SI Sharpness Index -
Sy Absolute a-lactose supersaturation (C,-Cqs) g lactose/100 g water
S(d) | Selectivity function -
SD Standard deviation -
Sy Large particles volumetric down flow m’s?t
Sk Supersaturation Ratio c/C
Ss Small particles volumetric down flow m’st
S(v) | Volumetric inclined settling rate m®.s™
t Total simulation time hr
At Pre-defined time step s
ty Time to detect an appreciable amount of nuclei s
T/Tx | Absolute Solution Temperature K
Tc Solution Temperature °C
AT Temperature increase °C
u Settling velocity m.s™*
U Cut off settling velocity for overflow m.s™
uy Average fluid velocity m.s”
Usr Average fast zone column velocity m.s’
Usy Fluid section velocity at column height relative to Z=0 m.s™
Usg Average slow zone column velocity m.s’
u; Upward interstitial liquid velocity m.s™
U, Average liquid velocity at orifice m.s™
Uy Parabolic laminar flow profile across a cylinder radius m.s™
Uy r Fast zone modified parabolic laminar flow profile m.s*
Uy g Slow zone modified parabolic laminar flow profile m.s™
Uy Crystal terminal settling velocity m.s*
Uy Terminal settling velocity of a spherical equivalent particle m.s*
with same density and volume
Uu, Net particle velocity m.s*
U(d) | Underflow PSD -
vy, Large particle fall velocity m.s*
Voo Terminal fall velocity of a single isolated particle m.s’
Vg Small particle fall velocity m.s*
V4 Drop volume m’
v, Effective specific volume m’.kg’
Vim Volume of CSC fluid section m m’
Vin Molecular volume m’
Vp Crystal volume m’
Vs | Stokes equivalent volume m’
w Channel width m
Wi, Water mass in section m kg




Wy Perpendicular channel spacing m

w Wait time; prior to orifice flow -

W Total feed water mass flow rate kg.s”
W, Feed water non-recycled component kg.s™*
Wo, Feed water recycled from overflow component kg.s™*

X Mean distance travelled by absorbing molecule before m

desorbs

X Mean (-)

z Height within the CSC column m
Zm Height of fluid section m within the column relative to Z=0 m
Zim Vertical length of an individual fluid section m m
Zn Height or position of an individual crystal relative to Z=0 m
Zt Transition height relative to Z=0 m

Z Total CSC column height m

Greek Symbols ‘

Symbol | Description Unit

g Distance between incorporated growth units pm
ay Total particle hold up -
aq Exponential factor in growth equation, 1.31 -
(0493 Large particles total hold up -
Aps Small particles total hold up -
a, Lactose tomahawk crystal shape factor -
B Solid cylinder height fraction -
y Activity coefficient -
Vi Edge free energy of growth unit in a step J
Ye Edge free energy Jm?
& The number of incorporating spirals #
€ Screw dislocation activity -
n Segregation efficiency -
0 Cylinder cone angle/channel angle of inclination °
u Chemical potential of supersaturated solution J.gmol™
Uo Solvent viscosity Pa.s
Uy Fluid viscosity Pa.s
T Pi -
Pr Fluid density kg.m™
Dic a-lactose monohydrate crystal density kg.m™
Pp Feed pulp density kg.m™
Ds Solid (crystal/particle) density kg.m™
Pw Water density kg.m™
o Relative supersaturation — see Equation 14 -

O, Cavitation number #

o} Variance of crystal growth rate pum?.min

o; Interfacial energy Jm?
oy BCF system dependent parameter -
a,gg Variance distribution parameter pm?.min

1) Effective volume fraction -

()] Bond energy J
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Appendix

A.1 Lactose Physical Properties

Reference from page 5.

Propattizs ae-Lactoga  F-
monohydrate Laciose
wp, O 201-202 253 (de-
(decomp.)  comp.)
Specific rotation [o:]%o, 1072 % om?/g +394 +34.3
aquilibrinm valis +32.5 +52.3
Cryatalline form sphenoidal  mono-
monoclinic  clinic
“tomahawk ! uneven-
(Fig. 1) zided
diamond’!
e, 1 07952 1.081
b, nm 21632 1334
i, 11T 04824 0484
8, e 10978 91.15
Density (293 K), gfem™ 1.54 1.59
Bulk density, g;f-::m8
pourad 05-049
tappad n7i-1.1
Enthalpy of dissolution, Iiz —30.24 —9.62
Enthalpy of combusgtion, /g —1a8.1 — 183
Specific heat (298 K), JK ~1 g1 1.251 1.193
Ertropy (298 K3, JK~ 1 mol—1 415 386
EntroPy of formation (293 1), — 2453 — 2248
TE 1 mel—?
Enthalpy of formation (293 k), kl/mol  — 2481 — 2233
Gribbs free enerey (295 K, kl/mol — 1730 — 1564
Solubility, g100 g
nHzO gz Fig. 2 gee
Fig. 2
in DME0 3920°C) 30
(200
TIEOCC) 43
(30 eCy
pK,at3-5°C 13.8 13.5
Diffusion constant in Ho O, m* /4 43 x 1071

Table A.1 Lactose physical properties (Roelfsema, et al., 2002)
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A.2 Radial Particle Movement Calculations
Reference from page 81.

Assuming a crystal diameter and parabolic fluid flow the pressure differential acting across the

crystal can be calculated:
u(r) = 2ug,(1 —1r2/R?)
AP = P, — P, = 0.5p,(u(1)* — u(2)?)
The force acting over the area of crystal can then be calculated:
F =APA =FD at u;
FD = 3ndu,u;
rerranged to: u; = FD/(3ndu,)
where 1,,=1.06x10"m.s™, R=0.0375m, pf=1140kg.m'3, 1,=0.003Pa.s.
Distance moved = u; x run time.

In 16 hours of run time, movement of 0.032mm was calculated to occur at r=20mm and

d=140um for Q:=28mL.min*, if Q:=280mL.min™* (10xvelocity) then 3.2mm movement occurs.

0.03 b ~__ T . ) . ~ T i
= 0.025 < e S
€ o0 T~
é O \
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£ o N
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O -
% 0.01 - o > OO o} .
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Figure A.2 Crystal movement after 16 hours assuming a constant pressure differential (constant

column radius position and crystal diameter and QF=28mL.min'1)
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A.3 CSC Column Insulation Calculations
Reference from page 107.

Heat transfer for column without insulation

1 1 Xwall

1
U™ har Py

where h,;,=50W.m>.K", hﬂuid:SOOW.m'z.K'l, Xya=0.003m, and ky,q;;=0.2 W.m™ K™,
U =27.0 W.m?>K"

Rate, assuming a 1K temperature differential:

q = UAAT where A=(t *0.08m*3.5m)=0.88m’, g=23.7W.

Increase in column fluid temperature:

Assuming no fluid movement for 10 minute period, two extreme scenarios are proposed;
entire fluid mass to heat, and thin wall layer of fluid with no heat transfer (although in reality

energy dissipates quickly).

Mass of entire column fluid = (3.5m*0.074mA2*1/4*1127kg.m") = 17.0kg
Mass of thin Imm outer fluid layer = 0.9kg

AT = q/(mCp) where Cp=4.2k).kg".K™.

AT .y 1umn=0.0003K.s™*, which = 0.2°C increase after 10 minutes
ATlayeT:0.006K.s'1, which = 3.7°C increase after 10 minutes

Heat transfer for column with insulation (calculation for final thickness shown):

1 1 Xwall Xins

1
U™ har * Mrvuia  Fowau Kins

where X;,5=0.026m, and k;,=0.042 W.m".K™.

Uins=1.52 W.m?>K"

Rate, assuming a 1K temperature differential: g=1.3W

AT ¢ 1mn=0.00002K.s ™, which = 0.01°C increase after 10 minutes

ATlayer=0.0003K.s'1, which = 0.2°C increase after 10 minutes

26mm column insulation is acceptable to reduce convection effects.
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A.4 Fluid Movement Due to Density Differences
Reference from page 110.

Using Stokes law, calculated for drops of different density and fluid volume in bulk fluid of

constant density:

w = d?g(Apy)
t 184

where g:9.81m2.s'1, 1=0.0028Pa.s

% increase compared d=0.1mm d=0.5mm d=1mm
to u,,
Apr=0.1kg.m" 0.2 4 18
Apr=0.5kg.m™ 0.9 22 90
Apr=1kg.m> 1.8 45 179

Large “fluid drops” with only minor density differences compared to the bulk, will have a

significant velocity increase compared to average column velocity of u,,=0.1mm.s™.
A.5 CSC Baffle Pressure Drop Calculations

Reference from page 113.Two designs were built: a minimal baffle design consisting of 200mm
long baffles splitting flow 4-ways, and a maximal baffle design of fully packed column of 12mm

diameter straws, approximately 39 straws per column cross-section area.

The increased pressure loss for a baffled system can be calculated as follows:

Lu?
Head loss, h; = fﬁ

Friction factor, f=64/Re
Pressure loss, P, = pgh,;

Where L=3.5m, p=1140kg.m'3, 1,=0.003Pa.s, Qs=28mL.min*

Column 4-way Baffle Straws Hypothetical
D=75mm D=37.5mm D=12mm D=1mm
Pipe Re 3.0 1.5 0.5 0.04
f 21 43 133 1594
h 5.6*10” 2.3*10° 2.2*10° 3.2*10°
P, (Pa) 0.0063 0.025 0.24 36
P, Ratio - 4 39 5625

The relative increase in pressure loss is good for the 12mm straws, however this still is a very
minor pressure loss of 0.24 Pa, even with 1mm diameter the pressure loss is 36 Pa. More

surface area from baffles in a crystallization setup will correspond to increased crystal build up.
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A.6 Targeting Fines Dissolution

Reference from page 128. 10% dissolution of product crystals, ideally fines, was the target.
Normal CSC product dilution, 20mL product (increases to ~21mL with pressure head) + 13mL
water, RI= ~1.3630 at 25°C, above the absolute supersaturation limit. The pumps can be

controlled to within ~0.3mL.

1.2000

1.0000 /.
0.8000

y=3/8.44x-515.15

0.6000 R2=0.9991
0.4000 ’/

0.2000
0.0000 . / . . . .
-0.2008-3590 1.3600 1,3610 1.3620 1.3630 1.3640 1.3650

-0.4000
"

-0.6000

Absolute Alpha Supersaturation
g/100¢g

Refractive Index (RI)

Figure A.6 Correlation of measured refractive index and calculated absolute alpha supersaturation

From calculations (on the attached CD) 21 mL product plus 15.4 mL water represented an
absolute supersaturation=0 g/100 g and total lactose concentration=21.83 g/100 g, 15.7 mL
(minimal 0.3 mL increase) of water had an absolute supersaturation=-0.16 g/100 g and total
concentration=21.59 g/100 g. However the concentration of product stream was too low such

that all product crystal would dissolve with the pump flow rate change available.

Product stream crystal content =~0.025%/(20/33) =0.042% =0.042%/100*(100 g solution)
=0.042 g/100 g

Which is less than the concentration change back to 0 absolute supersaturation, 21.83g/100 g-
21.59 g/100 g =0.24 g/100 g. The product stream requires concentration (or more CSC

nucleation) before fines targeting can occur.
A.7 Large Particle Effect on Volumetric Span

Reference from page 139. The previous CSC 16hr, CCG, cross-section area input, AGGO model
simulation had a product d;;=40 um, dsp=67 um, dgu=84 pm and span=0.67. 0.5% on a numbers
basis of crystals was added ranging in size from 99-175um, and changed the theoretical

predictions to d1p=41 um, dsp=71 um, dgp=135 um and span=1.33, doubling the span.
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All lactose used was provided by DFE Pharma (previously known as DMV-Fonterra-

Excipients).
IGL-1 Label Description:
Wynhale™ Inhalation Lactose

GSK Item Code:10000000059577, GSK Description: Lactose MHDT ex LNZ Grade 5, Order #:
4500628679, LNZ Item code: 105510, Batch #:J1011, MANU: 12-05-2010, EXP: 10-05-2012,

200M-1 Label Description:

Pharmatose® 200M Milled Lactose

HV040017 A6081, MANU: 04/03/11, EXP: 02/03/14
200M-2 Label Description:

Pharmatose® 200M Milled Lactose

FW030017 A4487, MANU: 3/1/12, EXP: 1/1/15

A9 CD
The CD contains the following:
Matlab models:

- Drop growth model

- Batch growth model

- Laminar flow CSC model
- Combined column CSC model

Summarised Malvern MasterSizer experimental data.
Raw data used in the calculation of statistics and graphs.
Inclined settler process flow diagram Figure 24 with stream values.

Hydrocyclone calculations for the results presented in Chapter 7.
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